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Abstract

Selective hydrogenation is an important class of chemical reactions for the
production of speciality chemicals, pharmaceuticals and petrochemicals.

The

challenges in this type of reactions are to control selectivity in hydrogenation of
poly-functional molecules, and avoid the possible risk of reaction runaway due to the
high exothermisity. In this project the fundamentals of liquid-phase hydrogenation
reactions in a structured compact multifunctional reactor were investigated. This
technology represents an advance over the existing hydrogenation technologies
because it exploits the effects of reduced characteristic paths of mass and heat
transfer, attained in compact reactor architecture with mm-scale reaction channels
and integrated static mixers and micro-heat exchangers.

Catalysts based on

mesoporous synthetic carbons were developed especially for preparing micro-packed
beds in the compact reactor. The investigation resulted in fundamental information
on reactor performance for selected model reactions, heat transfer efficiency of the
integrated micro-heat exchangers, development of continuous tandem reaction, and
evaluation of developed catalysts for hydrogenation and hydrodehalogenation
reactions under the continuous flow conditions being used. The results demonstrate
that the structured compact multifunctional reactor might be a promising technology
to transfer conventional heterogeneous catalysis to flow regime.

Table of Contents

Acknowledgements
Abstract
Table of Contents ........................................................................................................ I
Chapter 1 General introduction ................................................................................1
1.1

Introduction ....................................................................................................2

1.2

Multiphase catalytic reactors for pharmaceuticals and fine chemicals ..........4

1.2.1

Conventional multiphase catalytic systems ............................................4

1.2.2

Microreactors ..........................................................................................5

1.3

Structured compact reactor ............................................................................7

1.4

Research scope ...............................................................................................9

1.5

Thesis structure ............................................................................................10

References...............................................................................................................11
Chapter 2 A review of microreactor technology ....................................................15
2.1

Introduction ..................................................................................................16

2.2

Primary advantages of microreactors ...........................................................16

2.2.1

Enhanced transport phenomena ............................................................16
I

2.2.2

Intrinsically safe and environmentally friendly processes....................20

2.2.3

Time- and cost-saving scale-up ............................................................22

2.3

Laboratory-scale application of microreactors ............................................23

2.3.1

Liquid phase synthetic chemistry in microreactors ..............................23

2.3.2

Heterogeneous catalysis in microreactors ............................................28

2.4

Commercialisation of microreactors ............................................................34

2.5

Conclusions ..................................................................................................36

References...............................................................................................................36

Chapter 3 Continuous Selective Hydrogenation of Benzaldehyde in the
Structured Compact Reactor...................................................................................43
3. 1

Introduction ..................................................................................................44

3. 2

Experimental ................................................................................................46

3.2.1

Pt/C catalyst and reagents .....................................................................46

3.2.2

Structured compact reactor ...................................................................47

3.2.3

Continuous catalytic rig and procedure for continuous experiments ...48

3.2.4

Analysis techniques ..............................................................................49

3. 3

Results and discussion .................................................................................50

3.3.1

Performance of the compact flow reactor .............................................50

II

3.3.2

Effect of operating pressure and concentration ....................................54

3.3.3

Effect of the reaction temperature ........................................................57

3.3.4

Selectivity and catalyst deactivation .....................................................60

3.3.5

Enhanced reactor efficiency with staged injection of hydrogen ...........63

3. 4

Conclusions ..................................................................................................65

Acknowledgements.................................................................................................65
References...............................................................................................................66
Chapter 4 Potential of ‘nanofluids’ to further intensify microreactors ..............69
4. 1

Introduction ..................................................................................................70

4. 2

Experimental ................................................................................................74

4.2.1

Formulation of TiO2-EG nanofluids ....................................................74

4.2.2

Structured compact reactor ..................................................................75

4.2.3

Characterisation of physical and thermal properties of nanofluids .....76

4.2.4

Evaluation of the heat transfer performance of nanofluids. ................79

4. 3

Results and discussion .................................................................................80

4.3.1

Enhancement of the heat transfer in the micro-heat exchanger ...........80

4.3.2

Pressure drop and pumping power ......................................................83

4.3.3

Dynamic experiments ..........................................................................86
III

4. 4

Conclusions ..................................................................................................89

Acknowledgements.................................................................................................90
Reference ................................................................................................................90

Chapter 5 Coupling of Heck and hydrogenation reactions in the compact
reactor ........................................................................................................................94
5.1

Introduction ..................................................................................................95

5.2

Experimental ................................................................................................97

5.2.1

Preparation and characterisation of Pd/C catalyst ................................97

5.2.2

Procedure for batch Heck reactions ......................................................98

5.2.3

Compact reactor and continuous experiment procedure ......................98

5.2.4

Sample analysis ....................................................................................99

5.2.5

Determination of Pd leaching ...............................................................99

5.3

Results and Discussion...............................................................................100

5.3.1

Catalyst characterisation .....................................................................100

5.3.2

Evaluation of the catalytic reactivity for Heck C-C coupling reaction

..........................................................................................................................102
5.3.3

Compact reactor performance in Heck C-C coupling reaction ..........104

5.3.4

Compact reactor performance in alkene hydrogenation .....................106

5.3.5

Consecutive synthesis of 1,2-diphenylethane in a compact reactor ...107
IV

5.3.6
5.4

Retention of Pd in a flow reactor ........................................................109

Conclusions ................................................................................................111

Acknowledgements...............................................................................................112
References.............................................................................................................112

Chapter 6 Preliminary study on developing Pd catalysts based on mesoporous
synthetic carbon for flow catalysis in a structured compact reactor .................115
6. 1

Introduction ................................................................................................116

6. 2

Experimental ..............................................................................................118

6.2.1

Synthetic carbon and reagents ............................................................118

6.2.2

Preparation of Pd/C catalysts ..............................................................119

6.2.2.1 Deposition–reduction ......................................................................119
6.2.2.2 Anaerobic incipient wetness ...........................................................120
6.2.3

Materials characterisation ...................................................................120

6.2.4

Structured compact reactor .................................................................121

6. 3

Results and discussion ...............................................................................121

6.3.1

Characterisation of synthetic carbon and Pd/C catalysts ....................121

6.3.2

Results of continuous-flow catalytic reactions ...................................127

6. 4

Conclusions ................................................................................................131

V

Acknowledgements...............................................................................................132
References.............................................................................................................133
Chapter 7 Summary, evaluation and future work ..............................................137
7. 1

Introduction ................................................................................................138

7. 2

Summary and evaluation ............................................................................138

7.2.1.

Selective hydrogenation of aromatic aldehydes ................................138

7.2.2.

Nanofluids heat transfer in the compact reactor–micro heat exchanger

..........................................................................................................................139
7.2.3.

Multi-step synthesis in the compact reactor ......................................139

7.2.4.

Developing Pd supported on mesoporous synthetic carbon catalysts for

flow catalysis ....................................................................................................140
7. 3

Dissemination.............................................................................................140

7.3.1.

Publications........................................................................................141

7.3.2.

Oral and poster presentations.............................................................141

7. 4

Future work ................................................................................................143

References.............................................................................................................143
Appendix..................................................................................................................145
I

Gas chromatography (GC) and GC method .................................................146
Gas chromatography (GC) ................................................................................146
VI

GC method ........................................................................................................147
II

Gas adsorption analysis ................................................................................149
Determination of the specific surface area .......................................................150
Determination of the average pore diameter and pore size distribution ...........152

III

MS and NMR analysis ..................................................................................153
Mass Spectrometry (MS) ..................................................................................153
Nuclear Magnetic Resonance (NMR) ..............................................................154

IV XRD and XPS analysis of the fresh and spent Pd/C ....................................155
X-ray Diffraction (XRD) analysis ....................................................................155
X-ray Photoelectron Spectroscopy (XPS) ........................................................157
V

Time constant model.....................................................................................158

VI Productivity determination ...........................................................................160
Reference ..............................................................................................................160

VII

Introduction

Chapter 1

Chapter 1
General introduction

A general introduction of the thesis is given, in which the research scope is defined.
Multiphase catalytic reactors for pharmaceuticals and specialty chemicals are
introduced and discussed in brief. Structured compact reactor is introduced and its
fundamental and practical advantages are detailed. The structure of the thesis is
described.
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Introduction

Conventional technologies for synthesis of pharmaceuticals and fine chemicals were
largely chemistry intensive with a focus on quality assurance and overall
productivity.1

Due to the high value of these products, the processes are

commercially feasible even with low yields1 so that issues related to process
efficiency and environmental impact were considered low priority. In recent years,
constraints imposed by the increasingly stringent environmental regulations and
societal awareness of safety, coupled with increasing competition, have put great
stress on traditional chemical industry.

Development and implementation of more

sustainable chemistry and chemical technologies is one of the most essential
requirements for the chemical industry to survive for the future. These challenges
drive innovations in both chemistry and chemical engineering. Recently proposed
solutions, for example Green Chemistry and Process Intensification, will make
significant contribution to improved sustainability of the chemical industry in the
next decades.
Introduction of concepts of Green Chemistry and Sustainable Chemistry encourages
the design of products and chemical processes that reduce or eliminate the use and
generation of hazardous substances such as non-renewable feedstocks, by-products,
solvents and reagents.2, 3 These new concepts have initiated a fundamental change in
every aspect of the field of chemistry such as: (i) the application of alternative
solvents, e.g. water,4,

5

fluorous6 and ionic liquids,7, 8 supercritical media,9,

10

and

their combinations, (ii) the use of alternative feedstocks, such as biobased materials,
i.e. sugars and starches, and waste products, i.e. carbon dioxide,11 as basic chemical
building blocks, and (iii) maximisation of atom efficiency in the manufacture of fine,
specialty, and pharmaceutical chemicals and materials by green catalysis.
Implementation of Process Intensification (PI), i.e. any chemical engineering
development that leads to a substantially smaller, cleaner, and more energy-efficient
technologies,12 is probably the most popular strategy for developing new chemical
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processes and equipment because of its nature of allowing technologies for
‘sustainable manufacturing’ using eco-efficiency (mass and energy); intrinsic safety
(benign-by-design) with improved quality of the product; reduced environmental
impact; rapid plant response and great possibilities for distributed manufacturing.13, 14
There are a number of PI approaches and these include intensification of mass
transfer in static mixers,15,

16

micromixers17,

18

and rotating packed bed;19,

intensification of heat transfer using compact/micro heat exchangers21,

22

20

and

nanofluids,23 integration of different processes in one multifunctional step to reduce
plant size and increase process efficiency, e.g. reactive distillation24 and membrane
reactors;25,

26

and adoption of new reactors e.g. compact/microreactors,27,

28

heat

exchange reactor (HEX),29 spinning disk,30 impinging jets reactors,31 for realising
smaller, cleaner, safer, efficient and flexible chemical processes.

Engineering

innovation alone will not suffice to ensure that sustainable technology is fully
achieved, however, under the tangible framework established by the Green
Chemistry principles,3 which aim at reducing environmental impact of every aspects
of chemistry, the ultimate goal of chemical engineers is to develop energy-efficient,
process-intensified, and environment-friendly chemical processes for the future
sustainable chemistry and chemical industries. The microreactor technology is one
of the candidates with huge potential to achieve the goal due to their intrinsic
advantages over traditional chemical processes, for instance, more efficient mixing,
heat and mass transfer; lower hazard potential; higher selectivity and yield; reduced
time-to-market; lower capital cost and easy scale-up.
In this thesis, experimental investigation will be carried out using a mm-scale
structured compact reactor in order to evaluate its potential applications in fine
chemical and pharmaceutical chemistry industries.
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Multiphase catalytic reactors for pharmaceuticals and fine
chemicals

1.2.1

Conventional multiphase catalytic systems

Catalysis is pervasive in the chemical industry and estimates are that 90 % of all
commercially produced chemical products involve catalysts at some stage in the
process of their manufacture.32 In comparison with homogeneous catalysis,
heterogeneous catalysis offers the advantage that products are readily separated from
the catalyst. Processes based upon heterogeneous catalytic systems, e.g. multiphase
reactors, occur in diverse application areas and form the basis for manufacture of
various basic chemicals and intermediates.33
multiphase reactors include:

33

Some examples of employing

(i) the upgrading and conversion of petroleum feed-

stocks and intermediates; (ii) the manufacture of bulk commodity chemicals that
serve as monomers and other basic building blocks for chemicals and polymers with
bigger molecule; and (iii) the manufacture of pharmaceuticals or chemicals that are
used in fine and specialty chemical markets as drugs or pharmaceuticals.
For the fine chemical and pharmaceutical industries, implementation of catalytic
procedures eliminates drawbacks in the stoichiometric synthetic routes,1 i.e.
generation of waste products consisting of inorganic salts, and use of toxic and
corrosive reagents or raw materials with significant safety issues. An example is the
establishment of cleaner catalytic direct oxidations with molecular oxygen to replace
stoichiometric oxidants such as potassium dichromate and sulphuric acid, chromium
oxides, permanganates, periodates, osmium oxide, or hazardous chlorine causing
high salt freights and heavy metal-containing dump unable to be recycled, as well as
relatively expensive hydroperoxides, alkylperoxides, and peroxycarbonic acids.34
Besides, application of multiphase catalysis has also been driven by the discovery
and development of either new or improved catalysts for either emerging or existing
processes.35 Two examples are (i) a new process with sulphonic acid resin catalysts
for dehydration of tert-butanol to high purity isobutylene and (ii) improved low
pressure trickle-bed reactor process with Ni/Al2O3 catalyst for synthesis of
morpholine.
Page | 4
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Various types of multiphase reactors used in chemical industry have been described
and reviewed by Dudukovic et al.,33,
Baldi.37

35

Chaudhari and Mills,1,

36

and Biardi and

The slurry-type reactors, for example stirred tanks and slurry bubble

columns, and trickle bed reactors are representatives of multiphase reactors, which
have been being used most extensively in chemical industry.1, 33, 35-37

Slurry-type

reactors are frequently used as batch or semi-continuous reactors due to the
simplicity of operation37 and the use of particulate catalysts (micrometre scale, 5–50
µm) for better kinetic efficiency.38 However, there are intrinsic disadvantages of the
slurry-type reactors that seriously limit their application in certain processes. For
instances, in the case of a stirred tank reactor, abrasion of catalysts results in difficult
catalyst separation, especially for the very fine particles37-39 and low conversion and
selectivity in continuously-operated slurry bubble column reactors due to the back
mixing.39 A packed-bed reactor, such as the trickle-bed reactor, is more convenient
in terms of product and catalyst separation.

However, larger catalyst particles

(millimetre scale, 1–3 mm) and the low gas-liquid velocities are required to avoid
excessive pressure drop,38 resulting in a mass-transfer limited regime. Furthermore,
maldistribution of reactants in a catalyst bed, i.e. fluid channels and bypasses formed
in the bed, may lead to poor performance, develop local hot spots, which may give
rise to catalyst deactivation, decrease in selectivity, and reaction runaways.37-39
Another major drawback of conventional reactors for multiphase reactions is the
inconvenience and complexity of maintaining the heat and mass transfer level, which
are achieved in laboratory scale operations, in pilot scale units or industrial size
units.38 All those drawbacks existing in conventional multiphase systems result in
long development time, high operating costs and low productivity.

1.2.2

Microreactors

The limitations in conventional multiphase catalytic systems are unfavourable from
the point of view of process economics.39 This motivates a systematic search for
alternative reactor types that would overcome as much as possible the limitations in
the existing reactors.

Microreactors (with cross-sectional channel dimension

between about 10 µm and about few mm) are representatives of the new reactors
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with potential to replace the conventional multiphase reactors. Several advantages
distinguish them from other types of reactors and give them the potential to be the
next generation of reactors for producing fine chemicals and pharmaceuticals.
One of the most important fundamental advantages is the decrease of the physical
size of a reactor. For a given difference in a physical property, decrease of linear
dimensions leads to an increase of the gradient of the processing parameters (such as
temperature, concentration, density or pressure).28 Accordingly, the mass transfer,
heat transfer, and diffusional flux are enhanced. In these small devices, a high
specific surface area in the range of 10,000–50,000 m2 m–3 is achieved, which
enables an effective mass and heat transfer compared to traditional chemical
reactors.40 As reviewed in a recent monograph on microreactors,28 heat transfer
coefficients up to 200 kW m–2 K–1 was reached in micro heat exchangers, which
exceeds that of conventional heat exchangers by at least one order of magnitude.
This feature allows microreactors to avoid hot-spot formation, attain higher reaction
temperatures and reduce reaction volumes, which in turn improves the energy
efficiency and reduces the operational cost. 40
Another fundamental advantage is the unique way of scaling up microreactors for
potential practical applications. In a microreactor system, a mixing structure or a
reaction microchannel is identical to the functional unit which can be duplicated to
attain the required throughput. The fluidic devices, therefore, can be run in parallel
with a separate feeding system for screening purposes, e.g. screening catalysts and
processes, or a manifold for distributing single fluid flow into many channels. The
former application has already been investigated and proved to be a promising
screening method with cost-saving advantages.41 When considering the throughput
required for practical production, microreactors demonstrate us a unique approach,
i.e. numbering-up, to achieve this purpose. In an ideal situation, once operating
conditions are established in a basic functional unit, the increase of the total
throughput of the reaction system can be simply obtained by numbering up the basic
unit. The stacked-up reaction systems also result in a high flexibility of adapting
production capacity to varying market demand (in principle, production ability can
be modified by changing the number of the basic reaction units).28

Moreover,
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parallel operation of a microreaction system enables a reliable continuous run of the
reaction since failed microreactor(s) can be easily isolated and replaced without
shutting down the whole system.42 Relevant investigations, however, showed that
the realisation of this goal is crucially based on the efficiency of flow distribution
system for the whole reaction unit.28
The volume of microreactors is significantly decreased (in the range from a few µL
to hundreds of µL) as compared with conventional chemical reactors. The decreased
reaction volume enhances process safety and, due to the shorter residence time,
improves selectivity of certain reactions.28

The smaller devices provide easy

transportation which enables a distributed point-of-use production of highly reactive
toxic chemicals42 and low cost of construction materials and energy used for
chemical production. In summary, based on various reports over the past decades,28,
43-47

a consensus has emerged that the technical drivers for development of

microreactors and micro-process systems can be attributed to five key factors (i)
safety; (ii) improved heat and mass transfer characteristics; (iii) distributed
production; (iv) easier scale-up and (v) utility for implementation of high throughput
screening techniques.

These advantages might enable microreactors to be

considered as prime candidates for future chemical processes, especially for fine
chemical and pharmaceutical industries.

1.3

Structured compact reactor

In this study, a mm-scale compact reactor was employed as a demonstration of
application of structured reactors in the field of synthetic chemistry. The structured
compact reactor shown in Fig. 1.1 was developed and described elsewhere.27, 48, 49
This reactor provides many fundamental and practical advantages for synthetic
chemistry, stemming from its compact multifunctional design, i.e. integrated
functionalities of mixing, heat transfer and reaction in one single unit, and
appropriate choice of reaction channel sizes as well as flow reactor chemical
processes.
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Fig. 1.1 Structured compact reactor-micro heat exchanger used in this work.

This structured compact reactor features several advantages for performing organic
syntheses:
•

Integration of static mixers. Static mixers, which are embedded prior to
reaction channels, enable presaturation of gas in a liquid phase (premixing
and preheating) before introducing reactants into the reaction channels.

•

Employment of mm-scale reaction channels. Five packed-bed channels (100
mm length) are imbedded in parallel between the two heat transfer sections.
The reaction channels have square cross-section with three different sizes: 2
mm × 2 mm, 3 mm × 3 mm (three of) and 5 mm × 5 mm. Each channel is
equipped with standard Swagelok® fittings for connecting liquid and gas feed
lines.

A mm-scale reaction channel offers: (i) high radial temperature

gradient for intensifying the process, (ii) allows the use of heterogeneous
catalysts prepared by conventional methods, unlike microreactors, which
depend on the ability to deposit a catalyst onto reactor walls.
•

Integration of microchannel heat exchangers. Microchannel heat exchangers
are arranged in cross-flow with respect to the static mixers and the reaction
channels. The micro heat exchangers consist of parallel micro channels (133
mm × 0.55 mm × 3 mm), with perforations in the channel walls for avoiding
Page | 8
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channel blockage, and for distributing the flow and pressure evenly. The two
heat transfer passages are located underneath and above all reaction channels.
Subsequently, all reaction channels have an even temperature field. The
integrated compact design ensures an intensified heat transfer for the reactor
due to (i) the reduced conduction resistance between the process fluid and the
heat transfer medium, with the distance between fluids ca. 100 µm, and (ii)
the enhanced convective heat transfer coefficient by using microscale heat
transfer fluid channels.
•

Intrinsic safety. Integration of microchannel heat exchangers, continuous
operation, and the small reaction volume provide the compact reactor with a
lower operation risk for conducting highly exothermic and endothermic
processes.

•

Easy scale-up. Scale-up of the reaction system can be readily achieved with
minimal or no process development work by running several reactors in
parallel (‘numbering up’).

•

Other advantages are (i) robust structure, i.e. upper operating pressure limit of
75 barg, and (ii) suitability for distributed production.

1.4

Research scope

The main aim of this thesis is to evaluate the ability of the structured compact reactor
for performing continuous catalytic chemistry based on a laboratory scale catalytic
system.

Selective hydrogenations were used as model reactions to assess the

continuous-flow process in the structured compact reactor.

Performance of the

compact reactor was compared with other types of processes.

The effects of

operating parameters on the reactor performance were assessed. The ability of the
compact reactor for studying reaction kinetics was also evaluated.
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Additionally, the ability of the multichannel compact reactor was further exploited
for different application purposes, such as (i) further intensifying embedded
microchannel heat exchangers and chemical reactions by integrating thermal
‘nanofluids’, (ii) performing continuous tandem reactions, and (iii) developing new
catalysts based on mesoporous synthetic carbons for micro and compact reactors.
The project has been carried out in the Department of Chemical Engineering at the
University of Bath, but I would like to acknowledge MAST Carbon Ltd. (UK) for
supplying the synthetic carbons, and Professor Yulong Ding’s group at the
University of Leeds for supplying thermal ‘nanofluids’ and cooperating in the heat
transfer experiments.

1.5

Thesis structure

Chapter 2 reviews the state-of-the-art of microreactors technology. This chapter
focuses on the commercialised microreactors and summarises the developing trends
of the technology.
Chapter 3 describes the application of the compact reactor in a continuous
hydrogenation process. The catalytic liquid-phase hydrogenation of benzaldehyde to
benzyl alcohol was chosen as the model reaction. Performance of the structured
compact reactor (in terms of product yield, selectivity, average reaction rate, and
space-time yield) for continuous hydrogenation was evaluated and compared with
other types of reactors. The effects of reaction conditions, i.e. gas/liquid flow-rates,
pressure, and temperature, on the reactor performance were studied in detail. The
use of sequential dosing of hydrogen for enhancing reactor performance was also
investigated.
Chapter 4 considers the study of thermal ‘nanofluids’ in the integrated microchannel
heat exchangers for further intensifying heat transfer in a compact reactor. The
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possibility of performing dynamic control of chemical reactions via enhanced heat
transfer was also studied and presented in Chapter 4.
Chapter 5 reports a continuous tandem reaction performed in the compact
multichannel reactor.
Chapter 6 demonstrates the development of Pd supported on mesoporous carbon
catalysts for flow catalysis in the compact multichannel reactor. The preliminary
characterisation of synthetic carbon and two developed Pd/C catalysts are described.
In addition, flow hydrogenation and hydrodehalogenation reactions were used to
assess performance of the Pd/C catalysts in the structured compact reactor.
Chapter 7 is a summary of all experimental results and includes suggested future
work needed for continuing this project.
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A review of microreactor technology

Microreactors open a new window for process intensification and for developing new
reaction routes due to their unique advantages such as intensive heat and mass
transfers, continuous operation, environmentally benign features, and a numberingup concept of scaling throughput. Successful applications of microreaction systems
in a wide range of areas speedup their appearance in chemical processes.
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Introduction

Microreactors, inspired by high heat-transfer performance of microchannel heat sinks,
have been in development since the early 1980s.1 For the following thirty years,
intensive research has been carried out to investigate the design and applications of
microreactors due to their exciting features. The emergence of microreactors on the
market and their industrial uptake occurred very quickly. In this chapter, a brief
review will be given, reviewing the primary advantages of microreactors and the
laboratory-scale applications of microreaction technology in synthetic chemistry.
Furthermore, commercialised microreactors are also discussed in this review.
The characteristic dimensions of the internal structures of microreactors, for instance,
fluid channels, typically range from the submicrometre to the sub-millimetre range.2
Other terms, for example ‘nanoreactors’, ‘milli-/minireactors’, ‘meso-scale reactors’
or ‘compact reactors’, are also used for devices with the characteristic dimensions at
the lower or the upper boundary of this dimensional range.2 In author’s opinion,
compared with the sizes of conventional industrial reactors, all the reactors with the
characteristic dimensions in the range from nanometres to millimetres exploit the
benefits of miniaturisation of the structures where chemical reactions occur.
Therefore, only one term, i.e. ‘microreactor’, will be used in this review.

2.2
2.2.1

Primary advantages of microreactors
Enhanced transport phenomena

The small dimensions and the integrated compact design provide microreactors with
the ability to effect excellent reaction control. For a given difference in a physical
property, a decrease in linear dimensions leads to an increase in the gradient of the
process parameters such as temperature, concentration, or pressure.2 Accordingly,
heat transfer, mass transfer, or diffusional flux are enhanced (Fig. 2.1).
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Fourier's Law:
Flux (q or J)

qheat [ J ⋅ m −2 ⋅ s −1 ] ∝

dT
dy

Fick's Law:

J diffusion [ mol ⋅ m −2 ⋅ s −1 ] ∝

dC
dy

Linear dimentions of reactors (y)

Fig. 2.1 Schematic diagram of enhancement in transport phenomena by miniaturisation of
characteristic diameter of reactors.

Most of micro devices employ multiple parallel channels with diameters between 10
and several 100s micrometres, where low Reynolds number laminar flows dominate.
Therefore, the Nusselt number (Nu) is expected to be close to unity.3 According to
the single phase internal flow correlation for convective heat transfer (Eq. 2.1),4, 5 in
which heat transfer coefficient (h) scales inversely with channel width, h can be
enhanced theoretically as the channel diameter decreases.

h = Nu ⋅

k
Dh

(2.1)

where k is the thermal conductivity of the fluid and Dh is the hydraulic diameter of
the channel, Dh is defined as:

Dh =

4 ⋅ Across −sec tion
U

(2.2)
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where Across-section is the cross sectional area of the channel and U is the perimetre of
the channel.
Based on the aforementioned equation (2.1), heat transfer in microchannels was first
studied by Tukerman and Pease in 1981.1 Experimental results showed good
improvement of heat transfer in microchannels, i.e. a forty-fold enhancement in
reducing thermal resistance compared to conventional devices.

These simple

theoretical predictions were also evidenced by a number of studies concerning heat
transfer in micro devices. As summarised in a recent monograph:2 the majority of
current microreactor/heat exchanger devices contain microchannels with typical
widths of 50 µm to 500 µm; the separating wall material between reaction and heat
transfer channels can kept down to 20 to 50 µm, if necessary. As a result, heat
transfer coefficients up to 200 kW m–2 K–1 measured in micro devices exceed those
of conventional heat exchangers by at least one order of magnitude.
Good heat transfer properties in microreactors offer a precise temperature control of
reactions, which is especially advantageous in the case of running heat-transferlimited reactions.

Subsequently, reactions of highly exothermic nature, e.g.

hydrogenation of nitrobenzene6 and nitration,7,

8

can be performed under almost

isothermal conditions in microreactors. For instance, nitration reactions, which are
deemed to be particularly dangerous in industrial processes due to their very high
reaction enthalpy and rates and the possibility to generate explosive byproducts.7 A
comparison was made using the autocatalytic nitration of phenol (Scheme 2.1)
between a batch reactor (1 L capacity) and a microreactor (500 µm width, 2.0 mL
internal volume).7 An adiabatic temperature increase of 55 K was measured in a
batch reactor, in contrast the temperature of the microreactor increased by less than 5
K under the same conditions. Consequently, a better selectivity to mononitro isomers
(78 % in microreactor vs. 56 % in batch reactor) and higher yields of them (75 % in
microreactor vs. 55 % in batch reactor) were achieved in the microreactor.
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Scheme 2.1 Nitration of phenol to the mononitro isomers.

Furthermore, it is also possible to change the temperature of microstructured reactors
very rapidly to intentionally achieve a non-isothermal behaviour, e.g. rapid dynamic
switch of chemical reactions9 or reaction quenching.
Molecular diffusion is the predominant mixing pattern in microreactors since a
laminar flow regime exists in almost all microreactors due to the small channel
dimensions.

Diffusional transport obeys Fick’s law (refer to Fig. 2.1) which

correlates to the change of concentration with time, and hence to the product of the
diffusion coefficient and concentration gradient.2 By rearrangement of this
relationship, the dependence of the mixing time (tmixing) on the width of the lamellae
(dl) is revealed by Eq. 2.3,10 where it can be seen the positive effect of
miniaturisation of characteristic structures on mixing. Consequently, a rather rapid
diffusion mixing is promoted in microreactors compared with the turbulence and
chaotic mixing in conventional reactors, i.e. mixing time scale in microseconds in
microreactors11 vs. seconds or longer in classical reactors.12

tmixing ∝

dl2
D

(2.3)

where D is the diffusion coefficient, which depends on temperature and properties of
fluids, dl is the lamella width, which can be linearly related with the width of typical
microstructures, e.g. channels.2, 10
Diffusion is already quite efficient on a microscale as the dominant mixing
mechanism, it is still a rather slow process for many applications where mixing in
extremely short intervals is usually required, for example mass-transfer-limited
liquid-liquid13 and liquid-gas reactions.14 Subsequently, apart from streaming mixing,
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various mixing principles were developed, such as splitting and recombination,
bending, drilling, etc. (as summarised in ref. 2 and Fig. 2.2), to further enhance
mixing processes in microreactors by reducing diffusional paths and increasing
contact areas.

Fig. 2.2 Generic design bases (derived from different mixing principles) for micro-mixing
technology.2 a: Contacting of two substreams, b: Collision of two high energy substreams, c:
Injection of many small substreams of one component in a main stream of another
component, d: Injection of many substreams of two components, e: Decrease of diffusion
path perpendicular to the flow direction by increase of flow velocity, f: Manifold splitting
and recombination, g: Externally forced mass transport, e.g. by stirring, ultrasonic wave, or
electrical energy, h: Periodic injection of small fluid segments.

2.2.2

Intrinsically safe and environmentally friendly processes

Microreactors are inherently safe due to the effective reaction management, i.e.
control of mixing, heat and mass transfer enhancement, and the inherently small
processing volume. The substantial reduction of the active volume in microreactors
allows the safe use of highly toxic reactants by reducing the risk of exposure to the
personnel and the environment (even in case of accidents). Chambers and Spink
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successfully demonstrated the use of a microreactor (100 mm × 500 µm × 500 µm)
for efficient and safe fluorination and perfluorination reactions (Scheme 2.2)
involving using fluorine gas, and generating HF as a byproduct.15

Scheme 2.2 Fluorination and perfluorination reactions requiring F2 addition.

The potentially explosive reactions also benefit from employing microreactors
because explosions could be suppressed by simply using the small channels with a
hydraulic diameter below the radical quenching distance.16 Gas phase Pt-catalysed
H2 + O2 reaction (a typical radical chain reaction of the sufficiently exothermic
nature) was performed using a quartz tubular microreactor (600 µm diameter) and
showed the possibility of conducting this highly explosive reaction without the
occurrence of flame or explosions at temperatures in excess of 1273 K (at ambient
pressure).16 Even working with pure oxygen at elevated pressure might be possible
in a laboratory-scale setting. An attempt to study the hazardous oxidation reaction
(Scheme 2.3) at up to 24 atm undiluted oxygen pressure was examined with a mmscale compact reactor (100 mm × 3 mm × 3 mm) by Bavykin et al.17 The capital and
operating cost, from a practical point of view, could be significantly decreased due to
miniaturisation of the reactor sizes, the close reaction control and the increased
reaction intensity and throughput.
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Scheme 2.3 Oxidation of benzyl alcohol with molecular oxygen.

2.2.3

Time- and cost-saving scale-up

The many unique properties and advantages of microreactors originated from
miniaturisation, conventional scale-up procedure therefore is not suitable for
microreactors to increase their throughput to the industrially relevant level. The
strategy known as ‘numbering-up’ provides microreactors with an alternative
approach to implement in practice high-throughput production. In the microreactor
systems once the reactor functions and operation conditions are established for a
single basic functional unit, the increase in the total throughput of the system can be
simply obtained by numbering up the basic unit, i.e. using multiple reactors as
needed in parallel, and the identical quality achieved in a single unit can be sustained
in the pilot-plant or production-scale quantities.11, 18
The feasibility of this concept was demonstrated with a microreactor system
(micromixer-based system) for performing Grignard reaction (Scheme 2.4).19 And an
identical level of product yield was achieved for the transfer of synthesis from labscale to a pilot reactor. A laboratory-scale set-up resulted in a yield of 83 % desired
product (phenyl boronic acid), whereas a ‘numbering-up’ system achieved a yield of
89 % with even higher selectivity.
OMe
MeO

B

PhMgCl

hydrolysis

OH
Ph

OMe
PhMgCl = Phenyl Magnesium Chloride

OH

+

B
OH

Ph

Ph

+

B
Ph
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Scheme 2.4 Grignard addition to trimethylborate.

This concept was also successfully demonstrated in several industrial projects by
using integrated microreaction systems developed by Cellular Process Chemistry
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Systems (known as CPC-Systems).18 One example is a microreaction system which
was tailored to the specific demands of a precipitation process with a capacity of 30
t/a.18
Stacked-up microreaction systems also provide good flexibility in adapting
production capacity to varying market demands (in principle, production ability can
be modified by changing the number of basic reaction units).2

Relevant

investigations, however, showed that the realisation of this goal is crucially based on
the efficiency of flow distribution system for the whole reaction unit.2

Moreover,

parallel operation microreaction systems enable a reliable continuous run of the
reaction (i.e. failed unit(s) can be easily isolated and replaced without shutting down
the whole system).20 This might be of importance for industrial operations when
considering saving the operational time and cost.

2.3

Laboratory-scale application of microreactors

Applications of microreactors in organic synthesis has burgeoned into a widely
studied field in industrial and academic environments since mid-1990s.12 Several
recent reviews have summarised the application examples carried out in
microreactors for the organic transformations.11, 19, 21-29 The majority of studies are
conducted as laboratory-scale applications of microreactors and in the following
sections a brief review is given of these applications. The first part focuses on the
homogeneous reactions (in synthetic chemistry), which include stoichiometric
reactions and catalysis with soluble catalysts in flow, and the second section details
the heterogeneous catalytic reactions in microreactors.

2.3.1

Liquid phase synthetic chemistry in microreactors

Microreactors are interesting for liquid-liquid reactions, either stoichiometric
synthetic routes or reactions powered by soluble catalysts, because of the ease of
manipulation of the reactions in comparison with conventional reactors.

The
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application of microreactors for reaction optimisation is demonstrated by using a
glycosylation reaction (Scheme 2.5).

Glycosylations are very challenging in

conventional processes due to the dependence of the stereochemical outcome on
multiple reaction variables, such as the nature of the coupling partners, i.e. their
conformation, sterics, and electronics, concentration, temperature, residence time,
and stoichiometry, which gives rise to great complexity in searching for optimal
reaction conditions for a desired transformation.30 A silicon microreactor system
(Fig. 2.3) was used to obtain the comprehensive information of the model reaction
(Scheme 2.5) in a short time (44 reactions at different conditions in one day) for
determining the optimum conditions (temperature and residence time) for producing
the desired product 3. Moreover, only small amount of valuable glycosylating agent
(2 mg) was required for each run, which significantly saved the operational cost in
comparison with the traditional batch processes.

Scheme 2.5 Glycosylation of glycosyl donor 1 and nucleophile (glycosyl acceptor) 2 to
fashion disaccharide (desired product) 3 with byproduct orthoester 4.

Fig. 2.3 The silicon microreactor used in Ratner et al.30 a) the microreactor, b) schematic
diagram of the microreactor system.
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When using conventional batch reactors inefficient temperature control is common,
especially in running fast and highly exothermic reactions, where complex control
strategies are required for maintaining the product quality and avoiding thermal
runaways. Microreactors’ good ability on the reaction thermal control (section 2.2.1)
makes them efficient to run these reactions. For instance, a fast and exothermic
Girgnard exchange reaction (Scheme 2.6) was conducted in a reaction system
consisting of micromixers and shell and tube micro heat exchangers (micro tube with
500 µm i.d.).31 Effective control of the reaction was achieved by virtue of fast mixing
and efficient heat transfer in the microsystem. The microreaction system therefore is
able to run the reaction at higher temperatures with better yields (e.g. at 353 K with a
yield of ca. 98 %, at 5 second residence time),

Scheme 2.6 Grignard exchange reaction. Ethylmagnesium bromide (EtMgBr) reacts with
bromopentafluorobenzene (BPFB) to form pentafluorophenylmagnesium bromide
(PFPMgBr). Methanol is added after the reaction to quench the reaction and form
pentafluorobenzene (PFB) for GC analysis.

Similar to Grignard reactions, nitration reactions were successfully performed in
microreactors.7,

8, 32-35

Dummann et al.34 presented the use of a capillary-

microreactor (i.d. = 0.5–1.0 mm) for nitration of single ring aromatics. Due to the
high specific surface area of the small diameter capillaries and the resulting high heat
transfer rates, isothermal operation could be maintained for the highly exothermic
process. In addition, for this homogeneously catalysed reaction (liquid-liquid two
phase, sulphuric acid in the aqueous phase as catalyst), the two-phase plug-flow with
a well-defined flow pattern of alternating plugs of the two phases formed in the
capillary gives a constant specific interfacial area between the two immiscible phases,
and results in a fast mass transfer between the phases. The enhanced mass transfer at
the boundaries between phases is very important for enhancing the product yield and
selectivity of the mass transfer limited reactions. This was further confirmed by
Antes et al.8 in the nitration of toluene using a silicon microreactor. The high
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mononitrotoluene yields of 89–92 % were obtained and the selectivity for the parasubstituted product was increased considerably compared to the selectivity in the
industrial process (43.5 % vs. 33 %).8
The multi-liquid-phase reaction systems, which in batch reactors usually demand the
extra agitation for intensifying phase transfer, also benefit from the large specific
interfacial areas offered by microreactors. A phase-transfer alkylation reaction was
promoted successfully by using a glass microreactor (45 cm × 200 µm × 100 µm).36

Scheme 2.7 Phase-transfer benzylation reaction. Organic phase: dichloromethane solution
containing the substrate (ethyl 2-oxocyclopentanecarboxylate 5) and the alkylating agent
(benzyl bromide 6); aqueous phase: aqueous solution containing the phase-transfer catalyst
(tetrabutylammonium bromide, TBAB) and the sodium hydroxide.

A 57 % yield of product 7 was obtained in the microreactor at 60 seconds residence
time, whereas, only 37 % yield was achieved in a batch reactor (round-bottomed
flask) after vigorous stirring (1350 rpm) for 60 seconds. By optical microscope
study, it was found that the organic phase formed small droplets (segments) inside
the aqueous tube, which resulted in a more extended interfacial area for accelerating
the reaction.
The promising results obtained in the laboratory studies for microreactors in
homogeneous synthesis

accelerate the pace of their acceptance in the

commercialisation market. A recent commercialised demonstration is the structured
compact reactors known as the ART® plate reactors (see Fig. 2.4), from Alfa Laval.37
The compact reaction system contains flow-directing reactor plates (mm-scale
channel), heat transfer plates, and pressure plates, which allows easy numbering-up
for increasing productivity and quick disassembly, reassembly for cleaning. Due to
the advantages, i.e. (i) continuous operation, (ii) effective heat transfer by the
integrated plate heat exchangers, and (iii) flexible reactant addition and sampling
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along the reaction channels, the ART® plate reactors were demonstrated as efficient
tools for performing several homogeneous liquid reactions (Scheme 2.8) such as
solvent-free Red-Al reduction and Grignard reactions, and tandem BuLi reaction
(halogen-lithium exchange with sequential carbonyl addition).

Scheme 2.8 Homogeneous liquid reactions performed in ART® plate reactors from Alfa
Laval.

(a)

(b)

Fig. 2.4 The ART® plate reactor from Alfa Laval:37 (a) the reactor plate, (b) the reactor
assembly.
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Apart from the application examples introduced here, a wide variety of liquid-phase
reactions have been successfully performed in microreactors, e.g. soluble metal
catalysts

promoted

cross

coupling

and

ring-closing

metathesis

reactions,

stoichiometric nucleophilic aromatic substitution and Wittig reactions demonstrated
by Comer and Organ,38 glycosylations, olefinations and epoxidations by Snyder et
al.,39 peptide couplings by Watts et al.,40, 41 aldol reactions by Wiles et al.42 and

Mikami et al.43 There are minimal application limits for performing liquid-phase
reactions in microreactors except the processes with the potential for generating
precipitating products or byproducts that might clog up reaction channels.23

2.3.2

Heterogeneous catalysis in microreactors

Catalysis often provides cleaner and more efficient routes for synthetic chemistry in
comparison with stoichiometric synthesis. In conventional processes, the use of
heterogeneous catalysts facilitates the catalyst recycling and reuse. The negative
effects on the selectivity and yield though, caused by the limited heat and mass
transfers in heterogeneous systems are hard to avoid,29 furthermore high operating
pressure is often needed for increase of reaction rates.

In industry, however,

reactions at high pressures using batch reactors should be avoided for safety and
economical reasons.44
If fine catalyst particles are used for a more kinetically efficient process,45 as used by
stirred tank reactors and slurry bubble columns,46-48 the problem of catalysts
separation rises and demands extra operations and costs. In microreactors, large
gradients in concentration and temperature and high specific surfaces achieved by
shrinking the characteristic dimensions give rise to exceptional fast transfer
phenomena which are especially advantageous for the highly exothermal reactions
and for the heat- and mass-transfer-limited reactions. Furthermore, the intensified
mass transfer in microreactors normally avoids the necessity of using higher
pressures.
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Catalytic solid-liquid reactions49-53 benefit from the excellent thermal management
and the continuous diffusional mixing in flow in the microreactor systems.

In

conventional processes such reactions, especially for those with strong exothermicity,
are usually operated in stirred tank reactors with slowly dosing of on a reactant
(portion by portion) for maintaining the isothermal conditions due to the limited heat
removal capacity. Consequently, the process time is no longer dependent on the
kinetics but instead on the time constant of heat removal.54 For the stirred-tank
reactors, the characteristic time of heat transfer (ttr) increases proportional to the
diameter (Eq. 2.4), whereas it decreases with the square of the diameter for the
microreactors (Eq. 2.5).54

ttr =

ttr =

ρ ⋅V ⋅ c p
U⋅A

ρ ⋅ cp ⋅ D2
4 ⋅ λ ⋅ Nu

(2.4)

(2.5)

where ρ is density (kg m–3), V is the reactor volume (m3), cp is the specific heat
capacity (J kg–1 K–1), U is the overall heat transfer coefficient (W m–2 K–1), A is the
heat exchange surface area of the reactor (m2), D is the reactor diameter (m, for
microreactors, the diameter of the channel), λ is the thermal conductivity (W m–1 K–
1

), Nu is the Nusselt number.

In a stirred-tank reactor with an inventory of several thousand litres this leads to a
process time of several hours, whereas the same or even higher yields can be
obtained in microstructured reactors within a few seconds.54 Moreover, separation
steps become unnecessary due to the strategies of introducing heterogeneous
catalysts in micro reactors such as immobilisation of catalysts49, 50 on the channel
surface and use of packed-bed.51-53

For example, Knoevenagel condensation

(Scheme 2.9) was promoted by a zeolite catalyst coated microreactor with yields up
to 80 %.50 This reaction, typically catalysed by organic bases, was shown to be
cleaner since solid-phase catalysts precluded catalyst mixing with the product.
Metal-catalysed Heck coupling reactions were successfully transferred to
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microreactor systems51, 55, 56 and demonstrated in a continuous Pd/C catalysed (10 %
palladium on charcoal loaded in a cartridge) microreaction system (Scheme 2.10).51
In a 30 minute of residence time at 403 K, a 99 % substrate conversion and 100 %
selectivity to the desired product were achieved in the flow system. Suzuki–Miyaura
coupling reaction (Scheme 2.11) in a microreactor was shown by Greenway et al.53
In this T-shaped microchannel reactor, a THF/water solvent mixture was used to
facilitate the electroosmotic flow. Unlike conventional Suzuki reactions, the base
addition was found unnecessary in this microreaction system.

This phenomenon

was explained by the presence of high electrical field needed for the electro-osmotic
flow water can form hydroxide ions on the large silica surface, which has the
potential to be sufficient to perform the function of the conventional organic or
inorganic base.

Scheme 2.9 Knoevenagel condensation between benzaldehyde and ethyl cyanoacetate
catalysed by catalyst-functionalised zeolite coatings on microchannel.

Scheme 2.10 Heck reaction forming ethyl cinnamate by reacting iodobenzene with ethyl
acrylate.

Scheme 2.11 Suzuki-Miyaura coupling of 4-bromobenzonitrile and phenylboronic acid.
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In comparison with the batch reactor, an acylation reaction (Scheme 2.12) was
proved to be more productive in a flow packed-bed microreactor (capillary packed
with immobilised 4-dimethylaminopyridine catalyst on the methacrylate-based
amberzyme oxirane resin, AO-DMAP),52 i.e. 3.2 vs. 1.0 in mmol product mL–1 min–1
mmol catalyst–1.

Scheme 2.12 The acylation of sec-phenethyl alcohol.

Multiphase catalytic reactions, such as catalytic hydrogenation and oxidation
reactions, are important in chemical industry.23 Molecular oxygen and hydrogen are
deemed the ultimate green reactants for these chemical processes; however, the
limited mass transfer between phases, difficulty to activate O2 and H2, and the highlevel safety requirements restrict their applications in conventional chemical
processes. In microreactors, these reactions can be promoted more efficient due to
the abovementioned advantages. Jensen’s group studied catalytic partial oxidation of
NH3 (molecular oxygen, thin-film Pt-catalyst) with a microreactor and demonstrated
feasibility of conducting catalytic gas phase reactions in microfabricated systems.57
The group of Kobayashi conducted intensive studies with Pd-immobilised
microreactors for hydrogenation reactions.49, 58, 59 The system was proved to be very
efficient for reducing various of substrates, such as mono-, bi-, and trisubstituted
alkenes and alkynes, deprotected benzyl ether and carbarmate protecting groups.
High efficiency and yields were attributed to the small dimensions of the
microreactor. Narrow channels enabled greater interaction between the solid, liquid,
and gaseous phases than in a batch, increasing the reaction rates.11
Commercialised examples of catalysts-immobilised microreactors are the falling film
microreactors (Fig. 2.5) from the Institut für Mikrotechnik Mainz GmbH (known as
IMM, Germany).60 The microchannel falling film reactors (typical dimension: 78
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mm × 300 µm × 100 µm , 64 channels, separated by 100 µm wide walls) are able to
generate stable films less than 100 µm thick, which is an extraordinary enhancement
compared to the films with thickness on the order of 0.5–3 mm in the conventional
falling-film systems.61

Hence, these reactors offer good heat and mass transfer

characteristics which were proven with the Pd-catalysed hydrogenation of
nitrobenzene,6 and hydrogenation of cyclohexene.62

In both cases alumina was

deposited on the wall by washcoating with subsequent Pd deposition by different
methods, such as wet impregnation, incipient wetness, sputtering, and UVdecomposition of precursors.6, 62

Fig. 2.5 Components and schematic of the microstructured falling film reactor. Adopted
from ref. 6.

In the author’s opinion, compared with wall-immobilised heterogeneous catalytic
microreactors, packed-bed microreactors are more attractive in the field of liquidgas-solid reactions from a practical point of view. Packed-bed microreactors allow
to use heterogeneous catalysts prepared by conventional methods, such as carbon
supported metal catalysts, which are more economical and practicable, compared
with the complex wall-coating methods. A series of laboratory-scale investigations
were conducted with packed-bed microreactors, such as packed-capillary reactor for
hydrogenation
synthesis,63

reactions,44

sunflower

oil

packed-bed

microchannel

hydrogenation,64

and

a

reactor

for

packed-bed

phosgene
enzymatic

microreactor.65
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A series of commercialised microreactor systems, known as H-Cube® and X-Cube®
systems, from ThalesNano Inc. (Hungary)66 received much attention for their
contribution to heterogeneous gas-liquid catalysis. Several applications, such as
catalytic nitro/nitrile reduction,67 catalytic double-bond/heterocycle saturation,67
selective hydrogenation of cinnamaldehyde to cinnamyl alcohol,67 diastereoselective
hydrogenation of dihydropyrimidones,67 enantioselective hydrogenation of activated
ketones,68 catalytic hydrogenation of imines to amines,69 and aminocarbonylation,70
were demonstrated for verifying their efficiency in the field of heterogeneous
catalysis, especially for hydrogenation reactions.
Another approach is to use mm-scale reaction channels packed with well-structured
catalyst particles. An example is the compact reactor developed at Bath, see Fig. 2.6.
Selective oxidation by molecular oxygen,17,
molecular hydrogen,

73

71, 72

selective hydrogenation by

and continuous tandem synthesis74 were all successfully

transferred to this compact reactor flow system. Scale-up was also conducted for
studying the feasibility of using the compact reactor system for high-throughput
production.

(a)

(b)

Fig. 2.6 (a) Structured compact reactor with mm-scale reaction channels, (b) the pilot-scale
compact reactor (192 of 500 mm length, 3 mm i.d. channels, up to 150 t/a liquid throughput).
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Commercialisation of microreactors

Driven by the distinct advantages of microreactors, a number of microreactors or
microreactor-based reaction systems have emerged in the commercial market.
Ehrfeld Mikrotechnik BTS GmbH (a wholly-owned subsidiary of Bayer Technology
Services GmbH, Germany)75 and Institut für Mikrotechnik Mainz GmbH (IMM,
Germany)60 are leading companies for providing technical solutions with metalbased miniaturised reactors. Ehrfeld is well-known for the modular microreaction
system75 which provides a wide variety of micro structured modules, such as mixers,
heat exchangers, reactors, sensors and actuators. A microreaction plant for a given
process can be quickly and simply constructed by combining the required modules
and embedding them on a base plate (clamping modules and sealing plates are
needed for ensuring stability and safety). This design offers the highest flexibility
for different applications in different areas and several reactions were performed in
the modular microreaction system, such as Wittig reaction, Grignard reaction, Suzuki
coupling and heterogeneous catalysis.

Another product from Ehrfeld is the

Miprowa® Technology,75 which can be adapted as either heat exchangers or reactors.
Rapid temperature equalisation and intensive cross-mixing can be achieved by the
forced flow even at low laminar flow velocities due to the use of micro structured
flow channels (channel sizes: 12 × 1.5 mm for lab scale devices, 18 × 3 mm for pilot
and production scale apparatuses) equipped with the changeable comb-type inserts.
This design allows good adaptability to regulate the pressure drop, area/volume ratio,
mixing intensity and flow velocity for optimising the service performance of
®

channels, and easy cleaning and maintenance. Standardised Miprowa apparatuses
can be tailored either for laboratory and R&D areas (3-200 L h–1 throughput) or for
large application ranges (up to 50,000 L h–1 throughput).
IMM is also a pioneer in the field of implementing process intensification by
miniaturisation.60 The slit interdigital microstructured mixers, caterpillar mixers, and
falling film microreactors have been successfully applied in laboratory-scale
investigations, for example phenyl boronic acid synthesis,76 high-efficient extraction
processes77 and direct fluorination of toluene with elemental fluorine.78 Modular
microreactor based systems for production plants are also realised based on these
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Another commercially available metal-based

microreactor systems are the ART® plate reactors (see above) from Alfa Laval.37
A wide range of glass-based microreactors is also available on the market.
Companies such as Chemtrix BV (Netherlands & UK),79 Mikroglas Chemtech
GmbH (Germany),79

Micronit Microfluidics BV (Netherlands),80 Bartels

Mikrotechnik GmbH (Germany),81 Fraunhofer ICT (Germany)82 and Corning
(USA)83 are manufacturing glass chips with different microchannel configurations.
The Corning’s Advanced-flowTM glass reactors83 can be scaled up for potential
manufacturing purposes through the modular design.
Automation and standardisation of the microreaction system is a significant
challenge, which must be overcome for their successful commercialisation. Process
automation in microreactor system is of importance for rapid and highly flexible
development of processes and products, especially for the R&D stage.
‘FAMOSflexible’ (a fully automated microreaction system) from Fraunhofer ICT82
makes possible systematic screening of parameters and generation of sample
databases for subsequent investigations. In addition, the integrated safety features
and optional remote control and observation system enable the investigation of
potentially hazardous reactions.
The innovative microreactor systems should be standardised and easily integrated
with the existing chemical processing infrastructure, such that time and cost
generated by the system migration or mergence can be significantly reduced.
Integration of on-time process analysis with the microreactor systems is another
significant development and commercial opportunities. This might be important to
gain the detailed information of the physical-chemical processes for improving the
processes, such as target and optimise specific reaction steps, to achieve consistent
product quality and reduce process costs.

Conducting online analysis on a

microscale is simpler than in conventional processes; some pioneered works have
been reported by Fraunhofer ICT.82 For example, adoption of optical spectroscopic
analysis methods (IR, Raman and UV/Vis/NIR) for process analysis as inline, online
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or atline measurement technologies for the design and optimisation of chemical
processes. High-speed microscopy and fibre optics can be used for visual monitoring
and imaging of processes in microchannels. Integration of reaction calorimetres
allows to study thermodynamics and kinetics in microchannels.

Through these

analyses, a direct insight about product composition, kinetic and mechanistic data
about the processes could be obtained, which is valuable when designing process
components and selecting suitable process conditions.

2.5

Conclusions

The numerous investigations of microreactors at different application scales have
shown the promise.

In comparison with conventional chemical processes, their

advantages demonstrated, i.e. enhanced reaction control in terms of heat and mass
transfer, inherent safety, continuous operation, increased atom efficiency (decreased
raw inputs and wastes), simple scale-up, easy optimisation, and potential for
distributed manufacturing business model, ensure that this technology will have a
substantial impact on the future chemistry and chemical industries. The problems
that persist, such as lack of experience in production-scale operation and high cost of
manufacturing of complex microreactors, however, still remain as barriers for rapid
adoption of microreactors into widespread use.
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Chapter 3
Continuous Selective Hydrogenation of
Benzaldehyde in the Structured Compact
Reactor

A structured multifunctional compact reactor was studied in the processes of
continuous catalytic hydrogenation reactions. A 41 % calculated product yield (1 mol
L–1 initial substrate concentration which is close to industrial conditions),
corresponding to a space-time yield of product of 34 mol Lreactor–1 h–1, in a single pass
(10 cm length) at a liquid phase residence time of ca. 40 second was attained. High
process efficiency was attributed to good control of temperature and a short
residence time achieved due to a more intensive reaction regime in the micro-packed
bed reactor. The kinetics of the three-phase hydrogenation was evaluated showing: (i)
reaction limitation for applied reaction conditions, (ii) Langmuir-Hinshelwood
mechanism of hydrogenation, and (iii) the dominating role of adsorption of reactant
and the solubility of hydrogen in the mechanism of hydrogenation at higher
temperatures. Staged injection of hydrogen into the reactor was found beneficial to
the flow process. This chapter is based on the paper: X. Fan, P. Plucinski, A. Lapkin,
Catal. Today, 2009 (147S), S313–S318.
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Introduction

Hydrogenation reactions are widely used in both petrochemical, speciality chemicals
and pharmaceuticals production, using both gas-solid and three phase gas-liquidsolid processes.1 Due to their high reaction enthalpy, e.g. hydrogenation of
nitrobenzene with a reaction enthalpy of 443 kJ mol–1 and a corresponding adiabatic
temperature rise of ca. 2,673 K,2 practical large-scale applications require the use of
diluted reactants and slow addition of hydrogen for better reaction control.
Furthermore, in the gas-liquid-solid multiphase systems the hydrogenation reactions
are frequently limited by the supply of hydrogen. In order to improve mass transfer,
elevated pressure is always necessary for increasing the concentration of dissolved
hydrogen; in turn this leads to high reaction rates and the potential for thermal
runaway.
A number of new developments in reactor technology are aiming to improve the
efficiency of hydrogenation reactions.3

Thus, membrane contactors allow to

establish high gas-liquid interface within the structure of porous membranes and,
therefore, a faster addition of hydrogen directly to the region of catalytic reaction.4, 5
Integrated catalytic reactors heat-exchangers provide efficient heat transfer for
strongly exothermic reactions to avoid temperature runaways.6 Microreactors may
eliminate many of the problems of conventional hydrogenation processes due to (i)
effective control over reaction conditions and (ii) scale-up by numbering of identical
small reactors.7, 8 A number of representative studies of hydrogenation reactions in
microreactors are summarised in Table 3.1.
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Table 3.1 Representative studies of catalytic hydrogenation reactions in microreactors.

Microreactor

Conditions

Packed-bed
microreactor9
1 mm i.d., 25 cm length

T = 363 K
P = 25 bar
FLiquid = 0.038
mL min–1
in methanol

T = ambient
P = ambient
FLiquid = 0.015
200 µm i.d., 40 cm mL min–1
in THF
length

Pd-immobilised
capillary microreactor10

T = ca. 323 K
P = ambient
FLiquid = 0.015
mL min–1
200 µm width, 100 µm
in scCO2 or
depth, 45 cm length
THF

Pd-immobilised
microreactor11, 12

glass

T = 333 K
P = ambient
FLiquid = 0.5
mL min–1
300 µm width, 100 µm
in ethanol
depth, 7.8 cm length.

Microstructured
film reactor13

falling

Catalyst and substrate

Space-time
yield / mol
Lreactor–1 h–1

5 wt.% Pd/C
ca. 2

cyano/carbonyl group

microencapsulated Pd
catalyst
ca. 25

alkene group

microencapsulated Pd
catalyst

ca. 11

alkene/alkyne group

immobilised Pd
catalysts

ca. 16

nitro group

Microreactors with characteristic dimensions in the range from micrometres to
millimetres typically have high heat transfer coefficients, up to 200 kW m–2 K–1, in
comparison with conventional batch reactors, e.g. ~10 kW m–2 K–1 in a 1 L flask.7
High heat transfer enables higher hydrogenation reaction rates to be attained safely,
as was demonstrated in the studies cited in Table 3.1. However, these studies were
performed in microreactors with relatively low product throughputs and limited
integration of functionalities. In order to attain maximum efficiency of catalytic
hydrogenation it is essential to resolve not only the problem of heat transfer, but also
enhance hydrogen supply and establish effective mixing in a three-phase system.
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Furthermore, microreactors are normally operating in the laminar flow regime,
therefore mixing is slow and requires introduction of specific mixing elements.
Earlier studies have shown that efficient heat- and mass-transfer, and a plug-flow
hydrodynamic regime could be established in the mm-scale catalytic micro-packed
bed reactor integrated with micro heat-exchanger and a simple baffle static mixer.1416

Staged injection of a gaseous reactant produced stable and uniform hydrodynamic

regime along the catalyst bed. In such a reactor reasonably high product throughputs
could be attained. The mm-scale multifunctional reactor concept offers a lower-cost
and easier to scale-up alternative to microreactors.
In this chapter, hydrogenation reactions are investigated in the micro-packed-bed
integrated reactors. The gas-liquid-solid hydrogenation of benzaldehyde to benzyl
alcohol (Scheme 3.1) was chosen as a model reaction. Performance of the structured
compact reactor (in terms of calculated product yield, selectivity, and average
reaction rate) for continuous hydrogenation was evaluated and compared with other
types of continuous reactors. The effects of reaction conditions, i.e. gas/liquid flowrates, pressure, and temperature, on the reactor performance were studied in detail.
Staged injection of hydrogen was also investigated.

Scheme 3.1 Hydrogenation of benzaldehyde to benzyl alcohol with (unwanted) consecutive
reaction to toluene.

3. 2
3.2.1

Experimental
Pt/C catalyst and reagents

The Pt/C catalyst (Pt 3 % by weight) was prepared by impregnating the
microspherical (110–150 µm) mesoporous synthetic carbon support (Mast Carbon
Ltd., Guildford, UK) using H2PtCl6 as Pt precursor as described by van Dam and van
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Bekkum.17 The loading capacity of compact reactor is ca. 0.5 g of catalyst per
channel. For kinetic study the catalyst was diluted (total amount = 0.1 g) with acidwashed glass beads (150–212 µm, Sigma-Aldrich). All chemicals used in this study,
i.e. benzaldehyde, benzyl alcohol, toluene, dodecane, (all in ReagentPlus® grade)

and propan-2-ol (HPLC grade) were obtained from Sigma-Aldrich and used without
further purification.

3.2.2

Structured compact reactor

The structured multichannel reactor was a bonded assembly of thin shims (316
stainless steel) that incorporate channels created within it. A schematic diagram of
the reactor assembly is shown in Fig. 3.1. The diffusion bonding produces a robust
structure with the capability of operating at high pressures (up to 75 barg). Static
mixers are embedded prior to the reaction channels (above the reaction channels) for
premixing and preheating the liquid and gas reactants before introducing the mixture
into the reaction channels. Five packed-bed channels (100 mm length) are imbedded
in parallel between the two micro-heat exchangers. The reaction channels have a
square cross-section with three different sizes: 2 mm × 2 mm, 3 mm × 3 mm (three
of) and 5 mm × 5 mm. The pressure-driven laminar flows with the liquid Reynolds
number < 10 can be established in the channels under the conditions used in this
study (refer to section 3.3 for the conditions). The two micro-heat exchangers are
located underneath and above all the reaction channels (arranged in cross-flow with
respect to reaction channels).

All reaction channels, therefore, have an even

temperature field during operation.

Details about the design concepts and

hydrodynamic characteristics of the compact reactor are specified elsewhere.14-16
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a)

b)

Fig. 3.1 Schematic diagram of the structured compact reactor–microchannel heat exchanger:
(a) channel arrangements and (b) cross-sectional view.

3.2.3

Continuous catalytic rig and procedure for continuous experiments

The continuous catalytic rig was set up as shown schematically in Fig. 3.2. Liquid
reagents were premixed and placed in the feed vessel. A HPLC pump (Kontron) was
used to pump liquid feed through packed-bed reaction channels; the product was
collected in another vessel via a low dead-volume six-way valve (Valco) equipped
with a 250 µL sample loop. Temperature was controlled by using a re-circulating
bath (Haake) to circulate heat transfer fluid through the micro-heat exchangers. The
operating pressure was controlled by a back pressure regulator (Brooks) and the
pressure drop across the reactor was monitored using a differential pressure
transducer (Bronkhorst).
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BPR
Liquid feed

(Product reservoir)

Gas-liquid separator

Ventilation

Products

DPT

Sample
out

Fig. 3.2 Schematic diagram of the catalytic rig for continuous experiments.

3.2.4

Analysis techniques

Reaction products were analysed by gas chromatography (GC, Varian CP-3800)
equipped with a non-polar capillary column (CP Sil 5 CB). Samples taken from the
experiments were analysed without further preparation.
MS analysis (microTOF, Bruker) and 1H NMR analysis (NMR) spectrometre (300
MHz, Bruker) were employed for the determination of the chemical structures of
byproducts. Low temperature nitrogen adsorption (ASAP 2010, Micrometrics) was
measured to characterise specific surface area and pore size distribution of the
catalysts.
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Results and discussion
Performance of the compact flow reactor

For the substrate concentration used in this study (0.2 mol L–1), a 100 % conversion
of the benzaldehyde (corresponds to a space-time yield of ca. 13 mol h–1 L–1) was
achieved in a single pass under mild operating conditions, i.e. 320 K, 8 barg, and 20 s
liquid phase residence time, and using one fully loaded reaction channel (3 mm × 3
mm × 10 cm) with catalyst mass of 0.45 g.
In order to highlight the effectiveness of the developed multiphase compact flow
reactor, a set of activity data from other hydrogenation processes were summarised in
Table 3.2. The average reaction rate for flow reactors was calculated as:

(r ) =

V&L ⋅ CP
mmetal

(3.1)

where V&L is the volumetric flow rate of liquid phase; CP is the exit concentration of
product, mmetal is the mass of metal on catalyst in an individual channel.
In comparison with other studies for hydrogenating the same substrate in batch
reactor, the structured compact reactor demonstrated a better performance in terms of
the specific activity per kilogram of metal (observed reaction rate, r). The measured
average reaction rate in the compact reactor is about one order of magnitude larger
than ones calculated from batch applications18, 19 (for Pt/C catalysts in ref. 19, the
average reaction rate must be much smaller than the presented value of the initial
reaction rate, i.e. 0.13 mol kgmetal–1 s–1). Apart from better activity of the continuousflow system, a higher throughput was also presented by the compact reactor
compared with the continuous monolith reactor, i.e. space-time yield of product: 13
mol Lreactor–1 h–1 vs. 7.9 mol Lreactor–1 h–1. The throughput of the structured compact
reactor can be increased by running reactions with undiluted catalyst bed and
concentrated feed solutions. Thus, under similar flow conditions, e.g. 1 mol L–1
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initial concentration, 0.73 kg m–2 s–1 liquid flow rate (ca. 40 second residence time),
a 41 % product yield was achieved, which corresponds to ca. 34 mol Lreactor–1 h–1 of
space-time yield, or three times higher than the one obtained with the diluted reactant
solutions.
Table 3.2. Activities for different reactors for selective hydrogenation of benzaldehyde to
benzyl alcohol over supported metal catalysts.

Reactors

Catalyst

This study
Batch reactor18
Batch reactor19
Batch reactor19

Pt/C catalysta
Pt/Cb
Pd/Cc
Pd/Cd
Ni monolithic
catalyste

Monolith reactor20

Conditions
T/K

P / barg

317
323
481
481

8
1b
1
–d

r
/ mol kgmetal–1 s–1
0.49a
0.13b
0.034c
0.06d

373

10

0.35e

a

continuous three phase catalysis, 3 wt.% Pt/C, 0.2 mol L–1 initial concentration, average
reaction rate.
b
batch three phase catalysis, 5 wt.% Pt/C (commercial catalyst), 0.2 mol L–1 initial
concentration, continuous H2 bubbling through the liquid phase, initial reaction rate.
c
batch three phase catalysis, 5 wt.% Pd/C, ca. 0.6 mol L–1 initial concentration, average
reaction rate.
d
batch two phase catalysis, with liquid borrowing hydrogen (potassium formate as the
hydrogen donor), 5 wt.% Pd/C, ca. 0.6 mol L–1 initial concentration, average reaction rate.
e
continuous three phase catalysis, 1 wt.% Ni (egg-shell), 0.18 mol L–1 initial concentration,
average reaction rate.

In order to study the kinetics of the reaction, a diluted catalysts bed (with glass beads)
was employed in the consecutive experiments.

Fig. 3.3 shows benzyl alcohol

concentration (as product yield) in the outlet solution as a function of time-on-stream.
For the two liquid flow-rates used, the reaction profiles over a given time were
identical, i.e. the product yield initially decreased with time followed by a plateau
after ca. 8 minutes time-on-stream. This indicates that the steady state was achieved
in the reaction system 8 minutes after introducing the reagents. A lower product
yield was measured for the higher liquid flow-rate. This was due to the reduction in
the liquid phase residence time in the reaction channel. An increase of liquid flowrate promotes the transition of rate-limiting step from mass transfer regime to kinetic
regime. Therefore, a low yield can be expected due to the short contact time between
reactants and active sites on catalysts. Further, the higher liquid flow-rate also
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affected the hydrodynamic regime of the mixed gas-liquid flow through the solid
packed bed.

0.11

Benzyl alcohol conc. / mol L

-1

O
OH

Pt/C

0.10

H2

0.09

FLiquid :
-2

-1

1.46 kg m s
-2 -1
2.91 kg m s

0.08

steady state
operation

0.07

0.06
0

4

8

12

16

20

24

Time on stream / min

Fig. 3.3 Product concentration in the outlet of the reactor as a function of time-on-stream.
P = 8 barg, T = 327 K, FGas = 2.66 × 10–3 kg m–2 s–1, CSubstrate, 0 (by GC) = 0.2 mol L–1.

Fig. 3.4 shows the product yield, reaction rate (steady state reaction rate), and
selectivity in a single pass channel as a function of the hydrogen flow-rate at 317 K
and 8 barg.

At low gas flow-rates, the outlet concentration of benzyl alcohol

depends linearly on the hydrogen flow-rate. The product yield correlates well with
the maximum stoichiometric yield based on the hydrogen amount supplied to the
reactor, similarly as it was observed for the oxidation reaction under conditions of
the gaseous reactant limitation.14-16 This indicates that for the low range of the
hydrogen flow-rates (up to 1.00 × 10–3 kg m–2 s–1), the reaction was limited by the
supply of hydrogen. The product yield was found to be almost independent of the
gas flow-rate for the higher range of flow-rates (> 1.00 × 10–3 kg m–2 s–1).
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0.33

0.04
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rAV / mol kgPt-1 s-1
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benzyl alcohol

0
0

0.5

1.0

1.5

2.0

2.5
-3
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-2

0

3.5

-1

Hydrogen flow rate (FGas) / x 10 kg m s

Fig. 3.4 (a) Product yield/average reaction rate, and (b) selectivity to product as a function of
hydrogen flow-rate. T = 317 K, P = 8 barg, FLiquid = 1.46 kg m–2 s–1,CSubstrate, 0 = 0.2 mol L–1.
Solid lines are drawn for the convenience of viewing.

The increase in the gas flow-rate decreases the liquid phase volumetric fraction (L,
defined as in Eq. (3.2)) and increases the superficial velocity of the liquid phase.21

βL =

V&L
V&L + V&G

(3.2)

where V&L and V&G are volumetric flow-rates of liquid and gas phases in the reactor.

The independence of the exit concentration of the hydrogenation product (benzyl
alcohol) on the flow-rate of the gas phase excludes the possibility of the influence of
the external mass transfer on the overall observed reaction kinetics. Therefore,
hydrogenation in a compact reactor could be limited either by the chemical reaction
itself, or by internal diffusion. The calculations of Weisz-Prater criterion, i.e. CWP =
0.308, (Eq. (3.3))22,

23

and measured Langmuir-Hinshelwood-type kinetics (see

further discussion of Fig. 3.7) excluded the possibility of the internal diffusion to be
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Thus, it could be confirmed unequivocally, that the

hydrogenation reaction in a compact reactor was limited by the catalytic reaction
itself.

CWP =

robs ⋅ R p 2

(3.3)

Deff Cs

where robs is the observed reaction rate (per volume of catalyst, mol s–1 m–3), Rp is the
catalyst particle radius (m), Cs is the reactant concentration at the particle surface
(mol m–3), and Deff is the effective diffusivity. In small pores (< 100 nm) where
Knudsen diffusion dominates, Deff ≈ DKn (DKn is Knudsen diffusivity and defined as
in Eq. (3.4)).23

DKn = v

dp
3

(3.4)

where v is the mean velocity of gas (m s–1), dp is the average pore diameter (m).

3.3.2

Effect of operating pressure and concentration

The product yield was found to be strongly dependent on the operating pressure,
which is shown in Fig. 3.5. An increase in the yield of benzyl alcohol was observed
with the increase in the pressure of hydrogen over the pressure range used in this
study (1–8 barg). The elevated hydrogen pressure results in the enhanced solubility
of hydrogen in propan-2-ol.9, 24 Therefore, an acceleration in the rate of reaction was
expected at elevated hydrogen pressures. Based on the data provided in ref. 24 (Fig.
3.6), a ca. 4.8-fold increase in hydrogen solubility in propan-2-ol was estimated
when the pressure changed from 1 to 8 barg. This increment showed a satisfactory
agreement with the experimental results, i.e. the measured product yield at 8 barg is
ca. 4.3 times higher than that at 1 barg.

The lack of the influence of the gas flow-rate on the overall reactor performance (see
analysis in Section 3.1), i.e. the lack of the influence of hydrogen mass transfer on
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global kinetics, proves the reaction limitation of the process. This can also be seen
by analysing the data shown in Fig. 3.7, the asymptotic approach of the reaction rate
as a function of the initial aldehyde concentration. This is in good agreement with
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other kinetic studies of the liquid phase hydrogenations.25
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Fig. 3.5 Effect of the absolute pressure on the production of benzyl alcohol.
FLiquid = 1.46 kg m–2 s–1, FGas = 2.66 × 10–3 kg m–2 s–1, CSubstrate, 0 = 0.2 mol L–1.
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Fig. 3.6 Hydrogen solubility in propan-2-ol at different temperatures and total hydrogen
pressures. Data are adopted from ref. 24.
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Fig. 3.7 Product concentration in the outlet of the reactor as a function of initial substrate
concentration. P = 8 barg, FGas = 2.66 × 103 kg m–2 s–1.
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Effect of the reaction temperature

The temperature dependencies of benzaldehyde conversion and the yield of benzyl
alcohol are shown in Fig. 3.8. Isothermal conditions were kept at all conversion
levels, which was proven by temperature measurements in close proximity to the
reaction channel (distance from thermocouple to reaction fluid ca. 100 µm).
Hydrogenation of benzaldehyde is a mildly exothermic reaction with the standard
reaction enthalpy of –67 kJ mol–1 (thermodynamic properties of compounds involved
in the reaction were obtained from ref. 26 and 27). However, very effective heat
transfer characteristics of the compact reactor ensured the isothermal mode of
operation.
The observed bell-shaped dependencies of conversion and yield on temperature may
result from the following factors: (i) the effect of the reaction species adsorption
equilibrium, (ii) change of rate constants with temperature (Arrhenius’ law), and (iii)
change of hydrogen solubility in propan-2-ol with temperature (Henry’s law).
Adsorption of benzaldehyde and dissolved hydrogen on the metal surface decreases
with the increase in temperature, thus decreasing the rate of reaction. The sorption
capacity of the carbon support was measured at the operating temperatures
(benzaldehyde as adsorbate) and summarised in Table 3.3. Clearly, the drops for
both QSat. and KA (calculated equilibria parameters, QSat. = saturated sorption capacity,
KA = equilibrium constant) were found with the increase of temperature, which
implies a reduction in adsorbed molecules at the higher temperatures. Similarly,
hydrogen solubility in propan-2-ol decreases with the increase in temperature,24
decreasing the concentration of dissolved hydrogen at the surface of a catalyst and
therefore decreasing the rate of hydrogenation.

The only positive effect of

temperature on the reaction rate (dominating in the temperature region 303 K < T <
318 K) is related to Arrhenius law. Thus, it follows that at temperatures higher than
ca. 325 K the negative effects of absorption and adsorption prevailed in the overall
hydrogenation mechanism.
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Fig. 3.8 Yield of benzyl alcohol and benzaldehyde conversion in the compact reactor as a
function of reaction temperature. P = 8 barg, FLiquid = 1.46 kg m–2 s–1, FGas = 2.66 × 10–3 kg
m–2 s–1, CSubstrate, 0 = 0.2 mol L–1.

Table 3.3 Langmuir parameters for benzaldehyde adsorption onto activated carbons.

Temperature / K QSat / molA kgcarbon–1 KA / 10-3 m3 molA–1
298
2.63
2.68
323
1.45
2.55
353
0.43
1.25

Based on the data obtained, reaction kinetics was studied for the liquid-phase
hydrogenation carried out in compact flow reactor. Taking into account the kinetic
data presented in Fig. 3.5 and 3.7, the following Langmuir-Hinshelwood type rate
equation might be suggested:

( −rA ) =

k K A K H C AC H
(1 + K A C A )

(3.5)

which assumes the dual site mechanism (the adsorption of benzaldehyde and
hydrogen at the same adsorption sites would demand denominator term in the
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equation in power 2 with maximum at the curve (–rA) as a function of benzaldehyde
concentration, CA) and weak adsorption of hydrogen on platinum (see Fig. 3.5). In
Eq. (3.5), k is the overall rate constant, KA and KH is the adsorption constant of
aldehyde and hydrogen, CA and CH is the surface concentration of aldehyde and
hydrogen.
For the saturation region of aldehyde concentration of L–H kinetics (Fig. 3.7) the Eq.
(3.5) could be simplified to Eq. (3.6).

( −rA ) = k

K H CH

(3.6)

i.e. the rate of hydrogenation is independent on the concentration of benzylaldehyde
and its adsorption constant. Assuming, that the mass transfer of hydrogen is fast, and
taking into account Henry’s law, one can rewrite Eq. (3.6).

( −rA ) H H

= k K H pH

(3.7)

Then, the right term of the Eq. (3.7) depends on temperature via a temperaturedependent rate constant (Arrhenius law), a temperature-dependent hydrogen constant
(van’t Hoff law), as well as on a temperature-dependent maximum adsorption
capacities of benzaldehyde and hydrogen. The corresponding experimental data of
the temperature influence on the overall reaction rate multiplied by Henry’s constant
is shown in Fig. 3.9.
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Fig. 3.9 The overall reaction rate (multiplied by Henry’s constant) as a function of
temperature (in Arrhenius coordinates) for two temperature regimes in the compact reactor.
P = 8 barg, FGas = 2.66 × 10–3 kg m–2 s–1.

For the lower temperature range (K < 325 K), the effective activation energy ∆EA =
23.1 kJ mol–1 can be evaluated, slightly lower that that observed in the liquid phase
hydrogenation of citral (∆EA = 29.4 kJ mol–1).25 In the high temperature region (K >
325 K), the temperature-dependent adsorption effects prevail (positive slopes
observed in Fig. 3.9). Unfortunately, due to the lack of literature data on adsorption
of hydrogen on platinum in liquid phase, further interpretation of the data is
impossible.

3.3.4

Selectivity and catalyst deactivation

For the model reaction studied, a good selectivity to the target alcohol product was
achieved, i.e. selectivity above 96 % was observed at temperatures below 330 K. No
over-hydrogenated products (toluene and methylcyclohexane) were detected (by GC)
for all the conditions used. The observed high selectivity can be attributed to (i) a
better mixing providing, most likely, a plug flow regime, (ii) a better control of
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However, a deterioration of

selectivity with the increase in temperature was found as shown in Fig. 3.10, and a
byproduct with a high molecular weight was detected by GC. The structure of the
byproduct was elucidated with

1

H-NMR and MS-spectroscopy analysis and

identified as benzaldehyde dipropyl acetal (1H-NMR analysis refer to section III in
Appendix.). It is suggested that the byproduct is formed by acetalisation of carbonyl
with alcohol, which can be easily initiated in the presence of an acid H+:

Scheme 3.2 Acetalisation of benzaldehyde with propan-2-ol.

Two possible reasons were considered for the acid-induced side reaction, i.e. the
formation of benzoic acid in the reactant solution due to benzaldehyde oxidation, and
the residual acidity of catalysts due to the method of depositing metal on the support
and the adsorption of acidic gases on the carbon support. High temperatures were
found to favour the side reaction, which was also confirmed by GC analysis.
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Fig. 3.10 Selectivity to benzyl alcohol as a function of the reaction temperature.
P = 8 barg, FLiquid = 1.46 kg m–2 s–1, FGas = 2.66 × 10–3 kg m-– s–1, CSubstrate, 0 = 0.2 mol L–1.

The formation of the byproduct slowly deactivates the catalysts during continuous
operation. The deactivation was likely to be linked with blocking of active sites,
which was caused by adsorption of the byproduct onto catalysts. In comparison with
the fresh catalyst, the spent catalyst had a lower specific surface area (SBET, 1,108 vs.
1,491 m2 g–1), confirming loss of accessibility of the highly developed surface area of
the catalyst (refer to Appendix II for the details of N2 adsorption analysis).
Catalyst regeneration by solvent washing and reactants purification was studied. A
series of experiments was carried out with an ascending temperature sequence and a
sequential descending temperature with or without catalyst washing between each
run. The results are shown in Fig. 3.11. As one can see, the catalyst regained almost
all of its initial activity after washing and the bell-shaped dependence of the benzyl
alcohol remained unaffected. The identified byproduct was observed in the outlet of
the reactor during the washing of the catalyst bed.
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Fig. 3.11 Test of catalyst deactivation and regeneration. Benzyl alcohol yield as a function
of reaction temperature. (a) Washing catalyst bed with solvent in descending temperature run.
(b) Benzyl alcohol concentration variation with the reaction temperature, without washing
catalyst bed using solvent. P = 8 barg, FLiquid = 1.46 kg m–2 s–1, FGas = 2.66 × 10–3 kg m–2 s–1,
CSubstrate, 0 = 0.2 mol L–1. Solid lines are for the convenience of viewing.

3.3.5

Enhanced reactor efficiency with staged injection of hydrogen

The possibility of using staged injection of hydrogen to increase the reactor
efficiency was also investigated. The reaction channel arrangements, i.e. different
gas injection options, are illustrated in Fig. 3.12. For all configurations, the amount
of hydrogen supplied relative to the catalyst amount used remained the same.
Compared with the arrangement A, a double amount of hydrogen was used due to the
two-fold increase of the catalyst amount in the arrangements B and C. Therefore, the
two-phase flow pattern along the channels, as well as the residence time of the liquid
phase in the reactor, may have changed, and both are likely to affect conversion.
Exemplary, a ca. 12 % increase in the product yield (up to 55 %) was measured with
the arrangement B in comparison with the arrangement A (Fig. 3.13). For the
arrangement C, an identical total amount of hydrogen as in the case B was split and
injected at the entrance of the two consecutive channels.

Therefore, the
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hydrodynamic regime in the two channels was believed to be identical to that in the
case A.

As anticipated, the maximum product yield was increased by 52 %

(calculated yield, up to 73 %) due to the doubling of the total residence time. In all
three cases selectivity to benzyl alcohol remained the same ca. 96 % (by GC).

Fig. 3.12 Channel arrangement for split hydrogen injection experiments. (a) Single channel,
injection of hydrogen at length L = 0 cm, (b) double channel, injection of hydrogen at length
L = 0 cm, and (c) double channel, injection of hydrogen at lengths L = 0 cm and L = 10 cm.
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Fig. 3.13 Benzyl alcohol yield against gas flow-rate for different hydrogen injection
strategies. P = 8 barg, T = 318 K, FLiquid = 1.46 kg m–2 s–1, CSubstrate, 0 = 0.2 mol L–1.
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With regard to this simple model reaction investigated in this work, the split gas
distribution along the length of the reaction channel resulted in a higher yield of the
desired product. However, the concept of dosing the required amount of gaseous
reactant at different positions along the catalyst bed (at different levels of conversion)
might have been a flexible method of performing more complex reactions
continuously, such as consecutive oxidation/hydrogenation14 and tandem reactions.28

3. 4

Conclusions

The effectiveness of a compact multichannel reactor for performing continuous
catalytic hydrogenation was demonstrated. Due to the integration of heat transfer,
mixing and reaction functionalities into a single reactor, a more intensified process
for the model hydrogenation reaction was attained in comparison to other reported
continuous or batch applications. Thus, a 41 % calculated yield, corresponding to a
space-time yield of product of ca. 34 mol Lreactor–1 h–1, was achieved at 317 K for the
single pass through the reaction channel with undiluted catalyst bed at ca. 40 second
residence time.

Results also showed that, owing to the enhanced transport

phenomena, the compact reactor is a suitable tool for studying kinetics of mass- and
heat-transfer-limited reactions. A byproduct formed through an acid-induced side
reaction was found in the reaction system and caused reversible catalyst deactivation.
Catalyst was effectively regenerated by solvent washing. The staged injection of
hydrogen was shown to be beneficial for this model reaction, which was attributed to
a better hydrodynamic regime.
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Chapter 4
Potential of ‘nanofluids’ to further intensify
microreactors

Recent discovery of high enhancement of heat transfer in nanofluids may be
applicable to the area of process intensification of chemical reactors through
integration of the functionalities of reaction and heat transfer in compact
multifunctional reactors. This may lead to the reduction in the processes footprint
and energy intensity over the process Life Cycle, allow easier implementation of
highly exothermic and endothermic reactions, and enable rapid quenching of
reactions. A nanofluid based on benign TiO2 material dispersed in ethylene glycol
has been studied in an integrated reactor-heat exchanger. An up to 35 % increase in
the overall heat transfer coefficient was measured in the steady state continuous
experiments. This resulted in a closer temperature control in the reaction of selective
reduction of an aromatic aldehyde by molecular hydrogen and very rapid change in
the temperature of reaction under dynamic reaction control. This chapter is based on
the paper: X. Fan, H. Chen, Y. Ding, P. K. Plucinski, A. A. Lapkin, Green Chem.,
2008, 10, 670–677.
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Introduction

Process Intensification (PI), a term coined in 1980s,1-3 encompasses the many
different approaches leading ultimately to chemical processes that are: inherently
safe, reduce or eliminate the need for on-site inventory of toxic/hazardous
compounds, energy efficient and are characterised by a small footprint.4, 5 Some
examples of PI approaches include intensification of mass and heat transfer in
microreactors6-8 and high shear reactors, e.g., spinning disk9 and impinging jets, the
use of neoteric solvents, e.g., sc-CO210 and ionic liquids.11

Amongst many PI

approaches, ionic liquids and compact reactors/heat exchangers are being
commercialised at a very rapid pace.12
The principle of intensification in microreactors and compact reactors is in the
reduction of the length scales across which mass and heat transfer should occur,
which allows performing highly exothermic and endothermic reactions safely, and to
couple reactions with different heat effects. For example, selective oxidation of
aromatic alcohols by molecular oxygen has been demonstrated at up to 24 atm
undiluted oxygen pressure, which was enabled by (i) highly efficient heat removal in
an integral micro-heat exchanger and (ii) the absence of gas-phase volume in which
an explosive mixture of hydrocarbon vapour and oxygen may be produced.6
The main mechanisms by which an enhancement of heat transfer is achieved in a
microstructured heat exchangers, compared with conventional heat exchangers, are (i)
the reduction of the material of construction conduction resistance (very thin barrier
between the process fluid and the heat transfer medium), and (ii) by enhancing the
convective heat transfer coefficient, the latter being achieved through design of the
geometry of the 100s of microns width scale heat transfer fluid channels.13 Taking
this concept to extreme will give a design with very thin walls and very narrow
channels. The resulting heat transfer fluid pressure drop and, consequently, high
pumping power, will negate the increase in the effectiveness of heat transfer, by
increasing the overall process energy requirement. Thus, there exists an upper bound
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in efficiency of microreactors, given by the overall process energy optimisation. The
remaining possibilities in further increasing the efficiency of micro-heat exchangers
are the modification of the surface14 or an enhancement in the thermal properties and
behaviour of the heat transfer fluid itself.

The latter approach has recently attracted a significant interest through the
emergence of a new field of ‘nanofluids’, the term coined at Argonne National
Labs.15 A nanofluid is a stable dilute suspension of nanoparticles in a heat transfer
fluid, which alters the heat transfer characteristics of the base fluid. According to the
classic effective medium (mean field or Maxwell) theory of heat transfer, an increase
in the volume fraction of nanoparticles with a higher thermal conductivity than that
of the base fluid, results in an increase in the effective thermal conductivity, as given
by Hamilton and Crosser:16

k nf
kf

=

k P + 2k f − 2φ ( k f − k P )

(4.1)

k P + 2k f + 2φ ( k f − k P )

where knf, kf and kp are thermal conductivities of the nanofluid, base fluid and
suspended particle, respectively, and φ is the particle volume fraction.

According to Eq. (4.1) only a marginal increase in the thermal conductivity of a
nanofluid could be expected.

For example, a typical volume fraction of

nanoparticles of 1 vol.% gives an enhancement in thermal conductivity of ca. 3 %.
However, experimental results can be found in the literature with significantly
better17-19 and significantly worse20 knf/kf ratios, as well as those supporting the basic
Maxwell theory.21 The exciting unexpectedly high increase in the thermal
conductivity above the prediction of the classic theory resulted in a sharp increase in
the interest to nanofluids. Fig. 4.1 summarises some recent literature data of thermal
conductivity of nanofluids (the shaded area shows the overlap in experimental data
between nanofluids based on nanomaterials with high effective thermal conductivity,
such as metal nanoparticles, and low thermal conductivity, such as oxides).22
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Fig. 4.1 Recent research data on the thermal conductivity of nanofluids. Adopted from ref.
22.

A number of theories were proposed to explain this phenomenon.23, 24 The emerging
consensus among the nanofluids community, however, is that if clustering of
nanoparticles is taken into account and the volume fraction is adjusted for the
effective density/volume of the cluster, the heat conduction enhancement fits well to
that predicted by Eq. (4.1).25, 26 The deterioration of heat conduction below the mean
field theory has been shown to result from a significant interfacial heat transfer
resistance in the case of poor wetting of nanoparticles by the base fluid.27 Therefore,
the chemistry of nanoparticles and fundamental knowledge of nanoparticle
aggregation behaviour are the key to designing new and effective nanofluids for heat
transfer applications.

There remains a possibility of higher enhancement of

conductive heat transfer, if particle-to-particle conduction pathways are generated
above the percolation threshold in the case of the high aspect ratio nanoparticles,
such as carbon nanotubes.28-30

In most practical applications heat transfer fluid is not stationary as in the case of
heat conduction measurements described above. Convective heat transfer coefficient
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becomes more important and, according to the fundamental theory, heat transfer may
be enhanced, remain unchanged or even be worse in the presence of nanoparticles,
depending on how affected are the three parameters: heat conductivity of nanofluids
(knf), thermal boundary layer thickness (δt) and properties of the heat transfer surface,
where the effects of the former two parameters are shown, for the case of turbulent
flow, by Eq. (4.2):
h = k nf / δ t

(4.2)

where h is the convective heat transfer coefficient. The effect of the heat transfer
surface properties is reflected in the total heat flux.

There is very little experimental or theoretical data on the convective heat transfer of
nanofluids in micro-heat exchangers.

It was shown experimentally, that an

enhancement in heat transfer efficiency, expressed as thermal resistance (K W–1), of
ca. 13 % can be achieved only at low heat transfer fluid flow-rate.31 Pronounced
fouling of micro-heat exchanger by nanoparticles at higher flow-rates was shown to
be responsible for poor performance of nanofluids.

In another study, a more

pronounced enhancement of the heat transfer coefficient was found in the entrance
region of a laminar flow in a microchannel.32 Theoretical calculations not based on
convective heat transfer theory are underestimating the enhancement in the flow
regime, even if high conductive heat transfer enhancement is assumed.33

To the best knowledge of the authors, there have been no studies concerning
application of nanofluids in chemical microreactors until now. The aim of this study
is to evaluate performance of nanofluids in a structured compact reactor/heat
exchanger.

Enhancement of the overall heat transfer coefficient, stability of

nanofluids and feasibility of rapid reaction quenching were studied in detail and
comparison of the increased efficiency versus the penalty of higher pumping power
was made.
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Experimental
Formulation of TiO2-EG nanofluids

Nanofluids preparation was done at the University of Leeds. The following content
in this section was advised by the colleagues from Professor Ding Yulong’s group at
the University of Leeds.

Dry titanium dioxide nanoparticles and pure ethylene glycol (EG) were used to make
nanofluids. The nanoparticles (P25 TiO2, purity better than 99.5 %) were purchased
from Degussa and ethylene glycol (> 99.0 %) was from Alfa Aesar. Both were used
as received. The primary nanoparticles are spherical with approximately 25 nm
diameter (by SEM and HRTEM).

However, they are in the form of large

agglomerates. The method of preparation of nanofluids employed in this work is
described in details elsewhere.34, 35 EG-TiO2 nanofluids with concentrations of 0.5,
2.0 and 4.0 % by weight, corresponding respectively to 0.10, 0.43 and 0.86 % by
volume, were produced.

As the dry TiO2 nanoparticles were in the form of

agglomerates, an ultrasonic bath (Nickel Electro Ltd, UK) was used to break the
agglomerates. The average particle size of the resulting nanofluids was measured to
be 50–150 nm by using dynamic light scattering (Malvern Nanosizer, Malvern
Instruments), suggesting the presence of agglomerates in the colloid, rather than well
separated seed particles. The EG-TiO2 nanofluids were found to be stable for over
two months at ambient temperature.

Fig. 4.2 SEM image of TiO2 nanoparticles as received. Adopted from ref. 36.
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Structured compact reactor

Details of the reactor and the experimental were disclosed in Chapter 3 (Fig. 3.1 and
3.2, section 3.2.2 and 3.2.3) and elsewhere.6,

36

In this study a square reaction

channel with side of 3 mm and length of 100 mm was packed with 0.1 g of 3 wt.%
Pt/C catalysts produced by Engelhard, using microspherical (particle diameter: 110–
130 µm) mesoporous carbon support developed by MAST Carbons Ltd (UK). The
catalyst was diluted with glass spheres (150–212 µm diameter, Sigma–Aldrich) to fill
the reaction channel completely. The experimental system (only heat transfer section
of the rig) for performing convective heat transfer experiments (steady state/dynamic
heat transfer experiments) and hydrogenation reaction is shown schematically in Fig.
4.3 Heat transfer fluid was heated and pumped into compact heat exchange module
by re-circulating bath (RCB, Haake DC30, DC10). A needle valve (with scale, Hoke,
Circor Instrumentation Ltd) was used to control flow-rate of heat transfer fluid. Four
K-type thermocouples (WATLOW) were used to measure temperature of heat
transfer fluid inlet (T1), outlet (T2), process liquid inlet (T3) and outlet (T4). Three
thermo-wells were placed along the length of each reaction channel at 13, 48 and
80 % (T5–T7) from the inlet respectively. The thickness of the metal plate between
thermocouples and the reaction channel was 100 µm, ensuring a reasonably quick
response. Micro-thermocouples (Tempcon Instrumentation, UK) were used to
measure temperature of the reaction channel wall.

In hydrogenation experiments, a 0.2 M benzaldehyde solution in 2-propanol was
placed in the stainless steel feed vessel connected to a pump (Kontron Instruments,
HPLC pump 422). Hydrogen flow-rate was controlled by mass flow controllers
(MFC, Brooks 5850s). The outlet from the compact reactor was connected via a low
dead-volume six-way valve to a receiving vessel, which also served as a gas-liquid
separator. The feed and receiving vessels were connected in order to equalise the
pressure. The operating pressure was set by a back pressure regulator (BPR, Brooks
5866) and the pressure drop across the reactor was measured using a Bronkhorst
differential pressure transducer (DPT).
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Fig. 4.3 Experimental rig for heat transfer and hydrogenation of benzaldehyde experiments.

4.2.3

Characterisation of physical and thermal properties of nanofluids

Nanofluids characterisation was performed at the University of Leeds.

The

following content in this subsection was advised by the colleagues from Professor
Ding Yulong’s group at the University of Leeds.

The thermal conductivity was measured by using a KD2 thermal property metre
(Labcell Ltd., UK), which is based on the transient hot wire method. The KD2 metre
has a probe with 60 mm length and 0.9 mm diameter, which integrates in its interior
a heating element and a thermo-resistor, and is connected to a microprocessor for
controlling and conducting the measurements. The KD2 metre was calibrated by
using distilled water and pure EG before any set of measurements. A thermostat bath
(GD 120-S12, Grant, UK) was used to maintain the temperature uniformity within
0.02 K.

At least five measurements were taken for each concentration of the

nanofluids at a given temperature to ensure the uncertainty of measurements within
3 %. Fig. 4.4 shows the relative thermal conductivity of nanofluids against the pure
EG as a function of nanoparticle concentration together with the prediction of the
conventional Maxwell equation at ambient temperature. It can be seen that the
thermal conductivity of nanofluids increases with increasing nanoparticle
concentration. The measured thermal conductivity of the nanofluids is higher than
the predictions of the Maxwell equation (Eq. (4.1)) even with the experimental error
taken into account.
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Fig. 4.4 Relative thermal conductivity of nanofluids (knf/kf) as a function of nanoparticle
volume fraction.

A Bohlin CVO rheometre (Malvern Instruments, UK) was used to measure
nanofluids viscosity.

Over the shear rate range (1–3000 s–1) used in the

measurements, EG-TiO2 nanofluids were confirmed as Newtonian fluids.
Calibrations were conducted against standard solutions on weekly basis over the
duration of this work to ensure accurate measurements of nanofluid viscosity. Three
measurements were taken for each test and the maximum uncertainty of viscosity
was found to be ~2.0 %. The measured relative viscosity of nanofluids is plotted
against nanoparticle volume fraction in Fig. 4.4. It can be seen that the viscosity of
nanofluids increases with the increase of nanoparticle volume fraction.

Also

included in Fig. 4.5 is the prediction of the Einstein equation for dilute noninteracting suspensions of spherical particles ( µ nf / µ f = 1 + 2.5φ ), showing that the
Einstein equation under predicts the experimental data.
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Fig. 4.5 Relative viscosity of nanofluids (µnf/µf) as a function of nanoparticle volume fraction.

Based on the nanoparticle and base fluid densities, the nanofluid density is calculated
as Eq. (4.3).37

ρ nf = ϕρ p + (1 − ϕ ) ρ f

(4.3)

where φ is the volumetric fraction of nanoparticles and the subscripts p, f and nf
refer to the nanoparticles, base liquid and nanofluids, respectively.

Assuming that the nanoparticles and the base liquid fluid are in thermal equilibrium,
the specific heat capacity of the nanofluid can be estimated by:

c p , nf = ϕ

ρp
ρf
c p , Particle + (1 − ϕ )
c
ρ nf
ρ nf P , f

(4.4)

Table 4.1 shows the properties of the base liquid as well as for different
concentrations of TiO2. It can be seen that the density and the heat capacity of
nanofluids are very close to those of the base liquid.
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Table 4.1 Thermal and physical properties of TiO2-EG nanofluids at 303 K and 100 kPa.

nanoparticle volume fraction in base liquid
φ=0%
φ = 0.10 %
φ = 0.43 %
φ = 0.86 %
ρ (kg m–3)
1110
1113
1123
1137
cp (kJ kg–1 K–1)
2.430
2.423
2.391
2.370
1.410 × 10–2 1.418 × 10–2 1.474 × 10–2 1.545 × 10–2
µ (kg m–1 s–1)
k (W m–1 K–1)
0.2530
0.2571
0.2632
0.2714
TiO2 properties: ρTiO = 4200 kg m–3, C P ,TiO = 0.54 kJ kg–1 K–1, kTiO = 11.70 W m–1 K–1
2
2
2
Thermal properties

4.2.4

Evaluation of the heat transfer performance of nanofluids.

The overall experimental heat transfer coefficient, h(exp), was used to evaluate the
heat transfer performance of different heat transfer fluids. Based on energy
conservation equation:
q&  J ⋅ s −1  = c p , HTF ⋅ m& HTF (T2 − T1 ) = c p , P ⋅ m& P (T4 − T3 ) = h(exp) ⋅ A ⋅ f t ⋅ ∆ϑm

(4.5)

And then h(exp) can be calculated as Eq. (4.6):

h(exp)  J ⋅ s −1 ⋅ m−2 ⋅ K −1  =

c p , P ⋅ m& P ⋅ (T4 − T3 )
A ⋅ f t ⋅ ∆ϑm

(4.6)

In Eqs. (4.5) and (4.6), subscripts HTF and P refer to heat transfer fluid and process
⋅

liquid, cp is the specific heat capacity, m is the mass flow-rate, A is the effective heat
transfer area, and ∆ϑm is the log-mean temperature difference, defined as:

∆ϑm =

(T1 − T4 ) − (T2 − T3 )
ln (T1 − T4 ) (T2 − T3 ) 

(4.7)

Log mean temperature is usually defined for counter flow heat exchangers.
Therefore, a correction factor ft was introduced in Eq. (4.6) to account for the cross
flow heat exchange process used in this study. Derivation of ft can be found in the
literature.38 For the position of T1–T4, refer to Fig. 4.3.
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Results and discussion
Enhancement of the heat transfer in the micro-heat exchanger

The potential enhancement of the overall heat transfer coefficient was studied in the
steady state experiments in the absence of reaction with only water as a process fluid.
Fig. 4.6 shows the recorded process fluid temperature at outlet (measured by T4, see
Fig. 4.3) as a function of overall mass flow-rate of heat transfer fluid (HTF) for both,
the base liquid and the EG-TiO2 nanofluids.

Process fluid temperature / K

370
RCB set T = 363 K
0.43 vol.% TiO2-EG

360

ethylene glycol

350
RCB set T = 343 K
0.43 vol.% TiO2-EG

340

ethylene glycol

330
RCB set T = 323 K
0.43 vol.% TiO2-EG

320

ethylene glycol

310

1

2

3

4

5

6

7
-3

Overall mass flow rate of heat transfer fluid / 10 kg s

-1

Fig. 4.6 Process fluid (water) temperature at reactor outlet as a function of overall mass
flow-rate of the heat transfer fluid, Water flow-rate = 1.66 × 10–4 kg s–1.

As it can be seen, the increase in T4 with increasing of the overall HTF mass flowrate follows a similar pattern for both, pure EG and EG-TiO2 nanofluids. Higher
temperatures (T4) were achieved using nanofluids as HTF compared with those using
pure EG at the same flow-rates. This indicates that more heat was transferred to the
process fluid, according to Eq. (4.5), by introducing nanoparticles into the base liquid.
Therefore, convective heat transfer was improved by using nanofluids (note that the
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heat capacity and density of nanofluids are approximately the same as those of the
based liquid due to low particle concentrations, see Table 4.1).

1.40
1.38

T = 363 K
883 < Re < 899

hnf/heg / -

1.36
1.34
1.32
1.30
1.28
1.26

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

Volume fraction / %
Fig. 4.7 Increment of overall relative heat transfer coefficient as a function of TiO2
nanoparticle volume fraction.

Fig. 4.7 shows the measured relative heat transfer coefficient of nanofluids
(calculated by Eq. (4.6)) as a function of TiO2 nanoparticle volume fraction. The
heat transfer coefficient of nanofluids increased rapidly with increasing nanoparticle
concentration under the conditions used in this work.
Fig. 4.8 shows the temperature dependence of the measured overall heat transfer
coefficient of nanofluids. The higher the temperature, the higher is the relative
enhancement over pure EG. This is likely to be associated with an increase in
convective heat transfer due to a decrease in viscosity of the base liquid with
increasing temperature.

Recent study39 showed that TiO2 (P25)-EG nanofluid

behaves as a Newtonian fluid over 0–8 wt.% concentration of nanoparticles, and the
presence of nanoparticles does not affect the temperature dependence of the shear
viscosity of the base EG fluid. The temperature dependent enhancement can be
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explained, at least qualitatively, by Eq. (4.2). An increase in temperature leads to a
decrease in viscosity, and hence a decrease in the thermal boundary layer. An
increase in temperature also increases thermal conductivity..28,

39

These factors,

according to Eq. (4.2), result in an increase in heat transfer, which corresponds to our
observations.

1.4

1.4

1.3

1.3

T

hnf/heg / -

1.2

1.2

1.1

1.1

1.0

1.0

0.9

0.43 vol.% TiO2-EG nanofluid, RCB set T = 343 K

0.8

0.43 vol.% TiO2-EG nanofluid, RCB set T = 303 K

0.43 vol.% TiO2-EG nanofluid, RCB set T = 323 K

0.9
0.8

ethylene glycol

0.7

0

5

10

15

20

25

30

0.7

Time / days
Fig. 4.8 Overall relative heat transfer coefficient of 0.43 vol.% TiO2-EG nanofluid as a
function of time, overall mass flow-rate = 5 × 10–3 kg s–1.

The enhancement in the heat transfer coefficient is slowly degrading over time. Fig.
4.8 shows the results over a period of 30 days, which give ca. 0.15 % day–1 loss in
the enhancement effect for the 0.43 vol.% nanofluid. The exact reasons for this
requires further investigation but it is believed to be associated with the gradual
clustering of nanoparticles and sedimentation of the larger clusters in the low shear
areas of the heat transfer system, most likely in the recirculating bath. This is
supported by the dynamic light scattering measurements of the nanofluids, which
showed an increased average particle size after 30 days.
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There was no noticeable deposition of nanoparticles on the micro-heat exchanger
surfaces as evidenced by the retention of the enhancement upon change from the
older nanofluid samples to a fresh sample.

However, it was also noticed that

elevated temperatures significantly accelerated aggregation and if strongly
aggregated suspension of nanoparticles was circulated through the micro-heat
exchanger structure, serious fouling of surfaces occurs, requiring long sonication to
remove the deposits.

4.3.2

Pressure drop and pumping power

As shown above, heat transfer process in the micro channel heat exchanger was
intensified considerably using nanofluids.

However, the enhanced heat transfer

coefficient came with a small penalty of pressure increase, arising from a few
percents of viscosity increase (Fig. 4.5). With conventional heat transfer fluids, an
increase of heat transfer coefficient by a factor of 100 % typically incurs a pressure
drop penalty of ~1000 %.40 By using nanofluids, the penalty could be greatly reduced.
In comparison with pure base heat transfer liquid, introduction of nanoparticles leads
to the increase in pressure drop and hence pumping power (see Fig. 4.9). Therefore,
the overall system energy efficiency must be considered, since the enhancement in
the heat transfer may be negated by the increase in the required pumping power.
Given that replacement of heat transfer fluid leaves the rest of the system unchanged,
we can compare the ratio of the heat transfer enhancement to the pumping power
penalty, expressed as performance factor ζPF, see Eq. (4.8). Thus, if performance
factor is equal or above unity, the introduction of nanofluids will have a positive
effect on the overall energy balance of the system.

Performance factors of

nanofluids with different TiO2 concentrations are plotted against overall mass flowrate in Fig. 4.10.

ξ PF = ∆q& ∆PPumping = ( q&nf − q& f

) (P

Pumping , nf

− PPumping , f

)

(4.8)
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⋅

where q is the heat transferred to the process liquid, calculated by Eq. (4.5) and
PPumping is pumping power, calculated by:
PPimping = ∆p ⋅ v&

(4.9)

⋅

where ν is the average volumetric flow-rate of the HTF.
As shown in Fig. 4.10, ζPF degrades with the increase in TiO2 nanoparticle
concentration for a given flow-rate, as well as with increasing of the overall flow-rate
for a given concentration of nanoparticles. Performance factors remain above unity
for most of the flow-rates and nanofluids concentrations, which means the whole
system is more energy efficient with the nanofluids as compared with a pure base
liquid. The results show that the heat transfer increase in the compact reactor-heat
exchanger due to nanofluids can be obtained with a moderate increase in the
pumping power within a certain range of mass flow-rates. However, it should be
understood, that the energy demand for the manufacture of nanoparticles should also
be included in the overall energy assessment, considering the process within the
wider Life Cycle system boundary. A lower than unity value of the performance
parameter, obtained at high nanofluid flow-rate and with high concentration of
nanoparticles shows the regime under which the use of nanofluids is less economical.
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Fig. 4.9 Dependence of pressure drop across micro-heat exchange module and of pumping
power on the overall mass flow-rate and nanoparticle concentration of the heat transfer fluids.
The pressure drop was measured across the whole device and includes the effects of inlet and
outlet headers.
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Fig. 4.10 Performance factor (ζPF) of TiO2-EG nanofluids as a function of overall mass flowrate of HTF.
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Dynamic experiments

In the dynamic experiments the two re-circulating baths, containing either EG or
TiO2-EG nanofluids and set at two different temperatures, were rapidly switched
between them to direct a heat transfer fluid with a different temperature into the
reactor system, as shown in Fig. 4.3. The dynamics of quenching of the process fluid,
water, is shown in Fig. 4.11. In dynamic experiments, the lower temperature set by
RCB2 for different HTFs was always 303 K.

The off-set from the lower set

temperature is due to the thermal mass of the reactor. Cooling of the reactor itself is
under a different and much slower dynamics, which does not affect the dynamics of
the process fluid quenching.
Eq. (4.10) describes the reactor wall temperature change over time in the dynamic
quenching experiments:

Tw = T∞ + ( T0 − T∞ ) e −t τ

(4.10)

where Tw, T0 and T∞ are instantaneous reactor wall temperature, initial reactor wall
temperature and reactor wall temperature at the final steady state; τ is the process
time constant. The fit of the Eq. (4.10) for pure EG and the 0.43 vol.% TiO2-EG
nanofluid to the experimental data and the calculated time constants are shown in Fig.
4.11.
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300
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Time on stream / s
Fig. 4.11 Comparison of the temperature profiles of the quenching experiment based on EG
and 0.43 vol.% TiO2-EG nanofluid. Symbols – experimental data points, solid lines – model
fit curves.

Time constants calculated from this model are 27.9 s for the TiO2-EG nanofluid and
38.1 s for pure EG. Smaller τ of the system with nanofluid compared with pure EG
means the reactor responds quicker to the temperature change. The apparent rate of
cooling of the working fluid with EG only is 0.7 K s–1, whereas with the nanofluid it
is increased to 1.1 K s–1, which is a 57 % increase. Such an increase in the rate of
temperature change should also have a pronounced effect on the rate of quenching of
chemical reactions, since the temperature effect is enhanced by the exponential
dependence of reaction rate on temperature.
To investigate the potential dynamic quenching of a chemical reaction in the
compact reactor, the reaction of selective reduction of benzaldehyde to benzyl
alcohol (refer to Scheme 3.1 in Chapter 3) was studied. Experiments showed that the
benzyl alcohol yield has a reversible dependence on the reaction temperature over
the range of 300–360 K (refer to Fig. 3.8 and section 3.3 in Chapter 3). Therefore,
this effect is being exploited to demonstrate the dynamic switch between reaction
regimes.
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Fig. 4.12 shows results of the experiment in which temperature of the heat transfer
fluid was changed step-wise from 353 to 303 K and response of reaction was
followed by taking samples at the interval of 120 s. Based on the data one can
estimate the rate of transition from one steady state to the second, assuming the rate
processes to be first order. Thus, in the case of ethylene glycol only the rate is ca.
1.1 10–4 mol L–1 s–1, whereas in the case of the nanofluid this rate increased to ca. 3.9
10–4 mol L–1 s–1. It is worth emphasizing that the rate of change between the two
steady states is significantly under-estimated, since due to the slow sampling
technique it was unable to collect the concentration data sufficiently fast to obtain the
data-points in the transient regime.

The likely actual rate of this transition is

expected to be even higher.
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Temperature / K
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ethylene glycol
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Fig. 4.12 Benzyl alcohol concentration in the outlet of the reactor as a function of the
reaction temperature. P = 8 barg, FGas = 2.66 × 10–3 kg m–2 s–1.

The significant increase in the rate of response of chemical reaction to the change in
temperature of the working fluid may open interesting new opportunities for rapid
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quenching of chemical reactions in compact multifunctional systems. This should be
especially important for the development of sequential transformations in a single
unit operation, or for inducing rapid phase changes in the process stream.

4. 4 Conclusions
Further intensification of heat transfer in compact reactor/heat exchanger with
nanofluids was confirmed and enhancement in the overall heat transfer coefficient of
up to ca. 35 %, compared with the corresponding base fluid, was observed studying
the specific case of TiO2 nanoparticles in ethylene glycol.

Nanoparticle

agglomeration was believed to be responsible for the slow decrease in performance
of TiO2-EG nanofluids.
The penalty for introduction of nanoparticles due to the increased pressure drop was
shown to be small, and considerable increase in the overall energy efficiency can be
attained. This is in strong contrast with conventional heat exchangers. Results
showed that the compact reactor/heat exchanger system became more efficient with
nanofluids for most of the condition used in present study.
The results of dynamic experiments demonstrated that the compact reactor/heat
exchanger has a significantly faster dynamic response when nanofluids are used.
The quick dynamic response of the reactor can be employed for rapid switching of
reaction conditions, e.g., rapid quenching of reactions, which was shown in the
example of temperature dependent reaction selectivity.
There is a significant potential of nanofluids for new applications in flow chemistry
and catalytic reaction engineering, and the minimum feasible outcome is the
significant reduction in the overall process energy requirement.
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Chapter 5
Coupling of Heck and hydrogenation reactions
in the compact reactor

A continuous multi-step synthesis of 1,2-diphenylethane was performed sequentially
within the structured compact reactor. This process involved a Heck C-C coupling
reaction followed by the addition of hydrogen to perform reduction of the
intermediate obtained in the first step. Both of the reactions were catalysed by
microspherical carbon supported Pd catalysts. Due to the integration of the micro
heat exchanger, the static mixer, and the mm-scale packed-bed reaction channel, the
compact reactor was proven to be an intensified tool for promoting the reactions. In
comparison with the batch reactor, this flow process in the compact reactor was more
efficient as: (i) the reaction time was significantly reduced (ca. 7 min vs. several
hours), (ii) no additional ligands were used, and (iii) the reaction was run at lower
operational pressure and temperature. Pd leached in the Heck reaction step was
shown to be effectively recovered in the following hydrogenation reaction section
and the catalytic activity of the system can be mostly retained by reverse flow
operation. This chapter is based on the paper: X. Fan, M. G. Manchon, K. Wilson, S.
Tennison, A. Kozynchenko, P. K. Plucinski, A. A. Lapkin, J. Catal., 2009, 267, 114–
120.
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Introduction

Microreactor technology (reaction volume ranging in the scale range from nanolitre
to millilitre), has gained enormous interest recently in both academic research and
practical applications, especially for the fine chemical and pharmaceutical industry.1
For practical chemical transformations, this engineering technology offers chemistry
a potential solution to circumvent limitations of batch processes, such as (i)
temperature runaway and poor selectivity in dealing with exothermic reactions, (ii)
hot spots due to inefficient mixing, in flow systems, which is often called ‘flow
chemistry’.
The advantages of switching conventional batch operations to small flow systems are
readily apparent. A prominent benefit of this technology is high surface-to-volume
ratio which enables a narrow temperature profile along the reactor and efficient
cooling.

This feature offers the opportunity to successfully execute highly

exothermic/endothermic chemical transformations which are usually inhibited in
larger batch reactors.

Gross et al.2 demonstrated the use of a flow reactor in

synthesis of NBI-75043 (an anti-insomnia drug) to promote the key halogen-metal
exchange step whose highly exothermic nature limited this total synthesis route in a
large scale batch. Small reaction volume also endows microreaction technology with
the inherent safety, which allows us to perform hazardous reactions and reactions
using toxic reagents, for instance, selective oxidation of aromatic alcohols by
molecular oxygen at up to 24 atm undiluted oxygen pressure3 and ring-expansion
reaction involved diazo compound as a reactant.4 Another additional interest in flow
reactor technology is that, in comparison with batch operation, multi-step synthesis
can be more facile to achieve in flow process by dosing reactants in different reaction
stages to promote the whole process without either losing valuable unstable
intermediates, product isolation at intermediate stages or at least interrupting the
whole process. Based on this concept, Baxendale et al.5 developed a micro-flow
process, which involves various packed columns containing immobilised reagents,
catalysts, scavengers or catch and release agents, for the multi-step synthesis of the
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alkaloid natural product oxomaritidine. Moreover, an important advantage of flow
chemistry over batch processing is the significant reduction of footprint of
transferring technology to production scale due to the principle of numbering-up, i.e.
productivity is increased by simply adding more identical reactors instead of
expanding the volume of the reactor.1, 6
In the former studies, the use of a multichannel mm-scale flow compact reactor as a
versatile tool for designing practical heterogeneous catalysis process with reasonable
throughput was demonstrated. This compact reactor integrated the static mixer and
the microchannel heat exchanger which enabled an excellent mixing and heat
management ability for efficiently and safely running different kinds of reactions.
Several practical examples have been successfully demonstrated with this compact
reactor, such as (i) selective oxidation3 and hydrogenation7 with pure oxygen and
hydrogen at elevated pressures, (ii) the staged dosing of gas along the length of the
catalytic channel to increase product yield,3,

7

(iii) the kinetic study for fast

reactions.3, 7 Furthermore, by integrating nanofluids with the micro-heat exchanger,
rapid dynamic quenching of chemical reactions was also demonstrated.8
Following from the previous study, in this chapter the extension in functionality of
the compact reactor was investigated, i.e. developing an alternative strategy for
continuous multi-step synthesis of 1,2-diphenylethane (an important intermediate for
synthesizing flame retardants9) which is conventionally obtained by a ‘one-pot’
reaction combining Heck coupling and hydrogenation reactions, Scheme 5.1.

Scheme 5.1 Consecutive synthesis of 1,2-diphenylethane (5).
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Experimental

5.2.1

Preparation and characterisation of Pd/C catalyst

The carbon support (~150 µm particle diameter, synthetic carbon manufactured from
phenolic resins, MAST Carbon Ltd. Guildford, UK) was dispersed in distilled water
(20 mL H2O for 1.5 g carbon) at a moderate stirring rate under N2 for 30 min.
Aqueous hydrogen tetrachloropalladate (II) (H2PtCl4, 50 mL, 14.1 mM,
corresponding to 5 wt.% of Pd) solution was introduced by portion (10 mL each time)
dropwise into the slurry and followed by the addition of aqueous sodium borohydride
solution (25 mL, 145 mM, 5 mL each time) under stirring.

This sequential

introduction of Pd solution and reducing agent was performed incrementally with a
10 minutes break between each addition. The slurry was left for two hours under a
nitrogen atmosphere and gentle stirring. Following impregnation, the suspension
was filtered and washed with distilled water several times. The remaining solution
was analysed by the atomic absorption spectroscopy (AAS, Perkin Elmer) to
determine the quantity of deposited palladium. The catalyst was dried under vacuum
at 353 K overnight and stored in a desiccator prior to being used for the reaction
studies.
The gas adsorption analysis was performed using a Micrometrics ASAP 2010
analyser (N2 as probing gas) for obtaining nitrogen adsorption isotherms to evaluate
the specific surface area (SBET), average pore diameter (dave), and pore volume (Vp) of
the carbon support and catalyst. A relative pressure range of 0.05–0.20 was used to
calculate the BET surface area.10 The median pore diameter was calculated from the
adsorption branch of the isotherm11 using the original Barrett-Joiner-Halenda (BJH)
method which, assumes all pores are open-ended cylindrical pores12 (using the
relative pressure range 0.8–0.9; refer to section II in Appendix).
The phase analysis and the determination of the average crystallite size were carried
out by X-ray diffraction (XRD) using a Bruker AXS D8 Discoverer X-ray
diffractometre, with CuKα radiation λ = 0.145 nm and a graphite monochromator, in
the 2θ range of 30°–55°. The average size of the metal particle was calculated using
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the Scherrer equation. X-ray photoelectron spectroscopy (XPS) was performed by
using a Kratos Axis XPS analyser (equipped with a MgKα X-ray source and charge
neutraliser) for determining the elemental composition of the catalysts and chemical
state of the metal on the support. Spectra are acquired by using a pass energy of 20
eV with an X-ray power of 169 w.

5.2.2

Procedure for batch Heck reactions

8 mL of solvent (anhydrous dimethylformamide, DMF) was first added in a twonecked flask and de-aerated by N2 flow for 10 minutes, then 8 mmol of iodobenzene,
12 mmol of styrene, 10 mmol of triethylamine (TEA) and 0.1 mol% of Pd (as
heterogeneous catalyst) were introduced into the reactor. The reactor (equipped with
a condenser) was placed in a preheated oil bath at 413 K and vigorously stirred for
4.5 h. Samples were taken at time intervals for off-line GC analysis. All chemicals
were purchased from Sigma–Aldrich and used as received.

5.2.3

Compact reactor and continuous experiment procedure

Details of the compact reactor and the catalytic system were disclosed in Chapter 3
(Fig. 3.1 and 3.2, section 3.2.2 and 3.2.3) and elsewhere.3, 13 The reaction channel
configuration for consecutive multi-step analysis is shown schematically in Fig. 5.1.
Liquid reagents were premixed and placed in the feed vessels. A HPLC pump (422,
Kontron Instruments) was used to flow liquid feed through packed-bed reaction
channels, and the product was collected in another vessel via a low dead-volume sixway valve (Valco Instruments) equipped with a 250 µL sample loop.

The

temperature of the reactor was controlled by using a re-circulating bath (Haake DC30
with Haake B3 tank) to circulate heat transfer fluid (glycerol) through the micro-heat
exchangers which were located underneath and above all the reaction channels. Thus,
all reaction channels have an even temperature field (the measured temperature
differences along the reactor were less than 0.5 K). Each channel was equipped with
standard Swagelok® fittings for connecting the liquid and the gas feed lines. The
system was pressurised by purging gas (either N2 or H2) through the reaction
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channels and the operating pressure was set by a back pressure regulator (Brooks
5866). Details of the design concepts and the hydrodynamic characteristics of the
compact reactor and details of the rig are specified elsewhere.3, 13

I

Fig. 5.1 A schematic diagram of the channel configuration of the compact reactor for
consecutive C–C coupling/hydrogenation. The shaded area corresponds to the two microheat exchangers located underneath and above all the reaction channels.

5.2.4

Sample analysis

The analyses of the samples’ composition were performed using a Varian
chromatograph (CP-3800) equipped with a FID detector and a 15 m capillary column
(CP Sil 5 CB, 0.25 mm × 0.25 µm, Varian).

5.2.5

Determination of Pd leaching

Aliquots of the reaction filtrate (in batch experiments the post-reaction mixture was
filtered to remove the solids) or the liquid product (in continuous experiments the
mesh closing the reaction channel prevented macroscopic removal of the catalyst)
were collected in a round bottomed flask (20 mL). The samples were evaporated to
remove organic compounds, dissolved in Aqua Regia and diluted with distilled water
to a certain volume, and then analysed by A Varian (AA-275 series) spectrometre.
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Results and Discussion
Catalyst characterisation

The porous structure characteristics of the carbon and the prepared Pd/C catalyst are
reported in Table 5.1. The synthesised catalyst uses a new synthetic carbon support
(mesoporous), specifically designed for deposition of metal nanoparticles with a
controlled particle size distribution. Pore size distribution of carbon support and
Pd/C catalyst is shown in Fig. 5.2. The plots show sharp peaks at the median pore
diameter (dave) of 13.3 nm for carbon support and 10.2 nm for Pd/C catalyst. In
comparison with carbon support, the area in the size range of the peak was also
found smaller for Pd/C, which indicates the decrease of pore volume in that range
(refer to Vp in Table 5.1) after Pd deposition. The prepared Pd/C catalyst has a
specific surface area of 727 m2 g–1, which is lower than that of the carbon support
(1070 m2 g–1), that is, the support lost 32 % of its area after impregnation of the
palladium. It might be that the surface area loss is due to the pore blocking by the
palladium nanoparticles. The XRD spectra showed the characteristic bands of the
palladium phase for the prepared Pd/C catalyst and the calculated average particle
size was ca. 4.8 nm (refer to section IV in Appendix), which corresponds well with
the TEM analysis (Fig 5.3). Such nanoparticles can easily block micropores of
activated carbon support, which are in the range of ca. 0.8 nm diameter14 and
therefore reduce the area of the catalyst substantially.
Table 5.1 The porous structure characterisations of the carbon support and the prepared
Pd/C catalyst.

SBET / m2 g–1 dave / nm Vp / cm3 g–1

Carbon support
Pd/C (5 wt.%)

1070
727

13.3
10.2

0.195
0.111
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Fig. 5.2 Pore size distribution plots for carbon support and Pd/C catalyst (0.3 < p/p0 < 0.9,
assuming all the pores are open-ended cylindrical pores, i.e. the fraction of open-ended
cylindrical pores = 1 in BJH model).

Fig. 5.3 TEM image of Pd nanoparticles on synthetic carbon support.
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Evaluation of the catalytic reactivity for Heck C-C coupling reaction

In order to test the activity and selectivity of the synthesised 5 wt.% palladium on the
carbon catalyst (Pd/C) in the Heck reaction, batch experiments were performed
initially. For comparison purposes, a commercial palladium on an activated carbon
catalyst (5 wt.%, obtained from Sigma–Aldrich) was employed as well. The results
of the batch Heck reaction (Table 5.2) show that the two catalysts have a similar
performance in terms of selectivity to the main Heck coupling product (3). However,
the reaction catalysed by the commercial catalyst achieved a 97 % of substrate (1)
conversion and a 81 % yield of product (3) in 4.5 h, which were higher than that for
the synthesised Pd/C catalyst (Table 5.2 and Fig. 5.4). The faster reaction kinetics of
the commercial Pd/C catalyst may be attributed to its smaller size and therefore a
smaller contribution of intraparticle diffusion.
Table 5.2 Results of batch Heck reactiona performed using Pd/C (5 wt.%) catalysts.

Catalysts
Pd/C, Sigma
Pd/C, this work

Conversion of (1)
/%
97
87

Yield of (3)b Selectivity to (3)
/%
/%
81
85
74
85

Pd leaching
/ ppmc
11
6

a

Temperature (T) = 413 K; reaction time (tR) = 4.5 h; in dimethylformamide (DMF); TEA as
base.
b
no cis-stilbene (3) was found in the product.
c
aqueous solution was prepared immediately after the reaction.

According to the mechanism of C–C coupling reactions using aryl iodides as
reactants and catalysed by supported Pd catalysts, Pd(0) metal particles on the
supports are in fact only precursors for the soluble palladium species that are the real
catalysts in this system.15-20 The activated carbon support of the commercial catalyst
is in the form of a fine powder with the mean particle size of 20 µm which might
make it much easier to release Pd species into the reaction mixture as compared with
the Pd/C where ca. 150 µm particles were used as the support. This hypothesis was
confirmed by measuring the Pd content in the reaction solutions after the reactions.
The Pd concentration was measured by atomic absorption in the cold or hot filtrates
once the reaction period was completed.
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Fig. 5.4 Batch Heck C–C coupling reaction catalysed by supported palladium catalysts.
Reaction conditions: 8 mmol of (1); 12 mmol of (2); 10 mmol of TEA; and 0.1 mol% Pd in 8
mL of DMF; T = 413 K, under N2.

11 ppm of palladium was measured in the filtrate of the commercial catalyst, which
corresponded to 10 % Pd leaching in respect to the initial loading of Pd onto the
activated carbon. This was found to be greater than the corresponding value of the
Pd/C catalysts synthesised in this work (6 ppm, corresponding to 6 % Pd leaching).
Because of the mechanism of the Pd catalysed Heck reaction,18-20 which appears to
require the presence of leached Pd, it is questionable whether a continuous Heck
reaction is a feasible option. However, palladium should re-deposit on the surface of
a support after the completion of the reaction due to: (i) the absence of aryl halides
for oxidative addition, i.e. the absence of driving force for Pd to leave the support,
and (ii) the instability of the soluble Pd complexes. The solubilisation/redeposition
process was also found to be controllable by adjusting the reaction conditions.16, 18-20
Thus, Pd recovery might be achievable under flow conditions by using a bed of
“empty” support (which could be subsequently used as an additional catalyst bed)
following the bed of a supported Pd catalyst or by using an additional metal
scavenger module.16
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Compact reactor performance in Heck C-C coupling reaction

The continuous Heck coupling reaction was conducted in a packed-bed compact
reactor. In these experiments only the catalyst synthesised in this work was used; the
Sigma Pd/C catalyst, due to small size of the particles, generated too high pressure
drop across the reactor.

Fig. 5.5 shows the reactor performance (as yield and

selectivity) for the Heck coupling reaction as a function of the liquid feed rate. A
clear dependence of the coupling products yield on the liquid flow-rate was found in
this study. For the very first continuous Heck coupling experiment with a fresh
catalyst, the yield of 58 % to coupling products (66 % conversion of (1)) was
measured at the flow-rate of 0.25 mL min–1, whereas, only 18 % yield (20 %
conversion of 1) was obtained for the flow-rate of 2 mL min–1. The variation of the
residence time of liquid substrates in the reaction channels is due to the change of
flow-rate (calculated residence time of the liquid substrates in the reaction channels
reduces from ca. 3 min to ca. 0.5 min by increase flow-rate from 0.25 mL min–1 to 2
mL min–1). The decrease in the residence time is the only explanation for the
observed results, since the Heck coupling reactions are usually quite “slow” under
batch conditions.
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Fig. 5.5 Continuous Heck coupling reaction in the compact reactor. (a) selectivity to 3+4, (b)
yield of 3+4. Reaction conditions: C1, 0 = 0.5 mol L–1; C2, 0 = 0.75 mol L–1; CTEA, 0 = 0.6
mol L–1; DMF as solvent; T = 390 K; 2 channels in series; approx. 0.9 g catalyst.

The selectivity to coupling products ((3) + (4)) in the continuous mode was found to
be slightly higher than in the batch one (89 % for the flow reactor vs. 85 % for the
batch reactor). However, in the case of the flow reactor, cis-stilbene (4) was detected
in the product stream, whereas only trans-stilbene (3) was found under batch
conditions. It seems that the conditions of the continuous reactor with different mass
and heat transfer characteristics compared to the batch reactor, promoted the
synthesis of cis-stilbene (4). However, the ratio of cis to trans product was very low
and equal to ca. 1 : 40.
The higher conversions in the continuous reactor compared to the batch one (e.g.
58 % of conversion for the residence time t = 2.88 min in the continuous reactor (Fig.
5.4) compared to ca. 150 min necessary for the same conversion in the batch reactor
(see Fig. 5.4) resulted from a much higher catalyst loading in the continuous reactor
(500 mg of catalyst per cm3 of the channel volume compared to 2.2 mg of catalyst
per cm3 of organic phase in the batch reactor).
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Significant catalyst deactivation was found in subsequent experiments, with yields
dropping by ca. 60 % for 0.25, 0.5, and 1 mL min–1 liquid flow-rates, and by ca.
53 % for the 1.5, and 2 mL min–1 flow-rates.

This is related to the reaction

mechanism since Pd must be leached from the support and thus is no longer available
for consecutive catalytic runs. Pd was detected at different levels in the products
collected from continuous experiments.

5.3.4

Compact reactor performance in alkene hydrogenation

The Pd/C catalysed hydrogenation of intermediates (3) to the final product (5) (see
the reaction scheme in Fig. 5.6) in the compact reactor was performed under different
conditions, than the C–C coupling reaction, to test the catalytic activity for alkene
hydrogenation and to verify the effects of experimental parameters on productivity
(different flow-rates, two-phase system, higher pressure). Fig. 5.6 shows the molar
flow-rate of 1,2-diphenylethane (5) in the outlet of the reactor (measured at steady
state) as a function of H2 flow-rate for the three initial substrate concentrations.
The Pd/C catalyst showed remarkable activity in the packed bed continuous-flow
system. Furthermore, the yields of product (5) were found to correlate very well
with the theoretical hydrogen supply to the system. This indicates that efficient
gas/liquid mixing (mass transfer) was achieved by the integral static mixer within the
reactor structure. Compared with the previous literature that used a batch reactor,15
the continuous flow packed-bed flow reactor enables a more efficient overall
hydrogenation process: a lower temperature (398 K vs. 413 K), a lower pressure (8
barg vs. 20 barg), and a much shorter reaction time (ca. 6 min to achieve steady state
with ca. 100 % conversion vs. 20 h reaction time).
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Fig. 5.6 Continuous alkene hydrogenation in the compact reactor. Reaction conditions:
T = 397 K; P = 8 barg; FLiquid = 1 mL min–1; two channels in series; approx. 0.9 g catalyst in
the two channels.

5.3.5

Consecutive synthesis of 1,2-diphenylethane in a compact reactor

To evaluate the feasibility of consecutive Heck coupling and hydrogenation reactions
under flow conditions, the reaction of 1,2-diphenylethane synthesis in four
consecutively connected channels of the compact reactor was studied. The results
are shown in Table 5.3. Compared with alkene hydrogenation, the Heck coupling
reaction is the slower step of the two. A liquid flow-rate of 0.25 mL min–1, therefore,
was used in the consecutive synthesis experiments in order to promote Heck
coupling reaction.
The catalytic system was not found to be effective for producing the main desirable
product (5) by using hydrogen to pressurise the system (Runs 1 to 3). Benzene
(dehalogenation product of substrate (1)) and ethylbenzene (hydrogenation product
of substrate (2)) were detected in the final product. This result indicates that H2 can
back-flush into the Heck reaction channel and the Heck coupling reaction was
suppressed due to the absence of substrates caused by their consumption in the side
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reactions. This hypothesis was supported by the measured significant increase in the
amount of benzene with the increase of system pressure, i.e. H2 pressure (Table 5.3,
condition b).
In order to eliminate the effect of side reactions, nitrogen was used to pressurise the
whole system instead of hydrogen. After pressurising the system, a small stream of
nitrogen (1 mL min–1) was kept to flow through the reaction channels for providing
an inert atmosphere for the Heck reaction. Then, a hydrogen stream was introduced
into the hydrogenation channels. (refer to Fig. 5.1)
efficient for synthesizing the target product.

The system became more

The complete conversion of the

substrate (1) was achieved and a significant increase in the product yield (ca. 80 %
selectivity to final product) was measured (Runs 4 and 5). This result suggested that
a stepwise conversion of the substrates/intermediate occurred in the continuous
process. Compared with the system under condition (b) the target product yield
became less dependent on the total pressure for condition (c). The same level of
product yield can be achieved using moderate total pressure. High pressure is not
essential for achieving high product yield.
Table 5.3 Optimisation of the flow chemistrya in the compact reactor for a desirable multistep organic synthesis (Scheme 5.1).

PhI
Pressure
Solvent conversion
Run
/ barg
/%
b
1
1
DMF
83
2
4b
DMF
96
b
DMF
100
3
8
DMF
99
4
4c
DMF
100
5
8c
6
4d
EtOH
100
EtOH
100
7
8d

Selectivity / %
trans/cis-stilbene (3/4)

1,2-diphenylethane (5)

intermediate

product

38
0
0
1
0
0
0

38
18
5
80
82
83
83

benzene
byproducte

23
81
95
15
13
13
12

a

reaction conditions: C1,0 = 0.4 mol L–1; T = 393 K; FLiquid = 0.25 mL min–1;
FGas, hydrogen = 8 mL min–1; four channels in series, approx. 0.9 g catalyst for the Heck
reaction, approx. 0.75 g catalyst for the alkene hydrogenation.
b
system was pressurised with H2.
c
system was pressurised with N2.
d
system was pressurised with N2, ethanol was used as solvent.
e
analysis of the reaction did not include production of ethylbenzene due to the excess of
styrene in the system.
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One disadvantage of the present system is the use of DMF as a solvent which is toxic
and difficult to evaporate during the following workup. Therefore, finding a suitable
substitute to replace DMF is essential to make the whole system more
environmentally benign.

Ethanol is innocuous and less expensive and was

considered in this study. Furthermore, due to the flow reactor being pressurised,
solvents with lower boiling points can be held in reaction channels as superheated
liquids to promote the reaction. In our experiments (Table 5.3 condition d), ethanol
was used as a solvent for the hydrogenation reaction, Scheme 5.1, at 393 K and
elevated pressure under continuous flow (Runs 6 and 7). The process with ethanol
was as effective and efficient as the one using DMF, i.e. the same level of substrate
conversion and yield of product (5) were obtained.

5.3.6

Retention of Pd in a flow reactor

The aforementioned solubilisation/redeposition was well studied and supported by
several investigations performed under batch conditions.16, 18-21 Even in a flow reactor,
this mechanism was employed as well for retrieving leached species from the
continuous Heck reactions (by inserting a column containing the metal scavenger resin
after the reaction column).22 In the present flow reactor, the subsequent hydrogenation
channels can actually serve as scavengers to re-capture the leached Pd species from the
Heck reaction channels. Theoretically, the catalytic activity of the system could be
maintained for both reactions by reversing the flow direction23-24 under carefully
chosen conditions. The channel arrangement for this concept is shown in Fig. 5.7.
This hypothesis was proven by the experimental results in Fig. 5.8 (only one set of
results from forward/reverse runs was shown in Fig. 5.8, the same reaction profiles as
for reverse run were obtained in consecutive two experiments). The reuse of the
catalyst is viable without major deactivation by obverse/reverse running of the two
reactions in each other’s reaction channels. Most of the leached Pd species were found
to re-deposit on the support during hydrogenation under the conditions used in this
study, which was proven by XPS analysis.

(refer to section IV in Appendix)

Compared with the fresh catalyst in Channel 4, Pd species on the carbon surface were
found to have increased by 79 % (from 1.4 % to 2.5 %) after one experiment.
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Accordingly, a decrease of oxygen on the carbon surface from 26.2 % to 22.3 % was
measured which indicates the consumption of oxygen containing surface groups by
redeposition of Pd in hydrogenation channel. Zhao18-20 and Heidenreich16 confirmed
this reversible transfer of Pd species between solvent and support in their studies and
asserted that a unique process is tuneable by carefully choosing reaction conditions and
base. Therefore, further investigation is needed to optimise the present catalytic
system for minimizing the Pd leaching or promoting the rapid re-deposition of Pd
species on the support.

Fig. 5.7 Channel configurations for normal/reverse flow experiments.
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Fig. 5.8 Time yield of 1,2-diphenylethane 5 for the normal flow direction and the reverse
flow direction runs. Reaction conditions: C1, 0 = 0.4 mol L–1; T = 393 K; P = 4 barg; FLiquid =
0.20 mL min–1; FGas, hydrogen = 8 mL min–1; EtOH as solvent; 4 channels in series; approx. 0.9
g catalyst for Heck reaction; approx. 0.75 g catalyst for the alkene hydrogenation.
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5.4 Conclusions
The suitability of a compact multichannel reactor for multi-step organic synthesis
was investigated using a conventional ‘one-pot’ reaction, i.e. a Heck C–C coupling
reaction followed by hydrogenation for synthesizing 1,2-diphenylethane. Compared
with conventional batch reactors, the compact reactor promoted a more intensified
Heck reaction and alkene hydrogenation. 1,2-diphenylethane was synthesised using
the flow compact reactor within minutes of residence time with a lower operating
temperature and pressure. In comparison, the conventional batch synthesis took
several hours for a similar yield. A stepwise conversion of the substrates to the final
product was achieved in the compact multichannel reactor by coupling the Heck
reaction and hydrogenation. Compared with the batch reactor, this flow chemistry
process in the compact reactor features some advantages such as: (i) being more
intensified (much shorter residence time) due to the high catalyst/substrates ratio, (ii)
being operated under benign conditions, i.e. lower temperature and pressure, (iii)
using superheated ethanol at elevated pressure which makes the process greener.
Leached Pd species were believed to be active for igniting and promoting the Heck
reaction. Due to (i) the reversible transfer mechanism of Pd species between solvent
and support, and (ii) the unique mass transfer of Pd in different reaction channels,
catalytic activity of the system can be mostly maintained by reverse running the two
reactions in one another’s reaction channels. This continuous catalytic system might
be a promising alternative to replacing the conventional batch reactor for multi-step
synthesis.
The present investigation demonstrated that a compact reactor is capable of
performing the multi-step synthesis in one stream. Considering the specific reaction
used in this study, i.e. C–C coupling reactions, however, there is still much room left
for optimising this flow catalytic system with compact reactor. Therefore, future
studies on C–C coupling reactions in this flow reactor system are suggested to focus
on (i) developing the ligand-free catalytic system which is capable of effectively and
efficiently catalyzing C–C coupling reactions involving aryl bromides and aryl
chlorides (less active, more practical and economical substrates), (ii) minimizing the
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Pd leaching by either optimising present flow catalytic system or engineering new
supported Pd catalysts for true surface catalysis.

The optimisation of styrene

concentration is also necessary to reduce the formation of byproducts (ethylbenzene).
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Chapter 6
Preliminary study on developing Pd catalysts
based on mesoporous synthetic carbon for flow
catalysis in a structured compact reactor

A synthetic carbon derived from phenolic resin was used as a support for Pd
hydrogenation and hydrodehalogenation catalysts which were employed in the
compact structured flow reactor. Bimodal meso- and micro porous structure of the
synthetic carbon was characterised and confirmed by N2 adsorption analysis. HRTEM, XRD and XPS analyses were performed for characterising the synthesised
catalysts. Continuous liquid-phase hydrogenation and hydrodehalogenation of
various substrates in liquid phase with molecular hydrogen was performed in a
multifunctional compact reactor at mild conditions and residence time of ca. 40 s.
For all model reactions investigated, the catalysts show high activity and selectivity
as well as a high stability and reproducibility.
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Introduction

Driven by the demand of industry for cleaner and intensified chemical processes,
structured reactors such as micro-, compact1-4 and monolith reactors5 emerged with a
potential to replace the conventional catalytic chemical technologies, e.g. the stirred
tanks and trickle bed reactors. In comparison with the conventional reactors, one of
the most important advantages of the structured reactors is the integration of various
functionalities in one unit: heat transfer, mixing and even specific responsive
functionalities, for example a ‘chemical valve membrane’ for controllable delivery of
reactants.6 This often produces improved safety, higher throughput and lower
operating cost of the new technologies.

Integrating heat exchangers into the

structured reactors is a common measure to improve thermal efficiency of the
chemical processes, to avoid hot spots formation, thermal runaways and to minimise
heat losses, which helps to improve the overall process efficiency.2,

3, 7-9

One

example demonstrated in the early investigations is the continuous oxidation with
molecular oxygen in a compact reactor–micro heat exchanger.2 Structured chemical
reactor-heat exchangers also promote the development of new, otherwise impossible,
chemical processes.

For instance, coupling the endothermic steam reforming

reaction with an exothermic catalytic combustion in a mm-scale structured monolith
reactor.8, 9
Most of the studied structured reactors use reaction channels with hydraulic
diameters in the range of 0.05 to 5 mm,1, 2, 7-9 which promote the intensification of
heat and mass transfer and safe plant operation. It should be stressed that the
intensified heat and mass transfer are important for the practical heterogeneous
catalysis.

The absence of transport limitations is critical for obtaining reliable

quantitative kinetics10 and is essential for increasing yield and selectivity.

In

conventional reactors, however, especially in large-scale batch reactors, reaction
conditions free from heat and mass transfer limitations are hard to achieve.
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Small intensive reactors, from the industrial point of view, are also advantageous due
to the elimination of the traditional scale-up procedure. In conventional process
chemistry a bench-top synthesis must be re-designed for industrial throughput,
whereas a method known as ‘numbering-up’ of microreactors involves addition of
identical units to achieve the desired throughput.1, 11
Microreactors, however, are not without their own drawbacks. One of the concerns
is the issue of channel-clogging which might be induced by e.g. precipitate formation
or in processing of solids.11

For heterogeneous catalytic microreaction systems

another problem is the immobilisation of catalysts in the reaction channels. The
most popular method is coating catalysts onto reactor walls.12-14

This method,

however, produces a single-use catalytic reactors, due to difficult replacement of
catalytic coating in the case of catalyst deactivation.

Moreover, catalytic wall-

coating would have to be optimised for each particular catalyst/reaction, offering
little operational flexibility.
An alternative approach is to use catalytic packed-bed in micro-reaction channels,15
which features an easier catalyst handling (unloading and repacking) and less chance
of channel clogging. Catalysts used in the mm-scale packed beds can be developed
by well-understood conventional methods.

There are different requirements for

heterogeneous catalysts for microreactors though, due to a markedly different
hydrodynamics on the macro and micro scale, the need to operate in the kinetic
reaction regime, and the need for a simple catalyst loading procedure.
The channel size, the particle sizes in micro-packed beds would necessarily approach
tens or hundreds of micrometres, thus resulting in a significant pressure drop across
the reactor, especially in liquid- and multiphase processes of interest in this study.
Therefore, there is a requirement towards catalyst particle shape that would minimise
pressure drop. It was shown earlier, that microspherical catalytic particles produce
lower pressure drop in a three-phase reaction and result in a faster establishment of a
steady-state regime following initial catalyst bed re-packing.16
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Due to intensified mass and heat transfer the reaction rates in microreactors are
expected to be higher than in conventional batch reactors.

Therefore, catalyst

structure that would lead to the kinetic reaction regime, without internal mass
transfer limitations is even more critical. This requires optimisation of a catalyst
internal structure in terms of site activity, stability, number and accessibility.
In the early investigations, the use of a mm-scale packed-bed reactor for several
practical applications has been demonstrated, i.e. oxidation,2, 4, 16 hydrogenation,17
and multi-step synthesis.18 Synthetic mesoporous carbons were used as supports and
were found to be suitable for catalysts specifically for compact, mm-scale, packedbed reactors.

Mesoporous materials for catalysis, such as mesoporous zeolites,

silicas, and carbons received much attention in recent years, especially in liquidphase systems, due to the reduced mass transfer limitation in comparison with
microporous solid hosts.19

Apart from the enhanced diffusion of reactants and

products to and from the catalytic sites, mesoporous hosts also allow the reaction
with larger molecules19-21 and promote preparation of heterogeneous catalysts with
controlled particle sizes.
In this work, Pd catalysts were developed by conventional methods based on the
mesoporous synthetic carbons. Preliminary characterisation of the synthetic carbon
pore structure and Pd supported catalysts was studied. Performance of the flow
catalytic system in terms of conversion, selectivity, and space-time yield for
continuous hydrogenation and hydrodehalogenation of different substrates was
evaluated.

6. 2
6.2.1

Experimental
Synthetic carbon and reagents

The carbon support used in this study was mesoporous phenolic resin derived
synthetic carbon22,

23

and was kindly provided by MAST Carbon (UK).

The

synthetic carbons possess a tailored pore structure (a bimodal micro and meso-pore
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structure) and were produced in the form of beads. A SEM image of microspherical
carbon supports is shown in Fig. 6.1. Besides microspherical carbon particles (with
different particle diameters), debris and aggregates of very small particles are found
altogether. Therefore, preliminary treatment of synthetic carbon, i.e. sonication in
methanol to break up aggregates and sieving, was performed for producing a carbon
support with a uniform diameter. In this study, particle fraction with diameters 110–
150 microns was used.

The synthetic carbon possesses very high attrition and

physical strength and is suitable for application as a catalyst support. 22

Fig. 6.1 SEM image of synthetic carbons with bead structures. Adapted from ref. 23.

All chemicals used in this study were obtained from Sigma-Aldrich and Fisher, and
used without further purification (reagents are of ReagentPlus® grade and solvents
are of HPLC grade).

6.2.2

Preparation of Pd/C catalysts

6.2.2.1 Deposition–reduction
The synthetic carbon was dispersed in distilled water (20 mL H2O for 1.5 g carbon)
at a moderate stirring rate under N2 for 30 min.

Aqueous hydrogen

tetrachloropalladate (II) (H2PdCl4, 50 mL, 14.1 mM, corresponding to 5 wt.% of Pd)
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solution was introduced into the slurry dropwise in 10 mL portions at a time and
followed by the addition of aqueous sodium borohydride solution (25 mL, 145 mM,
5 mL each time) under stirring. This sequential introduction of Pd solution and
reducing agent was performed incrementally with a 10 minutes break between each
addition. The slurry was left for two hours under nitrogen atmosphere and gentle
stirring.

Following impregnation, the suspension was filtered and washed with

distilled water several times. The remaining solution was analysed by the atomic
absorption spectroscopy (AAS, Perkin Elmer) to determine the quantity of deposited
palladium. The catalyst was dried under vacuum at 353 K overnight and stored in a
desiccator prior to being used for reaction studies.

6.2.2.2 Anaerobic incipient wetness
An anaerobic incipient wetness method was used to prepare approximately 3 %wt
Pd/C catalysts utilizing standard Schlenk techniques.24

Palladium actylactonate,

Pd(C5H7O2)2, dissolved in dried, degassed tetrahydrofuran (THF, 1.5 mL,
corresponds to the pore volume possessed by 1 g synthetic carbon) was used as the
precursor to produce Cl-free catalysts. The precursor solution was added into carbon
support N2 and the incipient wetting impregnation was carried out at room
temperature for 24 hrs. The catalysts were evacuated overnight at 300 K, then at 323
K for 2 h to remove any THF, and transferred to a desiccator. Catalyst was packed in
reaction channel and reduced in-situ with hydrogen flow at 333 K.

6.2.3

Materials characterisation

High-resolution transmission electron microscopy (HRTEM) images were obtained
using a JEOL JEM-2010 system (200 kV accelerating voltage, with the resolution
limit of 0.14 nm). Low temperature nitrogen adsorption experiments were performed
using a Micromeritics ASAP-2010 volumetric system with N2 as probing gas. XPS
measurements were performed on a Kratos Axis HSi instrument equipped with Mg
Kα X-ray source and charge neutraliser. High resolution spectra were recorded at
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normal emission using an analyser pass energy of 40 eV and an X-ray power of 225
W. Energy referencing was employed using the valence band and adventitious
carbon at 285 eV. Spectra were Shirley background-subtracted across the energy
region and fitted using CasaXPS Version 2.3.15. XRD analysis was performed by
using a Philips 4 kW X-ray generator (PW1730) with a Cu Kα X-ray source (λ =
0.154 nm) and the diffractometre goniometre (PW1820) controlled via Philips
(PW1877 PC-APD) software).

6.2.4

Structured compact reactor

Details of the structured multichannel reactor and of the auxiliary continuous
catalytic system used are given in Chapter 3 and elsewhere.2,

16, 17, 25

Gas

chromatography (GC, Varian CP-3900, CP Sil 5 CB column, flame ionisation
detector) was used to analyse reaction products.

6. 3
6.3.1

Results and discussion
Characterisation of synthetic carbon and Pd/C catalysts

The isotherms of low temperature N2 adsorption/desorption on synthetic carbons (Fig.
6.2) showed a two-step increase in the amount of nitrogen adsorbed over the whole
relative pressure range, which indicates the presence of micro and meso-porous
structure. The sharp linear increase in the sorbed amount of nitrogen and the round
knee in the isotherm at low relative pressures (p/p0 < 0.05) represent the presence of
micropores. The well-developed mesoporous structure of the synthetic carbons was
evidenced by the consecutive increase in the amount of adsorbed N2 at medium and
high relative pressures (0.05 < p/p0 < 0.42), and the hysteresis loop in the pressure
range of 0.42–0.90.

Mesopores represent the larger part of the bimodal pore

structure: the mesopore volume (Vmeso, BJH adsorption cumulative pore volume of
pores) is considerably higher than the micropore volume (Vmicro, by t-plot method
using slit-shaped pore model). Furthermore, contribution of the external surface area
(Sext, defined as the surface of the pores larger than micropores; determined by t-plot
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method) towards the total surface area determined by BET model (SBET) is larger
than that of micropores, see Table 6.1. Calculation of the median mesopore size
(relative pressure range 0.8–0.9 from the adsorption branch of isotherms26 using BJH
model) shows that the synthetic carbons have an average pore diameter (dave) of ca.
13.3 nm. The microstructure of the carbons, which was derived from the void spaces
between small (~4 nm) spherical resin domains generated during the initial polymer
curing step,22 shows a very narrow pore distribution with a mean pore size of ca. 0.5
nm (by original Harvoth-Kawazoe method,27 slit-shaped pore geometry, see inset in
Fig. 6.3).
Following the deposition of Pd, the amount of adsorbed nitrogen is decreased as
shown in Fig. 6.2. Meso- and micropore size distributions of the synthetic carbon
and Pd/C catalysts are illustrated in Fig. 6.3. In comparison with the neat carbon
support, the reduction in the mesopore diameters and the external surface area (Sext)
was found for both Pd/C catalysts after Pd impregnation, but also the micropore
volume was reduced (see pore diameter range in Fig. 6.3 for and the calculated
average pore diameters in Table 6.1). This suggests that Pd is deposited both in
micro and in mesopores.

This was further confirmed by the decrease in the

micropore and mesopore volumes with the palladium deposition, i.e. ca. 22 % for
mesopore volumes and ca. 40 % for micropores, as well as by HR-TEM imaging
(see later text on HR-TEM analysis and Fig.6.4).
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Fig. 6.2 Nitrogen adsorption/desorption isotherms measured at 77 K for synthetic carbons
and prepared catalysts.

1.0

synthetic carbon
DR-Pd/C
IW-Pd/C

10
8

Horvath-Kawazoe method
for micropore size distribution

6
4

0.8

2
0
0.4 0.6 0.8 1.0 1.2 1.4 1.6 1.8 2

0.6

0.4
Barrett-Joiner-Halenda method
for mesopore size distribution

0.2

2 4 6 8 10 12 14 16 18 20 22 24 26 28 30 32 34

Pore diameter / nm
Fig. 6.3 Pore size distributions derived from nitrogen adsorption data using the BJH model
(for mesopores, open-ended cylindrical pore model) and Horvath-Kawazoe method (for
micropores, inset).
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Table 6.1 Porous structure characterisation data (by nitrogen adsorption at 77 K) for
synthetic carbons and Pd/C catalysts.

Carbon support
DR–Pd/C
IW–Pd/C

Pd loading
/ wt.%
–
5
3

SBETa
/m2 g–1
1070
727
870

Sextb
/ m2 g–1
619
477
523

Vmesoc
/ cm3 g–1
1.43
1.09
1.16

Vmicrob
/ cm3 g–1
0.195
0.111
0.152

dave c
/ nm
13.3
10.2
11.9

a

Total surface area, calculated using a relative pressure range of 0.05–0.20 (to ensure
positive BET constants to be obtained by using BET equation).
b
Calculated using t-plot method. t-plot estimates of micropore volume and external surface
area correspond here to the slit-shaped pore model.
c
Determined from adsorption branch of isotherms using BJH method. The (4V/A) term was
used in estimation of average pore diameters, which corresponds to the assumed cylindrical
model of pores.

The structure and distribution of Pd nanoparticles on the catalysts were analysed by
HR-TEM microscopy. Carbon microspheres were mechanically ground, dispersed in
ethanol and sonicated; a sample droplet was placed onto the TEM sample grid. In
DR-Pd/C catalyst Pd species of three different sizes are found. The smallest particles
detected are around 1 nm. Crystal lattice of these clusters cannot be obtained, since
it does not necessarily corresponds to FCC packing of atoms at this size of particles.
Tightly packed clusters of 1 nm particles are detected: there are about 10 clusters in a
10 × 10 nm image area, see Fig. 6.4a. The larger particles are about 5 nm diameter.
There are many evenly distributed particles of this size, Fig 6.4b. Then, there are
microblock particles looking like hedgehogs with the mean size about 50 nm, see Fig
6.4c.
Small clusters and particles of 5 nm are spread across the sample very evenly. It is
suspected that the larger particle aggregates, the ‘hedgehogs’, are formed on the
particle surface. On the surface of carbon particles also found are few very large
crystals of about 1 µm size. The formation of the larger particles is most likely due
to the high concentration of the precursor metal salt solution.
For the Pd/C catalyst prepared by anaerobic incipient wetness method, HR-TEM
analysis showed that the predominant particle size is ca. 5 nm and there are only few
particles that are aggregated, see Fig. 6.4c. Pd particles are distributed evenly within
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the sample, however, the particles concentration is much lower than in the case of
DP/Pd catalyst.

(a)

(b)

(c)

(d)

Fig. 6.4 HR-TEM microscopic images of Pd nanoparticles on synthetic carbon support. (a-c)
DR-Pd/C catalyst, (d) IW-Pd/C catalyst.

XRD analysis was performed to estimate the average Pd particle size on each catalyst.
All the samples were scanned over the 2θ range of 30°–55° at a rate of 0.01° step−1
with a scan time of 1.25 s step−1. As one can see in Fig. 6.5, Pd phase on synthetic
carbon was revealed with two peaks at 2θ = 40.1° (plane 111) and 46.7° (plane 200).
Average Pd particle diameters for each catalyst were analysed using integral breadth
analysis and Scherrer formula,28-29 the results as shown in Table 6.2. For DR–Pd/C,
XRD analysis yielded an average Pd particle diameter of 4.8 nm which is in the
range of 1–5 nm (for majority of Pd particles) confirmed by HRTEM analysis. For
IW–Pd/C, the estimated average particle size by XRD, i.e. 5.2 nm, which
corresponds well with the result based on HR-TEM analysis.
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Fig. 6.5 XRD patterns of Pd/C catalysts: (a) DR–Pd/C and (b) IW–Pd/C.

Table 6.2 Average Pd particle diameter by XRD analysis (Scherrer equation).

Catalyst
Average Pd particle diameter (d) / nm
Fresh DR–Pd/C
4.8
Spent DR–Pd/C
5.7
5.2
Fresh IW–Pd/C
Spent IW–Pd/C
5.5
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Results of XPS quantitative analysis of prepared Pd/C catalysts are shown in Table
6.3. As it can be seen, carbon and oxygen are main components on the surface for
both the samples.

The DR–Pd/C and IW–Pd/C catalyst showed the amount of

surface Pd deposition equals 2.53 wt.% and 1.02 wt.%, respectively. The lower
surface Pd concentration corresponds well with the HRTEM imaging, showing
sparsely distributed particles throughout the sample.
Table 6.3 Mass surface concentration obtained by XPS quantitative analysis and distribution
of the different phosphorus and palladium surface groups.

XPS quantitative analysis
of surface composition
/ wt.%
C 1s
O 1s
Pd 3d
DR–Pd/C
81.6
15.9
2.53
IW–Pd/C
88.1
10.9
1.02

6.3.2

Theoretical
Pd deposition
/ wt.%
5
3

Results of continuous-flow catalytic reactions

Hydrogenation of various substrates in the compact flow reactor was carried out to
evaluate catalytic performance of Pd supported onto mesoporous synthetic carbon;
results are summarised in Table 6.4 (entries 1–5). As it can be seen the Pd/C based
catalysts showed high efficiency in hydrogenating alkenes and alkynes to alkanes.
For hydrogenation of non-hindered double bond in styrene and triple bond in
phenylacetylene, 100 % conversion with 100 % selectivity to ethylbenzene were
achieved by both Pd-supported on synthetic carbon catalysts in a single pass with ca.
40 s residence time. Reactions were performed in a slight excess of hydrogen to
ensure full conversion, e.g. mole flow rate of substrate was 2.5 × 10–4 mol min–1
whereas mole flow rate of hydrogen (for styrene hydrogenation) was ca. 2.9 × 10–4
mol min–1 under the conditions used (see note ‘a’ in Table 6.4). Due to consumption
of hydrogen in the reactions very little gas was detected in the exit stream upon
sampling.
Hydrogenation of carbonyl groups (aldehyde and ketone) was conducted and the
results are shown as entries 3 and 4. High selectivities to primary and secondary
alcohols (> 98 %) with fairly good conversions were achieved by using this flow
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catalytic system. No over-hydrogenated products and hydrogenolysis products were
detected (by GC) for the two model reactions under the conditions used.

The

possible reasons for the observed high selectivity can be attributed to the advantages
of the multifunctional compact reactor, as discussed in Section 3.3.4.
Hydrogenation of nitrobenzene to aniline was also carried out in the compact reactor.
This model reaction is known as a highly exothermic reaction with a reaction
enthalpy of 545 kJ mol-1.12 Good temperature control is essential to produce aniline
and avoid generating intermediates which are formed in several parallel and
consecutive reactions as suggested by Yeong et al.12 and Höller et al.30 All catalysts
showed high selectivity towards the final amine product with excess supply of
hydrogen and 40 s residence time. Hydrogenation of side-chain nitro group was
found proportional to hydrogen supply and step conversion of nitro group to amine
was detected by GC analysis, i.e. the presence of intermediates in the product
mixture under hydrogen starvation regime.

However, no ring hydrogenation

products and side reaction products were detected under the reaction conditions used.
The integrated micro heat exchangers showed high efficiency for removing the heat
release by the reaction.

The expected adiabatic temperature rise (∆Tad) for the

conditions used (0.5 mol L–1 concentration, 100 % conversion, 0.5 mL min–1 liquid
flow rate, 40 s residence time) was ca. 260 K (estimated by Eq. (6.1)), whereas a
temperature rise of < 2 K was measured along the reaction channel, and isothermal
condition was ensured during the reaction. In comparison with another study of this
reaction using a microstructured falling film reactor (0.1 mol L–1 initial concentration,
333 K, 1 bar, 0.5 mL min–1 liquid flow-rate),12 a significant increase in aniline yield
(max. ca. 70 % vs. 98 %) was achieved with a similar space-time yield (16.4 mol h–1
L–1 vs. 16.7 mol h–1 L–1) in the case of the packed-bed compact reactor (0.5 mol L–1
initial concentration, 333 K, 9 bar, 0.5 mL min–1 liquid flow-rate). In the present
study, the production rate of the compact reactor (for nitro benzene hydrogenation)
was limited by the mass flow controller, i.e. 20 mL(STP) min–1 maximum flow-rate
(theoretical hydrogen consumption for reducing 0.5 mol L–1 nitrobenzene under
conditions used is ca. 18 mL(STP) min–1).
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(6.1)

where Q is the total heat liberated from the reaction (Q is calculated from the
reaction enthalpy, initial substrate concentration, conversion and flow rate); m is the
mass of catalyst bed (0.5 g); cp is the specific heat capacity of catalyst (0.7 J g-1K-1).
The synthesised Pd/C catalyst also showed high activity in hydrodehalogenation of
aryl halides. Investigation of the liquid phase hydrodehalogenation was carried out
using DR–Pd/C and results are shown in Table 6.4, entry 6. High conversion was
achieved in dehalogenation of iodobenzene and bromobenzene with high selectivity
to benzene, i.e. 97 %. For less reactive chlorobenzene, a ca. 59 % yield of benzene
was obtained at 40 s residence time. Concerning safety and simplicity of operation,
this liquid-phase process using molecular hydrogen is more advantageous in
comparison with conventional batch operations which either require high
temperature and pressure31, 32 or hours of reaction time.33

Page | 129

Pd supported on mesoporous carbon catalysts for flow reactors

Chapter 6

Table 6.4 Results of flow hydrogenation and hydrodehalogention of different substrates in
the packed-bed (Pd/C catalysts) compact reactor.

Entry
1a
2a
3b

4

b

5c

6

d

Substrate

Catalyst

Conversion

Product

Selectivitye

DR–Pd/C

100 %

100 %

IW–Pd/C

100 %

100 %

DR–Pd/C

100 %

100 %

IW–Pd/C

100 %

100 %

DR–Pd/C

61 %

99 %

IW–Pd/C

56 %

98 %

DR–Pd/C

57 %

100 %

IW–Pd/C

50 %

100 %

DR–Pd/C

100 %

99 %

IW–Pd/C

98 %

99 %

100 %

97 %

98 %

97 %

60 %

98 %

DR–Pd/C

a

reaction conditions: CInitial = 0.5 mol L–1; T = 331 K; P = 9 barg; FLiquid = 0.5 mL min–1; FGas
= 6 mL(STP) min–1 (for styrene hydrogenation); FGas = 14 mL(STP) min–1 (for
phenylacetylene hydrogenation); ethanol as solvent.
b
reaction conditions: CInitial = 0.5 mol L–1; T = 318 K (for benzaldehyde hydrogenation); T =
328 K (for acetophenone hydrogenation); P = 9 barg; FLiquid = 0.5 mL min–1; FGas = 8
mL(STP) min–1; ethanol as solvent.
c
reaction conditions: CInitial = 0.5 mol L–1; T = 333 K; P = 9 barg; FLiquid = 0.5 mL min–1; FGas
= 20 mL(STP) min–1; ethanol as solvent.
d
reaction conditions: CInitial = 0.2 mol L–1; T = 328 K (for iodobenzene and bromobenzene
hydrodehalogenation); T = 348 K (for chlorobenzene hydrogenation); P = 8 barg; FLiquid =
0.5 mL min–1; FGas = 6 mL(STP) min–1; triethylamine as additive, ethanol or DMF as solvent.
e
for all GC analyses, mass balance ≥ 98.5.

Stability and deactivation of catalysts were studied in extended continuous runs.
Results are shown in Fig. 6.6. For the IW-Pd/C catalysed alkene hydrogenation, the
product yield stabilised at ca. 100 % at 5 min after start-up of the system and
remained at that level for almost 7 h of continuous run. The DR-Pd/C catalyst also
showed good stability: no noticeable catalyst deactivation was measured in carbonyl
reduction over 6 h on stream as evidenced in Fig. 6.6. Both the IW-Pd/C and the
DR-Pd/C catalysts used in the long experiments were not fresh catalysts. Both
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catalysts have been used several times (up to 50 h of cumulative reaction time) in
previous experiments for reducing different substrates and only solvent washing was
employed after each reaction to regenerate the catalyst bed. It should be noted, that
the potential activity compensation effect due to the reaction exotherm, especially at
100% conversion is negligible in this case. The reactor was operated effectively in
isothermal regime. Furthermore, since the catalysts were used for over 50 h of
reaction in previous tests, any activity loss would have been apparent.

Product yield / %

100

95

ethylbenzene from IW-Pd/C catalyzed
styrene hydrogenation

65

benzyl alcohol from DR-Pd/C catalyzed
benzaldehyde hydrogenation

60
0

100

200

300

400

Time on stream / min
Fig. 6.6 Ethylbenzene and benzyl alcohol yield as a function of reaction time. Conditions:
see notes (a) and (b) in Table 6.3.

6. 4

Conclusions

Synthetic carbon, with the pore structure specifically tailored for preparation of metal
nanoparticles catalysts, was used as a support for preparation of Pd catalysts by
deposition-reduction and anaerobic incipient wetness methods.

N2 adsorption

analyses showed the synthetic carbon possesses a developed micro-mesoporous
bimodal pore structure. HR-TEM analysis of the fresh catalysts showed that Pd
particles were well dispersed within IW–Pd/C with a homogeneous size of ca. 5 nm,
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whilst DR–Pd/C catalyst also contained very small Pd nanoparticles of less than 1
nm diameter.
Pd supported on mesoporous carbon catalysts were evaluated in liquid phase
hydrogenation and hydrodehalogenation reactions in a structured compact reactor.
The combination of integrated intensified reactor and specifically designed catalysts
results in rapid and efficient reduction of double and triple unsaturated bonds,
carbonyl and nitro group, as well as direct reduction of aromatic halides under mild
conditions. Due to the intensified heat transfer in the compact reactor, isothermal
conditions were maintained for ensuring good selectivity and eliminating inherent
hazards of exothermic reactions. The catalysts in the flow reactor system could be
regenerated by solvent washing after the reaction. Both catalysts demonstrated good
stability in long runs. No deactivation of catalysts was detected 7 hour continuous
runs. Both catalysts were reused up to 50 hours under flow conditions without loss
of activity.
Both catalysts used showed high activity and selectivity as well as high stability and
reproducibility for all model reactions. Based on the preliminary results obtained in
this study more questions arise in order to fully understand the reasons behind high
activity and especially good stability of the developed catalysts. Therefore, further
analyses (N2 adsorption, XPS, XRD and HRTEM) on catalysts’ morphology and
metal transportation/transformation following the reactions are needed.
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Summary, evaluation and future work

In this chapter, the results presented in the thesis are summarised. The contribution
of the work to the area of reactor engineering and catalysis is evaluated. In addition
future work as a continuation of the present study is suggested.
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Introduction

Microreactors have been gradually recognised as a new branch of chemical reactor
technology and chemistry1, 2 and the application of microstructured chemical reactors
has been widely investigated for a variety of reactions.3

The benefits of

microreactors stem from the nature of reduced characteristic dimensions where a
chemical reaction happens. The microreactors therefore, in comparison with
conventional batch or semi-batch reactors, lead to better performance in terms of
effective heat management, fast mixing, and narrow residence time. The use of
microreactors for three-phase catalytic reactions is beneficial because of the
enhanced transport phenomena, which ensure the absence of heat- and mass-transfer
limitations and improved yield and selectivity. In this investigation, a structured
compact multifunctional reactor with mm-scale packed-bed reaction channels was
presented and its application in continuous-flow catalytic reactions was studied.
Hydrogenations, which are regarded as important class of reactions due to their
various applications in synthesis of fine chemicals and pharmaceuticals,4 were used
as model reactions in this study for evaluating the performance of the reactor. The
results obtained in this investigation were summarised and evaluated in the following
sections. Future research within this subject was also suggested.

7. 2
7.2.1.

Summary and evaluation
Selective hydrogenation of aromatic aldehydes

The continuous liquid phase hydrogenation of benzaldehyde to benzyl alcohol over
Pt/C catalyst was demonstrated by using the structured compact reactor (Chapter 3).
The enhanced mass transport was achieved in the reactor which in return ensured the
operation in the reaction-limited regime. This can be attributed to the integration of
heat transfer, mixing and reaction functionalities into a single reactor. Performing the
reactions in the reaction-limited regime is important for attaining maximum reaction
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When compared to a reported

monolith reactor with the same substrate,5 a more intensified process was attained
by the compact reactor. Consequently, a 41 % yield, corresponding to a space-time
yield of product of ca. 34 mol Lreactor–1 h–1, was achieved at 317 K for a single pass
through the reaction channel with undiluted catalyst bed for ca. 40 second residence
time. Some deactivation of the catalysts occurred due to formation of an insoluble
byproduct. The catalytic activity can, however, be recovered by solvent washing of
the catalyst. The staged injection of hydrogen was shown to be beneficial for this
model reaction, which was attributed to a better hydrodynamic regime.

7.2.2.

Nanofluids heat transfer in the compact reactor–micro heat exchanger

Effective heat transfer of integrated micro heat exchangers has been demonstrated in
the early study.6,

7

The possibility of further intensification of heat transfer in

compact reactor/heat exchanger with thermal nanofluids was studied in this thesis
(Chapter 4). The results showed that the enhancement in the overall heat transfer
coefficient of up to ca. 35 %, compared with the corresponding base heat transfer
fluid, was achieved with TiO2-ethylene glycol nanofluids. The thermal intensified
system showed a significantly faster dynamic response. This characteristic of the
thermal system enabled the rapid quenching of reactions. The increased demand on
pumping power was confirmed after introducing nanoparticles in heat transfer fluids.
The overall energy analysis of the system therefore is essential to obtain a true
picture of the whole system energy efficiency.

7.2.3.

Multi-step synthesis in the compact reactor

The investigation of the feasibility of performing multi-step catalytic reactions in the
compact multichannel reactor was presented in Chapter 5.

Synthesis of 1,2-

diphenylethane through Heck C–C coupling reaction and hydrogenation was
employed as a model reaction. A stepwise conversion of the substrates to the final
product was achieved in the compact multichannel reactor by coupling the Heck
reaction and hydrogenation. Furthermore, compared with the conventional ‘one-pot’
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synthesis in a batch reactor (several hours to attain a similar yield),8 the compact
reactor promoted a more intensified Heck reaction and alkene hydrogenation, i.e. the
target product was synthesised in the flow compact reactor within minutes of
residence time; with a lower operating temperature and pressure.

Activity of the

catalytic system can be mostly maintained by periodic reverse running operation of
the two reactions. The established tandem synthesis in flow compact reactor showed
that this compact reactor might be a suitable alternative to replacing the conventional
batch reactor for laboratory-scale multi-step synthesis.

7.2.4.

Developing Pd supported on mesoporous synthetic carbon catalysts for

flow catalysis
Pd supported on mesoporous synthetic carbon catalysts were proven to be highly
efficient for flow hydrogenation and hydrodehalogenation reactions in the structured
compact reactor (in Chapter 6). The synthetic carbon and two Pd/C catalysts were
characterised preliminarily using N2 adsorption, HR-TEM, XRD and XPS analysis.
The high efficiency of the continuous-flow catalytic system was believed to be
linked with (i) intensified atmosphere in the structured compact reactor due to the
integration of functionalities and reduction of characteristic dimensions and (ii) welldispersed active sites on the mesoporous surface and reduced diffusion resistance in
mesoporous structures.

Additionally, the continuous-flow catalytic system

demonstrated a high stability and catalyst longevity. The Pd/C catalysts were used
for up to 50 hours (for different reactions and substrates) under flow conditions
without significant loss of activity.

7. 3

Dissemination

Some of the results obtained from this investigation have been published in peerreviewed journals and others are being prepared, the information of these articles is
shown in section 7.3.1. Several oral and poster presentations, with regard to the
scientific aspects of this research, were made at a number of international
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conferences. The information of these presentations and conferences is listed in
section 7.3.2.

7.3.1.

Publications

The following set of publications have resulted from this research:

–

Chen H. S.; Ding Y. L.; Lapkin A. A.; Fan X. L., Rheological behaviour of
ethylene glycol-titanate nanotube nanoﬂuids. J. Nanopart. Res. 2009, 11(6),
1513-1520.

–

Fan, X. L.; Manchon, M.; Wilson, K.; Tennison, S.; Kozynchenko, A.;
Lapkin A. A.; Plucinski, P. K., Coupling of Heck and hydrogenation
reactions in a continuous compact reactor. J. Catal. 2009, 267 (2), 114–120.

–

Fan, X. L.; Plucinski, P. K.; Lapkin A. A., Liquid phase hydrogenation in a
structured multichannel reactor. Catal. Today 2009 (147S), S313–S318.

–

Fan, X. L.; Chen H. S.; Ding Y. L.; Plucinski, P. K.; Lapkin A. A., Potential
of ‘nanofluids’ to further intensify microreactors. Green Chem. 2008, 10 (6),
670–677.

7.3.2.

Oral and poster presentations

The following oral and poster presentations were made:

–

Poster presentation by Pawel Plucinski, ‘Liquid phase hydrogenation in a
structured multichannel reactor’ in the 3rd International Conference on
Structured Catalysts and Reactors, Naples, Italy, 27–30 September 2009.
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Oral presentation by Xiaolei FAN, ‘A promising flow reactor technology:
applications of a structured compact reactor in catalytic flow chemistry’ in
EuropaCat IX Congress, Salamanca, Spain, 30 August–04 September 2009.

–

Oral presentation by Xiaolei FAN, ‘Coupling of Heck and hydrogenation
reactions in a continuous compact reactor’ in the 8th World Congress of
Chemical Engineering (WCCE8), Montreal, Canada, 23–27 August 2009.

–

Oral presentation by Alexei Lapkin, ‘Nanofluids: thermal and rheological
properties and application in microfluidics and chemical reactors’ and poster
presentation by Xiaolei Fan, ‘Structured compact reactors for catalytic flow
chemistry’ in ACHEMA 2009, International Exhibition-Congress on
Chemical Engineering, Environmental Protection and Biotechnology,
Frankfurt, Germany, 11–15 May 2009.

–

Poster presentation by Xiaolei FAN, ‘The use of a compact multichannel
reactor for contiguous multi-step organic synthesis’ in IChemE Catalysis
Subject Group 2008 Student Conference (Applied Catalysis: Towards
Sustainable Chemical Industry), Bath, UK, 12 November 2008.

–

Oral presentation by Xiaolei FAN, ‘Intensification of heat transfer in compact
reactor/heat exchanger by TiO2-ethylene glycol nanofluids’ in the 20th
International Symposium on Chemical Reaction Engineering (ISCRE 20),
Kyoto, Japan, 7–10 September 2008.

–

Oral presentation by Alexei Lapkin, ‘Heat transfer nanofluids in compact and
microreactors’ in Engineering Conference International (ECI): NanofluidsFundamentals and Applications, Colorado, USA, 16-19 September 2007.
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Future work

The results of this investigation have shown that further research within this area is
recommended for optimising the continuous-flow reactor technology and extending
its applicability for different processes.
The structured compact reactor showed how efficient it is for transferring some
conventional heterogeneous catalytic processes in continuous flow.

When

considering the multiphase systems in micro and compact reactors, full
understanding of the hydrodynamics of individual phases and the interfacial transport
phenomena in the microreaction system is necessary for further optimising the
present design or developing new types of micro and compact reactors.
Subsequently, further experimental work together with necessary CFD simulation on
these two aspects is recommended.
Catalysts developed based on mesoporous synthetic carbons seem promising (refer to
Chapter 6) for their preliminary application in flow reactor systems. New catalysts
development using mesoporous synthetic carbons, especially for micro and compact
reactors, for extending their versatility in heterogeneous catalysis may open more
opportunities for exploiting new processes in flow regime, such as regioselective,
stereoselective, and enantioselective catalysis which is of particular importance for
fine chemical and pharmaceutical industries.
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Gas chromatography (GC) and GC method

Gas chromatography (GC)
Gas chromatography (GC) analysis was carried out to determine the product
distribution

and

conversion

during

catalytic

experiments.

Two

Varian

chromatographs (CP-3800/CP-3900) were employed in this study, and both equipped
with Flame Ionisation Detectors (FID), CP 8400 autosamplers (Varian), and split
injectors. A non-polar capillary column (CP Sil 5 CB, fused silica model, 15 m, 0.25
mm, 0.25 µm, Varian) was used in this study. The CP-Sil 5 CB column contains a
100 % dimethylpolysiloxane phase. Separation is almost entirely based on boiling
points making this column suitable for a wide range of applications, i.e. aromatic
hydrocarbons, halogenated hydrocarbons, hydrocarbons, etc., with a broad
temperature range. Samples taken from the experiments were analysed without
further preparation but with dilution in some cases. Split mode was used with a split
ratio of 50, i.e. 1/50th of the volume of the injected sample was sent for analysis
during sample injection. Preliminary analyses with pure compounds were performed
to determine the retention times and obtain detector calibration coefficients. The
internal standard method was also used in GC analysis to quantify the components of
the sample.
The internal standard is a compound added to a sample in known concentration to
provide a relative measure of concentration of the sample components.

Either

dihexyl ether or dodecane were employed as internal standards in this study for
different reactions.

Preliminary GC analyses showed that both of the internal

standard elute in a proper position on the chromatogram that does not interfere or
merge with any of the substrates, intermediates and products.

Standard samples

with known concentrations of analytes and internal standards were prepared for
calibration.

The calibration curves (one instance as shown in Fig. a.1) can be

obtained by plotting the ratio of the analyte signal to the internal standard signal
(peak area) as a function of the analyte concentration of the standards. This was
done to correct for the loss of analyte during sample preparation or sample inlet.
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Fig. a.1 Calibration sample curve of GC analysis. Iodobenzene in ethanol.

GC method
Information on developing GC methods for this study is listed as below.

Autosampler
Syringe size – 10 µL.
Injection mode: std split/splitless.
Sample depth – 90 %.
Solvent depth – 90 %.

Injector
Select injector (only apply to GC 3800) – middle injector (connected with capillary
column and FID detector, for most applications).
Injector coolant – set as ‘off’.
Split ratio –50.
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Injector temperature – 10 K higher than the highest boiling point of the compounds
in the sample.

Detector
Select detector (only apply to GC 3800) – middle (FID detector, for most
applications).
Detector oven – set as ‘on’.
Electronics – set as ‘on’.
Time – set as ‘initial’.
Range – set as ‘12’ (most sensitive mode).
Attenuation – set as ‘1’. (only apply to GC 3900)
Autozero – set as’yes’.
EFC type – set as ‘type 11’ (only apply to GC 3900, flow-rates of make-up gas, H2,
and air can be specified here, refer to B. Set up the flow-rates for make-up gas (30
mL min–1), air (300 mL min–1), H2 (30 mL min–1) and septum purge line (in the
range of 1–5 mL min–1).
Detector temperature – 10 K higher than injector temperature (in order to avoid the
condensation of compounds in detector).
Time constant – set as ‘fast’.

Flow/pressure (only apply to GC 3800)
EFC type – set as ‘type 1, for (1079/1177 injectors)’.
Column flow – set as ‘0.8 mL/min’.
Pressure pulse – set as ‘no’.
Constant flow – set as ‘on’.
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Column oven
Temperature program – depends on the analysis.
Column oven coolant – set as ‘off’

Data acquisition
Detector bunch rate – set as ‘1’ point (80.0 Hz).
Noise monitor length – set as ‘16’ bunched points (0.2 sec).
Detector full scale – set as ‘1000v’ (for GC 3800, set middle detector full scale, i.e.
FID detector, as ‘1000v’).

II

Gas adsorption analysis

Gas adsorption analysis was conducted in this study for obtaining nitrogen
adsorption isotherms to evaluate the specific surface area and the pore size
distribution of the carbon supports and catalysts. Measurements of isotherms at 77 K
on samples were performed on a Micrometrics Accelerated Surface Area and
Porosimetry (ASAP) 2010 analyser. Nitrogen was used as probing gas due to: (i)
molecular size of nitrogen is well established, (ii) it is inert and (iii) nitrogen is
available in high purity at a reasonable cost. Adsorption and desorption analysis of
the sample (in a sample tube) was performed in a coolant bath of liquid nitrogen at
77 K. An equilibration time of 45 second was used for each isotherm data point
during the analysis. The technique requires a clean surface, therefore, an over-night
degassing step was performed at 453 K under vacuum to remove residue moisture
and vapours.
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Determination of the specific surface area
Specific surface area of catalysts is an important attribute for catalyst users to
monitor the activity and stability of catalysts. Two of the most universal methods
used for determining the specific surface area are single point method (p/p0 = 0.3)
and multipoint method (0.05 < p/p0 < 0.35), which are based on the isothermal
adsorption of nitrogen.1 The multipoint Brunauer-Emmett-Teller (BET) method2 is a
widely accepted calculation for determining specific surface area. Measurements for
the BET model evaluation are (i) relatively simple to obtain, (ii) widely applicable
and (iii) results are highly reproducible.

Therefore, in present study, the BET

method was employed to determine specific surface area of activated carbon support
and activated carbon supported metal catalysts.
Fig. a.2 is a representative isotherm of the carbon support/carbon supported metal
catalysts used in this study. The data points in the range of 0.05–0.35 p/po, which is
indicated in Fig. a.2, are transformed with the BET equation1,
3

2

(Eq. (a.1)) for

–1

calculating monolayer adsorbed gas quantity (Vm, m g ) and BET constant (C, a
constant that is related to the heat of adsorption).

p p0
1
C −1
=
+
⋅ p p0
0
Va (1 − p p ) Vm ⋅ C Vm ⋅ C

(a.1)

In Eq. (a.1), p/po is the relative pressure (–), Va is the adsorbed volume at a given p/po
(cm3 g–1).
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p/p / Fig. a.2 Nitrogen adsorption isotherm of activated carbon.

A linear relationship between

p p0
and p/po is required to obtain the quantity
Va (1 − p p0 )

of nitrogen adsorbed in the monolayer (see Fig. a.3 as a representative BET surface
area plot of the carbon support/carbon supported metal catalysts used in this study).
In order to obtain an intercept with positive value (to make sure the BET constant C
is positive) from the linear fit, this linear part of relative pressure is restricted to a
limited portion of the abovementioned range, generally between 0.05–0.20 p/po. By
using Eq. (a.2) and (a.3), the slope (A) and intercept (I) of the linear fit were used to
determine Vm and C.

Vm =

1
A+ I

(a.2)

A
I

(a.3)

C = 1+

Page | 151

Appendix

According to the definition of total BET surface area, Eq. (a.4), the total BET surface
area of a sample can be obtained.

S BET ⋅total =

Vm ⋅ N ⋅ S

(a.4)

ν

Where N is Avogadro’s number = 6.022 × 1023 mol–1, S is adsorption cross section =
0.162 × 10–18 m2 (for N2), ν is molar volume of the adsorbent gas = 0.022414 m3
mol–1 (for N2).
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p/p / Fig. a.3 BET surface area plot of MAST carbon.

Determination of the average pore diameter and pore size distribution
The original Barrett-Joyner-Halenda (BJH) method was used in this study for
calculating pore size (for mesopores) distributions due to its universal acceptance for
determining pore structure of mesoporous materials. BJH method is based on a
model of the adsorbent as a system of open-ended cylindrical pores.3 The theory
accounts for capillary condensation in the pores using the classical Kelvin equation,
which in turn assumes a hemispherical liquid-vapor meniscus and a well-defined
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surface

tension.

All

the

results

related

to

BJH

method

such

as

incremental/cumulative pore volume and incremental/cumulative pore area were
automatically generated by the ASAP 2010 analyser and given as report (the fraction
of open-ended cylindrical pores = 1).
In the standard ASAP analysis report, the average pore diameter (d) of a sample was
estimated on the basis of the cumulative pore volume (Vcu.) and cumulative pore area
(Acu.) according to the full adsorption/desorption relative pressure range (0 < p/p0 < 1)
by using Eq. (a.5).

d = 4Vcu. / Acu.

(a.5)

However, according to the BJH theory, the capillary condensation/evaporation
process is only happened in the hysteresis loop closure, i.e. from the relatively low
p/p0 values used for the BET method (~0.3) towards unity. Therefore, performing

the calculation for determining average pore diameters of samples by using a
narrower p/p0 range is essential from a practical point of view. In this study, a
relative pressure range of 0.8 < p/p0 < 0.9 was used for calculating pore size
distribution and both adsorption and desorption branch of each isotherm were
analysed.
Micropore size distribution was obtained by using original Harvoth-Kawazoe method
(slit-shaped pore geometry), which has been widely used for determining pore size
distribution in a microporous material from a single adsorption isotherm.

III

MS and NMR analysis

Mass Spectrometry (MS)
Mass spectrometry (MS) was employed for the determination of the chemical
structures of molecules such as products and by-prodcuts generated in the reactions.
A microTOF (ESI–TOF) mass spectrometre from Bruker was used in this study. The
Page | 153

Appendix

MS is controlled by OpenAccess software, with a choice of generic methods for
different mass ranges and polarities. Generally it is run using an autosampler to
inject the sample into a solvent stream supplied by the LC pump, without any
chromatographic separation. There is also the capability for liquid chromatography to
precede the mass spectrometric analysis (LC–MS). MS analysis was accomplished
under assistance of Dr Anneke Lubben in the Department of Chemistry at University
of Bath.

Nuclear Magnetic Resonance (NMR)
A Bruker Nuclear Magnetic Resonance (NMR) spectrometre (300 MHz) was used to
identify the chemical structures of unknown compounds. NMR spectrometre is
operated in full automation and with a fully autotunable probe which allows data
from a complete range of NMR-active nuclei to be acquired.

Proton NMR (1H

NMR) analysis was most commonly carried out in this study. 1H NMR spectra were
recorded in solution and in order to rule out the interference from solvent protons, a
solvent without hydrogen i.e. deuterated (deuterium = 2H, often symbolised as D)
solvents, is essentially needed for 1H NMR analysis. In present study, chloroform-d
was used as the only solvent for preparing the samples.

NMR analysis was

performed in the Department of Chemistry at University of Bath.
Fig. a.4 is the 1H NMR spectra analysis of the byproduct identified in benzaldehyde
hydrogenation. And combine with results of the MS analysis, the byproduct was
revealed as shown in Scheme 3.2 in Chapter 3.
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Fig. a.4 1H NMR spectra of the byproduct in benzaldehyde hydrogenation.

IV

XRD and XPS analysis of the fresh and spent Pd/C

X-ray Diffraction (XRD) analysis
X-ray diffraction technique (XRD) was used in this study to determine the average
metal size of catalysts on the carbon support. XRD analysis was performed by Dr.
Karen Wilson in the Department of Chemistry at University of York (Bruker AXS
D8 Discoverer X-ray diffractometre, with CuKα radiation (λ = 0.154 nm) and a
graphite monochromator) and Mr Harry Bone in the Department of Physics at the
University of Bath (Philips 4 kW X-ray generator (PW1730) with a CuKα X-ray
source (λ = 0.154 nm) and the diffractometre goniometre (PW1820) controlled via
Philips (PW1877 PC-APD) software). All the scans were performed in the 2θ range
of 30°–55°.
Scherrer equation,5, 6 Eq. (a.6), was used to calculate the particle diameter (d).

d=

kλ
β cos (θ )

(a.6)
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where k is the Scherrer constant (0.89 for integral breadth of spherical crystals with
cubic symmetry), λ is the x-ray wavelength, β is the integral breadth of the peak at
2θ and β = (π/2)·FWHM (full width at half maximum) for a Gaussian shape peak),
and θ is the Bragg angle.
The results of the analysis are shown as in Table a.1 and Fig. a.5 and Fig. 6.5 in
Section 6.3.1.
Table a.1 Average particle size (Pd) by XRD analysis (Scherrer equation).

Catalyst
Pd/C (5 wt.%) fresh
Pd/C (5 wt.%) spenta
Pd/C (5 wt.%) spentb
Pd/C (3 wt.%) fresh
Pd/C (3 wt.%) spenta
a
b

Preparation method Average diameter / nm
Deposition-reduction
4.8
Deposition-reduction
5.7
Deposition-reduction
13.0
Incipient wetness
5.2
Incipient wetness
5.5

used for hydrogenation and hydrodehalogenation reactions.
used for consecutive Heck reaction and hydrogenation.
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Fig. a.5 XRD pattern of Pd/C (5 wt.%) catalysts (for consecutive Heck and hydrogenation
reaction) obtained using Bruker AXS D8 Discoverer X-ray diffractometre (University of
York).

Page | 156

Appendix

X-ray Photoelectron Spectroscopy (XPS)
X-ray photoelectron spectroscopy (XPS) was used in this study for the surface
chemical analysis to determine the elemental composition of Pd/C catalysts. XPS
analysis was performed by Dr. Karen Wilson at University of York using a Kratos
Axis His instrument equipped with a MgKα X-ray source and charge neutraliser.
Spectra are acquired by using a pass energy of 20 eV with an X-ray power of 169 w.
Spectra are energy-referenced using valence band and adventitious carbon, whereas
quantification and deconvolution is performed using CASA-XPS version 2.3.9

Pd 3d

software. The results of the analysis are shown as in Table a.2 and Fig. a.6.
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Fig. a.6 High Resolution Spectrum for Pd(3d) signal.
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Table a.2 Elemental composition of the sample surface by XPS analysis.

Sample
Pd / % C / % O / %
Pd/C (5 wt.%) fresh
1.4
72.4 26.2
Pd/C (5 wt.%) spent
2.5
75.1 22.3

V

Time constant model

Assumptions:
•
•
•
•

Heat transfer only happens between the reactor main body and heat transfer
fluid.
All the physical properties of heat transfer fluids remain constant in the whole
process.
The bulk temperature of heat transfer fluids in re-circulating bath 2 remains
steady for the whole process.
After quenching, temperature of the ultimate steady state equals the bulk
temperature of heat transfer fluids in re-circulating bath 2.

Experimental system for performing dynamic heat transfer experiments can be seen
in Chapter 4 (Fig. 4.3).

Description:
•
•
•
•

Heat transfer between reactor and heat transfer fluid 1 (high temperature one,
in re-circulating bath 1) is in steady state.
A cooler heat transfer fluid is introduced by quick switching to use recirculating bath 2.
The reactor is quenched by this sudden change of the temperature of the heat
transfer fluid.
The whole system achieves another heat transfer steady state at lower
temperature.

Derivation:
Properties of the reactor:
A is the area of the heat transfer interface / m2
m is the mass of the reactor material / kg
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cp is the specific heat capacity of the reactor material / J kg–1 K–1
Tw is the temperature of the reactor at time t / K

Properties of the heat transfer fluid 2:
T∞ is the bulk temperature / K
h is the heat transfer coefficient / W m–2 K–1

Then the heat transfer process can be described by using Eq. (a.7):

hA (Tw − T∞ ) = − mc p

dT
dt

(a.7)

let ∆T= Tw-T∞

hA ∆T = − mc p

d ∆T
d ∆T
→
= −(hA mc p )∆T
dt
dt

The initial conditions are: t = 0, ∆T = T0 - T∞ = ∆T0, where T0 is the initial steady state
temperature of the system which equals the temperature of heat transfer fluid in recirculating bath 1.
t
d ∆T
∆T
∆T
− ( hA mc p ) t
= −(hA mc p ) ∫ dt → ln
= −( hA mc p )t →
=e
0
∆T0 ∆T
∆T0
∆T0

∴∫

∆T

→ ∆T = ∆T0 e

− ( hA mc p ) t

= (T0 − T∞ ) e

− ( hA mc p ) t

→ Tw = T∞ + (T0 − T∞ ) e

− ( hA mc p ) t

 W   2
 m 2 K   m  W 1
The dimension analysis of hA/mcp: hA mc p =
=
=
J s
 J 
[ kg ]  
 kgK 
Let mc p hA = τ , τ is the time constant then this model (Eq. (a.8)) can be used for
describing this quenching process and estimating time constant.

Tw = T∞ + ( T0 − T∞ ) e −T τ

(a.8)
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VI

Productivity determination

For batch reactor:

P=

CProduct
t

(a.9)

Where CProduct is the product concentration (mol L–1), t is the reaction time (h).

For compact reactor:

P=

CProduct

τ

(a.10)

Where CProduct is the product concentration in the outlet stream (mol L–1), τ is the
hydraulic residence time (h) and can be calculated by Eq. (a.11).

τ=

VReaction channel ⋅ ε
FLiquid

(a.11)

Where VReaction channel is the total volume of the reaction channels used, ε is the
catalyst packing voidage (–, in this case ε = 0.4), FLiquid is the volumetric flow rate of
liquid phase (L h–1).

Reference
1.

Rouquerol, F.; Rouquerol, J.; Sing, K., Adsorption by Powders and Porous
Solids: Principles, Methodology and Applications. Academic Press: London,
1999.

2.

Brunauer, S.; Emmett, P. H.; Teller, E., Adsorption of gases in
multimolecular layers. J. Am. Chem. Soc. 1938, 60, (2), 309–319.

Page | 160

Appendix

3.

Barrett, E. P.; Joyner, L. G.; Halenda, P. P., The determination of pore
volume and area distributions in porous substances. I. Computations from
nitrogen isotherms. J. Am. Chem. Soc. 1951, 73, (1), 373–380.

4.

Horvath, G.; Kawazoe, K., Method for calculation of effective pore size
distribution in molecular sieve carbon. J. Chem. Eng. Jpn 1983, 16, (6), 470–
475.

5.

Patterson, A. L., The scherrer formular for X-ray particle size determination.
Phys. Rev. Lett. 1939, 56, (10), 978–982.

6.

Langford, J. L.; Wilson, A. J. C., Scherrer after 60 Years: A survey and some
new results in the determination of crystallite size. J. Appl. Cryst. 1978, 11,
(April), 102–113.

Page | 161

