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Abstract 
 

The aim of this study was to further understand the fouling and cleaning mechanisms of 
synthetic membranes used to filter an industrially relevant feed.  The main focus of this 
study was to understand the fouling layer properties during pressure driven filtration. A 
relatively new technique known as Fluid Dynamic Gauging (FDG) was applied to 
examine the fouling layer thickness. This work comprised of four main themes with 
overlapping objectives: (i) the optimisation of Spent Sulphite Liquor fouling and 
cleaning conditions, (ii) the optimisation of molasses fouling and cleaning conditions, 
(iii) the investigation of the effect of a simple pre-treatment upon the membrane 
separation performance, and (iv) the application of the FDG in the study of polymeric 
membranes. 
 
An understanding of the mechanisms involved in fouling and cleaning of microfiltration 
and ultrafiltration membranes used to filter molasses and SSL has been attained. The 
variables affecting permeate flux and quality were optimised and mechanistic 
information concerning the synergistic effects between fouling and cleaning was 
gathered.   
 
The application of a simple NaOH pre-treatment was found to affect both the type of 
foulant species attaching to the membrane surface, and resulted in an altered separation 
and cleaning performance. Zeta potential measurements, FTIR and AFM demonstrated 
that both in-pore and surface fouling was present. The data collected indicated that for 
both membranes evaluated, different fouling species were found to have attached, 
depending upon the pre-treatment protocol used. These findings are significant, as they 
offer support to the recommendations made by some polymeric membrane 
manufacturers that conditioning protocols should include a NaOH step. However, in the 
SSL system examined, the effect of NaOH pre-treatment resulted in an improvement in 
the subsequent performance only over the first two or three complete filtration cycles. It 
is therefore necessary to study membrane systems over multiple fouling and cleaning 
cycles before a recommendation can be made. An improved understanding of the 
interaction between the surface chemistry and surface physics during membrane 
filtration of complex food based material will benefit both membrane manufactures and 
food industry based users.  
 
The technique of Fluid Dynamic Gauging was incorporated into an existing system and 
validated to monitor the development of cake layers over time. The FDG was also used 
to optimise conditions and track the thickness of the cake layer during multiple fouling 
cycles and its removal rate during cleaning, as an aid to understanding removal 
mechanisms. It has been shown that operating conditions have to be carefully chosen to 
minimise the effect of membrane fouling. The results show that FDG is a versatile and 
powerful technique for characterising the dynamics and mechanical behaviour of 
fouling layers on membrane surfaces. A particular advantage of the FDG technique is its 
ability to determine the thickness of fouling layers where other techniques would find 
difficulty. For example, the layers formed in this study were opaque, and consequently 
the determination of the development of deposit thickness with time would have been 
very challenging using conventional optical microscopy techniques.  
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Design to mitigate or minimise fouling and promote cleaning is complicated by the 

variety of fouling mechanisms that can occur. Therefore, a fundamental understanding 

of fouling mechanisms is of paramount importance. Therefore, the system as a whole 

should be studied, by looking at both the fouling and cleaning processes. Cleaning of 

membranes is inevitable, and the frequency of cleaning can be reduced due to advanced 

fouling knowledge. Although this area has received interest in the literature, there is a 

limited amount of resource on the actual fouling layer properties during membrane 

separation. 

1.3. Membrane Characterisation 

Membrane process optimisation requires a need to understand the basic phenomena 

occurring within the membrane, the polarization layer and the bulk fluid. Membrane 

surface characteristics such as hydrophobicity, charge, and roughness will affect the 

membrane separation characteristics. Modification of the membrane surface can lead to 

a decrease in the membrane fouling potential. Previous studies have shown that a 

membrane surface has a reduced fouling tendency if the surface is hydrophilic and 

charged similarly to the key fouling species in the filtrate solution (Capannelli et al., 

1990; Jönsson and Jönsson, 1995; Vernhet and Moutounet, 2002; Väisänen, 2004). 

Fouled membrane surfaces can be characterised using a range of techniques such as: (i) 

Streaming potential measurements, (ii) Fourier Transform Infra-Red (FTIR) spectral 

peak height analysis, (iii) Scanning electron microscopy (SEM), (iv) Atomic force 

microscopy (AFM), and (v) Contact angle measurements. 

1.4. Aims and Scope of this Study 

The aim of this study is to further understand the fouling and cleaning mechanisms of 

an industrially relevant feed.  An improved understanding of the interaction between the 

surface chemistry and surface physics during membrane filtration of complex food 

based material will benefit both membrane manufacture and food industry based users. 

The main focus being the understanding of the fouling layer properties during pressure 

driven filtration. It is proposed to use a relatively new technique, known as Fluid 

Dynamic Gauging, to measure the fouling layer thickness. The operational principles of 

this technique are explained in this study. The main objectives of this work are as 

follows: 
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applied to the final effluent obtained in the preparation of sugar by repeated 

crystallization. The purpose of membrane separation in this study is the clarification of 

molasses to protect the downstream process, e.g. precipitation, and chromatography. 

This requires the removal of calcium salts such as calcium sulphate, calcium oxalate, 

and calcium oxalate monohydrate. Microfiltration offers the possibility of separating the 

crystalline material (retained in the retentate) from the sugar and divalent ionic species 

(passed through to the permeate stream).  

1.5. Thesis Structure 

This thesis is divided into 7 chapters, which focus on the issues discussed above. A brief 

description of each chapter is given below: 

 

Chapter 1:  Introduction. 

Chapter 2: Chapter 2 details the process and design considerations required for 

membrane fouling, monitoring and cleaning. A review of relevant 

literature aims to facilitate the understanding and interpretation of 

experimental results presented in subsequent chapters.  

Chapter 3: Chapter 3 describes the experimental systems developed in this study 

and classifies the material and methods used. The relevant analytical 

techniques are also detailed. 

Chapter 4: Chapter 4 presents the results concerning the fouling and cleaning 

properties of the ultrafiltration of SSL. The start of the chapter will focus 

on the optimisation of the fouling and cleaning of SSL filtration. This 

will include a discussion of the SSL filtration in terms of flux 

performance, resistance and rejection. The second part of the chapter will 

investigate the effect of pre-treatment cleaning on the filtration of SSL. 

The section explains the filtration process in further detail using various 

analysis techniques.  

Chapter 5: Chapter 5 presents the results concerning the fouling and cleaning 

properties of the microfiltration of molasses. The start of the chapter will 

focus on the optimisation of the fouling and cleaning of molasses 

filtration. This will include a discussion of the molasses filtration in 

terms of flux performance, resistance and rejection. The second part will 
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Chapter 2 

Process and Design Considerations 

2.1. Introduction 

In this chapter, the literature is reviewed and the critical process and design parameters 

which influence membrane fouling and cleaning are identified. The two process fluids 

used in this study are discussed. This section also includes the current methods for 

monitoring fouling thickness and details the technique Fluid Dynamic Gauging that is 

being applied in this research. 

2.2. Membrane Filtration 

2.2.1. Introduction 

Membrane separation is the use of a selective semipermeable barrier between two 

phases in solution or suspension. The material which passes through the membrane is 

called the permeate and the material which is retained by the selective barrier is called 

the retentate.  Transport of species through a membrane takes place when a driving 

force (i.e. chemical or electrical potential) acts on the individual components in the 

system (Mulder, 2000). The fundamental principle behind the separation in this study is 

pressure driven, where a pressure gradient exists between the retentate and permeate 

side.  This is used to concentrate or purify a dilute solution to varying extents depending 

on the structure of the membrane (Väisänen, 2004).  

2.2.2. Different Filtration Classification 

The different separations attained by membrane filtration are classified on the basis of 

their separation threshold (Table 2.1 and Figure 2.1). They are usually characterised by 

an effective pore-size or molecular weight cut-off (MWCO) and are divided into four 

distinct categories: microfiltration (MF), ultrafiltration (UF), nanofiltration (NF), and 

reverse osmosis (RO) (not shown in Table 2.1). The pore diameter of the membranes 

can vary between 10 µm for MF and 1 nm in the case of RO. MF, UF and NF, can be 

used for decolourisation and removal of other impurities. MF and UF are usually quite 

similar and act on the basis of sieving. This means the separation occurs mainly by size 
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2.2.3.1. Dead-end Operation 

In the dead-end mode, the feed flows towards the surface of the membrane, and is 

forced to pass through the membrane perpendicularly. This mode can be seen in Figure 

2.2. Conventional filtration processes are typically operated in dead-end mode, where a 

sieving action occurs. It results in an accumulation of particles at the filter, which is 

referred to as a cake layer. The quality of the permeate will decrease with time as a 

result of the increase in the concentration of rejected components in the feed. This is 

discussed in more detail below. Dead-end membrane filtration is not of practical interest 

for most filtration applications due to the instantaneous flux decline that results. 

However, it is effectively used for specific separations such as pilot-scale tests. Absence 

of an axial shear rate distinguishes the dead-end filtration from the cross flow filtration 

during the cake build-up on the membrane surface (Mulder, 2000; Koltuniewicz et al., 

1995). Dead-end filtration is only suitable for dilute suspensions. As for unstirred dead-

end filtration the cake continues to grow until the process is stopped (Belfort et al., 

1994). Kim and Hoek (2002) reported that the pressure dependent cake volume fraction 

was found to be highly dependent on initial flux, particle size, bulk solution ionic 

strength, and weakly dependent on the particle surface (zeta) potential.  

 

Feed Stream 

 Permeate 

 

Feed  Retentate 

 
Figure 2.2: Dead-end (left) and Cross flow Filtration (right). 

 

2.2.3.2. Cross flow Operation 

In cross flow filtration, the feed flows parallel to the membrane surface with the inlet 

feed stream separating into the permeate and the retentate (Figure 2.2). The composition 

of the feed is a function of distance along the module. Cross flow filtration provides 

significant built-in advantages over dead-end filtration. The movement of the retentate 
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Figure 2.3: Diagrams showing different cross flow membrane module designs (Adapted from 
Mulder, 2000). 
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the industry have an asymmetric structure, whereby the membrane consists of two 

layers. The top layer is a very thin dense layer (also called the top skin layer), and the 

bottom layer is a porous sub layer. The top dense layer governs the performance 

(permeation properties) of the membrane while the porous sub layer provides the 

membranes mechanical strength (Khulbe et al., 2008). Ideally, membranes should have 

high porosity to ensure high fluxes, and a narrow pore size distribution to ensure good 

selectivity (Shorrock, 1999). 

 

According to Cheryan (1998) membrane filtration does not affect the chemical structure 

or thermal stability of the materials used. Hydrophobic membranes, such as 

polysulphone, polypropylene, polyvinyldienefluoride and polytetrafluorethylene, absorb 

more protein compared with hydrophilic membranes (e.g. cellulose acetate, poly-

acrylonitrile) (Makardij et al., 1999). In general, hydrophilic membranes have superior 

properties in regard to fouling, but hydrophobic membranes are still commonly used in 

UF (Jönsson and Jönsson, 1995). The charge on the membrane surface is important. If 

the membrane surface and the foulant (e.g. colloidal material) have the same charge, it 

means adhesion of material to the membrane is reduced. This helps to inhibit membrane 

fouling. Many colloidal materials have a slight negative charge from acid groups, such 

carboxylic and sulphonic acids. If the charges are different, the effect is the reverse 

(Baker, 2004). However, hydrophobic membranes are expensive, and need to be 

prevented from drying out once wetted. To overcome the drying, all commercial 

membranes are coated in a hydrophilic agent, e.g. glycerine during manufacturing. This 

preservative needs to be removed before a membrane can be measured for performance 

(conditioning).  

2.3. Membrane Fouling 

2.3.1. Introduction 

The membrane process is measured by the flux (throughput), and ideally there should 

be 100 % transmission of the desired component. In practice this is impossible due to 

the effects of fouling. Fouling is defined as the unwanted deposition (or growth) of 

suspended, dissolved, or chemically generated species from process fluids on to a 

surfaces. Membrane fouling is a complex phenomenon. As soon as a separation of 
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removed with water flushing, and in some cases chemical cleaning (Stage D) is also 

inadequate.  Irreversible fouling is usually caused by adsorption and pore constriction. 

 

 

Flux decline during 
solution filtration (B) 

Reversible fouling and 
concentration polarisation 

Water flush (C) 

Chemical cleaning (D) 

Irreversible fouling, 
removable by cleaning 

Irreversible fouling, not 
removed by cleaning 

Membrane compaction 
with clean water (A) 

Fl
ux

 

Time 

Membrane compaction with 
clean water  

 
Figure 2.4: Schematic illustration of the filtration procedure (Adapted from Väisänen, 2004). 
 

The flux decline can be caused by several increases in resistances that are summarised 

in Figure 2.5. Membrane fouling can be divided into four categories; (i) adsorptive 

fouling, (ii) pore blocking, (iii) cake layer formation, and (iv) gel layer formation. 

Adsorption consists of three processes: transport of foulant by diffusion or convection 

towards the membrane internal pore wall, followed by attachment to the surface and 

conformational changes on the surface (Metsämuuronen, 2003). This causes pore 

constriction, which obstructs the movement of other material. Pore blocking/plugging 

occurs once the foulants completely obstruct the transportation of solvent or solute 

through a pore. Cake layer formation is a special case of concentration polarisation, 

whereby the concentration at the boundary layer increases to a maximum forming a 

solid deposited layer. A gel layer may also be formed at the membrane surface due to a 

high concentration and pressure. 

 



Chapter 2: Process and Design Considerations 
 

19 

 

 

Rp : pore-blocking 
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Figure 2.5: Overview of various types of resistance towards mass transport across a membrane 
(After Mulder, 2000).  
 

2.3.4. Resistance in Series Model 

The resistance in series model is derived from the governing equation for pressure 

driven membrane flux. Membrane resistance is the product of pore size, pore density, 

pore depth, the materials wettability, and the hydrodynamic resistance of the device 

holding the membrane. The interaction forces between solute, solvent, and membrane 

material play an important role as well (Fane and Fell, 1987). The resistances shown in 

Figure 2.5 are used in the resistance in series model to equate a total fouling resistance 

(RT), shown in Equation 2.6. 

 

cRRRRRRR gcpapmT �����������                   2.6 

 

A fouling resistance (RF) can be determined using Equation 2.7. 

 

cgapF RRRRR �������                     2.7 

 

This results in the total hydraulic resistance shown in Equation 2.8. 

 

cpFmT RRRR �����                     2.8 
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permeability and solute transmission characteristics are altered due to: (i) internal 

blockage of pore and (ii) internal constriction of pore.  
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Time 
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Figure 2.8: Graph to illustrate the internal and external fouling (Adapted from Tracey and 
Davis, 1994). 
 

2.3.9.1. Pore Blocking  

Constant pressure blocking filtration laws were developed in their recognised form by 

Shirato et al. (1979) and later expanded by Hermia (1982) to include an intermediate 

blocking law. Bowen et al. (1995) explained the fouling of MF membranes in terms of 

successive or simultaneous presence of the following stages (Figure 2.9). 

 

a) Complete Blocking - the smallest pores are blocked by particles arriving at 

the membrane surface and no further material can pass through the pores. 

b) Standard Blocking - the inner surface of the bigger pores are covered, a 

result of direct adsorption of particles, which leads to reduction of pore 

volume. 

c) Intermediate Blocking - some particles arriving at the membrane cover 

particles already deposited while others directly block some of the pores. 

d) Cake Filtration - a cake build up occurs due to the accumulation and 

agglomeration of particles absorbed onto the membrane surface. 

 

The laws allow a prediction of the type of blocking occurring at a given instance during 

fouling flux decline. Hermia (1982) derived an empirical fouling model for non-
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where J* is the flux at steady state. Curve fitting of Equation 2.12 to experimental data 

will give an indication of the fouling mechanism occurring. The knowledge of the 

position and extent of deposition on the membrane can aid the implementation of the 

correct cleaning procedure. 

 

a) Complete Blocking b) Standard Blocking 

c) Intermediate Blocking  d) Cake Filtration 

 
Figure 2.9: Pore Blocking Model (After Bowen et al., 1995). 

2.3.10. Effect of Fouling Operating Parameters 

There are many ways to prevent or minimise fouling and concentration polarisation. 

These include adjusting the filtration process parameters such as shear force, pressure, 

pH, salt concentration, feed concentration and temperature or flow rate (Väisänen et al., 

2002).  

2.3.10.1. Temperature 

Temperature has an effect on the mass transfer coefficient values as well as the viscosity 

of the solution. As the temperature increases so does the permeate flux. This is due to a 

decrease in viscosity and increase in diffusivity of the feed (Marshall et al., 1993). 

Vigneswaran and Kiat (1988) observed that the effect of increasing temperature on 

fouling flux was minor for lower cut-off UF membranes. The temperature capability of 

a membrane system is, in most cases, not dictated by the temperature limitation of the 

membrane, but primarily by the membrane configurations and other components in the 

membrane system. Energy consumption to pre-heat the feeds must be taken into 

consideration when deciding upon conditions.  
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2.3.10.2. Cross Flow Velocity 

In industry, turbulent flow conditions are normally selected as cross flow is effective in 

removal of accumulated substances at the membrane surface, often due to shear rate 

(Wu and Bird, 2007). Shear rate is a function of the velocity at which the filtrate is 

passed across the surface of the membrane. This shear acts to sweep away particles 

which accumulate at the membrane surface (Kumar, 2009). This can lead to a thinning 

of the concentration polarisation layer (Belfort et al., 1994). A reduction in 

concentration polarisation can be achieved by increasing the mass transfer away from 

the membrane (Bartlett, 1998; Bian et al., 2000). The mass transfer coefficient, k, is 

related to the Sherwood number (Sh), Equation 2.18. 

 

cbh Sca
D
dk

Sh Re� �                   2.18 

 

where Re is the Reynolds number, Sc the Schmidt number, and a, b, and c are constants. 

The Lévêque solution is most widely used for laminar flow (Equation 2.19). Here, the 

parabolic velocity profile is assumed to be developed at the channel entrance (Coulson 

et al., 1997). 
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L

d
Sh h                    2.19 

 

where L is the duct length. Equation 2.20 is used for turbulent flow which is the Dittus-

Boelter correlation (Coulson et al., 1997). 

 
33.08.0Re023.0 ScSh�                   2.20 

 

These equations assume fully developed flow, negligible pressure drop and solute loss 

in the axial direction. The increased energy consumption as a result of increased cross 

flow velocity must be considered in the efficiency of the whole process. 
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2.3.10.3. Transmembrane Pressure  

Transmembrane pressure (TMP) is the difference in pressure between the filtrate side of 

the membrane and the permeate side of the membrane and is the driving force of the 

membrane separation. The effect of TMP has been observed by numerous researchers 

(Field et al., 1995; Kalhoinen et al., 2007; Mikulasek, 1994). It has been observed that 

as the TMP increases so does the permeate flux, with a linear relationship until a certain 

pressure where the permeate flux levels off and reaches a limiting value. This has been 

discussed further in section 2.3.5. Jönsson (1984) found that when ultra-filtering  

9.1 wt. % whey protein solutions the flux values decreased with increased TMP once a 

maximum was reached. Barros et al. (2003) found that flux variations in UF of 

pineapple juice were independent of TMP variation, and the flux remained constant as 

pressure increases. This suggested that they were operating within the limiting flux 

region. Whereas Laorko et al. (2010) observed flux increasing linearly as TMP 

increased under low pressure (TMP < 0.4 bar). However, the results showed that TMP 

did not have significant effect on the phytochemical properties of clarified pineapple 

juice. Blanpain et al. (1993) found whilst filtering beer using MF membranes the 

retention increased significantly as TMP was increased. When the TMP was decreased 

again the rejection decreased significantly. Evans (2008) also observed an increase in 

solids retention as the TMP increased during the UF of tea.  

 

All membranes are sensitive to pressure. Kallioinen et al. (2007) discussed that under 

high pressure on a polymeric membrane, compaction can occur. This left a more dense 

structure with smaller pores and lower membrane flux. It can also affect the retention of 

the membrane, where membrane compaction causes a decrease in pore size or 

deformation of the pore geometry. According to Wagner (2001) it is important to 

correctly support the membrane to prevent pressure squeezing the membrane into the 

support material. 

2.3.11. Prevention of Membrane fouling 

Methods to prevent fouling should be highlighted before cleaning is considered. 

Important considerations are feed pre-treatment, membrane pre-treatment and system 

hydraulics. Muthukumaran et al. (2005) discussed the various methods that have been 

used to reduce the negative effects of concentration polarisation and fouling. The 
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modification, electron irradiation, UV irradiation, plasma treatment, blending, coating 

and grafting (Väisänen, 2004; Rana et al., 2005). Kulkarni et al. (1994) found that when 

the surface of a polyamide composite membrane chemically reacts with a strong 

hydrofluoric acid solution, the top polyamide layer becomes slightly thinner. This 

resulted in a considerable flux increase and a similar or improved rejection.  

 

Plasma polymerization is when a porous substrate membrane is placed in plasma, and 

the surface of the membrane is subjected to various changes corresponding to the 

property of plasma. The substrate surface can be etched and/or chemically active sites 

can be introduced to the surface (Kulkarni et al., 1994). Bryjak et al. (2000) found that 

the plasma modification method was able to obtain a membrane with a requested pore 

diameter. The use of plasma on porous membranes resulted in an increase of pore 

diameter, deposition of polymer layer and/or rebuilding of surface functional groups.  

 

Maartens et al. (2000) used surfactant precoating on Polysulphone UF membranes to 

prevent fouling when purifying natural brown water. The membranes were treated with 

commercial non-ionic surfactants Triton X-100 and Pluronic F108. The precoating 

produced varied results; the Triton X-100 coated membranes were more susceptible to 

foulants adsorption, whereas the Pluronic F108 coated membrane significantly reduced 

the foulant adsorption. Graft polymerization can control the adhesion of particles and 

macromolecules onto the substrate surfaces. Wang et al. (2000) used ozone treatment 

followed by graft-polymerization with hydroxyethyl methacrylate (HEMA) for the 

hydrophilic surface modification of a Polypropylene membrane. An improvement in 

flux recovery was achieved with the grafted Polypropylene MF membranes, suggesting 

that the modified membranes had a high reversibility of the fouling layer. Hilal et al. 

(2003) used photo-induced grafting copolymerisation to modify membrane surfaces to 

lower fouling properties. The modified membranes displayed lower fouling properties 

than the non-modified membranes. According to Hilal et al. (2005) the disadvantages of 

the coating and grafting techniques include the erosion of the coated layer on the 

modified surface which can lead to substandard reliability and durability.     

  

In certain membrane systems it may also be possible to selectively adsorb key foulants 

to the filter surface, leading to the generation of a beneficial fouling layer. Such a layer 
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2.4.1.2. Mechanical Cleaning 

Mechanical cleaning involves scouring fouled surfaces with an abrasive material. It is 

very limited due to the mechanical strength and accessibility of the membrane surface 

(Scott and Hughes, 1996). Mulder (2000) discusses that mechanical cleaning is limited 

to tubular systems, where cleaning can be applied using oversized sponge balls at high 

velocity. Maartens et al. (2002) combined the use of mechanical and chemical cleaning 

in the UF of E-stage pulp mill effluent using Poly (ether sulphone) (PES) tubular 

membranes. The flux through the fouled membranes was successfully restored by 

cleaning with the non-ionic detergent Triton® X-100 and sponge balls. Although, re-

adsorption of foulants during subsequent contact with the effluent could not be 

prevented. 

2.4.1.3. Electric Cleaning 

Electric cleaning is performed by applying an electric field across the membrane so that 

charged particles or molecules will migrate in the direction of the electric field. The 

membranes must be sufficiently conductive and special module designs are required, 

however an advantage is that the process can be in situ and therefore continuous. Bowen 

et al. (1989) describes that voltage applied across the membrane causes the formation of 

micro-bubbles at the membrane surface which drive foulant material out into the bulk 

feed and removed by the flowing stream. Tarazaga et al. (2006) used space distributions 

of electric field in the range between 40 and 180 V/m in low frequency pulse produced 

by half wave rectified, 50 Hz ac, in order to achieve an UF continuous process with a 

minimum operation cost. This cleaning method does not need to interrupt the work 

cycle of the membrane.  

2.4.1.4. Chemical Cleaning 

Polymeric membrane module configurations (flat sheet and spiral wound) do not readily 

facilitate back flushing. Therefore chemical cleaning remains the membrane 

regeneration technique of choice. Chemical cleaning is the most commonly used 

cleaning procedure in industry and is the type that will be used in this study. It can be 

performed by various methods: (i) cleaning-in-place (CIP): the fouled membrane is 

directly immersed in the chemical solution, (ii) cleaning-out-of-place (COP): soaking 

the membrane in a separate tank usually with a higher concentration cleaning chemical, 

(iii) chemical wash (CW): adding chemicals directly in the feed stream, or (iv) chemical 
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enhanced backwash (CEB): chemical cleaning in conjunction with a physical cleaning 

stage (Lin et al., 2010). It is usually performed by CIP through filling the retentate 

channel with a cleaning solution from a separate tank. The details of chemical cleaning 

will be discussed further in this section. 

2.4.2. Chemical Cleaning Agents 

Cleaning is a heterogeneous interaction between the detergent solution, the fouled layer 

and the surface. Optimisation of a cleaning regime is required for each membrane and 

feed. This requires knowledge of how the chemical, thermal and hydraulic operating 

conditions affect cleaning. This means variation of concentration, temperature, flowrate 

and transmembrane pressure. The key issue to understand membrane fouling and 

cleaning is to understand interactions: (i) between the fouling materials and membranes, 

(ii) between the cleaning chemicals and fouling material, (iii) between the cleaning 

chemicals and membrane, and (iv) among the fouling materials (Zuh and Nystrom, 

1998). 

 

A cleaning agent can affect fouling material present on a membrane surface in three 

ways: (i) the foulants may be removed by chemical and / or hydraulic interaction, (ii) 

the morphology of the foulants may be changed (e.g. by swelling or compaction) or (iii) 

the surface chemistry of the deposit may be altered so that the hydrophobicity or charge 

is modified (Weis et al., 2003). According to Bird and Fryer (1992) and Lin et al. 

(2010) the chemical cleaning processes at the membrane surface can be divided into six 

stages:  

 
(i) bulk reactions,  

(ii) the transport of the detergent to the interface,  

(iii) the transport of the detergent into the foulant layer,  

(iv) a cleaning reaction in the fouling layer, 

(v) the transport of the cleaning reaction products back to the interface, 

(vi) the transport of the product to the bulk solution  

 

Chemicals commonly used for cleaning MF and UF membranes are summarized in 

Table 2.4. While single component cleaners can be used (mainly in academic research 

studies), most commonly, several chemicals are incorporated into built/formulated 
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2.5.4. Chemical Nature (ATR-FTIR) 

Attenuated total reflection-Fourier transform infrared spectroscopy (ATR-FTIR) is 

generally used to understand the nature of the adhered deposits on a membrane surface 

and their structures. To comprehend the types of chemical bonds or functional groups 

present on a membrane surface. In this technique the infrared beam reflects inside of the 

internal reflection elements (IRE), which can be made of e.g. zinc selenide, KRS-5, 

diamond or germanium. The sample is pressed against an IRE surface and the infrared 

light penetrates to the surface. The beam of infrared light passes through the ATR 

crystal in such a way that it reflects several times and travels through the whole crystal 

creating a standing wave of reflections, known as an evanescent wave. With each 

reflection, certain wavelengths are absorbed by the sample. The analyses are thus based 

on the interaction between the evanescent wave and any adsorbed species. The angle 

and dimensions define the number of reflections of the IRE. The intensity of the 

spectrum is proportional to the number of reflections   (Chan and Chen, 2004; Väisänen, 

2004; Weis, 2004). A schematic diagram of the pathway through the crystal is shown in 

Figure 2.15.  

 

The ATR-FTIR is a versatile and non-destructive technique that requires minimal 

sample preparation. It can give information on which functional groups appear and 

which disappear after fouling and cleaning on the membrane surface. Fontyn et al. 

(1991) used difference spectra of virgin and fouled membranes to identify foulants. 

Pihlajamäki et al. (1996) demonstrated that FTIR is a useful tool in analysing 

membrane material variation and surface porosity. The materials used in the 

manufacturing of Polysulphone UF membranes of different pore sizes were identified.  

The membranes of different pore sizes were found to be different, though conclusions 

could not be made based merely using the FTIR technique.    
 Pressure 

Pressure 

IR Beam To detector 

Membrane 
Sample 

Membrane 
Sample 

ATR-crystal 

Evanescent 
Wave  

Figure 2.15: A schematic diagram of an ATR accessory (After Weis, 2004). 
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Väisänen et al. (2002) used FTIR spectra to reveal the foulants that were present and the 

changes in the foulant composition after cleaning (i.e. new peaks in the spectrum) when 

fouled with wood mill circulation water. For complex fouling mixtures analysing the 

data can be difficult. Some bonds and functional groups absorb at the same frequency, 

which can cause overlapping of spectra peaks. Nystrom et al. (1994) had difficulties 

identifying the foulants when ultra-filtering a mixture of lactoferrin and BSA with a  

100 kDa MWCO regenerated cellulose membrane. The difficulties transpired as the 

membrane contained OH groups that showed peaks in the same wavenumber ranges as 

protein peaks.  

2.5.5. Summary  

Zhu and Nyström (1998) demonstrated that the use of a number of tools should be used 

to obtain a clear representation on the fouling and cleaning mechanisms during 

filtration. The influence of chemical cleaning on protein fouled UF was investigated and 

the results were characterised by flux, streaming potential and FTIR measurements. 

Väisänen et al. (2002) also demonstrated that a combination of techniques; flux 

recovery, SEM, FTIR and AFM can provide a complete description of fouling and 

cleaning mechanisms. These studies showed that rather than using one characterisation 

technique, a combination of several is much more effective.  

2.6. Current Characterisation of Fouling on Membranes 

The phenomenon of membrane fouling has been studied extensively by many authors 

using a variety of techniques to try and understand the following three regions; (i) the 

membrane, (ii) the fluid boundary layer and (iii) the bulk fluid in the membrane module 

(Chen et al., 2004b). Design to mitigate or minimise fouling and promote cleaning is 

complicated by the variety of fouling mechanisms that can arise. Therefore, a 

fundamental understanding of fouling mechanisms is of paramount importance. In situ 

methods are preferable because they allow deposition or blockage to be monitored 

without moving the sample from its original position. Chen et al. (2004a, 2004b) 

reviewed progress on methods for in situ observation of membrane processes classified 

these into two categories: optical techniques and non-optical probes. The former 

provides real-time observation of membrane fouling at the surface using high 

magnification cameras and provide information that can be used to identify suitable 
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Figure 2.16: Schematic of a typical gauging nozzle showing dimensions (after Chew et al., 2007).   
 

2.7.3. Fluid dynamic systems 

FDG was developed by Tuladhar et al. (2000, 2002a), where the gauge was operated in 

quasi-stagnant mode and within a duct system.  Since its invention the FDG has been 

advanced to a series of studies which are summarised in Table 2.5 and discussed in 

section 2.7.3.1 to 2.7.3.3.  

2.7.3.1. Quasi-stagnant Gauging 

A typical apparatus for quasi-stagnant gauging can be found in Chapter 3.5, Figure 3.7. 

In the quasi-stagnant mode the gauging flow maintained by a siphon effect is the only 

significant fluid movement.  This mode of gauging was first employed by Tuladhar et 

al. (2000), which was then developed for a number of applications. Chew et al. (2004a) 

applied the dynamic gauging technique to measure the thickness of soft solid deposits 

(dried tomato paste) on surfaces in situ and to quantify the removal behaviour of these 

materials. The extent of removal was deduced from the thickness calculations, and the 

shearing yield strength from CFD simulations. The results demonstrate the potential of 

this technique in determining the stresses required to remove deposits from surfaces, 

providing valuable information on the mechanical properties of the deposit in fouling 

and cleaning studies (Chew et al., 2004a, 2004b). Chew et al. (2005a) used the same 

FDG rig to study the adhesion of calcium sulphate scales on roughened stainless steel 

plates and reported the expected increase in adhesion with roughness. Saikhwan et al. 

(2006) varied this work investigating the effect of surface modification of stainless steel 

on the removal of baked tomato paste; both the surface morphology and energy were 
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2.8.1. Membrane Separation with SSL 

The use of membranes in the pulp and paper industry can be divided into three main 

sectors: (i) use of separation of valuable chemicals from effluent streams, (ii) pollution 

control and waste management, and (iii) resource saving e.g. energy, water (Weis, 

2004). Fractionation of cooking liquor from sulphite pulp mills by UF has been studied 

since the 1970s (Claussen, 1978; Bar-Sinai and Wayman, 1976; Tsapiuk et al., 1989; 

Wallberg et al., 2001). The use of pressure-driven membrane filtration processes for 

applications such as the clarification of solids, protein isolation and sterilization has 

become a well-established technology. Claussen (1978) discussed the potential of 

effectively and economically using UF in the manufacture of lignosulphonates products 

from SSL. The pilot tests showed that the SSL filtration could operate at 80 ºC 

continuously for months with only slightly modified separation performance. Jönsson 

and Wimmerstedt (1985) then found that the total solids of SSL could be concentrated 

from 6 % to 12 % with a flux of 40 L hr-1m-2 by RO, and the membrane lifetime of more 

than a year was obtained with efficient membrane cleaning two to six times a week.  

 

The optimal membrane cut-off during fractionation of SSL is not obvious due to the 

molecular weight composition of lignosulphonates (LS) being a polydispersed system 

with a wide range of MWs from 200 to 100,000 Da (Tsapiuk et al., 1989; Bhattacharya 

et al., 2005). Bhattacharya et al. (2005) observed that 80 % of LS present in SSL have 

molecular weights more than or equal to 100 kDa. The structure of LS can be seen in 

Figure 2.18; when a membrane with a tight cut-off is used, the lignin in the retentate has 

a greater purity, due to an increase in the fraction of the low molecular-weight 

compounds passing through the membrane. Though more low molecular-weight lignin 

compounds are lost in the permeate (Wallberg et al., 2003). Tsapiuk et al. (1989) found 

that when lignosulphonates filtration concentration and pressure are low the 

fractionation process yields LS fractions with a narrow molecular weight distribution. In 

contrast, when these values are high, the fractionation ability does not depend on the 

membrane properties, but is determined primarily by the self-retention properties of the 

gel layer formed from the high molecular weight fractions. When producing 

lignosulphonates from SSL, membranes with a MWCO of 20 kDa are typically used 

(Wallberg et al., 2003). 
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matter). Three main classes of low molecular weight extractives were detected and 

characterized: phenolic, fatty acids, and sterols. The SSL used contains a high 

proportion of carbohydrates (ca. 30 % of dry solids), which were mainly pentose sugar 

(more than 70 % of total sugars content). Approximately 70 % of xylose in SSL was 

present as monomeric sugars and ca. 30 % as xylo-oligosaccharides (Evtuguin et al., 

2008; Marques et al., 2009a).  

 

Figure 2.18: Structures detected in lignosulphonates (Evtuguin et al., 2008). 

 

Weis (2004) discussed the role of lignosulphonates in the fouling process. The 

lignosulphonates were found to cause the majority of the fouling problems. It is 

therefore important to understand the chemistry and structure of lignosulphonates. 

Marques et al. (2009b) studied the structure of lignosulphonates. Four of the structures 

detected in lignosulphonates are presented in Figure 2.18. Marques et al. (2009b) 

identified more than ten types of lignosulphonates structures derived from different 

lignin structural units. 

2.9. Molasses 

Molasses is a thick syrup by-product from the processing of the sugarcane or sugar beet 

into sugar. The word molasses comes from the Portuguese word melaço, which comes 

from the Greek mellas, "honey" (McNulty, 1997). The molasses that is of interest here 

comes from sugar beet, which is different to that from cane molasses. Sugar was first 
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2.10. Summary 

This chapter dealt with the process and design considerations which occur when 

studying the fouling and cleaning of synthetic membranes with industrially relevant 

feeds. The basic principles of membrane separation processes have been discussed and 

the consideration of the available literature has identified the key parameters. It has been 

recognised that changing one fouling parameter can require several of the additional 

parameters to be altered in order to reduce fouling (Vigneswaran and Kiat, 1988; 

Väisänen, 2004).  The chemical, thermal and physical resistance of membranes were 

identified as the limiting factors in both the filtration process and the cleaning process.  

 

It is difficult to separate the effects of filtration and cleaning upon the membrane life 

expectancy. Fouled membrane surfaces can be characterised using the following 

techniques: (i) streaming potential measurements, (ii) Fourier Transform Infra-Red 

(FTIR) spectral peak height analysis, (iii) Scanning electron microscopy (SEM), (iv) 

Atomic force microscopy (AFM), and (v) contact angle measurements. 

 

A fundamental understanding of fouling mechanisms is of paramount importance. In 

situ methods are preferable because they allow deposition or blockage to be monitored 

without moving the sample from its original position. Fluid Dynamic Gauging is a 

measurement technique that can be used to determine the thickness and deformation 

behaviour of soft-solid fouling layers deposited on a membrane. 
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Chapter 3 

Material and Methods 

3.1. Introduction 

This chapter presents the experimental systems for the fouling and cleaning of the 

ultrafiltration of Spent Sulphite Liquor (SSL) and the microfiltration of molasses. It 

contains the details of all the experimental equipment; (i) standard cross flow filtration 

rig, (ii) dead-end Fluid Dynamic Gauging membrane separation rig, (iii) cross flow 

Fluid Dynamic Gauging membrane separation rig, and (iv) the analysis techniques. The 

material properties of the systems have been identified and discussed. 

3.2. Raw Materials 

3.2.1. Spent Sulphite Liquor 

The liquid SSL was supplied by Industria de Celulose S.A., Constância, Portugal. The 

SSL was diluted to the required final mixture with reverse osmosis (RO) water at 

ambient temperature. The chemical composition of SSL can be seen in Table 3.1. 

 

Table 3.1:  SSL composition (After Marques et al., 2009a) 

  SSL 
pH 2.90 
d, g/cm3 1.18 
Dry solids % 17.80 
Ash % 2.80 
Furfural % <0.10 
Methanol % <0.10 
Acetic Acid % 0.80 
Extractives, % 0.07 
LS, % 5.90 
Sugars, %   
Rhamnose 0.10 
Arabinose 0.10 
Xylose 2.10 
Mannose 0.10 
Galactose 0.20 
Glucose 0.60 
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Figure 3.3: Diagram of the top stainless plate of the flat sheet module (not drawn to scale). 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 3.4: Diagram of the bottom stainless steel plate of the flat sheet module (not drawn to 
scale). 
 

              
Figure 3.5: Diagram of the single flat-sheet membrane module (not drawn to scale). 
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Two different types of replaceable Perspex (poly (methyl methacrylate)) inserts were 

used in this study. The first insert was used for the standard filtration with SSL and 

molasses (Chapters 4 and 5). This insert was designed and verified by Weis (2004) and 

provided 7 channels of 7 mm width, 1 mm height and 191 mm in length providing a 

filtration area of 0.0095 m2. The second insert was for use in the FDG experiments 

(Chapter 6). It was designed to ensure equal flow through the channels and allow 

enough room for the gauge to take measurements (Figure 3.6). The FDG insert provided 

5 channels of 10 mm width, 5 mm height and 191 mm in length; this provides a 

filtration area of 96 cm2. Both inserts contained a mixing channel; this ensured that the 

feed is fully mixed before entering the channels, with equal flow, breaking up the jet 

stream of the incoming solution. It was found that the fouling layers were evenly 

distributed over the entire membrane sheet when doing filtration experiments. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 3.6: FDG five channel insert (not drawn to scale). Top view and cross-section view. 

3.4.3. Experimental Procedure  

A comprehensive commissioning programme was carried out with the aim of 

formulating and optimising experimental protocols. The programme involved a trial and 
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outcome of the study. These parameters were cross flow velocity (CFV) and time, 

though the selection of these parameters still has some significance for the overall 

meaning of the results. Decloux et al. (2000) recommended that the optimal flux set 

point should first be established with experiments of constant pressure at the maximal 

velocity to characterise the pseudo-stabilised flux. Runs can then be performed around 

this set point and a little lower. The CFV was kept the same for all parts of the cycle. 

Turbulent conditions were chosen as these are used in industry and the high cross flow 

is effective in reducing concentration polarisation at the membrane surface. The 

selections of length of time for each part of the cycle are discussed next.  

3.4.3.1. Membrane Conditioning 

Pure water was used to condition the membranes, removing the glycerine preservative 

which new membranes are coated with during manufacture. Weis et al. (2005) found 

that a temperature of 60 ºC was hot enough to reduce the viscosity of the glycerine 

sufficiently to facilitate its removal from polymeric membrane surfaces. The work of 

Weis et al. (2005) has been extended in this study. The conditioning methods used 

were: (i) conditioning with water at 60 ºC, a transmembrane pressure (TMP) of 1.0 bar, 

a CFV of 1.89 ms-1, and a feed volume of 25 litres for 90 minutes, and (ii) conditioning 

with water at 60 ºC (conditions as method 1) followed by cleaning with 0.50 wt. % 

NaOH at 50 ºC, 1.0 bar TMP, CFV of 1.89 ms-1, and a feed volume of 25 litres for 30 

minutes. One objective of this study was to determine whether the application of a 

NaOH pre-treatment could affect both the type of foulant species attaching to the 

membrane surface, and result in an improved separation performance. 

3.4.3.2. Pure Water Flux Measurements 

Pure water flux (PWF) measurements were taken before fouling, after fouling and after 

cleaning cycles. The conditions for PWF measurements were a temperature of 22 ºC, a 

TMP of 1.0 bar, a CFV of 1.89 ms-1, and a feed volume of 25 litres for 10 minutes. The 

PWF measurements were used to investigate the various fouling resistances. 

3.4.3.3. Fouling Conditions 

The effects of operating conditions for both feeds were investigated by varying fouling 

TMP, concentration, and temperature at a constant CFV of 1.89 ms-1. Flux 
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measurements were recorded and permeate samples taken throughout the duration of the 

experiment. A constant feed concentration was maintained, with the exception of the 

small samples taken for analysis. This minimises the retentate concentration effects 

during the filtration. TMPs of 0.5, 1.0, 1.5, 2.0, 2.5, 3.0, 3.5, and 4.0 bar were tested 

where the mass transfer information was investigated. Temperatures of 22 ºC, 40 ºC,  

50 ºC, 60 ºC and 70 ºC were varied. The length of the fouling process was typically 90 

minutes. Using the work performed by Bowen et al. (1995), this was deemed long 

enough for steady state to be reached under the conditions shown in Equation 3.1.  
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3.4.3.4. Rinsing Conditions 

The role of rinsing for preparing the membrane for the subsequent chemical cleaning is 

extremely important, as the removal of as much of the possible deposited layer during 

rinsing can maximise the efficiency of the cleaning process in terms of time and 

cleaning agent consumption (Matzinos and Álvarez,  2002).  Water alone was found to 

be incapable of cleaning the fouled deposits; it was therefore considered wasteful of 

energy to use temperatures higher than ambient. Rinsing time was set to 15 minutes as it 

represents an industrial standard (Weis, 2004). 

3.4.3.5. Chemical Cleaning Conditions 

The cleaning operating conditions were optimised for each membrane and feed. The 

CFV was set for all stages of the cleaning cycle. The TMP, temperature, concentration, 

and time were all optimised for cleaning of both feeds. The cleaning cycles after fouling 

were carried out using NaOH for the SSL feeds. The molasses feeds were cleaned using 

a combination of NaOH and citric acid. The alkali and acid cleaning was evaluated in 

terms of the observed flux recovery. The cleaning efficiency was evaluated by the ratio 

of the pure water flux after cleaning (Jc) to the PWF measured before fouling (Jw) for 

each cleaning stage. The percentage flux recovery (%Jr) was defined as Equation 3.2. 
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The molasses filtration process was also optimised in terms of chemical cleaning 

sequences. Twelve treatment protocols were evaluated, comprising of (i) alkali then 

acid, (ii) acid then alkali and (iii) alkali / acid / alkali steps. Concentrations of 0.10 and 

0.25 wt. % were tested for both NaOH and citric acid cleaning agents.  

3.4.4. The Optimal Cleaning and Fouling Protocol 

The conditions mentioned above have all been investigated in this study (see results 

Chapter 4 and 5) and the optimum standard conditions summarising the fouling and 

cleaning cycles are shown in Table 3.3. These steps are one complete cycle, except for 

conditioning which is an additional step for the virgin membrane. The optimum 

conditions for both SSL and molasses were found to be similar. 

 

Table 3.3: Details a summary of the fouling/cleaning cycles. (* Varied during experiments) 

Stage Fluid Protocol 

Conditioning Reverse osmosis water 60 ºC, 120 min, 1.0 bar, 1.89 ms-1 

PWF Measurements Reverse osmosis water 22 ºC, 10 min, 1.0 bar, 1.89 ms-1 

Fouling SSL/Molasses 60 ºC*, 90 min*, 3.0 bar*, 1.89 ms-1 

PWF after fouling Reverse osmosis water 22 ºC, 10 min, 1.0 bar, 1.89 ms-1 

Rinsing Reverse osmosis water 22 ºC, 15 min, 1.0 bar, 1.89 ms-1 

PWF after rinsing Reverse osmosis water 22 ºC, 10 min, 1.0 bar, 1.89 ms-1 

Cleaning  NaOH/Citric acid (Conc. varied) 50 ºC*, 30 min*, 1.0 bar*, 1.89 ms-1 

PWF after cleaning Reverse osmosis water 22 ºC, 10 min, 1.0 bar, 1.89 ms-1 

 

3.5. Dead-end Membrane Filtration Rig 

A dead-end membrane filtration rig was first used to ascertain if the membranes and 

feeds in this study were suitable for use with the FDG. The rig was borrowed from the 

University of Cambridge, and the works of Chew (2004) were used as a comparison. 

3.5.1. Dead-end Dynamic Gauging Rig  

The experimental set up for the calibration and filtration experiments is shown in Figure 

3.7. The apparatus consists of a Perspex tank (300 mm × 300 mm × 250 mm). A nozzle 
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3.3 is valid only as long as the Debye length of the solution is small compared to the 

radius of the pores (Huisman et al.. 1998; Christoforou et al., 1985). This condition is 

fulfilled for the microfiltration and ultrafiltration membranes and ionic strengths 

considered in this study. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 
 
Figure 3.11: Module for the measurements of streaming potential through the pores of flat sheet 
membranes of area approximately 10.4 cm2 (After Pihlajamäki, 1998). 
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Figure 3.12: The apparatus for streaming-potential measurements (After Pihlajamäki, 1998). 

3.7.2. ATR-FTIR 

A Perkin-Elmer 2000 FTIR apparatus and Attenuated Total Reflection (ATR) method 

was used to record IR-spectra at Mid Infra-Red (MIR) region. ATR-FTIR was used to 

understand the nature of the adhered deposits and their structures. It was provided with 

a HeNe laser as a radiation source (unpolarized IR radiation), triglycine sulphate (TGS) 

as a detector and optical kBr as a beam splitter. The resolution of the FTIR apparatus 

was adjusted to 2.0 cm-1, the optical path difference (OPD) velocity to 0.2 cm-1 and the 

data-collecting internal to 1.0. A KRS-5 crystal (thallium bromide iodine) was used as 

an internal reflection element (45º, 17 reflections), (Pihlajamäki et al., 1996). Each 

spectrum was made of 100 co-added scans. The membrane samples were dried for 24 

hours at room temperature prior to use. This PE 2000 also includes a search program 

that suggests possible structural units (PSUs) of a spectrum.  

3.7.3. Scanning Electron Microscopy (SEM) 

Scanning electron microscopy (SEM) was applied to observe the state of membrane 

surface after different fouling processes and subsequent cleaning. Air and vacuum-dried 



Chapter 3. Material and Methods 
 

87 

 

membranes were stuck to SEM stubs with conductive paste, followed by coating with a 

thin layer of gold. Afterwards, the specimens were viewed with a JSM 6310 SEM in 

combination with a microanalysis system, LINK AN10000. An X-ray Diffractometer 

was used to identify and characterise any minerals on the membrane surface. 

3.7.4. Atomic Force Microscopy (AFM) 

Atomic force microscopy (AFM) also known as scanning force microscopy is primarily 

used to probe surface topography and interactions on the atomic-molecular scale. The 

AFM used was a Dimension 3100 tip-scanning instrument with a Nanoseope IV 

controller (Vecco USA). The cantilevers used in intermittent contact mode were 

standard tapping mode tips (Olympus). A small piece of the membrane was stuck on a 

metal disc using double sided sticky tape and placed on the AFM stage. Images were 

scanned at a rate of 1 Hz. Surface statistics were calculated with the instruments 

software. RA (the mean roughness) was calculated as an average value of that calculated 

from each scan line for the 5 x 5 µm images.  

3.7.5. Contact Angle Measurement 

Contact angle measurement of the membrane surface can be used to characterise 

hydrophobicity. For hydrophobic membranes the contact angle will be larger than 90º 

and for hydrophilic membranes the contact angle will be less than 90º tending toward 0º 

as shown in Figure 2.11. The contact angle measurements were made using the sessile 

drop method using a KSV CAM 101 instrument goniometer (KSV Instruments Ltd). A 

drop of water was placed with a syringe on a porous surface and the contact angle 

measured. This procedure was repeated 8 times at different points on the membrane 

with measurements taken from both sides of the drop producing a total of 16 

measurements, which are then averaged (Evans and Bird, 2006). 

3.7.6. Mass Analyses of SSL and Molasses Fractions 

Due to the nature of the processes in the production in both SSL and molasses analysis 

is required to investigate different components in the feeds.  
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3.7.7. Viscosity Measurements 

Rheology experiments were performed in a Bohlin CVOR 200 rheometer. The 

rheometer was set up in with a cone and plate configuration. The test solution was 

pipetted onto the flat bottom plate. The upper plate (4º cone) was then lowered into 

position. The cone is then rotated in the desired manner and the resulting response is 

measured by the lower plate. The temperature was regulated using either a water bath or 

the temperature control unit (TCU). The various viscosities for selected solutions in this 

study are shown in Appendix B.  

3.8. Summary  

This chapter described the experimental systems used in this study for the fouling and 

cleaning of the ultrafiltration of SSL and the microfiltration of molasses. It contained 

the details of all the experimental equipment; (i) standard cross flow filtration rig, (ii) 

dead-end FDG membrane separation rig, (iii) cross flow FDG membrane separation rig, 

and (iv) the analysis techniques.  
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viscosity of SSL did not affect the fouling process at the higher temperatures. The 

phenolic compounds are thought to contribute most to the fouling problem during the 

lignosulphonates separation (Weis et al., 2005). The causes of the fouling problems are 

discussed in more detail in section 4.6 and 4.7. The FP membrane resulted in superior 

fouling flux performance over the Psf membrane (ca.12 % enhanced steady state flux) 

when filtering at 60 ºC. The optimal fouling temperature for filtering SSL was found to 

be 60 ºC. 

 

Figure 4.2 shows the breakdown of the different resistive layers present at steady state 

fouling versus SSL temperature.  As the change in viscosity due to temperature changes 

has already been incorporated into the fouling resistance calculation, the differences are 

associated with other factors. The increases in RR and Rcp resistances for the 22 ºC 

fouled membranes were responsible for the increases in the total resistance over the 

higher temperatures of 60 ºC and 70 ºC. The RI decreased slightly from 3.13 x 1012 m-1 

for the Psf 60 ºC fouled membrane to 2.67 x 1012 m-1 for 22 ºC fouled Psf membrane 

(FP membrane: 3.00 x 1012 m-1 to 2.65 x 1012 m-1). This irreversible fouling resistance 

value is when rinsed with RO water only; it does not take into account the use of a 

cleaning agent. Hence, the lower filtration temperature can reduce the irreversible 

fouling resistance and increase both rinsable and concentration polarisation resistances. 

The resistance breakdown shows that the RR and Rcp were responsible for the increased 

resistance on the Psf membrane over the FP membrane. Figure 4.3 displays the 

membrane resistance after fouling and cleaning compared to the membrane resistance 

before fouling. It shows that the membrane fouled at 22 ºC had the least membrane 

resistance after cleaning. As the fouling temperature increased so did the membrane 

resistance after cleaning.  This could be due to the result of the fouled material on the  

22 ºC fouled membrane was more easily removed, as the foulants could have reacted 

less with the membrane surface at this temperature. The foulants at the higher 

temperatures of 60 ºC and 70 ºC could have caused greater adhesion to the membrane 

surface. The fouling that occurred at the higher temperatures also had additional solids 

passing through the membrane; this could have caused more fouling adhesion on the 

pore walls than at 22 ºC. The membrane resistance after fouling and cleaning values for 

both Psf and FP membranes show that the cleaning regime removed most of the fouling 
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Figure 4.2: Graph to show fouling resistance data as a function of fouling temperature on Psf 
and FP membranes when fouled with SSL (3.0 bar TMP, 1.89 ms-1 CFV) for 90 min. 
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Figure 4.3: Graph to show pure water membrane resistances after cleaning vs. fouling 
temperature variation on Psf and FP membranes when fouled with SSL (3.0 bar TMP, 1.89 ms-1 

CFV) for 90 min. All cleaning conditions maintained at 0.10 wt. %, 1.0 bar, 1.89 ms-1 and  
50 ºC. 
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Figure 4.4: Graph to show the apparent rejection coefficient as a function of fouling 
temperature variation through Psf and FP membranes when fouled with SSL (3.0 bar TMP,  
1.89 ms-1 CFV) for 90 min. 

4.3.1.2. Transmembrane Pressure  

The fouling TMP was varied from 1.0 to 4.0 bar whilst maintaining a constant CFV of 

1.89 ms-1 and a temperature of 60 ºC for 90 min where standard rinsing and cleaning 

conditions were used. RO pure water fluxes (22 ºC, 1.0 bar, and 1.89 ms-1) were 

maintained constant before and after fouling and after cleaning. Figure 4.5 shows the 

first, last and average flux values in the fouling section of the cycle. The data shows that 

increasing the TMP increased the fouling flux until 3.0 bar TMP for the FP membrane 

and 4.0 bar for the Psf membrane where no further increase in flux is seen regardless of 

the increased TMP. Bhattacharya et al. (2005) also observed that the rate of increase of 

flux with pressure becomes less as the pressure increases gradually to a high value; this 

is known as the limiting flux. The limiting flux is when a maximum concentration is 

reached at the membrane surface where a gel layer is possibly formed (Song, 1998). The 

Psf and FP membranes limiting fluxes at 1.89 ms-1 when steady state flux was observed 

was at 52 L m-2 hr-1 (Psf) and 63 L m-2 hr-1 (FP) respectively. The limiting flux in 

relation to varying CFVs of the FP membrane has been discussed further in the mass 

transfer section 4.3.2.  
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membranes, and hence more solid transmission due to additional solids being dragged 

through the membrane.  
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Figure 4.5: Graph to show variation of fouling flux data as a function of fouling TMP on Psf 
and FP membranes when fouled with SSL (60 ºC, 1.89 ms-1 CFV) for 90min. 
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Figure 4.6: Graph to show fouling resistance data as a function of TMP on Psf and FP 
membranes when fouled with SSL (60 ºC, 1.89 ms-1 CFV) for 90 min. 



Chapter 4: Result Section 1 
 

99 

 

0.0E+00

2.0E+11

4.0E+11

6.0E+11

8.0E+11

1.0E+12

1.2E+12

1.4E+12

1.6E+12

1.8E+12

1 2 3 4 1 2 3 4

Psf FP

M
em

br
an

e 
R

es
is

ta
nc

e 
(m-1

)

Membrane Resistance before Fouling

Membrane Resistance after Cleaning

 
Figure 4.7: Graph to show pure water membrane resistances after cleaning vs. TMP variation 
on Psf and FP membranes when fouled with SSL (60 ºC, 1.89 ms-1 CFV) for 90 min. All 
cleaning conditions maintained at 0.10 wt. %, 1.0 bar, 1.89 ms-1 and 50 ºC. 
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Figure 4.8: Graph to show the apparent rejection coefficient as a function of TMP variation 
through Psf and FP membranes when fouled with SSL (60 ºC, 1.89 ms-1 CFV) for 90 min.  
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difference compared to the bulk concentration, Cb of 17.8 wt. % was large. This implies 

that there is a high degree of concentration polarisation occurring. The intercept of the 

data in the laminar region (results not shown) was slightly different, where the intercept 

of -1.53 corresponds to an actual rejection coefficient of approximately 0.82 (82 % 

solids rejected).  

 

The gradients of the lines in Figure 4.11 have been used calculate the mass transfer 

coefficients and are displayed in Figure 4.12. The membrane filtered at 1.89 ms-1  

(Re = 7000) had a mass transfer number of 1.06 x 10-5 ms-1. The two regions of flow 

(laminar and turbulent) have been fitted with a straight line and the gradients studied. 

The transition from developed laminar flow to turbulent flow takes place at Re = 2200. 

The progression from the laminar to turbulent regime is clearly shown. The gradients 

show that the turbulent regime has a slightly promoted mass transfer relationship. 

 

 
Figure 4.9: Graph to show fouling flux data as a function of TMP on FP membranes when 
fouled with SSL (60 ºC) at different Reynolds numbers (CFV) for 90 min.  
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Figure 4.10: Graph to show the apparent rejection coefficient as a function of applied TMP on 
FP membranes when fouled with SSL (60 ºC) at different Reynolds numbers (CFV) for 90 min. 
 

y = 0.0307x - 1.0759

y = 0.0287x - 1.0403
y = 0.026x - 1.0597

y = 0.0246x - 1.0664

-2.50

-2.00

-1.50

-1.00

-0.50

0.00

0.50

1.00

1.50

-5 5 15 25 35 45 55 65 75 85

ln
 (

1 
-R

a/
R

a)

Jv (Litres h-1 m-1)

Re = 4000

Re = 5000

Re = 6000

Re = 7000

 
Figure 4.11: Linearised plot of the concentration polarisation equation for various CFVs with 
trend lines extrapolated to meet the y-axis. Constant temperature (60 ºC), varied Re: 4000, 5000, 
6000 and 7000 and TMP: 2.5, 3.0, 3.5, 4.0 bar. 
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produced a flux recovery of 80 % (± 3 %) for the Psf membrane and 85 % (± 3 %) for 

the FP membrane after one cycle.  
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Figure 4.13: Graph to show NaOH cleaning flux as a function of cleaning concentration 
variation on Psf and FP membranes when fouled with SSL (3.0 bar, 60 ºC, 1.89 ms-1) for 90 
min. All cleaning conditions maintained at 1.0 bar, 1.89 ms-1 and 50 ºC. 
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Figure 4.14: Graph to show the PWFs, fouling fluxes and cleaning fluxes for twice fouled 
membranes vs. cleaning TMP variation on 20 kDa Psf and FP membranes when fouled with 
SSL (3.0 bar TMP, 60 ºC, 1.89 ms-1) for 90 min. All cleaning conditions maintained at 1.0 bar, 
1.89 ms-1 and 50 ºC. 



Chapter 4: Result Section 1 
 

107 

 

0

10

20

30

40

50

60

70

80

90

100

0.10 0.25 0.50 0.10 0.25 0.50

Psf FP

F
lu

x 
R

ec
ov

er
y 

(%
)

NaOH Concentration (wt. %) 

 Cycle 1

Cycle 2

 
Figure 4.15: Graph to show flux recovery as a function of cleaning concentration variation on 
Psf and FP membranes when fouled with SSL (3.0 bar TMP, 60 ºC, 1.89 ms-1) for 90 min. All 
cleaning conditions maintained at 1.0 bar, 1.89 ms-1 and 50 ºC. 

4.4.1.2. Transmembrane Pressure 

The TMP was varied while maintaining a constant NaOH concentration of 0.10 wt. %, 

CFV of 1.89 ms-1, and temperature of 50 ºC for 30 min. Figure 4.16 compares the flux 

data for cleaning TMP variation on Psf and FP membranes. It shows the first, last and 

average flux values in the cleaning section of the cycle. The cleaning fluxes increased 

with increased TMP to 1.0 bar, due to the extra forces being imposed on both the 

membrane surfaces. There was a slight decrease in cleaning fluxes at 2.0 bar for both 

membranes. Figure 4.17 shows the effect of TMP on the product (fouling) flux after the 

first cycle of fouling and cleaning. It compares the PWF after cycle 1 to the fouling, 

cleaning and PWF after cycle 2. The cycle 2 fouling fluxes which had been cleaned at 

2.0 bar were lower than the two other cleaning TMPs. This could be explained by the 

decreased flux recovery after the first cleaning cycle. The highest PWFs after 2 cycles 

was 0.5 bar for the Psf membrane (235 L m-2 hr-1), whereas 1.0 bar was slightly 

improved for the FP membrane (245 L m-2 hr-1). The PWF values for the 0.5 bar and 1.0 

bar were comparable. Figure 4.18 shows the effect of TMP variation on the PWF 

recovery after fouling and cleaning for two cycles. The optimal cleaning TMP for flux 

recovery was 1.0 bar, as operating at 0.5 bar and 2.0 bar affected the flux recovery. The 
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Figure 4.17: Graph to show the PWFs, fouling fluxes and cleaning fluxes for twice fouled 
membranes vs. cleaning TMP variation on 20 kDa Psf and FP membranes when fouled with 
SSL (3.0 bar TMP, 60 ºC, 1.89 ms-1) for 90 min. All cleaning conditions maintained at  
0.10 wt. % NaOH, 1.89 ms-1 and 50 ºC. 
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Figure 4.18: Graph to show flux recovery as a function of cleaning TMP variation on Psf and 
FP membranes when fouled with SSL (3.0 bar TMP, 60 ºC, 1.89 ms-1) for 90 min. 
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4.4.1.3. Temperature 

The temperature was varied while maintaining a constant NaOH concentration of  

0.10 wt. %, CFV of 1.89 ms-1, and TMP of 1.0 bar for 30 min. Figure 4.19 compares the 

flux data for cleaning temperature variation on Psf and FP membranes. It shows the 

first, last and average flux values in the cleaning section of the cycle. Three cleaning 

temperatures were chosen, 22 ºC, 50 ºC and 60 ºC. These temperatures were chosen as 

many previous authors have found that 50 ºC is the ideal temperature for cleaning and 

room temperature is used as a comparison (Weis, 2004; Evans, 2008). The cleaning 

fluxes increased with increased temperature fairly dramatically for both membranes till 

50 ºC (Figure 4.19). This is perhaps due to the decreased viscosity, and increased 

reaction rates of the cleaning solution when the temperature is raised. Figure 4.20 shows 

the effect of TMP on the product (fouling) flux after the first cycle of fouling and 

cleaning. It compares the PWF after cycle 1 to the fouling, cleaning and PWF after 

cycle 2. The higher temperatures of 50 ºC and 60 ºC produced similar values of PWF 

after two fouling and cleaning cycles. At 22 ºC the flux recovery after cycle 1 for the Psf 

membrane was only 35 % and the FP membrane was 33 % respectively (Figure 4.21). 

At this temperature, the membrane would probably still have foulants on the surface and 

in the pores. This is shown in the fouling data after the first cleaning, where the flux 

values decreased by 38 % (Psf) and 52 % (FP) from the first cycle.  PWF flux shows 

that the FP membrane has slightly better flux recovery than the Psf membrane. The 

cleaning regime at 22 ºC showed that the FP and Psf membranes had remarkably similar 

results, though the flux recovery of the Psf membrane had slightly better results. The 

cleaning regime of the FP membrane after cycle 1 had an increased effect compared to 

the Psf membrane at 50 ºC. After two cycles, the flux recovery values were not 

significantly different. These experiments seem slightly inconclusive in respect to the 

different membranes, but do show that cleaning at a higher temperature of 50 ºC is 

optimal. Raising the temperature of NaOH to 60 ºC slightly decreases the flux after 

fouling and cleaning. This increase in temperature could help the sodium ions to react 

with the lignosulphonates which causes the fouling layer to become more compressed 

(Weis, 2004).  
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Figure 4.19: Graph to show NaOH cleaning flux as a function of cleaning temp variation on Psf 
and FP membranes when fouled with SSL (60 ºC, 3.0 bar, 1.89 ms-1) for 90 min. All cleaning 
conditions maintained at 0.10 wt. % NaOH, 1.89 ms-1 and 1.0 bar TMP .  
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Figure 4.20: Graph to show the PWFs, fouling fluxes and cleaning fluxes for twice fouled 
membranes vs. cleaning temp variation on 20 kDa Psf and FP membranes when fouled with 
SSL (3.0 bar TMP, 60 ºC, 1.89 ms-1) for 90 min. All cleaning conditions maintained at  
0.10 wt. % NaOH, 1.89 ms-1 and 1.0 bar TMP. 
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Figure 4.21: Graph to show flux recovery as a function of cleaning temp variation on Psf and 
FP membranes when fouled with SSL (3.0 bar TMP, 1.89 ms-1) for 90 min. 

4.4.2. Membrane Contact Angle 

The contact angle of a surface against water reflects its wettability. When water wets the 

surface, i.e., shows a small contact angle, the surface has the ability to interact with 

water molecules (dipoles). Dissociable groups on a surface help it to interact with water 

molecules and to make the surface more hydrophilic (Mänttäri et al., 2006). For 

hydrophobic membranes, the contact angle will be larger than 90º and for hydrophilic 

membranes the contact angle will be less than 90º tending toward 0º. The measurement 

of water contact angle is affected by many factors including material, manufacturing 

process, roughness of the membrane surface, the purity of water, and even the 

techniques used by individual investigators. 

 

The hydrophobicity of the membranes was characterised by recording contact angle 

measurements (Table 4.1). The two types of membranes tested were both considered to 

be moderately hydrophilic as the contact angles measured were less than 90º. The FP 

membrane showed a slightly more hydrophilic nature compared to the Psf membrane.  

After fouling and cleaning cycles, both membrane surfaces had a contact angle between 

that of a virgin and a fouled surface (Psf: 62º, FP: 60º).  
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too high for the FP membranes, as it produced a pH of 13.3.  The other concentrations 

of NaOH had similar fluxes before fouling and fouling fluxes. The fluxes after fouling 

and cleaning showed the main differences, where the 0.50 wt. % NaOH was the 

preferred choice with the greatest flux recovery. 
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Figure 4.22: Graph to show the average effect of conditioning on flux for Protocol 1 and 
Protocol 2 treated 20 kDa FP membranes. Graph shows the conditioning with 60 ºC water for 
120 min. The cleaning with NaOH on Protocol 2 membranes was performed after this stage. 
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Figure 4.23: Graph to show the average effect of NaOH concentration cleaning before fouling, 
during fouling and after cleaning on flux values for Protocol 2 treated 20 kDa FP membranes. 
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the application of Protocol 2 (1.92 x 1013 m-1) leads to an increase in the total resistance 

over Protocol 1 (1.25 x 1013 m-1). The resistance breakdown shows that the Rcp is 

principally responsible for the increased resistance when applying Protocol 2  

(P1: 6.09 x 1012 m-1, P2:1.11 x 1013 m-1). RR remains approximately constant for both 

protocols (P1: 2.34 x 1012 m-1, P2: 2.66 x 1012 m-1). The RI increases from 3.16 x 1012 m-

1 for Protocol 1 to 4.50 x 1012 m-1 for Protocol 2 treated membranes. This irreversible 

fouling resistance value is when rinsed with RO water only; it does not take into 

account the use of a cleaning agent. The membrane resistance after fouling and cleaning 

values (P1: 9.23 x 1011 and P2: 9.76 x 1011 m-1) show that the cleaning regime removes 

most of the fouling resistance (Figure 4.26). There is no statistical difference in the 

resistances recorded for membranes treated with the two Protocols either before fouling 

or after cleaning. 
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Figure 4.25:  Graph to show breakdown of fouling resistance at steady state (after 90 min) 
when pre-treatment Protocol is varied for 20 kDa FP membranes during the filtration of SSL. 
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The zeta potential data shows that once the membrane is cleaned the zeta potential 

values are between those of the conditioned membrane and the fouled membrane. This 

means that the zeta potential was not totally restored after the fouling and cleaning 

procedures. This suggests either: (i) that the cleaning protocols were not entirely 

removing the fouling, or (ii) the neutralizing effects of the metal cations in the cleaning 

agent (e.g. the attachment of Na+ ions to the negative functional groups) have changed 

the properties of the membrane and/or those of the remaining foulants. 

 

Figure 4.29 does show that the membrane sample subjected to Protocol 2 had a slightly 

less negative charge than that prepared using Protocol 1 (Figure 4.28). This was 

possibly due to the adhesion of metal cations from the caustic cleaning agent to the 

negatively charged fouled surface. Interestingly, this reduced surface charge was linked 

to an initial reduction in fouling flux performance when compared to a water 

conditioned membrane (Figure 4.24). However, it also seemed to result in an increased 

flux recovery during cleaning that is seen in the superior performance of the Protocol 2 

treated membrane at the end of the cleaning process (35 minutes of cleaning, Figure 

4.24). Moreover, the sustained increase in cleaning flux for the Protocol 2 treated 

membranes indicated that the relative improvement over the Protocol 1 treated 

membranes was likely to be maintained for longer cleaning times.  
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Figure 4.28: Apparent zeta-potentials on the pore walls of Protocol 1 treated FP membranes at 
different pH values, used for the UF filtration of SSL. 





Chapter 4: Result Section 1 
 

123 

 

 
Figure 4.30: Infrared spectra comparison of virgin Protocol 1 FP 20 kDa membrane (Top), and 
Protocol 2 treated FP kDa membranes (Bottom) (all spectra shown with water subtracted).  

4.6.7.2. FTIR Spectra for SSL Fouled and Cleaned Membranes 

The SSL feedstock used for the separation process in this study was a complex mixture 

and determining the specific fouling species was difficult. A study on the chemical 

composition of the lignosulphonates in SSL used in this study has been performed by 

Marques et al.  (2009a). The chemical composition of SSL and the chemical analysis of 

the lignosulphonates are shown in Chapter 3.2.1 (Table 3.1). This information was used 

to help identify the fouling species on the FP membrane. 

 

The possible structure units (PSU) found by the Perkin-Elmer search program (Search 

Plus) for the conditioned, fouled and cleaned FP membranes are displayed in Table 4.3. 

The PSU found can be part of various chemical structures and is not related to just one 

substance. The intensity of infrared absorption bands can be used to quantify the 

amount of material present on the membrane. However, in this study the FTIR spectrum 

could only be used qualitatively to compare the surface conditions. The peaks have been 

compared to reference data and an attempt to identify evidence of fouling and the 

performance of cleaning has been performed.  
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The FTIR spectra of Protocol 1 and Protocol 2 treated membranes are shown in Figures 

4.31 and 4.32. The overlapping of peaks in the spectra makes it difficult to accurately 

determine the functional groups of polymer, the fouling material and the cleaning 

agents. Some bands within the spectra show changes whilst some do not change their 

peak height/area significantly. This results from the build-up of fouling. This fouling 

layer can block out light and some of the functional groups of the membrane polymer 

reacting by increasing or decreasing peak height/area, because they are more sensitive 

than others, making it difficult to classify the specific substances.  

 

The scans for water and virgin membranes have been subtracted from the graph in 

Figure 4.33, so that the scans indicate only those of the foulants or cleaning agents 

deposited on the membrane surface, or within the porous structure. These spectra are a 

useful comparison to identify the fouling species and effects of cleaning. The FTIR 

spectrum of lignosulphonates has been studied by Marques et al. (2009a) and the data 

wavelength areas and peaks which are characteristic of lignosulphonates were 

identified. Comparing this data with all the fouling spectra in this section, evidence of 

lignosulphonates fouling is shown in the following regions; (i) a common aromatic ring 

vibration bands at 1579 and 1486 cm-1, (ii) an asymmetric C-H deformation at  

1432 cm-1, (iii) and specific bands at 1181, 1006, 831 and 719 cm-1 which confirm the 

presence of significant amounts of sulphonic groups. The 1323/1298 cm-1 doublet band 

is asymmetric SO2 stretching and the band at 1181 cm-1 is symmetric SO2 stretching. 

Several of these peaks can be seen in both the Protocol 1 treated membrane and the 

Protocol 2 treated membrane. Figure 4.33 shows that NaOH cleaning after water 

conditioning (P2) does affect the membrane and alter the profile of the species 

attaching. Significantly, the spectrum recorded after P2 conditioning and subsequent 

fouling is extremely similar to the spectrum seen after water conditioning (P1) fouling 

and subsequent NaOH cleaning. This could be due to the NaOH species attached, before 

the fouling altered the nature of the surface. Both FP membrane surfaces after fouling 

and cleaning demonstrated a slight modification to the surface. The P1 fouled 

membrane attracts different species to the other three treatments. This indicates that the 

NaOH pre-treated membranes when subsequently fouled can display a similar 

attachment profile to a water conditioned surface subsequently fouled and then cleaned 

using NaOH.  
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Table 4.3: Possible structures found by the Perkin-Elmer search program for fouled and cleaned 
FP membranes 

Class 
number Possible structural units Possible bands (cm-1) 

201 Alkyl group - general 1486, 1240, 1152, 1105, 1072 

259 Aromatic compound 1578, 1486, 1323, 1240, 719 

402 Hydroxy group 1240, 1152, 1105, 1072 

511 Aliphatic alcohol 1486, 1010 

2710 Aryl-ether 1578, 1486, 1323, 1152, 1105 

2724 Phenoxy - general 1578, 1486, 1323, 1152, 1105, 1072, 879, 834, 719 

2906 Aromatic primary amine 1578, 1486 

4002 Aromatic sulphone 1578, 1486, 1323, 1152, 1105, 1072, 879, 834, 778, 

719, 557 

4911 Carbonyl compound  1675, 1672 
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Figure 4.31: Infrared spectra comparison of FP 20 kDa membranes under different fouling 
conditions. Each membrane has been conditioned with water only (Protocol 1) (all spectra 
shown with water subtracted). 
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Figure 4.32: Infrared spectra comparison of FP 20 kDa membranes under different fouling 
conditions. Each membrane has been conditioned with water and 0.50 wt. % NaOH (Protocol 2) 
(all spectra shown with water subtracted). 
 

 
 
Figure 4.33:  Infrared spectra comparison of 20 kDa FP membranes subjected to different 
treatments for the filtration of SSL (all spectra shown with water and virgin membrane 
absorbance traces subtracted). 
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The different spectra shown in Figure 4.33 have some of the same peak locations, 

though with different intensities (peak heights). Indicating that different amounts of 

species are attracted to the membranes under different conditioning Protocols. Three 

samples of each membrane were tested and the peak heights of selected significant 

peaks averaged and the standard deviation calculated. The peak heights for common 

functional groups are shown in Table 4.4. The heights of the peaks are directly related 

to the degree of fouling/removal and therefore a change of peak height will give 

information about the cleaning mechanism. The main differences seen in the peak 

heights are the differences between the functional groups present on the fouled 

membrane spectrum and those present on the membranes subjected to the other three 

treatments. This is due to the interaction of the NaOH cleaning agent with the 

membrane and fouling species. The bands which show changes in peak height appear to 

be mainly in the low wave number region (> 1800 cm-1). The peaks in the higher wave 

numbers could be due to noise. Lignosulphonates do not appear to be the only foulants 

on the membrane as there are additional peaks present.  

 

Table 4.4: Averaged peak-heights of FP SSL fouled and cleaned membranes 

Membrane 
Fouling and 

Cleaning State 

Wavenumber (cm-1) 
831 

Arom. 
Sulfone 

840 
C-H 

 

880 
C-O-C 

 

1072 
C-O 

 

1106 
S=O 

 

1181 
Sym. 
SO2 

1187 
C-C-O 

 
P1 Foul 0.25 0.21 0.04 0.31 0.79 0.05 0.07 

P2 Foul 0.32 0.65 0.82 0.53 0.31 1.00 0.98 

P1 Foul + Clean 0.30 0.62 0.81 0.51 0.32 1.00 0.97 

P2 Foul + Clean 0.22 0.53 0.80 0.43 0.30 1.00 0.96 

Membrane 

Fouling and 

Cleaning State 

Wavenumber (cm-1) 

1241 
C-C-O 

 

1276 
Asy. 
SO2 

1323 
Asy. 
SO2 

1402 
O-H 

 

1486 
C=C 

 

1579 
C=O 

 

1665 
C=C 

 
P1 Foul 0.78 0.10 0.44 0.00 0.92 0.65 0.24 

P2 Foul 0.56 0.71 0.15 0.90 0.07 0.05 0.12 

P1 Foul + Clean 0.56 0.68 0.16 0.87 0.04 0.04 0.04 

P2 Foul + Clean 0.48 0.59 0.15 0.81 0.07 0.09 0.07 



Chapter 4: Result Section 1 
 

128 

 

4.6.8. SEM Images for SSL Fouled Membranes 

The FP 20 kDa membranes used in this study contained pores that were not clearly 

visible using the SEM technique. It was therefore not a valuable tool for the ultrafilters. 

Figure 4.34 displays an image of a conditioned membrane and a fouled membrane. The 

conditioned membrane image is not particularly clear and the pore structure cannot be 

identified. Deposits can be seen in the fouled membrane image and cover a large area of 

the membrane. The elements identified using X-ray Diffraction on the SSL fouled FP 

membranes were found to be oxygen, fluoride, calcium, and sulphur. 

 

             
Figure 4.34: SEM showing conditioned 20 kDa FP membrane (left) and fouled 20 kDa FP 
membrane (right). 

4.6.9. AFM 

Bowen and Doneva (2000) and Vrijenhoek et al. (2001) state that surface roughness is 

one of the most significant properties for influencing fouling (adhesion) and is more 

important than physical and chemical operating conditions. The roughness, waviness 

and the architecture of the active top layers of the polymeric membranes have been 

investigated using AFM. RA (the mean roughness) was calculated as an average value of 

that determined from each scan line for 5 x 5 micron AFM images. The RA values for 

Protocol 1 and Protocol 2 membranes can be seen in Table 4.5. The two pre-treatment 

Protocols employed lead to similar roughness values for (i) conditioned membranes, (ii) 

fouled membranes, (iii) fouled then cleaned membranes.  P1 (water) and P2 (water & 

NaOH) conditioned FP membranes displayed almost identical roughness (RA) values of 

18.8 and 19.0 nm respectively. After fouling, all membranes displayed increased RA 

values (P1: 25.6 and P2: 25.9 nm), indicating that relatively rough surface deposits were 

present. This rougher surface also resulted in an increase of in-pore deposits; which is 
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recovery was seen. The fouling fluxes for cycle 5 onwards were similar; this was 

probably due to the accumulation and detachment of the fouling cake layer reaching 

equilibrium (Bian et al., 2000). 

 

Protocol 1 results in a slightly superior fouling flux performance over the first cycle 

than Protocol 2 (3.6 % enhanced flux). Protocol 1 continued to outperform Protocol 2 

during the first cleaning cycle. However, after fouling and cleaning the PWF positions 

were reversed, and Protocol 2 provided a flux recovery of 95 % (± 1), compared to  

87 % (± 1) seen for Protocol 1. During cycle numbers two to four, the fouling fluxes for 

both protocols showed no statistically significant differences. Comparison of the PWF 

values after fouling and cleaning with the original PWF of a clean membrane provides 

the best indication of the state of the membrane. In cycle 2, the application of Protocol 2 

provided a flux recovery of 51 % compared to only 44 % obtained for Protocol 1 treated 

membranes. The PWF performance at the end of cycle 3 was similar for both Protocols, 

and no significantly relevant differences was seen (approx. 41 % recovery). The 

positions were then reversed after four fouling and cleaning cycles where Protocol 1 had 

an enhanced flux recovery of 30 % compared to 25 % seen by Protocol 2. The product 

fluxes after cycle 4 had similar results. These results showed that Protocol 2 had an 

improved performance over Protocol 1 in the first three cycles, though as the cycle 

number increased the extent of these improvements decreased. This trend continued, 

and after 8 cycles, Protocol 1 treated membranes gave a statistically superior filtration 

flux performance to Protocol 2 treated membranes. These results indicated the 

importance of examining membrane performance over multiple operational cycles.  
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Figure 4.35:  UF of SSL with 20 kDa FP membranes: Graph to show normalised steady state 
PWF, fouling flux and cleaning flux for four filtration cycles. Average initial flux;  
P1: 451 L m-2 hr-1, P2: 405 L m-2 hr-1. 
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Figure 4.36:  UF of SSL with 20 kDa FP membranes: Graph to show normalised steady state 
PWF before fouling and fouling flux for eight filtration cycles. 
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membrane resistance after eight fouling and cleaning cycles being 3.7 x 1012 m-1 (P1) 

and 4.33 x 1012 m-1 (P2). This suggests that as the cycle number increased, the 

membranes were not being cleaned sufficiently by the existing cleaning regime.  
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Figure 4.37: Graph to show the breakdown of fouling resistance at steady state (after 90 min) 
when both pre-treatment Protocol are used for the filtration of SSL with a 20 kDa FP membrane 
during selected filtration cycles.   
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Figure 4.38: Graph to show pure water membrane resistances after fouling and cleaning for 
each fouling cycle for Protocol 1 and Protocol 2 treated membranes. 
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2x fouled cleaned membrane. This suggests that either the foulants were more easily 

removed with increased fouling cycle numbers or that there were additional cations 

attracted to the membrane surface. The ZP values for the 4x fouled and cleaned 

membrane treated with Protocol 2 showed more negative ZP values than those recorded 

for Protocol 1 treated membranes (Figure 4.41 and 4.42). Zhu and Nyström (1998), 

Huisman et al. (2000) and Lawrence et al. (2006) also found that the zeta potentials of 

membranes which were cleaned before use had changed, suggesting that the cleaning 

agents had modified the membrane charge.  
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Figure 4.40: Apparent zeta-potentials on the pore walls of Protocol 1 and Protocol 2 treated FP 
membranes at different pH values, used for the cycle 1 of the UF filtration of SSL. 
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cycles are displayed in Table 4.3. The identification of chemical structure is possible, 

but care has to be taken as reference spectra and peaks are obtained from pure material. 

However, an attempt to interpret the material has been performed, especially trying to 

identify the foulants e.g. the lignosulphonates. As discussed previously the FTIR 

spectrum for lignosulphonates has been studied by Marques et al. (2009a). Comparing 

this data with all the fouling spectra, lignosulphonate fouling is evident with a common 

aromatic ring vibration bands at 1578 and 1486 cm-1 and bands of sulphonic groups at 

1181, 1010, 834 and 719 cm-1. 

 

The variations caused by the two pre-treatment Protocols can be observed in Figures 

4.43 (a, b, & c) to 4.44 (a & b). The scans for water and virgin membranes have been 

subtracted from the graphs, so that the scans represent those of the foulants or cleaning 

agents deposited on the membrane surface, or within the porous structure. The figures 

demonstrate that NaOH cleaning after water conditioning (P2) altered the species 

attachment profile.  The possible attachment of NaOH species before fouling may have 

altered the nature of the surface.  For cycle 1 the Protocol 2 spectrum after fouling was 

comparable to the Protocol 1 treated membrane which has been fouled and subsequently 

cleaned with NaOH. Further surface modification was evident for FP membrane 

surfaces following fouling and cleaning, with the Protocol 1 fouled membrane attracting 

different species to the other three treatments. Once the Protocol 1 membranes have 

been cleaned the species on the membrane changed after fouling a second time. The 

species profile was then the same as that observed for the Protocol 2 treated membranes. 

The membranes that have been fouled twice have the same species as the membranes 

that have been fouled and cleaned, though with different peak intensities. However, 

once the Protocol 1 and Protocol 2 membranes have been subjected to four fouling 

cycles, different species have attached to the membrane surface. These species are 

present due to (i) the removal of certain fouling species from the membrane surface 

after cleaning, or (ii) the cleaning agent masking the foulant species, or (iii) further 

fouling cycles resulting in different species attaching to the membrane surface. It seems 

most likely that the increased amount of fouling results in different SSL components 

attaching to the surface. The noticeable differences in the spectra for the 4x fouled 

membranes are larger peaks at approximately 1672 (C=O), 1608 (C=C, C-H),  

1312 (C-H, C-SO2-C) and 778 (S-O-CH2) cm-1.  
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Figure 4.43 (a): Comparison of fouling infrared spectra of 20 kDa FP membranes subjected to 
different treatments for the filtration of SSL (all spectra shown with water and virgin membrane 
subtracted). 
 

 
Figure 4.43 (b): Comparison of fouling infrared spectra of 20 kDa FP membranes subjected to 
different treatments for the filtration of SSL (all spectra shown with water and virgin membrane 
subtracted). 
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Figure 4.43 (c): Comparison of fouling infrared spectra of 20 kDa FP membranes subjected to 
different treatments for the filtration of SSL (all spectra shown with water and virgin membrane 
subtracted). 
 

 
Figure 4.44 (a): Comparison of fouling and cleaning infrared spectra of 20 kDa FP membranes 
subjected to different treatments for the filtration of SSL (all spectra shown with water and 
virgin membrane subtracted). 
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4.8. Summary 
SSL was studied in the cross flow rig with two different materials; Polysulphone (Psf) 

and Fluoropolymer (FP) membranes. This section has investigated two different issues; 

(i) the fouling and cleaning optimisation of SSL filtration, and (ii) the effect of pre-

treatment cleaning on the filtration of SSL. 

 

The first part of this chapter was important so that any further experiments performed 

with SSL were maximised in performance. The fouling conditions were optimised by 

varying CFV, TMP and temperature. The results show that the rate of increase of flux 

with TMP became less apparent as pressure increased gradually to a high value for both 

membranes Psf and FP. A limiting flux was seen at 3.0 bar. The increase in TMP caused 

an increase in the polarised layer thickness which acted as a secondary membrane. This 

increasing fouling layer which formed was found to be increasingly more difficult to 

remove. Increasing the fouling temperature of the SSL on the Psf and FP membranes 

showed increased initial permeate fluxes. As the fouling cycles reached steady state the 

final fouling fluxes showed similar values for the 60 ºC and 70 ºC feed temperatures. 

The changes in viscosity of SSL did not affect the fouling process at the higher 

temperatures. The optimal fouling temperature for filtering SSL was found to be 60 ºC. 

The lower filtration temperature though can reduce the irreversible fouling resistance 

and increase both rinsable and concentration polarisation resistances. The optimised 

fouling conditions were found to be: a TMP of 3.0 bar, a CFV of 1.89 ms-1 and a 

temperature of 60 ºC for 90 min. The standard rinsing and cleaning conditions were also 

optimised. The FP membrane overall had a superior performance over the Psf 

membrane. 

 

The objective of the second part of the chapter was to determine whether the application 

of a simple NaOH pre-treatment could affect both the type of foulant species attaching 

to the membrane surface, and improve the separation performance. The use of a FP 

membrane to separate SSL did result in the attachment of different fouling species 

depending upon the pre-treatment Protocol used, as demonstrated by FTIR results. Zeta 

potential measurements, FTIR and electron microscopy demonstrated that both in-pore 

and surface fouling was present. The data collected indicated that the pre-treatment 

Protocols did have some effect upon the subsequent separation and cleaning 
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performance. The deposits formed on the membranes subjected to conditioning with 

NaOH displayed some of the same characteristics as those deposits formed on 

membranes conditioned only with water, then subsequently cleaned using NaOH 

following fouling. The pre-treatment of polymeric membranes with dilute NaOH 

solutions thus appears to have a positive effect upon subsequent membrane filtration 

performance after fouling and cleaning for one cycle. Once the Protocol 1 and Protocol 

2 membranes had been subjected to four fouling cycles, different species had attached to 

the membrane surface. The results presented show that Protocol 2 treated membranes 

had an improved pure water flux performance over Protocol 1 treated membranes for 

the first three cycles, although as the cycle number increased these improvements 

became less significant. After four fouling and cleaning cycles had been completed, 

NaOH preconditioning offered no significant improvement upon pre-treatment with 

water alone. These findings are significant, as they offer support to the 

recommendations made by some polymeric membrane manufacturers that conditioning 

Protocols should include a NaOH step. However, in the system examined, the effect of 

NaOH pre-treatment resulted in an improvement in the subsequent performance only 

over the first two or three complete filtration cycles.  

 

 

 

 







Chapter 5: Result Section 2 
 

148 

 

process. Higher concentrations provide higher osmotic pressure and larger driving 

forces for deposit formation. The 45 ºBrix produced an average steady state flux value 

of ~62 (± 3) L m-2 hr-1. This is a reasonable fouling flux performance. Figure 5.2 shows 

the fouling flux data as a function of TMP at different molasses concentrations. The 

TMPs where the limiting flux occurred for the lower concentrations of 15 ºBrix and  

25 ºBrix was 3.0 bar to 3.5 bar. This TMP decreased to between 2.5 bar to 3.0 bar at the 

higher concentrations of 35 ºBrix and 45 ºBrix. The effects of the fouling problems are 

discussed in more detail in section 5.6. 

 

Figure 5.3 displays the breakdown of the different resistive layers present at steady state 

as a function of molasses concentration. The viscosity of molasses due to concentration 

changes has been incorporated into the fouling resistance calculation. The resistance 

breakdown shows that the total resistance (RT) increased with increasing concentration. 

The resistances due to Rcp and RI were responsible for the increase. This coincides with a 

decrease in rinsable resistance (RR). The increase in concentration from 45 ºBrix to  

55 ºBrix increased the RT significantly (1.19 x 1013 m-1 to 1.94 x 1013 m-1), this was 

contributed by a large increase in Rcp (from 5.54 x 1012 m-1 to 9.47 x 1012 m-1) and RI 

(from 4.74 x 1012 m-1 to 8.57 x 1012 m-1).  Figure 5.4 shows the membrane resistance 

after fouling and cleaning (0.25 wt. % sodium hydroxide (NaOH), 1.0 bar, 1.89 ms-1 

and 50 ºC) compared to the membrane resistance before fouling. The lower 

concentration resulted in a higher degree of cleanability. This was due to the decrease in 

irreversible fouling and concentration polarisation at higher dilutions. This can be 

explained by Figure 5.5; which displays the apparent solids rejection data as a function 

of molasses concentration for the 1.5 µm Psf membranes. The apparent rejection 

increased with increasing concentration and TMP, resulting in more solids on the 

retentate side. This could have been contributed to the tightening of the effective pore 

size through the fouling layer as the concentration increased (Eagles and Wakeman, 

2002). This increase in solids caused more fouling, in terms of pore blocking and 

surface fouling, which was not entirely removed after the cleaning process was 

completed. 
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Figure 5.1: Graph to show fouling flux data as a function of fouling concentration on 1.5 µm 
Psf membranes when fouled with molasses (60 ºC, 3.0 bar TMP, 1.89 ms-1 CFV) for 90 min. 
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Figure 5.2: Graph to show fouling flux data as a function of TMP on 1.5 µm Psf membranes 
when fouled with molasses (60 ºC, 1.89 ms-1 CFV) at different molasses concentrations for  
90 min. 
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Figure 5.3: Graph to show fouling resistance data as a function of fouling concentration on  
1.5 µm Psf membranes when fouled with molasses (60 ºC, 3.0 bar TMP, 1.89 ms-1 CFV) for  
90 min. 
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Figure 5.4: Graph to show pure water membrane resistances before fouling and after cleaning 
vs. fouling concentration variation on 1.5 µm Psf membranes when fouled with molasses (60 ºC, 
3.0 bar TMP, 1.89 ms-1 CFV) for 90 min. All cleaning conditions maintained at 0.25 wt. % 
NaOH, 1.0 bar, 1.89 ms-1 and 50 ºC. 
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Figure 5.6: Graph to show fouling flux data as a function of fouling temperature on the 1.5 µm 
Psf membranes when fouled with molasses (3.0 bar TMP, 1.89 ms-1 CFV, 45 ºBrix) for 90 min. 
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Figure 5.7: Graph to show fouling resistance data as a function of fouling temperature on  
1.5 µm Psf membranes when fouled with molasses (3.0 bar TMP, 1.89 ms-1 CFV, 45 ºBrix) for  
90 min. 
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Figure 5.8: Graph to show pure water membrane resistances before fouling and after cleaning 
vs. fouling temperature variation on 1.5 µm Psf membranes when fouled with molasses (3.0 bar 
TMP, 1.89 ms-1 CFV, 45 ºBrix) for 90 min. All cleaning conditions maintained at 0.25 wt. %, 
1.0 bar, 1.89 ms-1 and 50 ºC. 
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Figure 5.9: Graph to show the apparent rejection coefficient as a function of fouling 
temperature variation through 1.5 µm Psf membranes when fouled with molasses (3.0 bar TMP, 
1.89 ms-1 CFV, 45 ºBrix) for 90 min. 
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5.3.1.3. Transmembrane Pressure 

The fouling TMP was varied from 1.0 to 4.0 bar whilst maintaining a constant 45 ºBrix, 

CFV of 1.89 ms-1 and a temperature of 60 ºC for 90 min where standard rinsing and 

cleaning conditions were used. RO pure water fluxes (22 ºC, 1.0 bar, and 1.89 ms-1) 

were maintained constant before and after fouling and after cleaning. Figure 5.10 shows 

the first, last and average flux values in the fouling section of the cycle. The data shows 

that increasing the TMP increases the fouling flux until ~3.0 bar TMP where the 

limiting flux effect occurs. The limiting flux at 1.89 ms-1 with steady state flux was  

62 L m-2 hr-1. The limiting flux in relation to varying CFVs has been further investigated 

in the mass transfer section 5.3.2. 

 

Figure 5.11 shows a breakdown of the different resistive layers present at steady state 

versus TMP. The resistance breakdown shows that the resistance due to concentration 

polarisation (Rcp) was responsible for the increased resistance (RT) with increasing 

TMP. Rcp was accountable for 35 % of the total resistance at 1.0 bar and 49 % of the 

total resistance at 4.0 bar. This increase in concentration polarisation was due to the 

increased pressure causing greater back diffusion and a greater degree of foulants at the 

membrane surface. The RI increased from 3.79 x 1012 m-1 for 1.0 bar TMP to  

5.00 x 1012 m-1 at 4.0 bar TMP for the Psf fouled membranes. RR decreased from  

2.21 x 1012 m-1 for 1.0 bar TMP to 1.26 x 1012 m-1 at 3.0 bar TMP. This irreversible 

resistance is when rinsed with RO water only; the increased TMP also affected the 

cleanability of the membrane. Figure 5.12 shows that the membrane resistance after 

fouling and cleaning increases as the fouling TMP increases. When fouling at higher 

TMPs an increased fouling layer is formed which is increasingly difficult to remove. 

This could be due to the overall higher fluxes resulting in higher drag forces on particles 

towards the membrane surface at higher concentrations. This fouling layer would also 

be less porous hindering the separation performance. This causes further pore blockages 

and surface fouling. This indicates that at the lower pressures there is a higher degree of 

cleanability.  

 

Figure 5.14 displays the apparent solids rejection data versus fouling TMP for the Psf 

membrane. Increasing the TMP from 1.0 bar to 2.0 bar increased the rejection 

coefficient from 0.21 to 0.26. The rejection coefficient was further increased to 0.29 at 
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3.0 bar. This was due to the increased polarised layer and fouling layer at the membrane 

surface which resulted in decreased pore sizes allowing altered size exclusion 

(Blainpain et al., 1993; Kallioinen et al., 2007). This has been discussed further in 

section 5.3.2. 
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Figure 5.10: Graph to show variation of fouling flux data as a function of fouling TMP on  
1.5 µm Psf membranes when fouled with molasses (60 ºC, 1.89 ms-1 CFV, 45 ºBrix) for 90min. 
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Figure 5.11: Graph to show fouling resistance data as a function of TMP on 1.5 µm Psf 
membranes when fouled with molasses (60 ºC, 1.89 ms-1 CFV, 45 ºBrix) for 90 min. 
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slope which varied with CFV. Extrapolation of the y-axis of the lines connecting the 

flux rejection data can be seen.  The lines converged towards a similar y-axis intercept 

of -0.37, which corresponds to a true (actual) rejection coefficient of approximately 0.59 

(59 % solids rejected). This actual rejection converts to an estimated membrane surface 

concentration (Cm).  The concentration on the surface, Cm for the CFV of 1.89 ms-1  

(Re = 3300) and 3.0 bar was 32 % greater than the concentration in the bulk stream, Cb. 

This implies that there is a high degree of concentration polarisation occurring, as 

validated in this work (Figure 5.11). The gradients of the lines in Figure 5.15 have been 

used calculate the mass transfer coefficients and are displayed in Figure 5.16. The 

gradient of the turbulent line is only slightly promoted compared to the laminar data. 

The membrane filtered at 1.89 ms-1 (Re = 3300) had a mass transfer number of  

1.37 x 10-5 ms-1. 
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Figure 5.13: Graph to show fouling flux data as a function of TMP on 1.5 µm Psf membranes 
when fouled with molasses (60 ºC, 45 ºBrix) at different Reynolds numbers (CFV) for 90 min. 
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Figure 5.14: Graph to show the apparent rejection coefficient as a function of applied TMP on 
1.5 µm Psf membranes when fouled with molasses (60 ºC, 45 ºBrix) at different Reynolds 
numbers (CFV) for 90 min. 
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Figure 5.15: Linearised plot of the concentration polarisation equation for various CFVs with 
trend lines extrapolated to meet the y-axis. Constant concentration (45 ºBrix) and temperature 
(60 ºC). Varied Re: 1000, 2000, 3000, 4000 and TMP: 2.5, 3.0, 3.5, 4.0 bar. 
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1.5 µm 45 ºBrix fouled Psf membrane. The RI decreased somewhat from 7.20 x 1012 m-1 

for the 0.5 µm Psf 45 ºBrix fouled membrane to 4.74 x 1012 m-1 for the 1.5 µm 45 ºBrix 

fouled Psf membrane. The amount of rinsable fouling also decreased slightly from  

2.27 x 1012 m-1 for the 0.5 µm Psf 45 ºBrix fouled membrane to 1.26 x 1012 m-1 for the 

1.5 µm 45 ºBrix fouled Psf membrane. However, the RR accounted for 11 % of the total 

resistance for the 1.5 µm membrane compared to 8 % for the 0.5 µm membrane. Figure 

5.19 shows that for all membranes tested the membrane resistance after fouling and 

cleaning increased as molasses concentration increased. The 0.5 µm membrane had the 

most resistance after cleaning, which is expected as more in-pore fouling occurs in the 

smaller pore membranes. This shows that the cleaning regime performed (0.25 wt. % 

NaOH, 1.0 bar, 1.89 ms-1 and 50 ºC) on the 0.5 µm and 0.9 µm membranes are not 

removing enough of the fouling material. Figure 5.20 shows the apparent solids 

rejection data as a function of fouling concentration for the 0.5 µm, 0.9 µm, and 1.5 µm 

Psf membranes. The apparent rejection increased with increasing concentration and 

decreasing pore size. Increasing the pore size from 0.5 to 1.5 µm decreased the rejection 

from 0.26 to 0.22 (15 ºBrix) and 0.40 to 0.28 (45 ºBrix) respectively. This was probably 

due to the smaller pores causing more in-pore and surface fouling causing fewer solids 

to be able to pass through the membrane.    

 

The fouling flux and Ra data was then used to gather further mass transfer information 

(Figure 5.21). The mass transfer information for the three membranes was gathered 

using Equations 4.1 to 4.7; using the concentration variation method. Here, the 

concentration of molasses was varied at constant CFV, temperature and TMP (1.98 ms-1 

60 ºC, and 3.0 bar). Extrapolation of the y-axis of the lines connecting the flux rejection 

data can be seen. The following y-axis intercepts (-1.23 (0.5 µm), -0.34 (0.9 µm), -0.17 

(1.5 µm)) correspond to true (actual) rejection coefficients of approximately 0.77 (0.5 

µm), 0.58 (0.9 µm) and 0.53 (1.5 µm). The gradients of the lines in Figure 5.21 have 

been used to calculate the mass transfer coefficients. The 0.5 µm membrane produced a 

mass transfer coefficient of 5.81 x 10-6 ms-1. As the membrane pore size increased to 0.9 

µm the mass transfer increased to 1.12 x 10-5 ms-1. This was further increased to  

1.63 x 10-5 ms-1 for the 1.5 µm membrane. The 1.5 µm membrane was the preferred 

choice in this study in terms of separation performance. 
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Figure 5.17: Graph to show fouling flux data as a function of fouling concentration on 0.5 µm, 
0.9 µm and 1.5 µm Psf membranes when fouled with molasses (60 ºC, 3.0 bar TMP, 1.89 ms-1 
CFV) for 90 min. 
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Figure 5.18: Graph to show fouling resistance data as a function of fouling concentration on 0.5 
µm, 0.9 µm, and 1.5 µm Psf membranes when fouled with molasses (60 ºC, 3.0 bar TMP,  
1.89 ms-1 CFV) for 90 min. 
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Figure 5.19: Graph to show pure water membrane resistances after cleaning vs. fouling 
concentration variation on 0.5 µm, 0.9 µm, and 1.5 µm Psf membranes when fouled with 
molasses (60 ºC, 3.0 bar TMP, 1.89 ms-1 CFV) for 90 min. 
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Figure 5.20: Graph to show the apparent rejection coefficient on 0.5 µm, 0.9 µm and 1.5 µm 
Psf membranes when fouled with molasses (60 ºC) at different molasses concentrations for  
90 min. 
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Figure 5.21: Linearised plot of the concentration polarisation equation for various membrane 
pore sizes with trend lines extrapolated to meet the y-axis. Constant: 60 ºC, 3.0 bar TMP,  
1.89 ms-1 CFV. Varied concentration: 15, 25, 35, 45 ºBrix. 

5.4. Microfiltration of Molasses - Cleaning Conditions Optimisation 

The 1.5 µm Psf membranes were fouled by filtering a 45 ºBrix molasses solution under 

the same operating conditions (60 ºC, 3.0 bar, 1.89 ms-1). For all cleaning experiments 

the molasses feed was filtered until it reached the same normalised steady state flux 

(Error ± 6 %). The steady state flux was approximately 7 % of the initial flux value. The 

rinsing stage before cleaning was performed at 22 ºC, 1.0 bar TMP, and 1.89 ms-1 CFV 

for 15 min; this removed the majority of the loosely bound particulates. As molasses is 

a complex solution it was required to be cleaned with an acid and alkali solution (citric 

acid and NaOH). 

5.4.1. Effect of Cleaning Operating Conditions 

The cleaning conditions were optimised by varying concentration, TMP and 

temperature. The cleaning efficiency was evaluated by the ratio of the pure water flux 

after cleaning (Jc) to the pure water flux measured before fouling (Jw) for each cleaning 

stage. The percentage flux recovery (%Jr) was calculated using Equation 4.7. The 

cleaning process was investigated in two stages. The first stage was to optimise the 

cleaning in terms of operating conditions and chemical sequences. The second stage 
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14 %. The lowest concentration of citric acid tested (0.10 wt. %) recovered the greatest 

PWF recovery of 52 % after cycle 1, although this value was not statistically different 

from the other recovery values recorded for 0.25 and 0.50 wt. %. After cycle 2 the 

differences were more noticeable, with 0.10 wt. % recovering 51 % of PWF. The 

optimal concentration of NaOH was inconclusive after cycle 2; the PWF recoveries 

were all similar for the concentrations tested. It would therefore be more practical to use 

the lower concentrations of 0.10 wt. % or 0.25 wt. %.  The increasing concentration of 

the acid and alkali solutions could have caused the lower flux recovery by; (i) the 

enhancement in the swelling of the fouling deposits which block the pores and seal the 

membrane surface and/or (ii) the lower concentrations ability to keep the pores 

relatively unplugged whereas a chemical induced gelation could have happened when 

the higher cleaning solution was introduced (Bartlett et al., 1995; Nigam et al., 2008).  
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Figure 5.22: Graph to show citric acid and NaOH cleaning fluxes as a function of cleaning 
concentration variation on 1.5 µm Psf membranes when fouled with molasses (3.0 bar, 60 ºC, 
1.89 ms-1) for 90 min. All cleaning conditions maintained at 1.0 bar TMP, 1.89 ms-1 and 50 ºC. 
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5.4.1.2. Transmembrane Pressure 

The TMP was varied while maintaining a constant citric acid and NaOH concentration 

of 0.25 wt. %, CFV of 1.89 ms-1, and temperature of 50 ºC for 30 min. The TMP 

pressures tested were 0.5, 1.0 and 2.0 bar. Figure 5.25 compares the flux data for 

cleaning TMP variation on Psf membranes. It shows the first, last and average flux 

values in the cleaning section of the cycle. The marginally better cleaning flux for citric 

acid was 0.5 bar, whereas cleaning with NaOH at 1.0 bar was vastly superior. Figure 

5.26 shows the effect of TMP on the product (fouling) flux after the first cycle of 

fouling and cleaning. It compares the PWF after cycle 1 to the fouling, cleaning and 

PWF after cycle 2. The fouling fluxes after cleaning were lower when cleaning with 

either chemical at 2.0 bar. The highest PWFs after 2 cycles was 1.0 bar for the citric 

acid cleaned membrane (427 L m-2 hr-1), and 1.0 bar for the NaOH cleaned membrane 

(468 L m-2 hr-1).  
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Figure 5.25: Graph to show citric acid and NaOH cleaning flux as a function of cleaning TMP 
variation on 1.5 µm Psf membranes when fouled with molasses (3.0 bar, 60 ºC, 1.89 ms-1) for 90 
min. All cleaning conditions maintained at 0.25 wt. %, 1.89 ms-1 and 50 ºC. 
 

Figure 5.27 shows the effect of TMP variation on the PWF recovery after fouling and 

cleaning for two cycles. The optimal TMP after one cycle for PWF recovery after 

NaOH cleaning was 1.0 bar with a flux recovery of 60 % compared to 54 % (0.5 bar) 

and 50 % (2.0 bar). The trend was identical for citric acid cleaning with an increased 

flux recovery of 49 % (1.0 bar) compared to 48 % (0.5 bar) and 44 % (2.0 bar).When 
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operating at too low a pressure, not enough force is generated for effective separation 

whereas too high a pressure can cause compaction of the membrane (Jönsson and 

Trägårdh, 1990), this is the most likely reason why 1.0 bar is the optimal pressure for 

this process.   
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Figure 5.26: Graph to show the PWFs, fouling fluxes and cleaning fluxes for twice fouled 
membranes vs. cleaning TMP variation on 1.5 µm Psf membranes when fouled with molasses 
(3.0 bar TMP, 60 ºC, 1.89 ms-1) for 90 min. All cleaning conditions maintained at 0.25 wt. %, 
1.89 ms-1 and 50 ºC. 
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Figure 5.27: Graph to show PWF recovery as a function of cleaning TMP variation on 1.5 µm 
Psf membranes when fouled with molasses (3.0 bar TMP, 60 ºC, 1.89 ms-1 CFV, 45 ºBrix) for 
90 min. All cleaning conditions maintained at 0.25 wt. %, 1.89 ms-1 and 50 ºC. 
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5.4.1.3. Temperature 

The temperature was varied while maintaining a constant citric acid and NaOH 

concentration of 0.25 wt. %, CFV of 1.89 ms-1, with a TMP of 1.0 bar for 30 min. 

Figure 5.28 compares the flux data for cleaning temperature variation on Psf 

membranes. It shows the first, last and average flux values in the cleaning section of the 

cycle. Three cleaning temperatures were chosen, 22 ºC, 50 ºC and 60 ºC. Previous work 

at Bath University (Weis et al., 2003; Evans and Bird, 2006) found that 50 ºC is the 

ideal temperature for cleaning membranes fouled with a wide range of food and 

bioproducts. The lower and higher temperatures were thus selected to facilitate a 

meaningful comparison. The cleaning fluxes increased with increasing temperature 

fairly dramatically from 22 ºC to 50 ºC. This was probably due to decreased viscosity, 

improved diffusion, increased solubility of both the cleaning agent and foulants and 

increased reaction rates of the cleaning agent when the temperature was raised. Madaeni 

et al. (2009) found that both the rate of chemical agent with the deposited foulant and 

the diffusive transport of the foulants from the fouling layer to the bulk solution were 

proportional to temperature. That at higher temperatures the swelling of the gel layer 

might have contributed to weaken its structural stability. Shorrock and Bird (1998) 

hypothesised that it was more likely thermal energy, rather than kinetic energy 

responsible for the increased deposit removal at the higher temperature.  

 

Figure 5.29 shows the effect of temperature on the product (fouling) flux after the first 

cycle of fouling and cleaning. It compares the PWF after cycle 1 to the fouling, cleaning 

and PWF after cycle 2. The fouling fluxes after cleaning at 22 ºC with both the acid and 

alkali were greatly reduced. The 22 ºC acid cleaned membrane fouling flux reduced by 

63 % from the 1st cycle (alkali: 59 % reduction). The 50 ºC and 60 ºC fouling fluxes 

only decreased slightly. At 22 ºC the flux recovery after cycle 1 for the Psf membrane 

was only 28 % (acid) and 31 % (alkali) respectively (Figure 5.30). The results obtained 

for temperatures 50 ºC and 60 ºC were similar; it is therefore preferable to use the lower 

temperature of 50 ºC for all further cleaning experiments with molasses.   
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Figure 5.28: Graph to show citric acid and NaOH cleaning flux as a function of cleaning 
temperature variation on 1.5 µm Psf membranes when fouled with molasses (60 ºC, 3.0 bar, 
1.89 ms-1) for 90 min. All cleaning conditions maintained at 0.25 wt. %, 1.89 ms-1 and 1.0 bar 
TMP.  
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Figure 5.29: Graph to show the PWFs, fouling fluxes and cleaning fluxes for twice fouled 
membranes vs. cleaning temperature variation on 1.5 µm Psf membranes when fouled with 
molasses (3.0 bar TMP, 60 ºC, 1.89 ms-1) for 90 min. All cleaning conditions maintained at  
0.25 wt. %, 1.89 ms-1 and 1.0 bar TMP. 
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 Figure 5.31 to 5.33 displays the cleaning flux recovery during cleaning for each 

cleaning stage. A similar trend is seen for all cleaning stages except when cleaning with 

a lower concentration of citric acid after a higher concentration of cleaning solution. An 

initial increase and subsequent reduction in flux during chemical cleaning was seen for 

both acid and alkali treatments. This supports previous membrane cleaning findings for 

the removal of food based foulants based on the simultaneous removal of the cake and 

the swelling of in-pore bound deposition (Bird and Bartlett, 2002). Figure 5.34 shows 

the final PWF recovery at the end of the cleaning cycle. The noticeable differences are 

the first band of treatments (T1 to T4) which are cleaned with NaOH followed by citric 

acid and results in the highest amount of PWF recovery (77 % to 89 %). Interestingly 

the two treatments (T1 and T3) with the lower concentration of acid (0.1 wt. %) yielded 

the highest flux recovery. The addition of a subsequent alkali cleaning step, in T9 to 

T12, resulted in a reduction in the flux obtained and is therefore not preferred.  

 

 

Table 5.1: Details the cleaning sequences and the relevant flux recoveries 

Treatment 
Number 

NaOH 
(wt. %) 

Recovery 
(%) 

Citric Acid 
(wt. %) 

Recovery 
(%) 

NaOH 
(wt. %) 

Recovery 
(%) 

End 
Recovery 

(%) 

PWF 
Recovery 

(%) 
T1 0.10 59 0.10 85   85 86 

T2 0.25 58 0.25 77   77 77 

T3 0.25 60 0.10 83   83 89 

T4 0.10 56 0.25 83   83 80 

T5   0.10 51 0.10 73 73 69 

T6   0.25 50 0.25 79 79 76 

T7   0.25 48 0.10 70 70 68 

T8   0.10 52 0.25 76 76 69 

T9 0.10 59 0.10 85 0.10 65 65 67 

T10 0.25 60 0.10 83 0.25 57 57 60 

T11 0.10 56 0.25 83 0.10 67 67 67 

T12 0.25 58 0.25 77 0.25 62 62 66 
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Figure 5.31: Graph to show the effect of acid and alkali cleaning sequences on the cleaning flux 
recovery after fouling with molasses (60 ºC, 3.0 bar TMP, 1.89 ms-1, 45 ºBrix) for 90 min. 
Constant acid and alkali conditions of 50 ºC, 1.89 ms-1, 1.0 bar for 30 min. 
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Figure 5.32: Graph to show the effect of acid and alkali cleaning sequences on the cleaning flux 
recovery after fouling with molasses (60 ºC, 3.0 bar TMP, 1.89 ms-1, 45 ºBrix) for 90 min. 
Constant acid and alkali conditions of 50 ºC, 1.89 ms-1, 1.0 bar for 30 min. 
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Figure 5.33: Graph to show the effect of acid and alkali cleaning sequences on the cleaning flux 
recovery after fouling with molasses (60 ºC, 3.0 bar TMP, 1.89 ms-1, 45 ºBrix) for 90 min. 
Constant acid and alkali conditions of 50 ºC, 1.89 ms-1, 1.0 bar for 30 min. 
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Figure 5.34: Graph to show the effect of acid and alkali cleaning sequences on the PWF flux 
recovery after fouling and cleaning when fouled with molasses (60 ºC, 3.0 bar TMP, 1.89 ms-1, 
45 ºBrix) for 90 min. Constant acid and alkali conditions of 50 ºC, 1.89 ms-1, 1.0 bar for 30 min. 
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Table 5.3: Possible structures found by the Perkin-Elmer search program for the fouled and  
cleaned Psf membrane 

Class 
number Possible structural units Possible bands (cm-1) 

201 Alkyl group - general 1486, 1241, 1152, 1106, 1090 

259 Aromatic compound 1578, 1486, 1324, 1241, 719 

402 Hydroxy group 1241, 1151, 1106, 1090 

511 Aliphatic alcohol 1486, 1010 

2710 Aryl-ether 1578, 1486, 1324, 1151, 1106 

2724 Phenoxy - general 1578, 1486, 1324, 1151, 1106, 1090, 

872, 836, 719 

2906 Aromatic primary amine 1578, 1486 

4002 Aromatic sulphone 1578, 1486, 1324, 1151, 1106, 1090, 

872, 836, 799, 719 

4911 Carbonyl compound  1675, 1672 

 

The peaks in Figures 5.43 and 5.44 for the Psf membrane show similar results to; 

Fontyn et al. (1991), Zhu and Nyström (1998) and Puro et al. (2006). The peaks around 

1579 cm-1 and 1486 cm-1 are that of aromatic bands, which is due to the C=C stretching 

vibration of the aromatic ring. The 1320/1290 cm-1 doublet band is asymmetric SO2 

stretching and the band at 1150 cm-1 is symmetric SO2 stretching. As these peaks are 

normal for Psf membranes they can be taken away from the fouled and cleaned 

membrane. The bands which show the majority of changes in peak height appear to be 

mainly in the low wave number region (> 1800 cm-1). The peaks in the higher wave 

numbers could be due to noise. Though there is a defined peak at 2963 cm-1, which is a 

CH3 asymmetric stretch. The peaks in region 3200 and 3500 cm-1 are signs of a 

hydroxyl group, such as an alcohol. This could be the results of the large number of 

sugar molecules in the molasses. These peaks are a sign of fouling. 

 

A scan for water and virgin membranes have been subtracted from the graph in Figures 

5.45, so that the scans indicate only those of the foulants or cleaning agents deposited 

on the membrane surface, or within the porous structure. This is a useful comparison to 

identify the fouling species and effects of the pre-treatment Protocols. As molasses is 

prominently a mixture of sugars, it was practical to compare the fouling spectra with 
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3.0 bar where the limiting flux effect occurs. After this pressure, the fouling fluxes 

began to decline slightly. It was therefore not advantageous to work at higher pressures 

than 3.0 bar. The optimised fouling conditions were a TMP of 3.0 bar, a CFV of  

1.89 ms-1 and a temperature of 60 ºC for 90 min. 

 

Effective membrane cleaning protocols following molasses filtration to remove both 

cake and in-pore bound deposition require both alkali and acid cleaning steps.  By 

optimising a two stage cleaning process, optimal temperature and concentrations were 

identified for the microfiltration of a 45 ºBrix molasses solution. The best cleaning 

regime from the range tested achieved a pure water flux recovery of 89 % using a 

NaOH concentration of 0.25 wt. % followed by a stage using 0.10 wt. % citric acid. The 

process conditions were the same for each stage (50 ºC, 30 min, 1.0 bar, and 1.89 ms-1). 

 

The objective of the second part of the chapter was to determine whether the application 

of a simple NaOH pre-treatment could affect both the type of foulant species attaching 

to the membrane surface, and improve the separation performance. The pre-treatment 

Protocol used resulted in the adhesion of different species when molasses was treated 

using Psf membranes. Protocols 1 and 2 resulted in the attachment of different species 

to the membrane, as shown by the resulting FTIR spectra.  However, the functional 

groups in the cleaning agents partially masked the molasses foulant responses in the 

FTIR spectra, making data difficult to interpret. The peak height data suggests that 

different amounts of fouling had occurred on Psf membranes subjected to the different 

pre-treatment Protocols. The fouling species in the molasses deposition displayed a 

slight negative charge, becoming slightly more negative with increasing pH. The zeta 

potential data indicated that the cleaning pre-treatment Protocol 2 at 50 ºC water 

followed by NaOH) made the membranes more prone to in-pore fouling than those 

subjected to pre-treatment Protocol 1 (50 ºC water only), but flux data indicated that the 

subsequent cleaning removed this in-pore fouling more easily than the fouling which 

occurred on membranes subjected to pre-treatment Protocol 1. The results obtained 

when filtering molasses also suggest that surface fouling plays a key role in the process.  
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reservoir under the membrane as well as the gauging flow. This is shown from the 

slightly lower flux values in the incremental region as the gauge approaches the surface. 

This effect was only slight in the asymptotic zone suggesting that when the nozzle was 

far from the membrane, typically h/dt > 0.25, the permeate flux was unaffected. This 

profile is extremely similar to those reported previously for solid impermeable surfaces 

(Tuladhar et al., 2000) and impermeable surfaces (Chew et al., 2007). This technique 

can therefore be applied to the fouling layers on porous/permeable surfaces and can be 

used in this study.  

 

Microweaves were studied as a tool to assist the design of the cross flow FDG rig. 

Figure 6.2 shows the calibration profile for two different microweaves with pore sizes  

5 µm and 10 µm. The microweaves again show a similar profile to the polymeric 

membrane results and the experiments by Chew et al. (2007). This implies that the 

calculations presented by Tuladhar et al. (2000) for the analysis of thickness 

measurements can be assumed to be valid. The smaller pore sizes of 5 µm show a 

higher mass flow rate than 10 µm. This could be due to the tighter pores allowing less 

flow through the membrane. 
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Figure 6.1: Flow rate-clearance profile of FDG (dt = 5 mm) for calibration of 0.5 µm, 0.9 µm, 
and 1.5 µm pore size Psf membranes.  
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relate to different locations as shown in Figure 2.16. The value of leff was determined by 

independent experiments (Appendix C4). The effective length experiment was essential 

to determine the length of the hypothetical straight tube that would support the same 

resistance to flow as does the real tube at the same flow rate. The effective length was 

found to be 1.79 m from a real tube length of 0.95 m. For a small clearance, the flow 

pattern through the nozzle is complex and affected by the proximity of the gauging 

surface (Chew et al., 2004b). In Figure 6.3 and 6.4 by plotting graphs of Cd vs. h/dt, it 

was found that Cd has a strong function of h/dt, i.e. when h/dt < 0.25.  
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Figure 6.3: Cd vs. h/dt profiles for calibration of 0.5 µm, 0.9 µm, and 1.5 µm pore size Psf 
membranes (dt = 5 mm). 
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deposit build-up, as the increased flow sweeps the accumulated particles from the 

membrane surface. Figure 6.12 (b) (data from Figure 6.12 (a) replotted) shows the cake 

layer thickness and permeate flux as a function of cumulative permeate flow. The 

thickness of cake layer grew linearly initially for all CFV values examined, but 

plateaued off thereafter for the higher velocities tested.  For the lowest CFV examined 

(Reduct = 4000) deposit stabilisation had not occurred for the volume of filtrate tested.  

 

Comparing the flux variation and deposit growth simultaneously there are two different 

stages occurring. During the initial period for all conditions tested there is a severe flux 

decline whereas the deposit thickness remains between 0 µm and 20 µm. This means 

that the initial layer is thin but highly resistant to mass transfer (Mendret et al., 2009). 

This could be due to initial in pore blocking. Though in the second stage, the flux 

decline is more gradual however the deposit thickness develops further from 20 µm to a 

minimum of 85 µm. Mendret et al., (2009) found that the hydraulic resistance of the 

deposit is not proportional to its thickness.  

 

Figure 6.13 shows the porosity versus deposit thickness at different operating CFV.  

Increasing the CFV increases the porosity of the deposit, this results from the effect of 

mass particle sweeping. The higher CFV swept more of the finer particles from the 

membrane surface resulting in a layer of larger particles. Increasing the CFV reduces 

the resistance of the deposit (Figure 6.14), this results from the shearing effect imposed 

by the bulk flow.  The higher CFV swept more of the finer particles from the membrane 

surface, resulting in a layer of larger particles. 
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Figure 6.13: Deposit porosity as a function of deposit thickness for varying Reduct. Conditions: 
22 ºC, 1.00 bar TMP, 45 ºBrix molasses. 
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Figure 6.14: Deposit resistance as a function of deposit thickness for varying Reduct. Conditions:  
22 ºC, 1.00 bar TMP, 45 ºBrix molasses. 
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6.3.3.2. Effect of TMP 

Figure 6.15 (a) shows the evolution of deposit thickness and permeate flux at a constant 

temperature, CFV and concentration (22 ºC, Reduct = 9815, 45 ºBrix molasses). The 

increase in pressure results in an increase in deposit thickness. This deposit growth 

could be caused by compaction of the membrane, leaving the denser structure with 

smaller pores and deformation of the pore geometry (Kallioinen et al., 2007), along 

with compaction of the preliminary fouling layer. The higher fluxes at the increasing 

pressure will also result in more particles being captured at the membrane surface. 

Hamachi and Mietton-Peuchot (1999) found that the deposit structure should evolve 

according to TMP and the effects are more apparent when the filtration time is 

lengthened. Even though the deposit thickness grows with increased pressure, the 

changes in flux remain almost the same and tend towards similar steady state values. 

Figure 6.15 (b) (data from Figure 6.15 (a) replotted) shows cake layer thickness and 

permeate flux as a function of cumulative permeate flow. The thickness of the cake 

layers initially showed similar linear growth with increasing cumulative permeate flow 

for all TMP values tested. However, after 1000 L m-2 cake thicknesses became 

differentiated, with higher pressures resulting in greater thicknesses for a given value of 

the cumulative permeate flow. Thicknesses also grew less strongly as a function of 

cumulative permeate flow in the region > 1000 L m-2. This could be the result of a 

sweeping effect caused by operating in the turbulent flow region.  

 

Figure 6.16 shows the porosity versus deposit thickness at different operating TMP. The 

deposit porosity decreased with increasing TMP. Tung et al., (2010) found that the 

decreased fouling layer porosity is primarily due to the rearrangement of particles and 

the compression of the fouling layer, which are caused by frictional drag from fluid and 

by the compounded foulant mass of deposited particles. 

 

The increase of deposit resistance with TMP, as shown in Figure 6.17, indicates there is 

some degree of deposit compaction. That the fouling layers are compressible, that is, 

they become more compact as the pressure forces increases. For a fixed thickness, the 

deposit resistance does vary linearly with TMP. At a thickness of 55 µm at 0.35 bar the 

deposit resistance was 10 % as that for 2.00 bar. 
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Figure 6.16: Deposit porosity as a function of deposit thickness for varying TMP. Conditions: 
22 ºC, Reduct = 9815, 45 ºBrix molasses. 
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Figure 6.17: Deposit resistance as a function of deposit thickness for varying TMP. Conditions:  
22 ºC, Reduct = 9815, 45 ºBrix molasses. 
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6.3.3.3. Effect of Concentration 

Figure 6.18 (a) shows the evolution of deposit thickness and permeate flux at a constant 

temperature, TMP, and CFV (22 ºC, 1.00 bar TMP, Reduct = 9815). The increase in 

concentration results in an increase in deposit thickness. The lower concentration of  

36 ºBrix reaches a more stable steady state deposit thickness at 15 minutes. The deposit 

layer continues to grow somewhat for the 45 ºBrix and 52 ºBrix after 30 minutes of 

molasses filtration. Though whilst filtering at 22 ºC the variation of concentration did 

not have a substantial effect of the fouling flux. Figure 6.18 (b) (data from Figure 6.18 

(a) replotted) shows cake layer thickness and permeate flux as a function of cumulative 

permeate flow. The trend for all concentrations tested was very similar. Comparing the 

flux variation and deposit growth simultaneously for each concentration there are two 

different stages occurring. An initial thinner layer whereby there is a high degree of flux 

decline (< 5 min) and a thicker second layer with only a gradual flux decline.  Mendret 

et al., (2007) and Mendret et al., (2009) observed that the first layer of fouling was thin 

and incompressible whilst the top layer structure was more open and compressible. 

Whilst Marselina et al., (2009) found using the direct observation (DO) technique that 

the bottom part of the fouling layer became denser than the upper part of the fouling 

layer due to the fouling deposition throughout the filtration period. These findings relate 

to the work performed here. 

 

Figure 6.19 shows the porosity versus deposit thickness at different operating 

concentrations.  The porosity of the deposit layer increases slightly with increasing 

concentration. For all concentrations tested the porosity of the deposit layer also 

increases slightly with increasing deposit thickness. Previous studies have shown that a 

porosity gradient through the cake thickness exists and the deposit structure is different 

at different stages in a fouling run (Hwang et al., 1996; Tarabara et al., 2004; Mendret 

et al., 2009). Mendret et al., 2009 theorised that the porosity gradient could be 

associated with particle size distribution, whereby the smallest particles have the 

greatest effect on filtration performance.  

 

Increasing the concentration decreases the resistance of the deposit slightly (Figure 

6.20). The data in Figure 6.20 also displays highly non-linear shape; where there are 

increases in resistance with only small increases in thickness. This could be explained 
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Figure 6.19: Deposit porosity as a function of deposit thickness for varying concentration. 
Conditions: 22 ºC, 1.00 bar TMP, Reduct = 9815, 45 ºBrix molasses. 
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Figure 6.20: Deposit resistance as a function of deposit thickness for varying concentrations. 
Conditions: 22 ºC, 1.00 bar TMP, Reduct = 9815, 45 ºBrix molasses. 
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6.3.4. Same Membrane Operating Conditions 

Figure 6.21 shows the change in deposit thickness and permeate flux when varying 

CFV during one filtration run. Temperature, TMP and concentration were kept constant 

(60 ºC, 1.00 bar TMP, 45 ºBrix molasses). The relevant calibration charts for the 

conditions tested were performed before filtration experiments were undertaken. The 

1.5 µm Psf membrane was filtered at a low CFV (0.55 ms-1 (Reduct = 4000)) for 30 

minutes until a steady state flux and was achieved. The CFV was then increased to  

1.89 ms-1 (Reduct = 13887) for a further 30 minutes. The steady state thickness after 30 

minutes was ~129 µm, which decreased rapidly to ~103 µm. This decrease in deposit 

thickness and increase in flux (~23 L m-2 hr-1 to ~36 L m-2 hr-1) shows that the deposit is 

reversible (Hamachi and Mietton-Peuchot, 2002). The steady state thickness value when 

increased to a CFV of 1.89 ms-1 was a similar value to the experiment when performed 

with a constant CFV of 1.89 ms-1 (~103 µm). The steady state flux values were slightly 

lower than when performed at constant CFV.  

 

The experiment in Figure 6.21 was performed at 60 ºC whereas the experiment in 

Figure 6.12a was performed at 22 ºC. The raised temperature increased the deposit 

thickness by ~15 µm at 1.00 bar TMP, 4000 Reduct, and 45 ºBrix molasses. This increase 

in thickness could be explained by the swelling of particles at the higher temperature. 

This swelling of particles offer a lesser resistance thereby causing an increase in filtrate 

flux (Hamachi and Mietton-Peuchot, 2001). 
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Figure 6.21:  Effect of increasing CFV on deposit build-up and permeate flux. Conditions:  
60 ºC, 1.00 bar TMP, 45 ºBrix molasses.  
 

Figure 6.22 shows the development in deposit thickness and permeate flux when 

varying TMP during one filtration run. Temperature, CFV and concentration were kept 

constant (60 ºC, 1.89 ms-1 CFV, 45 ºBrix molasses). The 1.5 µm Psf membrane was 

filtered at a low TMP (0.50 bar) for 35 minutes until a steady state flux and thickness 

layer was achieved. The TMP was then increased to 1.00 bar for 20 minutes, then a 

further 20 minutes at 2.00 bar. The steady state deposit thickness after 35 minutes was 

~78 µm, which increased to ~102 µm at 1.00 bar. Followed by a further increase to 

~110µm at 2.00 bar. The deposit thickness reached steady state quicker as the TMP 

increased. This could be explained by the shearing effect of the cross flow having less 

of an impact at the increased pressure. The fouling layer may be getting further 

compressed with each pressure step. 
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Figure 6.22: Effect of increasing TMP on deposit build-up and permeate flux. Conditions:  
60 ºC, 1.89 ms-1 CFV, 45 ºBrix molasses.  

6.3.5. Cake Layer Removal 

FDG was used to investigate the amount of fouling deposit (cake layer) and the 

subsequent removal occurring during cleaning. The relevant calibration charts for the 

conditions tested were performed before filtration experiments were undertaken. 

Molasses was fouled using 1.5 µm Psf membranes at constant conditions (60 ºC,  

2.00 bar TMP, 1.89 ms-1 CFV, 45 ºBrix molasses). For all cleaning experiments, the 

flux data were normalised, with the initial pure water flux (PWF) taken as 1.0, and the 

other data scaled accordingly for each protocol. The average initial PWF for the 1.5 µm 

Psf membranes was 918 L m-2 hr-1. For all cleaning experiments, the molasses feed was 

filtered until it reached the same normalised steady state flux (error ± 6 %). The steady 

state flux was approximately 7 % of the initial flux value after 60 minutes. Asymptotic 

fouling thicknesses of ca. 105 µm were developed after 30 minutes of filtration. The 

rinsing stage before cleaning was performed at 22 ºC, 1.00 bar TMP, and 1.89 ms-1 CFV 

for 10 min.  

 

The molasses fouled membranes were cleaned with either 0.10 wt. % NaOH (alkali) or 

0.10 wt. % citric acid (acid) (50 ºC, 1.00 bar TMP, 1.89 ms-1 CFV for 30 min). Two 

possible methods of FDG operation during chemical cleaning were considered: (i) 
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likely to be in-pore, and not removed by water rinsing. The role of rinsing in preparing 

the membrane for the subsequent chemical cleaning step is critically important, as the 

removal of as much of the deposited layer as possible during rinsing can maximise the 

efficiency of the cleaning process in terms of time and cleaning agent reduction 

(Matzinos and Álvarez, 2002).  

 

A further experiment was performed (Figure 6.25) to evaluate if it was possible to 

remove the cake layer completely and restore the PWF values by rinsing with water 

only at 22 ºC. Marselina et al., (2009) found that the particles that deposited in the 

upper part of the fouling layer were weakly attached to the rest of the cake layer during 

the filtration due to the constant cross flow shear. The rinsing efficiency achieved was 

less than 15 % in terms of flux recovery and chemical cleaning was still required. 

Nevertheless, rinsing did remove 72 % (PLO) and 86 % (PLC) of the molasses cake 

layer after 40 minutes. Rinsing with the permeate line open lead to an asymptotic 

deposit thickness of ca. 25 µm after 40 minutes of rinsing. By comparison, rinsing with 

the permeate line closed lead to a deposit thickness of 15 µm after 40 minutes of 

rinsing. This thickness value was still decreasing with time, indicating that further 

experiments are required to determine whether complete removal of the deposit may be 

possible by water rinsing alone, if sufficient time is allowed.  

 

Figure 6.26 compares rinsing with water only at 22 ºC and 60 ºC with the PLO for 40 

minutes. The rinsing at 60 ºC removed the entire cake layer after 30 minutes. However, 

this complete removal of cake layer only recovered 27 % of the PWF flux. The 

membrane rinsed with 22 ºC water had an increased membrane resistance after fouling 

and rinsing (Rm before = 4.00 x 1011 m-1, after = 2.47 x 1012 m-1) compared to the 60 ºC 

rinsed membrane (Rm before = 3.94 x 1011 m-1, after = 1.48 x 1012 m-1). This confirms 

there is a high degree of pore blockage not removed when rinsing with water alone. 
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Figure 6.23: Comparison of  0.10 wt. % NaOH cleaning with the permeate line open (PLO) or 
closed (PLC) during removal of the cake layer following fouling with 45 ºBrix molasses using 
1.5 µm Psf membranes.  Open symbols: flux, solid symbols: thickness. Average initial flux; 
PLO: 894 L m-2 hr-1, PLC: 925 L m-2 hr-1. Fouling temperature: 60 ºC, cleaning agent 
temperature: 50 ºC.  
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Figure 6.24: Comparison of 0.10 wt.% citric acid cleaning with the permeate line open (PLO) 
or closed (PLC) during removal of the cake layer following fouling with 45 ºBrix molasses 
using 1.5 µm Psf membranes.  Open symbols: flux, solid symbols: thickness. Average initial 
flux; PLO: 918 L m-2 hr-1, PLC: 927 L m-2 hr-1. Fouling temperature: 60 ºC, cleaning agent 
temperature 50 ºC. 
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Figure 6.25: Effect of permeate line open or closed during rinsing with water alone on removal 
of the cake layer formed after fouling with 45 ºBrix molasses using 1.5 µm Psf membranes.  
Open symbols: flux, solid symbols: thickness. Average initial flux; PLO: 913 L m-2 hr-1,  
PLC: 928 L m-2 hr-1. Fouling temperature: 60 ºC, rinsing temperature: 22 ºC. 
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Figure 6.26: Effect of rinsing temperature with water alone on removal of the cake layer 
formed after fouling with 45 ºBrix molasses using 1.5 µm Psf membranes.  Open symbols: flux, 
solid symbols: thickness. Average initial flux; 22 ºC: 913 L m-2 hr-1, 60 ºC: 922 L m-2 hr-1. 
Fouling temperature: 60 ºC. 
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1.60 x 1013 m-1 at cycle five. This can be explained by the reduced cleaning effect with 

accumulative cycles. 
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Figure 6.27: Comparison of deposit build-up and permeate flux over five filtration cycles as a 
function of time. Solid symbols: cake layer thickness, open symbols: permeate flux. Conditions: 
60 ºC, 2.00 bar TMP, 1.89 ms-1 CFV, 45 ºBrix molasses. 
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Figure 6.28: Deposit porosity as a function of deposit thickness over five filtration cycles.  
Conditions: 60 ºC, 2.00 bar TMP, 1.89 ms-1 CFV, 45 ºBrix molasses. 
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Figure 6.29: Average deposit thickness and resistance development over five filtration cycles. 
Conditions: 60 ºC, 1.89 ms-1 CFV, 2.00 bar TMP, 45 ºBrix molasses. 

6.3.7. Membrane pore size 

Figure 6.30 shows the evolution of deposit thickness and permeate flux at constant 

conditions (60 ºC, 2.00 bar, 1.89 ms-1 CFV (Reduct = 13887), 45 ºBrix molasses) for  

0.5 µm, 0.9 µm, and 1.5 µm pore size Psf membranes. The flux data was normalised, 

with the initial PWF of the 1.5 µm Psf membrane taken as 1.0, and the other data scaled 

accordingly. The average initial PWF for the 1.5 µm Psf membrane was 903 L m-2 hr-1. 

The average initial PWF for the 0.9 µm Psf membrane was 678 L m-2 hr-1 and  

557 L m-2 hr-1 for the 0.5 µm Psf membrane. The rinsing stage before cleaning was 

performed at 22 ºC, 1.00 bar TMP, and 1.89 ms-1 CFV for 10 min. Each membrane was 

cleaned using the following conditions: 0.10 wt. % NaOH (50 ºC, 1.00 bar TMP,  

1.89 ms-1 CFV for 30 min).  

 

As expected the deposit thickness increases with decreasing pore size, where the smaller 

pore membranes increase at a greater rate. The deposits are removed more easily as the 

membrane pore size increased, though the % flux recovery for all membranes was 

similar. These results confirm the use of the FDG for membrane systems. 
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Figure 6.31 shows the comparison of porosity versus deposit thickness for 0.5 µm, 0.9 

µm, and 1.5 µm pore size Psf membranes. The porosity of the deposit increased slightly 

with increasing thickness for all membranes. The porosity increased from 0.19 for the 

0.5 µm membrane to 0.22 for the 1.5 µm membrane. This could be due to the reduced 

pore sizes in 0.5 µm membrane trapping the smaller particles. Figure 6.32 shows the 

deposit thickness and resistance development for 0.5 µm, 0.9 µm, and 1.5 µm pore size 

Psf membranes. The deposit resistance increased with the smaller membrane.  
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Figure 6.30: Comparison of deposit build-up and permeate flux for 0.5 µm, 0.9 µm, and 1.5 µm 
pore size Psf membranes. Solid symbols: cake layer thickness, open symbols: permeate flux. 
Fouling conditions: 60 ºC, 2.00 bar TMP, 1.89 ms-1 CFV, 45 ºBrix molasses. Cleaning 
conditions: 0.10 wt. % NaOH (50 ºC, 1.00 bar TMP, 1.89 ms-1 CFV for 30 min). 
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Figure 6.31: Deposit porosity as a function of deposit thickness for 0.5 µm, 0.9 µm, and 1.5 µm  
pore size Psf membranes. Conditions: 60 ºC, 2.00 bar TMP, 1.89 ms-1 CFV, 45 ºBrix molasses. 
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Figure 6.32: Deposit resistance as a function of deposit thickness for 0.5 µm, 0.9 µm, and  
1.5 µm pore size Psf membranes. Conditions: 60 ºC, 2.00 bar TMP, 1.89 ms-1 CFV, 45 ºBrix  
molasses. 
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(a) (b)  

(c) (d)   

Figure 6.34: Scanning electron micrographs of fouling deposits on 1.5 µm Psf membranes. (a) 
cross section of a fouled membrane; active layer (feed side) on top, (b) cross section of a fouled 
membrane; active layer (feed side) on top, (c) surface view of a fouled membrane, x2000, (c) 
surface view of a fouled membrane, x3500. 
 
 

(a) (b)  
Figure 6.35: Scanning electron micrographs of deposit removal on 1.5 µm Psf membranes. (a) 
cross section of a fouled and cleaned membrane; active layer (feed side) on top, (b) surface view 
of a fouled and cleaned membrane, x3000. 
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6.4. Summary 

FDG has been used to simultaneously track the thickness of cake and permeate flux in 

situ and in real time. This chapter discussed the use of FDG in both dead-end mode and 

cross flow filtration dynamic gauging. 

 

Dead-end filtration was used to validate the application of using FDG for the 

measurements of fouling on polymeric membranes. The experimental results show that 

the FDG can be successfully applied to fouling layers on porous surfaces in dead-end 

filtration. The work here is consistent with previous works of Chew et al., (2007). The 

results however did show that the feed solutions in a dead-end filtration solution do not 

give a thick enough fouling layer and a reliably measureable flux. To improve the 

accuracy of these results a thicker fouling layer would be required for the size of the 

nozzle, this could be achieved by increasing the value of H (driving force).  

 

Fluid dynamic gauging was successfully used in the cross flow filtration system to 

simultaneously track the thickness of the fouled cake layer and permeate flux during 

deposition, rinsing and cleaning cycles. These initial experiments indicate that FDG can 

be applied to study deposition on permeable surfaces in cross flow microfiltration with 

some reliability. The work reported here is consistent with previous findings of Chew et 

al. (2007) for dead-end filtration and Lister et al. (2011) for cross flow filtration. FDG 

has been found to be a sensitive tool to variations in operating parameters for filtration. 

It has been shown that operating conditions have to be carefully chosen to minimize the 

effect of membrane fouling.  

 

The FDG was used to investigate the effects of different cleaning options for the deposit 

removal on microfiltration membranes. The results support the common industrial 

practice of cleaning with the permeate line closed to aid removal of cake deposits. 

Asymptotic fouling thicknesses of ca. 105 µm were developed after 30 minutes of 

filtration. Accordingly, flux declines were severe at ca. 93 %. Cleaning with the 

permeate line closed (PLC) is preferable to cleaning with the permeate line open (PLO). 

PLC operation leads to the complete removal of the deposit layer, and the recovery of 

60 % of the flux (implying that there are still significant in-pore bound foulants 
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present). However, PLO operation leads to only a 50 % flux recovery and an asymptotic 

deposit thickness of 10 µm.  

 

The above results show that FDG is a versatile and powerful technique for 

characterising the dynamics and mechanical behaviour of fouling layers on membrane 

surfaces. A particular advantage of the FDG technique is its ability to determine the 

thickness of fouling layers where other techniques would find difficulty. For example, 

the layers formed in this study were opaque, and consequently the determination of the 

development of deposit thickness with time would have been very challenging using 

conventional optical microscopy techniques. The information provided by FDG should 

improve our understanding of the interaction between surface chemistry and surface 

physics during the membrane filtration of complex food based materials. The future 

uses of FDG will include an evaluation of particle sweeping, as this is a determining 

factor in deposit control. The FDG will also be used as a sampling device, taking 

material from the concentration polarisation region. The study of this phenomenon will 

enable real rejection ratios to be calculated and compared to existing models for the 

estimation of solute concentration at the membrane surface. The simultaneous 

measurement of both deposit thickness and permeate flux vs. time will also be useful in 

examining the establishment of Critical Flux regimes in membrane systems. 
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Chapter 7 

Conclusions and Proposed Future Work  

7.1. Conclusions 

The aim of this study was to further understand the fouling and cleaning mechanisms of 

synthetic membranes used to filter an industrially relevant feed.  The main focus of this 

study was the understanding of the fouling layer properties during pressure driven 

filtration. A relatively new technique known as Fluid Dynamic Gauging (FDG) was 

applied to examine the fouling layer thickness. This work comprised of four main 

themes with overlapping objectives: (i) the optimisation of Spent Sulphite Liquor 

fouling and cleaning conditions, (ii) the optimisation of molasses fouling and cleaning 

conditions, (iii) the investigation of the effect of a simple pre-treatment upon the 

membrane separation performance, and (iv) the application of the FDG in the study of 

polymeric membranes.  The results presented in this study are summarised below. 

7.1.1. Spent Sulphite Liquor Fouling and Cleaning Conditions 

The fouling and cleaning optimisation of Spent Sulphite Liquor (SSL) filtration was 

studied in the cross flow rig with two different materials; Polysulphone (Psf) and 

Fluoropolymer (FP) membranes. The fouling conditions were optimised by varying 

crossflow velocity (CFV), transmembrane pressure (TMP) and temperature. The results 

show that the rate of increase of flux with TMP became less apparent as pressure 

increased gradually to a high value for both membranes Psf and FP. A limiting flux was 

seen at 3.0 bar. The increase in TMP caused an increase in the polarised layer thickness 

which acted as a secondary membrane. This increasing fouling layer which was formed 

was found to be increasingly more difficult to remove. Increasing the fouling 

temperature of the SSL on the Psf and FP membranes showed increased initial permeate 

fluxes. As the fouling cycles reached steady state, the final fouling fluxes showed 

similar values for the 60 ºC and 70 ºC feed temperatures. The changes in viscosity of 

SSL did not affect the fouling process at the higher temperatures. The optimal fouling 

temperature for filtering SSL was found to be 60 ºC. The lower filtration temperature 

though can reduce the irreversible fouling resistance and increase both rinsable and 

concentration polarisation resistances. The optimised fouling conditions were found to 
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be: a TMP of 3.0 bar, a CFV of 1.89 ms-1 and a temperature of 60 ºC for 90 min. The 

standard rinsing and cleaning conditions were also optimised. The FP membrane overall 

had a superior performance over the Psf membrane. 

7.1.2. Molasses Fouling and Cleaning Conditions 

The fouling and cleaning optimisation of molasses filtration was studied in a cross flow 

rig with three different membrane pore size Psf membranes (0.5 �Pm, 0.9 �Pm, and  

1.5 �Pm). The majority of the experiments were performed with the 1.5 �Pm Psf 

membrane. The fouling conditions were optimised by varying concentration, CFV, 

TMP and temperature. The molasses was used at as low a dilution rate as possible, 

though it could not be used in the delivered form, as its viscosity was too high for 

pumping around the circuit and for effective separation. The highest possible dilution 

rate for filtration in this study produced flux values which were too low for a viable 

process, and a lower concentration resulted in a higher degree of cleanability. A  

45 ºBrix solution was selected as a compromise, and a reasonable fouling flux 

performance was achieved. The molasses should be used at a high a temperature as 

possible, as the viscosity of the feed is particularly influential to the filtration process. 

The optimal temperature for the filtration of molasses was found to be 60 ºC; as there 

was no benefit of increasing the temperature to 70 ºC. The results showed that 

increasing the TMP increased the fouling flux until between ~2.5 and 3.0 bar, where the 

limiting flux effect occurred. After this pressure, the fouling fluxes began to decline 

slightly. It was therefore not advantageous to work at any higher pressures than 3.0 bar. 

The optimised fouling conditions were a TMP of 3.0 bar, a CFV of 1.89 ms-1 and a 

temperature of 60 ºC for 90 min. 

 

Effective membrane cleaning protocols following molasses filtration to remove both 

cake and in-pore bound deposition required both alkali and acid cleaning steps. By 

optimising a two stage cleaning process, optimal TMP, temperature and concentrations 

were identified for the microfiltration of a 45 ºBrix molasses solution. The best cleaning 

regime from the range tested achieved a pure water flux recovery of 89 % using a 

NaOH concentration of 0.25 wt. % followed by a stage using 0.10 wt. % citric acid. The 

process conditions were the same for each stage (50 ºC, 30 min, 1.0 bar, and 1.89 ms-1). 
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7.1.3. The Application of a Simple NaOH Pre-treatment 

This study has investigated the fouling properties of SSL and molasses using 

ultrafiltration and microfiltration membranes after a simple NaOH pre-treatment was 

applied. The focus was to see if the use of a 0.50 wt. % NaOH pre-treatment could 

affect both the type of foulant species attaching to the membrane surface, and improve 

the separation performance. 

 

The filtration of SSL was investigated over one, two and four operational cycles 

respectively. The use of a 20 kDa FP membrane to separate SSL resulted in the 

attachment of different fouling species depending upon the pre-treatment protocol used, 

as demonstrated by FTIR results. Zeta potential measurements, FTIR and electron 

microscopy demonstrated that both in-pore and surface fouling was present. The 

different pre-treatment protocols used did have an effect upon the subsequent separation 

and cleaning performance of the membranes. The deposits formed on the membranes 

subjected to conditioning with NaOH displayed some of the same characteristics as 

those deposits formed on membranes conditioned only with water, then subsequently 

cleaned using NaOH following fouling. The pre-treatment of polymeric membranes 

with dilute NaOH solutions thus appears to have a positive effect upon subsequent 

membrane filtration performance after fouling and cleaning for one cycle. Once the 

Protocol 1 and Protocol 2 membranes had been subjected to four fouling cycles, 

different species had attached to the membrane surface. The results presented show that 

Protocol 2 treated membranes had an improved pure water flux performance over 

Protocol 1 treated membranes for the first three cycles, although as the cycle number 

increased these improvements became less significant. After four fouling and cleaning 

cycles had been completed, NaOH preconditioning offered no significant improvement 

upon pre-treatment with water alone. 

 

The pre-treatment protocol applied also resulted in the adhesion of different species 

when a molasses feed was treated using Psf membranes. Protocols 1 and 2 resulted in 

the attachment of different species to the membrane, as shown by the resulting FTIR 

spectra.  However, the functional groups in the cleaning agents partially masked the 

molasses foulant responses in the FTIR spectra, making data difficult to interpret. The 

peak height data suggest that different amounts of fouling had occurred on Psf 
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membranes subjected to the different pre-treatment protocols. The fouling species in the 

molasses deposition displayed a slight negative charge, becoming slightly more 

negative with increasing pH. The zeta potential data indicated that the cleaning pre-

treatment Protocol 2 (50 ºC water followed by NaOH) made the membranes more prone 

to in-pore fouling than those subjected to pre-treatment Protocol 1 (50 ºC only), but flux 

data indicated that the subsequent cleaning removed this in-pore fouling more easily 

than fouling occurring on membranes subjected to pre-treatment Protocol 1. The results 

obtained when filtering molasses also suggest that surface fouling plays a key role in the 

process.  

 

The data collected indicated that for both membranes evaluated, the pre-treatment 

protocols did have some effect upon the subsequent separation and cleaning 

performance. These findings are significant, as they offer support to the 

recommendations made by some polymeric membrane manufacturers that conditioning 

protocols should include a NaOH step. However, in the SSL system examined, the 

effect of NaOH pre-treatment resulted in an improvement in the subsequent 

performance only over the first two or three complete filtration cycles. It is therefore 

necessary to study membrane systems over multiple fouling and cleaning cycles before 

a recommendation can be made.  

7.1.4. Fluid Dynamic Gauging 

FDG has been used to simultaneously track the thickness of cake and permeate flux in 

situ and real time. This study here has shown the application of FDG in both dead-end 

mode and cross flow filtration mode. 

7.1.4.1. Dead End Filtration 

Dead-end filtration was used to validate the application of using FDG for the 

measurements of fouling on polymeric membranes. The experimental results show that 

the FDG can be successfully applied to fouling layers on porous surfaces in dead-end 

filtration. The work here is consistent with previous findings of Chew et al., (2007). The 

results however did show that the feed solutions in a dead-end filtration solution do not 

give a thick enough fouling layer and a reliably measureable flux. To improve the 
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accuracy of these results a thicker fouling layer would be required for the size of the 

nozzle, this could be achieved by increasing the value of H (pressure driving force).  

7.1.4.2. Cross Flow Filtration 

Fluid dynamic gauging was successfully used in the cross flow filtration system to 

simultaneously track the thickness of the fouled cake layer and permeate flux during 

deposition, rinsing and cleaning cycles. These initial experiments indicate that FDG can 

be applied to study deposition on permeable surfaces in cross flow microfiltration with 

some reliability. The work reported here is consistent with previous findings of Chew et 

al. (2007) for dead-end filtration and Lister et al. (2011) for cross flow filtration. FDG 

has been found to be a sensitive tool to variations in operating parameters for filtration. 

It has been shown that operating conditions have to be carefully chosen to minimize the 

effect of membrane fouling. A particular advantage of the FDG technique is its ability 

to determine the thickness of fouling layers where other techniques would find 

difficulty. For example, the layers formed in this study were opaque, and consequently 

the determination of the development of deposit thickness with time would have been 

immensely challenging using conventional optical microscopy techniques. The 

information provided by FDG should improve our understanding of the interaction 

between surface chemistry and surface physics during the membrane filtration of 

complex food based materials. 

 

The FDG was used to investigate the effects of different cleaning options for the deposit 

removal on microfiltration membranes. The results elucidate the common industrial 

practice of cleaning with the permeate line closed to aid removal of cake deposits. 

Asymptotic fouling thicknesses of ca. 105 µm were developed after 30 minutes of 

filtration. Accordingly, flux declines were severe at ca. 93 %. Cleaning with the 

permeate line closed (PLC) is preferable to cleaning with the permeate line open (PLO). 

PLC operation leads to the complete removal of the deposit layer, and the recovery of 

60 % of the flux (implying that there are still significant in-pore bound foulants 

present). However, PLO operation leads to only a 50 % flux recovery and an asymptotic 

deposit thickness of 10 µm.  
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7.1.5. Conclusions Summary 

The main objectives of this work were outlined in Chapter 1 of this Thesis. This study 

has achieved these objectives. An understanding of the mechanisms involved in fouling 

and cleaning of microfiltration and ultrafiltration membranes used to filter molasses and 

SSL has been attained. The variables affecting permeate flux and quality were 

optimised and certain information concerning the synergistic effects between fouling 

and cleaning was gathered. The application of a simple pre-treatment was found to 

affect both the type of foulant species attaching to the membrane surface, and result in 

an altered separation performance. An improved understanding of the interaction 

between the surface chemistry and surface physics during membrane filtration of 

complex food based material will benefit both membrane manufactures and food 

industry based users.  

 

The technique of Fluid Dynamic Gauging was incorporated into an existing system and 

validated to monitor the development of cake layers over time. The Fluid Dynamic 

Gauging was also used to optimise conditions and track the thickness of the cake layer 

during multiple fouling cycles and its removal rate during cleaning, as an aid to 

understanding removal mechanisms. The results show that FDG is a versatile and 

powerful technique for characterising the dynamics and mechanical behaviour of 

fouling layers on membrane surfaces.  

7.2. Proposed Future Work  

The work here could be extended in various directions, which will be discussed in this 

section. The main two topics, membrane pre-treatment and membrane Fluid Dynamic 

Gauging have been focused on.   

7.2.1. Membrane Pre-treatment 

This study explained the effects of multiple concentrations of NaOH during the fouling 

and cleaning properties on FP for the filtration of SSL and Psf membranes for filtration 

of molasses. There are a number of areas of interest to advance this concept. These 

include: (i) the use of different cleaning chemicals, (ii) expanding this simple method to 

include different membranes and feeds, and (iii) applying the research of alcohol 

conditioning to the membranes and feeds used in this study. 
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The effect of pre-treatment on multiple fouling and cleaning cycles was only explored 

for the filtration of SSL due to time and equipment constraints. This could be extended 

for the filtration of molasses. As the results in this study showed that the effect of NaOH 

pre-treatment was different for a one cycle filtration and a seven cycle filtration. An 

extensive study of different membranes and feeds would be required before an overall 

recommendation on the application of this type of pre-treatment could be specified.  

 

Conditioning with different alcohols has been found to affect the filtration behaviour of 

a membrane with respect to surface modification and permeate composition. Shukla and 

Cheryan (2002) investigated the performance of 18 different types of polymeric 

ultrafiltration membranes after conditioning with aqueous ethanol solutions. The 

conditioning method had a significant effect on solvent flux, membrane integrity and 

their pressure ratings. Too high a concentration of alcohol was found to cause pore 

degradation and significantly reduce the pressure rating of the membranes. This study 

was very useful �D�V���D�Q���L�Q�V�L�J�K�W���L�Q�W�R���D�O�F�R�K�R�O���F�R�Q�G�L�W�L�R�Q�L�Q�J���E�X�W���G�L�G�Q�¶�W���F�R�P�S�D�U�H���W�K�H��work to 

an unconditioned membrane. This is important in terms of comparing fouling flux 

declines and rejection values. Zhao and Yuan (2006) investigated membrane pre-

treatment using acetone, methanol and toluene on the performance of polyamide, 

polyimide and polydimethylsiloxane (PDMS) membranes. The pre-treatment had a 

significant effect of flux and membrane rejection. Kochan et al. (2009) extended this 

topic further to investigate the impact of different wetting agents (acetone, isopropyl 

alcohol and ethanol) on membrane filtration performance. The use of wetting agents 

was observed to improve the activation of smaller pores through the reduction of 

surface tension. However, it was found that wetting agents do not definitely make a 

positive contribution in terms of filtration enhancement. These studies are not 

exhaustive in terms of conditioning effects on fouling and multiple filtration cycles. In 

the literature to date, there is also a lack of research into the effect of alcohol 

conditioning on the surface and upon pore charge (Zeta-potential measurements). 

Investigating the effects of alcohol conditioning could be easily applied to the 

membranes and feeds used in this study.  

 

Further information could be gathered using advanced forms of the analytical 

techniques implemented in this study. The streaming potential measurements in this 
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study were only performed for in pore analysis. It is also possible to measure the 

streaming potential along the membrane surface; this would provide further information 

on the fouling and cleaning behaviour in the filtration of SSL and molasses. Atomic 

force microscopy (AFM) was used in this study to measure the membranes surface 

roughness values.  The AFM could also be used to measure the specific force 

interaction between known colloids and the membrane. A model foulant is absorbed 

onto the AFM tip producing a colloidal probe. The use of a colloidal probe is useful in 

measuring the behaviour of certain foulant on the membrane surface (Evans et al., 

2008).  

7.2.2. Fluid Dynamic Gauging 

The FDG is still a relatively new lab-based measurement tool. Consequently, there is a 

large scope of concepts to still be investigated. This study could be simply extended by 

the inclusion of different membrane material and pore sizes. It would be interesting to 

extend the principles of this work into the ultrafiltration range.  The use of different 

model fluids and real industrially relevant fluids could be applied. This could provide 

further evidence for the use of the FDG in membrane systems and further the 

development of the technique. The future uses and developments of FDG could also 

include: (i) acting as a sampling device, (ii ) investigating the critical flux region, (iii) 

Computational fluid dynamic (CFD) studies, and (iv) rig and nozzle adaptation. The 

FDG could also be used as a method to evaluate the effect of particle sweeping, which 

could be a determining factor in deposit control. The FDG is currently a lab based tool, 

but also has considerable potential to be advanced as an inline industrial monitoring 

tool.  

 

The FDG can be used as a sampling device, taking material from the concentration 

polarisation region. The study of this phenomenon will enable real rejection ratios to be 

calculated and compared to existing models for the estimation of solute concentration at 

the membrane surface. This requires using a feed with a well-defined concentration 

polarisation region and the slow withdrawal of samples through the gauge.  

 

As the system in this study was unable to be performed in constant flux mode, 

evaluating the critical flux was not straight forward. The FDG could be applied to a 
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constant flux system and the simultaneous measurement of both deposit thickness and 

permeate flux vs. time will also be useful in examining the establishment of critical flux 

regimes in membrane systems.   

 

The use of CFD can be a powerful analytical tool to enhance the performance of the 

FDG system. Combining CFD simulations with gauging experiments can be used to 

measure the strength of deposits on the membrane surface, thereby the force required to 

remove the foulant. The effect of gauging on the membrane filtration process can be 

modelled, looking at the flow patterns, local velocity profiles, pressure fields and shear 

stresses around the membrane surface. The predicted shear and normal stress 

distributions can be used as a guide for optimizing the design of the nozzle and system. 

This data will then be used for flux prediction in the cross flow filtration rig. The CFD 

models are advantageous as measuring these properties mentioned are difficult  in real 

liquid systems. CFD studies have previously been performed by Chew et al. (2007) and 

Lister et al. (2011) for membrane systems. Chew et al. (2007) performed CFD studies 

on the fluid dynamics of FDG in the same dead-end formation used in this study. The 

work focused on the flow patterns and the stresses imposed on a porous surface. The 

stimulations were found to be in good agreement with the experimental data.  Lister et 

al. (2011) used CFD to simulate the flow in a duct, in the gauge, and across the 

membrane to elucidate the flow patterns and stress imposed on the gauged surface. The 

experimental and CFD measurements were performed in the laminar region, and were 

in good agreement with each other. The results showed that the highest shear stresses 

are located under the rim of the nozzle, which was consistent with the work of Gu et al. 

(2009a) for an impermeable surface duct system. The studies to date for a FDG duct 

system have all been simulated in the laminar region. There is a need to increase the 

channel Reynolds number to simulate turbulent flow simulations in the system used in 

this study (a single channel is shown in Figure 7.1). This could be further extended to 

include a multiple channel simulation which would mimic the system used here 

completely.  

 

The FDG apparatus used in this study was an adaptation of an existing membrane 

filtration rig. This enabled relatively high TMP, CFV, and temperature to be studied, but 

visualisation of the nozzle and fouling layers was impossible. To gain the full  benefit of 
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the FDG tool a completely new system should be constructed. The design should 

include some aspect of visualisation. It could include one of the following ideas: (i) a 

clear lid, so the fluid flow could be monitored from above, (ii) an endoscope that could 

film the cake build up, (iii) a viewing window could be situated at the side wall of the 

duct if a one channel module was designed.        

 

 
Figure 7.1.  Simulation geometry of half the duct and gauge used in this study 

 

A new design should include the option on multiple measurements. Gordon et al. 

(2010a) developed an automated scanning FDG probe (sFDG) which allowed the 

thickness of a sample layer to be monitored at several points during an experiment. This 

system worked in an open tank which allowed multiple locations to be gauged in 

parallel.  For this concept to be transferred to a crossflow filtration module the sealing 

issue would have to addressed. A minimum of three ports should be included, ideally 

near the inlet, centre, and outlet.  If the design included more than one channel, an 

option of gauging each channel should be considered.   

 

The FDG used in this study had the following dimensions: dt = 1 mm; d = 4 mm, 45º 

nozzle angle which produced a resolution of �r 5 µm. A new gauge with the dimensions 

half the size of this current one would be interesting to develop. The smaller nozzle 

could improve the resolution and decrease the minor effects of the gauge on the 
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filtration process. Peralta et al. (2011) investigated the effect of the external nozzle 

geometry on parameters affecting the gauged surface and developed a method that 

allows the optimisation of nozzle shape for a specific application. This method could be 

used to further enhance the performance of FDG in the filtration of molasses. 

Miniaturisation of the nozzle diameter could theoretically be carried out to a size where 

conventional fluid mechanics flow (Hagen-Poiseuille) breaks down, and micro-fluidics 

takes over. This would require micro fabrication techniques as the smallest hole that can 

be reproducibly drilled commonly is approximately 0.25 mm. However, fouling would 

be a serious issue with such a small diameter nozzle.  
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Appendix A 

Calibrations 

 

A1: Displacement Measurement 

The movement of the gauge was measured using the read out from the motor and the 

LVDT (Linear Variable Differential Transformer). The motor was 1 mm thread which 

was capable of 3200 steps, which each step equating to 0.3 µm.  An LVDT was also 

used as a displacement measurement; the comparison of the two is in Table A.1. 

 

Table A.1: Comparison of the two displacement methods used in the FDG measurements 

Motor LVDT 
Actual  
Motor 

Actual  
LVDT 

Difference 

 -3200 4.9951 1.0000 0.9990 0.0010 
 -3000 4.6851 0.9375 0.9370 0.0005 
 -2500 3.916 0.7813 0.7832 -0.0020 
 -2000 3.1323 0.6250 0.6265 -0.0015 
 -1500 2.3633 0.4688 0.4727 -0.0039 
 -1000 1.582 0.3125 0.3164 -0.0039 
 -800 1.2646 0.2500 0.2529 -0.0029 
 -600 0.95459 0.1875 0.1909 -0.0034 
 -400 0.64697 0.1250 0.1294 -0.0044 
 -200 0.32471 0.0625 0.0649 -0.0024 
 0 0.014648 0.0000 0.0029 -0.0029 
 200 -0.29541 -0.0625 -0.0591 -0.0034 
 400 -0.60547 -0.1250 -0.1211 -0.0039 
 600 -0.91309 -0.1875 -0.1826 -0.0049 
 800 -1.2231 -0.2500 -0.2446 -0.0054 
 1000 -1.5283 -0.3125 -0.3057 -0.0068 
 1500 -2.3047 -0.4688 -0.4609 -0.0078 
 2000 -3.0811 -0.6250 -0.6162 -0.0088 
 2500 -3.8647 -0.7813 -0.7729 -0.0083 
 3000 -4.6387 -0.9375 -0.9277 -0.0098 
 3200 -4.9536 -1.0000 -0.9907 -0.0093 
 

   
Average: 0.0045 

 
   

SD: 0.0030 
 

   
Error: 1.48 % 
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A2: Refractive Index 

The molasses samples were measured in terms of ºBrix. The Brix value were gathered 

�X�V�L�Q�J�� �D�Q�� �$�%�%�e�� �µ�����¶�� �U�H�I�U�D�F�W�R�P�H�W�H�U����This was measured by measuring the refractive 

index of the sample and relating it to the corresponding ºBrix (Figure A.2).  

 

 

Figure A.1: Refractive index for varying Brix concentrations 
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Appendix B 

Physical Properties 

 

B1: Membrane Material 

The operational conditions for the two different types of membrane material can be seen 

in Table B.1.  

 

Table B.1: Recommended operating conditions (Alfa Laval, 2010) 

 Polysulphone Fluoropolymer 
PRODUTCTION   
pH range 1 �t 13 1 �t 13 
Pressure, bar 1 - 10 1 �t 10 
Temperature, ºC 0 �t 75 0 �t 60 
CLEANING   

pH range 1 �t 13 1 �t 13.5 
Pressure, bar 1 - 5 1 �t 5 
Temperature, ºC 1 �t 75 1 - 65 

 

B.2: Viscosity of Water and Cleaning Chemicals 

The viscosity for water and the cleaning chemicals NaOH and citric acid used in this 

study are presented in Table B.2. The errors in these values are �r 0.0001. 

 

Table B.2: Measured dynamic viscosities of water, NaOH and citric acid  

Temp.  
(ºC) 

Water  
(Pa.s) 

0.5 wt. % NaOH  
(Pa.s) 

0.5 wt. % Citric Acid 
(Pa.s) 

22 9.52E-04 9.28E-04 9.59E-04 
50 5.47E-04 5.58E-04 5.52E-04 
60 4.67E-04 4.54E-04 4.75E-04 
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B.3: SSL Viscosity 

Using a Bohlin CVOR 200 rheometer the viscosity of SSL at the different filtration 

temperatures was recorded (Table B.3). The errors in these values are �r 0.0001. 

 

Table B.3: Measured dynamic viscosities of 17.8 wt. % SSL 

Temp.  
(ºC) 

SSL  
(Pa.s) 

22 9.70E-04 
50 5.52E-04 
60 4.86E-04 
70 4.12E-04 

 

B.4: Molasses Viscosity 

Using a Bohlin CVOR 200 rheometer the viscosity of molasses at the different filtration 

temperatures for 83 ºBrix and 45 ºBrix was recorded (Table B.4). The errors in these 

values are �r 0.0001. 

 

Table B.4: Measured dynamic viscosities of 83 ºBrix and 45 ºBrix 

Temp.  
(ºC) 

83 ºBrix 
(Pa.s) 

45 ºBrix  
(Pa.s) 

22 1.914 0.0015 
40 0.878 0.00143 
60 0.125 0.00136 
70 0.062 0.00125 
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Appendix C 

Sample Calculations 

 

C.1: Linear Cross Flow Velocity and Reynolds Number 

The Reynolds number is defined in Equation 9.1: 

 

          9.1
 

            

where, d is the diameter of channel (m), u is the average linear velocity (ms-1), �U is the 

fluid density (kgm-3), and �P is the fluid dynamic viscosity (kgm-1s-1). 

 

The equivalent diameter (de) of the channel is used when the cross section is not 

circular. This can be found using the diagram and Equation 9.2: 

 

          9.2
 

            

The linear velocity, u can be calculated using Equation 9.3. 

 

         9.3

 

             

where, Q is the volumetric flowrate (m3s-1), and N is the number of channels. For a 

rectangular channel of height 0.001 m and width 0.007 m the effective diameter, de can 

be calculated using Equation 9.2. 

a 

b 

l 
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Using a flowrate of 6 Lm-1: 

 

 

 

The Reynolds number can be calculated using a 0.5 wt. % NaOH solution at 60 ºC, 

where �U = 987.66 kgm-3 and µ = 4.54 x 10-4 kgm-1s-1: 

 

 

 

C2: Flux measurement 

Flux through a membrane is defined as the volume of fluid V, permeating the membrane 

in a given time t, through a known membrane area, Am. The volume flux can be 

characterised by Equation 9.4. 

 

          9.4
 

            

An example calculation is shown below where 100 g or 0.10 Litres (assuming permeate 

has the same density of water) of permeate (V) was collected in 5 seconds (t) through a 

membrane of area (Am) 0.96 m2: 
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C3: Resistance measurement  

The membrane resistance (Rm) can be calculated by knowing the flux of permeate (Jv), 

the permeate fluid viscosity (��P) and the transmembrane pressure (�' P), Equation 9.5. 

 

          9.5
 

             

The membrane resistance was calculated either by the gradient of flux data or from 

individual flux points. Rearranging the equation above gives Equation 9.6. 

 

         9.6

 

             

The plotting of Jv vs. �' P gives a gradient of 1/Rm�Pp, which enables the calculation of 

resistance (R). 

 

C4: Effective Length Calculation 

The effective length of the tube in the dead-end apparatus was determined by exploiting 

the siphon effect, by placing the tube in the tank with the nozzle removed, and at a high 

clearance from the surface (greater than 20 mm). The following steps were performed to 

calculate the effective length: 

(i)  Calculate mass flow rate:  

        9.7

    

(ii)           Calculate velocity for large and small tubing, 

        9.8
 

          

(iii)           Calculate the Reynolds number for large and small tubing, 
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9.9 

 

(iv)           Calculate the Blasius coefficient, 

 

9.10 

(v)           Calculate the total pressure of tubing, 

             9.11

       

(vi)           Calculate the pressure in the gauge section,  

            9.12
 

             

(vii)  Calculate the pressure in the additional tubing, 

             9.13
 

           

(viii)  Calculate the effective length. 

 

9.14 

 

C5: Dead-end Thickness Calculation 

The thickness calculations were made using data from the calibration profiles. An 

example calculation is shown below for the dead-end apparatus: 

 

Data: 

Diameter of nozzle throat, dt      =  5.0 mm 

Diameter of siphon tube, d1      =  20.0 mm 

Diameter of siphon tube, d2      =  10.0 mm 

Effective length of the tube 1, leff,1     =  420 mm 

Effective length of the tube 2, leff,2     =  1800 mm 

 

Experimental values: 
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Micrometer reading when nozzle tip touches membrane surface =  10.00 mm 

Micrometer reading at clearance h from deposit surface  =  12.80 mm 

Hydrostatic head, H       =  20 mm 

Water temperature       =  18 �Û�& 

Mass of discharge water collected, m     =  41.34 g 

Time taken to collect sample, t      =  10.55 s 

 

Mass flow rate:  

(i)  = 3.92 gs-1 

            

Reynolds number:  

(ii)                         = 960 

 

Pressure drop across siphon tube 1:  

(iii)
   

 = 0.43 Pa 

            

Pressure drop across siphon tube 2:  

(iv) 
  

= 48.76 Pa 

 

Total pressure drop across siphon tubes 1 and 2: 

(v) 
    

 = 0.43 + 48.76 =    49.19 Pa 

 

The pressure drop across points 1 and 3 can now be calculated: 

(vi)       = �UgH �± 49.19 = 136.79 Pa 

 

Using all the data above the discharge coefficient (Cd) can now be calculated: 

= 0.48 
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The linear interpolation of the plot of Cd vs. h/dt is then used to estimate h. With the 

knowledge of h0 the deposit thickness (�G) is calculated: 

 

 

 

These steps are correct only if h/dt is within the working range of the gauge (h/dt �”������������ 

 

C6: Cross flow Thickness Calculation 

The calculation for the discharge coefficient (Cd) and deposit thickness using the 

crossflow filtration apparatus is very similar as above. The steps include:  

(i) Measurements of flowrate through the gauge, m 

(ii)  Measurement of differential pressure, �' P14, using a DP cell 

(iii)  Calculation of �' P14: 

 

 

 

(iv) These are then used to calculate, Cd: 

 

 

 

(v) h/dt is estimated through linear interpolation of a Cd vs. h/dt plot with the 

corresponding conditions 

(vi) h/dt is then multiplied by dt to give h, from which, �/����is given by h0-h. 

 

These steps are correct only if h/dt is within the working range of the gauge (h/dt �”������������ 
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Appendix D 

Error Analysis  

 

D1: Flux Measurement 

To ensure the reliability of the experimental data multiple measurements were 

performed at each stage.  The membranes in this study are inhomogeneous hence they 

can produce flux variation. Therefore, the relative flux values were used to calculate the 

error values. The assumed error for flux data in the first part of the SSL and molasses 

measurements were determined based on two methods. Firstly the %error (absolute) for 

the largest different between the average and actual values is calculated. The second 

method, %error (statistical), was based on the standard deviation from the average 

value.  An example set of data is shown in Table D.1a for SSL and Table D.1b for 

molasses.  

 

The SSL data produced an error using method one of �r 5.76 %, using method two the 

error was �r 5.31 %. An error of �r 6 % was decided to be used for all flux data (except 

the pre-treatment work) to be statistically relevant; this is acceptable for the study of 

membrane fouling. In the pre-treatment work a different error value was used, 

calculated using the same methods described above. The Protocol 1 membranes 

produced an error of �r 4 % and Protocol 2 had an error value of �r 5 %.  

 

The molasses data produced an error using method one of �r 6.64 %, using method two 

the error was �r 6.17 %. An error of �r 7 % was decided to be used for all flux data 

(except the pre-treatment work) to be statistically relevant; this is acceptable for the 

study of membrane fouling. In the pre-treatment work Protocol 1 produced an error of �r 

3 % and Protocol 2 had an error of �r 4 %.  
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Table D.1a: Experimental flux data and error calculation for SSL filtration 
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Table D1b: Experimental flux data and error calculation for molasses filtration 
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D2: Gauging Experiments 

The data in Figure 6.11 was used to calculate the error in the thickness experiments.  

The %error (statistical) was based on the standard deviation from the average value 

(Table D.2).  This error margin of ± 5 �Pm has been deemed acceptable for the reliability 

of the FDG in this cross flow membrane filtration module. 

 

Table D.2: Experimental thickness data and error calculation 

T Thickness (µm) Average SD % Error 
(Min) Run 1 Run 2 Run 3 (µm) 

  1 12 13 18 14 3.10 21.48 
2 29 30 38 32 5.02 15.55 
3 52 46 55 51 4.78 9.40 
4 76 64 78 73 7.57 10.42 
5 111 102 99 104 6.24 6.00 
6 127 120 125 124 3.61 2.91 
7 130 133 141 135 5.60 4.16 
8 147 147 158 151 6.29 4.17 
9 164 152 171 162 9.61 5.92 
10 169 171 175 172 3.06 1.78 
11 171 177 185 178 6.93 3.90 
12 175 182 185 181 4.99 2.76 
13 178 180 186 181 4.16 2.30 
14 177 182 187 182 5.00 2.75 
15 180 181 188 183 4.36 2.38 
16 181 185 190 185 4.51 2.43 
17 182 190 192 188 5.29 2.81 
18 185 187 194 189 4.73 2.50 
19 182 186 193 187 5.57 2.98 
20 183 185 195 188 6.43 3.43 

    
Average 5.34 5.40 

 

 


