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SUMMARY

A combined high pressure, high temperature, semi-batch three phase
reactor has been developed for wet air oxidation experiments. Within the reactor
a single porous tube was used for the purpose o f gas supply and as a catalyst
support. The porous tube had dimensions o f inside diameter 15 mm, outside
diameter 20 mm and length 182 mm. The performance o f the reactor has been
investigated in non-catalytic and catalytic modes for the wet air oxidation o f
prepared solutions containing either phenol, glyoxylic acid or maleic acid as a
model pollutant. These experiments were completed at a temperature and total
pressure o f between 414-464 K and 3.0-4.1 MPa respectively.

Non-catalytic oxidation o f phenol was found to be first order in both
phenol and oxygen with an activation energy o f 75 kJ m ol'1 and a pre-exponential
factor o f 2 . 107 / m ol'1 s'1. These results are consistent with previous research
into non-catalytic phenol oxidation. The long term operation o f the same porous
tube in a number o f experiments, resulted in fouling o f the tube, which caused a
progressive increase in the differential pressure across it. Although fouled tubes
were regenerated using both thermal treatment and nitric acid washing
techniques, regeneration was only a partial success.

The rate o f phenol oxidation was enhanced by the use o f a tube loaded
with a copper oxide, platinum oxide or platinum catalyst. All the catalytic tubes,
however, deactivated rapidly on repeated use due to fouling. The copper oxide
tube was also unstable, with copper leaching into the aqueous phase.

At laboratory scale the porous tube reactor has been constructed and
operated successfully in non-catalytic and catalytic mode. In the future
development o f the reactor, measures to overcome the problems o f tube fouling
and catalyst deactivation need to be identified.
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CHAPTER 1 - INTRODUCTION

1.1 Aims

The generation o f waste water from both industrial and domestic use
results in a wide variety o f effluents requiring treatment. To treat these wastes a
number o f disposal options are available such as chemical treatment, physical
treatment, biological treatment, incineration, etc. (Mishra et al., 1995). In
selecting the most suitable disposal route for a specific effluent, both the
feasibility o f treatment and process economics needs to be considered. Each
available technology will consequently have its own application range depending
on the quantity o f waste water produced and the composition and concentration
o f pollutants it contains.

One available disposal route is the wet air oxidation process in which
aqueous waste is oxidised in the liquid phase at high temperatures (400-573 K)
and high pressures (0.5-20 MPa). Typically wet air oxidation has been applied to
wastes that, based on the criteria o f feasibility and economics, are too
concentrated for biological treatment and too dilute for incineration. Although the
technology behind wet air oxidation is well established, with the first commercial
units for the treatment o f sulphite liquors dating back to the late fifties
(Zimmermann, 1958; Mishra et al., 1995), its widespread use has been restricted
by the high capital cost o f the process. This high initial capital investment
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coupled with the safety concerns o f combined high pressure and high temperature
operation can be a barrier to the proliferation o f the technology. A primary
concern in the development o f the process has been to improve reaction kinetics
and mass transfer in order to reduce the overall capital costs. Although the
presence o f a homogeneous or a heterogeneous catalyst will enhance the reaction
rate, problems have been experienced when incorporating them into the process.
The presence o f a homogeneous catalyst in the final treated effluent usually
necessitates an additional recovery step, while for a fixed bed heterogeneous
catalyst problems have been experienced due to catalyst stability and durability,
excessive pressure drop across the bed, mass transfer limitations and clogging o f
the bed by solids in the waste. To enhance mass transfer the use o f oxygen or
oxygen enriched gas has been investigated as well as alternative methods o f gas
delivery and contacting.

The theme o f this thesis is the use o f porous tubes in a wet air oxidation
reactor in an attempt to improve some o f the aforementioned problems. In the
reactor the gas phase is supplied to the liquid phase through the pores o f a
ceramic tube. The surface and pores o f the tube can be loaded with a catalyst to
enhance the reaction rate. The proposed reactor was designed with the intention
o f improving mass transfer as the delivery o f gas in this manner supplies it both
in the vicinity o f the catalyst and in the form o f small bubbles o f high interfacial
area. Further the use o f a tube will permit low pressure drop operation and the
processing o f solid bearing wastes, while the use o f the air-lift effect will

2

circulate the liquid through the tube without the need o f a pump. The aim o f this
work was to investigate the viability o f the reactor through construction and
operation o f laboratory scale apparatus and to demonstrate non-catalytic and
catalytic operation o f the system identifying operational problems and assessing
performance.

1.2 Structure of Thesis

In a general introduction to wet air oxidation the major design and
operational issues associated with the process are discussed in Chapter 2. In
addition, a review o f commercial technology is included which explores the
advantages and disadvantages o f each system.

In Chapter 3 the concept o f the porous tube reactor is developed, together
with full details o f the design and construction o f the experimental apparatus.
This chapter also contains a record o f the experimental procedure, analytical
techniques and the non-catalytic and catalytic tube preparation methods
employed. Finally background information into the properties o f the porous tubes
used in this study is provided.

The results o f non-catalytic oxidation experiments completed in the
reactor are reported in Chapter 4. From these results the performance o f the
reactor is assessed and operational difficulties identified. Parallel to this study the

3

author was actively involved in work completed in a batch reactor, which
investigated the wet air oxidation of phenol. The purpose of this work was to
determine the influence of operating variables such as temperature, oxygen
partial pressure, free radical promoters, pH, etc. on the kinetics of phenol
oxidation. The results of the batch reactor study provided a valuable insight into
the wet air oxidation of phenol, which was used as a model pollutant in this
study. Where appropriate the results of the batch reactor work have been referred
to in this thesis by reference to papers either submitted or accepted for
publication, namely Kolaczkowski et al., 1997 and Rivas et al. 1997 a,b. As an
extension of the work with phenol, further non-catalytic experiments were
completed with alternative pollutants, namely glyoxylic acid and maleic acid.

As stated previously the incorporation of an effective catalyst onto the
surface of the tube proffers the benefit of improved reaction kinetics. With this
aim in mind, Chapter 5 contains the results of catalytic experiments completed
with tubes loaded with either copper oxide, platinum oxide or platinum as a
catalyst. Catalytic studies were completed on both phenol and maleic acid.

A simplified diagram summarising work completed in this thesis and the
implications of results on future work is presented in Figure 1.1. This figure also
shows the influence on this study of parallel work completed at the University of
Bath. For reference a copy of Kolaczkowski et al. (1997) is provided in Appendix
IV.
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W ork described in this thesis

Future Work

/ j Parallel work in which the i
i

author was involved

Chapter 2 - Familiarisation with wet air
oxidation, examining specifically commercial
technology and factors influencing process
design.

Chapter 3 - Preliminary construction of glass
model system.

Design and construction of high temperature
and high pressure apparatus.
Modification of apparatus for
multi-tube and different sized
tube operation.

Characterization of porous tubes.

Chapter 4 - Non-catalytic oxidation of phenol,
evaluating feasibility of operation, reactor
performance and long term operation.

J Investigation into factors that
\ influence the kinetics o f phenol
• oxidation.
Fouling of tube indicates need to
consider alternative tubes, tube
regeneration and tube fouling process.

Non-catalytic study o f alternative pollutants.

Chapter 5 - Catalytic study performed with
phenol, evaluating catalyst effectiveness and
deactivation.

Investigation into the use o f
j copper based catalysts for the
i catalytic oxidation o f phenol.
Study of catalyst deactivation.

Catalytic study of maleic acid destruction.
Development of a stable catalytic
tube to assess reactor performance
characteristics.
Further investigation into the
non-catalytic and catalytic
oxidation of maleic acid.

Figure 1.1: Simplified Structure of the Thesis
5
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C H A PT E R 2 - W ET A IR OXIDATION

This chapter begins with a general introduction to wet air oxidation
(WAO) which considers the key issues in the design o f the process system. This
is followed by a review o f wet air oxidation processes and the methods they
employ to ameliorate the limitations o f the technology. The review specifically
covers commercially available technology or particularly innovative reactors
under development, all o f which must meet the accepted criteria o f technological
feasibility, safe operation and environmental acceptability. Beyond this they need
to be economically feasible by maximizing conversion whilst minimizing capital
and operating costs. As part o f this review there are specific sections on
homogeneous catalyst systems, heterogeneous catalyst systems and supercritical
oxidation processes. In each case the structure is the same with an initial
introduction to the design considerations followed by a review o f two commercial
systems by way o f illustration. These sections are not exhaustive and do not
represent all enterprises working in this field. Finally in the conclusion section a
summary o f some o f the key points is provided together with an introduction to
the basis o f this study, namely the use o f porous tubes in a wet air oxidation
reactor.
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2.1 Introduction

Wet air oxidation is a wastewater treatment process suitable for processing
oxidizable organic or inorganic waste which is either soluble or suspended in an
aqueous waste stream (Zimpro, 1990). In the system aqueous waste is oxidized in
the liquid phase at high temperatures (398 - 573 K) and pressures (0.5 - 20 MPa)
in the presence o f an oxygen containing gas (usually air). The organic material is
not normally completely destroyed, but converted via a free radical mechanism to
intermediate end products with a significant reduction in toxicity and chemical
oxygen demand (Copa and Gitchel, 1988). Following wet air oxidation there is
usually an off-gas and a liquid effluent requiring further treatment.

Wet air oxidation is applicable for the treatment o f the majority o f organic
compounds. In the process the organic waste is oxidized to carbon dioxide, water
and intermediate oxidation products which are predominantly low molecular
weight organics including carboxylic acids, acetaldehydes and alcohols.
Although the degree o f oxidation depends upon the process conditions, retention
time and feed composition, in most operations low molecular weight compounds
will accumulate as they tend to be refractory to further oxidation (Zimpro, 1990).
In addition to low molecular weight organics other compounds particularly
resistant to wet air oxidation are halogenated aromatics without other nonhalogenated

functional

groups

such

as

chlorobenzene

and

polychlorinatedbiphenyls (Dietrich et al., 1985). An advantage o f wet air
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oxidation is that the majority o f contaminants remain in the aqueous phase. In the
process elemental sulphur is converted to sulphate, halogens to halides and
phosphorous to phosphate, they all, therefore, remain in the aqueous phase
forming inorganic salts and acids. The production o f acids results in a decrease in
the pH o f the aqueous phase (Zimpro, 1990). The wet air oxidation o f nitrogen
containing compounds can produce various species including ammonia, nitrate,
nitrogen gas and nitrous oxide depending on the pollutant and reaction conditions
(Copa et al., 1992). For most cyanide and amine containing compounds,
ammonia is produced as essentially a stable end-product. Ammonia can be
removed in the process by the use o f a suitable catalyst (Mishra et al., 1995; Copa
et al., 1992; Harada et al., 1991).

Typically the final liquid effluent contains water, a considerable quantity
o f low molecular weight organics, ammonia, inorganic acids and inorganic salts.
The effluent is usually biologically treated where the majority o f organics and
ammonia are removed. If the liquid contains significant quantities o f suspended
solids, due to a build-up o f metal oxides and insoluble sulphate and phosphate
salts, they are dewatered and landfilled. The off-gas contains principally nitrogen,
carbon dioxide, steam and oxygen. It may also contain ammonia, carbon
monoxide and a proportion o f low molecular weight compounds which due to
their volatility are found in both waste streams. The off-gas can be treated by
adsorption, scrubbing or incineration techniques (Copa and Gitchel, 1988).
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The majority of installed wet air oxidation units are used for the treatment
of sewage sludge. Sewage sludge treatment at mild conditions (< 473 K) leads to
modest reductions in the chemical oxygen demand (COD) of between 5 to 15 %,
but significant improvement in the sterility, filterability and dewatering properties
of the sludge. Treatment at more intensive operating conditions is used to
economically reduce the volume of solids remaining for landfill disposal (Perkow
et al., 1981; Teletzke, 1964). Wet air oxidation has successfully treated a range of
industrial waste waters including pulp and paper mill black liquor wastes, spent
caustic scrubbing liquids and cyanide/nitrile bearing wastes such as acrylonitrile
plant waste water (Mishra et al., 1995; Copa and Gitchel, 1988; Heimbuch and
Wilhelmi, 1985). In addition, wet air oxidation has been used to regenerate spent
activated carbon with simultaneous destruction of the adsorbed pollutants and
small carbon loss (1-5 %) (Mishra et al., 1995). For a full review of the
applicability of wet air oxidation to treat specific compounds and industrial
wastes see the review of Mishra et al., 1995.

Economically wet air oxidation is a practical disposal option for wastes
which are too dilute to incinerate on the one hand and too concentrated for
biological treatment on the other (Baillod and Faith, 1983). The chemical oxygen
demand of a waste suitable for wet air oxidation is typically between 20 and
200 g r 1, see Figure 2.1, though direct economic comparisons with alternative
treatment processes will depend on the throughput and type of waste to be treated
(Perkow et al., 1981; Copa & Gitchel, 1988). In addition, the process is
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applicable for detoxification o f hazardous wastes, detoxification o f wastes toxic
to “bugs” in the biological process and as a means o f converting nonbiodegradable components into ones readily biodegradable.

In general, when compared with incineration the capital costs for wet air
oxidation are higher, but the operating costs are lower (Wilhelmi and Knopp,
1979). The capital costs for a wet air oxidation system depend on the flowrate,
waste water composition, extent o f oxidation and the required operating
conditions (Perkow et al., 1981).

The selected materials o f construction for the main process items must be
suitable for the severe operating conditions and the corrosion problems resulting
from the waste. Industrial experience in the treatment o f domestic sewage sludge
has shown 316 stainless steel to be resistant to chloride ion concentrations o f up
to 300 mg f 1 chloride at temperatures o f 450 to 560 K (Oettinger and Fontana,
1976). When exposed to sewage sludge containing more than 400 mg Tl chloride,
however, stainless steel has experienced stress corrosion cracking and pitting
(Oettinger and Fontana, 1976). Extreme caution must be taken, therefore, when
considering the applicability o f stainless steel reactors for the treatment o f
chloride containing wastes. Alternative materials to stainless steel include
titanium, inconel and hastelloy all o f which are more expensive, but have the
advantage o f an increased resistance to chloride ions (Oettinger and Fontana,
1976; Oettinger et al., 1986; Gamer, 1986). For very high chloride ion
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concentrations (> 1000 mg T1) titanium has the best corrosion resistance
(Oettinger and Fontana, 1976; Oettinger et al., 1986). A disadvantage of titanium
is its capability of undergoing spontaneous combustion in the presence of oxygen
and water at elevated pressures (Bauer et al., 1981; Chowdhury et al., 1983). This
means titanium is unsuitable for operation in pure oxygen or oxygen enriched
systems (Bauer et al., 1981). The high capital cost of the main process items can
become prohibitive to the selection of wet air oxidation technology. A reduction
in the severity of the operating conditions would allow savings in the capital cost
to be made, due to thinner equipment wall thicknesses, diminished corrosion
problems and smaller design duties for the compressor, feed pump and heat
exchangers.

The lower operating costs of wet air oxidation compared with incineration
results from the lower energy requirements of the process. In normal operation
the only heat input to the system is the difference in enthalpy between the influent
and effluent streams, with for most wastes the recovered exothermic heat of
oxidation being sufficient to sustain autothermal operation. In addition, for high
COD wastes there is the possibility of energy recovery in the form of heat,
mechanical or electrical energy (Flynn, 1979; Chou and Verhoff, 1981). In
comparison incineration needs to provide enough energy to vaporize the water
and heat the reactants to the higher temperatures requited for combustion. This
can lead to substantial energy demands for dilute waste streams (Copa and
Gitchel, 1988; Heimbuch and Wilhelmi, 1985). The principal operating costs for
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wet air oxidation are labour costs and electrical power for air compression and
high pressure liquid pumping (Wilhelmi and Knopp, 1979; Zimpro, 1990).

Depending on the composition of the waste feed, the build-up of scale on
the walls of equipment and piping can be a problem as it leads to a decrease in
the efficiency of the heat exchangers and an increase in system pressure drop.
The scale is predominantly hard anhydrite scale, comprised of calcium sulphate
al-phosphates, which tends to deposit heavily in the hottest sections of the
system. This is due to the decrease in solubility with increasing temperature of
calcium sulphate and other scale materials at wet air oxidation conditions
(Peterscheck et al., 1993; Bowers et al., 1995). If scaling of equipment surfaces is
a serious problem then it has to be removed periodically by acid washing.
Alternatively, in an attempt to prevent scale formation reagents such as Na2H P 0 4
can be added to the waste stream to bind the Ca2+, Al3+ and Mg2+ ions (Mishra et
al., 1995). Operational experience in treating steam cracker spent caustic in a low
pressure wet air oxidation unit at Grangemouth, Scotland has shown problems
due to fouling of the sparger by insoluble inorganic carbonates and polymerized
organic material. This problem was overcome by using a 100-mesh screen in a
simplified sparger arrangement and by supplying a small quantity of pre-heat
steam via the air supply to ensure that the nozzle remained hot enough to prevent
solidification of organic polymer (Matthews , 1997).
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The required reaction time for waste treatment, and therefore reactor
volume, depends upon the reactor type, overall reaction rate and specified degree
o f oxidation. An increase in the overall reaction rate is therefore advantageous as
it reduces the required reaction time allowing a decrease in reactor volume. In
non-catalytic wet air oxidation the overall reaction rate is governed by two steps,
firstly the mass transfer o f oxygen from the gas to liquid phase and secondly the
reaction between the pollutant and the dissolved oxygen. The rate controlling step
depends on a number o f factors including reactor type, operating conditions and
pollutant.

In selecting the required operating conditions a balance is made between
the enhancement o f mass transfer and reaction rate with increased operating
temperature and pressure against the consequent rise in capital costs and safety
implications. Oxygen mass transfer is enhanced by a rise in oxygen solubility in
the liquid phase, in accordance with:

(2.1)

where rm is the oxygen mass transfer rate, kL is the liquid side mass transfer
coefficient, a is the gas-liquid interfacial area, c 02* is the saturation oxygen
concentration and

c 02,l

is

the oxygen concentration in the bulk liquid.
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The saturated oxygen concentration, c02*, rises with both increased
temperature and oxygen partial pressure in the range typical for wet air oxidation,
see Figure 2.2. The increased oxygen solubility in water at these conditions
provides a strong driving force for mass transfer (Mishra et al., 1995). Mass
transfer in bubble based systems will further depend on the overall mass transfer
coefficient which is influenced by operating parameters such as reactor design,
gas flowrate, temperature, pressure and liquid properties and their effect on the
system characteristics such as gas hold-up, flow regime, bubble diameter,
interfacial area and the mass transfer coefficient (Shah et al., 1982; Kastanek et
al., 1993). Further, as the reactants pass through a continuous reactor the oxygen
partial pressure will steadily decrease due to oxygen consumption and dilution
either by the formation o f gases (e.g. carbon dioxide) or an increase in water
vapour as liquid temperature rises. This can have a significant effect on reaction
rate. For example, in a deep shaft wet air oxidation process (discussed further in
Section 2.2.3) the use o f three reactors in series gave a greater reduction in
chemical oxygen demand (COD) than a single reactor having the same retention
time. This was apparently due to the removal o f carbon dioxide in-between
reactors (McGrew, 1981).

If wet air oxidation processes are to operate at significantly lower
temperatures and pressures, realizing the associated advantages in process safety
and economics, there will be a consequent decrease in saturated oxygen
concentration, see Figure 2.2. In this case design factors affecting the overall
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mass transfer coefficient will need to be considered if the oxygen concentration
in the bulk liquid is to be maximized. Further the selection of oxygen partial
pressure and temperature will need to consider the concentration of pollutants in
the liquid and the consequent oxygen concentration required in the liquid phase.
This may require either feed dilution or reactor circulation, when treating
concentrated wastes.

The oxidation reaction is exothermic and follows Arrhenius dependence,
therefore, reaction rate increases with increasing temperature. For a non-catalytic
reaction, then:

(2.2)
where rr is the reaction rate , A is the pre-exponential factor, E is the activation
energy, R is the gas constant, T is the reaction temperature, CP is the pollutant
concentration in the bulk liquid and m, n are the orders of the reaction.

An increase in temperature also increases the equilibrium water vapour
pressure which rises rapidly in the region typical for wet air oxidation operation
as highlighted in Figure 2.3. It follows that an increase in operating temperature
necessitates an increase in total operating pressure in order to maintain the
oxygen partial pressure. As the reaction is exothermic it releases energy which
raises the temperature of the liquid and gas streams leading to further water
evaporation. In this way water serves as a heat sink, preventing the reaction from
running away. Water is also an excellent heat transfer medium (Prasad and

15

Materi, 1990). As the oxidation reaction occurs in the aqueous phase, however, it
is essential that an adequate proportion o f water is maintained in the liquid state.
For a fixed gas flowrate the quantity o f water vaporized at a given reactor
temperature, and consequently the latent heat o f vaporization, decreases with
increasing operating pressure. It follows that the operating pressure can be used
to control the proportion o f water in the liquid state (Teletzke, 1964).

To summarize, an increase in temperature increases not only the reaction
rate and oxygen solubility but also the water vapour pressure. The reaction is
exothermic with the released energy raising reactor temperature and vapourizing
water. Increasing pressure increases oxygen solubility and reduces the
equilibrium quantity o f water vaporized which reduces the total latent heat o f
vaporization. Pressure can, therefore, be used to control the proportion o f water in
the liquid state and maintain fluid temperature.

There are a number o f process advantages, including reduced capital costs,
in using oxygen instead o f air as the source o f oxidant. Prasad and Materi (1990)
compared air and oxygen based wet air oxidation systems for both high and low
levels o f organic concentration (COD o f 70000 and 4000 mg t x respectively).
They found that oxygen based systems showed lower capital costs and greater
profitability than air based systems. The use o f pure oxygen, however, has
significant safety implications for system design. For example there is the
possibility o f rapid, spontaneous combustion when pure oxygen or oxygen
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enriched gas is placed in contact with organic or other oxidizable substances at
pressures above atmospheric (Bauer et al., 1981). In addition titanium is capable
o f spontaneous combustion under certain conditions in the presence o f oxygen
and water at elevated pressures, while many metals will bum vigorously in
oxygen once an ignition has occurred (Bauer et al., 1981; Chowdhury et al.,
1983).

The next section reviews various process systems and the methods that
have been employed to improve the process. In developing wet air oxidation
technology research has primarily concentrated on ways o f reducing the
prohibitive capital costs o f the process, whilst still maintaining acceptable mass
transfer and reaction kinetics. To achieve this goal techniques for enhancing
reaction kinetics and oxygen mass transfer have been investigated. In the area o f
reactor design this has led to investigations into design factors such as degree o f
reactant mixing (i.e. mixed or plug flow), reactant contacting, hydrodynamic flow
regime and catalyst incorporation. In the design o f the process as a whole, further
consideration has been given to heat recovery, scaling problems, effective
utilization o f space and safe operation when dealing with the pressures,
temperatures and hazardous waste associated with the system.
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2.2 Commercial Technology

2.2.1 Zimpro Process

The Zimpro process is by far the most widely commercialized wet air
oxidation system on the market. Originally developed in the thirties by Mr. F.J.
Zimmermann, it was not until the forties that its application for more complete
destruction was discovered with process development at laboratory and pilot
plant scale culminating in the installation o f the first commercial units in the late
fifties (Zimmermann, 1958). By 1996 approximately two hundred commercial
units had been installed, over half for sludge treatment, around twenty for
activated carbon regeneration and some fifty systems to treat industrial waste
water (Anon, 1996; Anon, 1993).

The Zimpro process reactor is a co-current bubble column, with or without
internal baffling depending on the desired mixing conditions (Copa and Gitchel,
1988). The use o f a bubble column reactor can lead to axial or longitudinal
mixing o f the waste and consequently a non-uniform residence time distribution.
This limitation means that the required waste destruction efficiency may be
difficult to obtain, with further downstream processing being required (Berg and
Mulhall, 1991). Zimpro do not, however, view wet air oxidation as an
economical complete destruction technology, but as a detoxification step prior to
final polishing (Zimpro, 1990). In addition, mixing will transport radicals towards
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the front end o f the reactor which will prevent the occurrence o f an induction
period (Vortsman and Tels, 1987).

The reactor operates at temperatures o f between 420 and 598 K and
pressures o f 2.0 to 12.0 MPa depending on the degree o f oxidation required and
the waste being processed (Force, 1992). The temperature range 420 to 473 K is
used for sludge dewatering, 473 to 523 K for spent activated carbon regeneration
and conversion o f refractory wastes to biodegradable substances, while higher
temperatures are used to attain more complete destruction (Copa and Gitchel,
1988). Typically the reactor is designed for a retention time o f sixty minutes
(Copa and Gitchel, 1988) though this can range from twenty minutes to four
hours depending on the application (Berg and Mulhall, 1991).

A typical schematic o f the Zimpro process is detailed in Figure 2.4. In the
system air is injected into the waste upstream o f the feed exchanger in order to
improve heat transfer (Berg and Mulhall, 1991). This mixture is then heated to
the required feed temperature by heat exchange with the hot effluent. The
recovery o f heat in this way leads to autothermal operation for most wastes. The
waste is oxidized as it progresses up the reactor with the released heat o f
oxidation further increasing the temperature o f the mixture. The hot effluent is
cooled in the feed exchanger before pressure let-down across the control valve.
The effluent stream is then separated into vapour and liquid phases before further
downstream processing (Schaefer, 1981).
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The U K has a number o f Zimpro wet air oxidation units in service,
including a unit at the Global Environmental site at Knostrop, Leeds. This site
was the subject o f public complaints following odour pollution emissions in two
separate incidents in August 1994 (Anon, 1994 a). The first was caused by a
compressor trip which reduced the level o f oxygen in the reactor for a small
period resulting in a release o f mercaptans. The second gas release was caused by
the treatment o f a high strength slug o f waste for which oxygen demand exceeded
delivery (Gardner, 1994).
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2.2.2 Wetox Process

The main feature of this process is the Wetox reactor which is a horizontal
autoclave, comprising of four to six compartments that essentially act as a series
of continuous stirred tank reactors (Copa and Gitchel, 1988). This reactor
arrangement moves closer to plug flow behaviour as the number of reactors in
series is increased (Levenspiel, 1972). Developed in the seventies by Fassell and
Bridges (US Patents 3,852,192 and 3,870,631) the key to its design is the
agitation and addition of oxygen in each compartment, which is claimed to
improve the transfer of oxygen to the waste (Cadotte and Laughlin, 1979). The
design achieves this improvement by:
(a) Increasing the effective area for mass transfer by decreasing the
air/oxygen bubble size.
(b) Increasing the contact time for mass transfer by creating eddy currents
which suppress the escape of air.
(c) Reducing resistance to mass transfer by creating turbulent shear which
reduces the thickness of the stagnant film (Kohn, 1981).

The Wetox reactor typically operates at temperatures between 480 and
520 K, with the temperature successively increasing in each compartment due to
the heat of oxidation of the waste (Kohn, 1981). The operating pressure is about
4.0 MPa (Cadotte and Laughlin, 1979) with typical liquid retention times of thirty
to sixty minutes (Berg and Mulhall, 1991). The reactor can be operated to achieve
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complete destruction or as a polishing step prior to biological treatment (Cadotte
and Laughlin, 1979).

A typical schematic o f the Wetox process is detailed in Figure 2.5. The
compartmental arrangement with the vapour and liquid phases being removed
separately from the reactor is claimed to increase effective liquid retention time,
reduce liquid effluent volume and improve heat exchanger efficiency (Kohn,
1981). The liquid effluent is used to heat the in-coming waste, with for
concentrated wastes auto thermal operation being obtained by heat recovery from
the liquid phase alone. The vapour phase is cooled with heat recovered in the
form o f low pressure steam or hot water (Cadotte and Laughlin, 1979).

A disadvantage o f the use o f mechanical agitators in the Wetox reactor is
their energy consumption, maintenance requirements and need for high pressure
seals at the shaft entrance port. In addition, as the reactor is horizontal a larger
area o f land is required than that for a vertical reactor (Berg and Mulhall, 1991).

26

L iq u id
E fflu en t
H e a t R ecovery
-►[ C o n d en sate
W etox R eac to r

W aste

C o m p resso r
(A ir o r O xygen)

Figure 2.5: Wetox Process Schematic (Adapted from: Cadotte and Laughlin, 1979)

2.2.3 VerTech Process

The VerTech process uses a vertical sub-surface reactor, comprising two
concentric tubes (downcomer and upcomer), which descend in a shaft to a depth
o f 1200 to 1500 m. Developed in the seventies, early pilot work was followed by
a demonstration plant at Longmont, Colorado which became operational in 1983
processing sludge from the adjacent sewage treatment plant. In September 1983,
Bow Valley Resource Services exercised its option to purchase the patent and
rights to the technology and formed a wholly owned subsidiary, VerTech
Treatment Systems, to develop and commercialize the process (Hall and Rappe,
1985).

An advantage o f a deep-shaft reactor is the use o f gravity to develop the
high pressures required for wet air oxidation. As the waste passes down the
reactor the pressure rises due to the increase in liquid/gas static head above it
(Hall and Rappe, 1985). This leads to a significant reduction in power
requirements compared with conventional wet air oxidation as the feed pumps are
only sized to overcome frictional pressure drop losses (Bekker and Berg, 1993).
The reactor is designed for turbulent flow o f waste and oxygen in the downcomer
giving excellent mass transfer between the gas and liquid phases and efficient
heat transfer. The waste and oxygen pass through the reactor in a plug flow
regime taking advantage o f superior reaction kinetics (Hall and Rappe, 1985).
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The pressure in the reactor depends on the depth of the shaft and fluid
density, which varies with temperature and gas content (Hall and Rappe, 1985).
Typically the depth of the shaft is between 1200 and 1500 m leading to a pressure
at the bottom of the reactor of approximately 8.5 to 11 MPa. The reactor heat
exchange system is used to control the temperature at the bottom of the reactor at
550 K (Bekker and Berg, 1993). The residence time within the reactor is
approximately one hour, with about thirty to forty minutes of this time spent in
the reaction zone (Hall and Rappe, 1985).

A schematic of the VerTech reaction vessel is shown in Figure 2.6. The
reactor comprises two concentric tubes, the inner tube called the downcomer and
the outer tube called the upcomer. These are enveloped by a heat exchange
system. As the influent progresses in the downcomer its pressure increases with
depth and its temperature also increases due to efficient heat exchange with the
hot effluent in the upcomer. At a temperature of approximately 450 K the
oxidation process starts, with the heat of oxidation further increasing the influent
temperature. As the waste mixture now passes to the upcomer and rises to the
surface, pressure decreases and temperature drops due to heat transfer to both the
influent and heat exchanger coolant. The temperature of the effluent on exit from
the reactor is approximately 320 K (Bekker and Berg, 1993). This concentric tube
arrangement requires a small surface area which has significant space advantages
compared with above ground systems.
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The heat exchanger system that surrounds the reactor is used during
normal operation to recover heat from the effluent. A heat exchange medium is
passed down the surrounding tube returning to the surface via a separate insulated
tube. From this now hot heat exchange medium, energy can be recovered in the
form o f electricity. During start-up the flow is reversed and the pre-heated heat
exchange medium is passed down the insulated tube to heat the mixture at the
base o f the reactor. This design ensures good temperature control and thermal
efficiency (Bekker and Berg, 1993).

There are significant environmental concerns with deep-shaft reactors
regarding the possible contamination o f drinking water aquifers from subsurface
failures, especially if toxic materials are being processed. A number o f safeguards
are taken to prevent contamination including extensive geological surveys with
only stable sites being selected. In addition where there are drinking aquifers at
the top o f the reactor the casing is double cement lined. Another drawback is the
build-up o f scale on the reactor walls which periodically has to be removed using
a nitric acid wash (Hall and Rappe, 1985). The frequency o f the washing process
depends on the feed composition, but typically is undertaken once every ten days
taking some eight hours to complete (Berg and Mulhall, 1991; Bowers et al,
1995). In order to reduce scale formation an inhibitor can be added to the feed
(Hall and Rappe, 1985).
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The first commercial scale facility was commissioned in 1993 at
Appeldom, Netherlands. The plant has a design capacity o f 23000 tons dry solids
per year with the reactor having an inner diameter o f 216 mm, an outer tube
diameter o f 343 mm and a depth o f 1200 m. The reactor is suspended in a deep
concrete well o f 950 mm diameter (Meijer, 1992; Bekker and Berg, 1993). The
plant has experienced a number o f operating difficulties, including scaling and
corrosion o f the shaft and heat exchangers, though these problems have since
been overcome (Boon and Thomas, 1996).
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(Adapted from: Bekker and Berg, 1993)

2.2.4 Kenox Process

The main feature o f the Kenox wet oxidation process is the recirculating
reactor which incorporates a number o f novel features, notably static mixing and
ultrasonic energy. Developed in the eighties by the Kenox Corporation o f
Canada, the first commercial sized demonstration unit was installed in 1986 at a
drum re-conditioning plant in Mississauga, Ontario (Eur.Pat.Appl. 85302058.4)
(Kenox, 1988). The claimed advantages o f the system are a significant reduction
in capital cost coupled with higher yields in COD reduction including acetic acid
destruction.

The Kenox reactor consists o f two concentric shells with waste and air
flowing down through the inner cylinder and then flowing upward through the
space between the inner and outer cylinders. At the bottom o f the reactor are the
vanes o f the pump unit which circulates the waste and air mixture around the
reactor. A static mixing device located in the inner cylinder facilitates intimate
contact o f air and liquid. As the liquid waste and gases pass over the vanes o f the
static mixer, they are subdivided to expose fresh surfaces o f the organic matter to
the oxygen and further oxidize the organic compounds. In addition heterogeneous
catalysts can be impregnated onto the surface o f the static mixer to further
enhance oxidation. An ultrasonic probe is located in the upper region o f the
reactor. Ultrasonic waves are then passed through the waste dissolving any
suspended solids and in addition creating microscopic regions o f high
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temperature and pressure to significantly accelerate chemical reactions (Kenox,
1988). A disadvantage o f the use o f a pump unit within the Kenox reactor is the
energy consumption, maintenance requirement and the need for a high pressure
seal.

A typical flow scheme for the Kenox process is detailed in Figure 2.7. The
reactor typically operates at temperatures and pressures between 473 and 513 K
and 4.1 to 4.7 MPa respectively. For most applications a residence time o f around
forty minutes is acceptable (Kenox, 1988). Prior to entering the first reactor the
wastewater pH is lowered to a value o f around four by the addition o f waste acid
and then heated to the required inlet temperature (Jacob, 1992). The Kenox
reactor system is modularized, with additional modules being required as the
waste water flowrate increases (Kenox, 1988). On leaving the final reactor
module the effluent is cooled and separated into a vapour and liquid phase. The
vapour phase is scrubbed to remove any volatile organics while the liquid phase
is biologically treated (Jacob, 1992).

The UK has a 50000 tonnes per year Kenox wet air oxidation unit in
service at the Leigh Environmental site in Small Heath, Birmingham (Jacob,
1992). The plant has been subject to complaints following odour pollution
emissions (Anon, 1994a).
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2.2.5 Oxviet Reactor System

Researchers at the Universidad Politecnica de Catalunya, Spain and the
Universite de Sherbrooke, Canada, have developed a compact technology known
as OXYJET, based on the combination o f jet-mixers and tubular reactors. In the
oxyjet system a high interfacial area flow regime is created which maximizes
oxygen mass transfer to the liquid phase leading to kinetic control over a wider
range o f operating conditions. In the system gas and liquid are supplied to a jet
mixer which disperses the liquid into fine droplets creating a two-phase mist, see
reaction flowscheme Figure 2.8. The mean diameter o f the drop is estimated to be
only a few microns, giving a large interfacial area for mass transfer. Following
the mixer the two phase mist flows through a tubular reactor where rapid
oxidation o f the organic compounds occurs in a kinetically controlled regime
(Gasso et al., 1992). In the oxyjet process the oxidation rate is fully governed by
reaction kinetics reducing the residence time required in the system compared
with conventional bubble technology (Gasso et al., 1995). Following the tubular
reactor there is an option to include a jet reactor. In the jet reactor the two phase
flow enters a mixed nozzle assembly where any coalesced liquid is again
atomized (Gasso et al., 1995). In addition it is possible to add a catalyst and/or
another oxidant to complete the oxidation.

Jaulin and Chomet (1987) used a jet mixer followed by a tubular reactor
(1.25 cm I.D., length 7 m) for the oxidation o f aqueous phenol solutions.
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Operating at temperatures in the range 413 to 453 K and a residence time o f two
and a half minutes, they achieved phenol conversions o f between 20 and 50 %.
The addition o f a Cu0/Cr20 3 catalyst to the tubular reactor did not improve
reactor performance, possibly due to the decrease in interfacial area caused by
rapid coalescence o f the mist when in contact with the catalyst bed. Addition o f
hydrogen peroxide to the liquid feed solution did improve phenol conversion.

Gasso et al. (1992) investigated the use o f a jet mixer/tubular reactor
system (1.021 cm I.D., length 29 m) followed by a secondary reaction chamber
where supplementary oxidant could be added. Operating at temperatures as high
as 573 K and residence times o f two to three minutes, Gasso et al. achieved a
reduction in total organic carbon o f 99% for both pure phenol and pure ethylene
glycol solutions. They were also successful in treating industrial waste from both
an olive processing plant and a wood processing plant. Further work showed the
suitability o f the process to treat pharmaceutical waste, phenolic chemical waste
and wood preservation liquor (Gasso et al., 1995).

37

O zone ""[■
In itia to rs ■
A ir”
W aste

i

—

P re h e a te r

J e t M ixer
G as

T u b u la r
R eac to r

S e p a ra to r

Jet
R eacto r

Figure 2.8: Oxyjet Process Development Unit

(Adapted from: Gasso et al., 1995)

T re a te d
W a te r

2.2.6 Use o f Homogeneous Catalysts

2.2.6.1 Introduction

In comparison with non-catalytic operation, the presence o f a catalyst can
enhance the reaction rate or attain an acceptable overall reaction rate at a lower
operating temperature. In each case this can result in a reduction in the capital
cost o f the process. In addition the use o f an appropriate catalyst can obtain a
higher degree o f oxidation for organic material refractory to non-catalytic wet
oxidation. The catalytic process can, therefore, be used for either effluent pre
treatment prior to a biological step or as a complete destruction process (Harada
and Yamasaki, 1994).

The use o f homogeneous transition metal catalysts has been shown to
enhance the reaction rate in wet air oxidation processes, with homogeneous
copper salts being the most active (Shende and Mahajani, 1994; Chang et al.,
1993; Chang et al., 1995; Mishra et al., 1995). The presence o f the homogeneous
catalyst in the same liquid phase as the reactants simplifies reactor operation
compared with heterogeneous catalysts as it avoids the need for an additional
third phase. The main disadvantage is that this requires the catalyst to be either
recovered from the treated effluent or discarded. For example, in the Ciba-Geigy
process cupric salt is used as a homogeneous catalyst which is then recovered as
cupric sulphide and recycled to the reactor (Luck, 1996). The need for an
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additional processing step to recover the catalyst, especially if it is toxic, has an
adverse effect on capital costs.

The addition o f other co-oxidants together with a catalyst can have a
positive effect on the effectiveness o f the process. For example, Kulkami and
Dixit (1991) used sodium sulphite in the presence o f cupric ions for phenol
destruction in aqueous solutions, while the use o f nitric acid (H N 03) has been
suggested for reducing the severity o f required reaction conditions (Mishra et al.,
1995).

Alternatively the use o f radical promoters in combination with transition
metals has been used to enhance the wet air oxidation process. Typically
hydrogen peroxide has been used as a source o f radicals and found to be
especially effective in the presence o f iron or copper salts. Other studies show a
positive synergistic effect when two or more metals are used in combination with
hydrogen peroxide (Luck, 1996; Chowdhury and Ross, 1975). The Wet Peroxide
Oxidation (WPO) process has been developed in France by the Institut National
des Sciences Appliquees and the IDE Environnement SA (Falcon et al., 1995;
S tride et al., 1991; Debellefontaine et al., 1996). The wet peroxide oxidation
process uses a liquid oxidizing agent (hydrogen peroxide) instead o f a gaseous
one (oxygen), eliminating mass transfer limitations. This process is an adaptation
o f the classical Fenton's reagent, but uses temperatures and pressures o f around
373 K and 0.5 MPa respectively. Use o f metal salt combinations in conjunction
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with hydrogen peroxide has been shown to enhance significantly total organic
carbon (TOC) removal, even for refractory low molecular weight organic acids.
For example at a temperature o f 373 K, Falcon et al., (1995) achieved a 89%
reduction in TOC conversion after 60 minutes o f treating a mixture o f acetic,
oxalic, succinic and malonic acids using hydrogen peroxide and a combination o f
Fe2+, Cu2+ and Mn2+ (23:50:27 by weight respectively).

The following sections review two contrasting homogeneous processes.
The Bayer LOPROX system is kept simple with the aim o f attaining oxidation at
mild conditions as a pre-treatment process. The IT Enviroscience process is more
complicated and uses a combination o f compounds to achieve complete
oxidation.

2.2.6.2 Bayer LOPROX Process

The Bayer LOPROX (low pressure wet oxidation) process is especially
suited to the conditioning o f wastewater streams prior to biological treatment. In
the seventies research conducted by Bayer found that wastewater containing
compounds difficult to treat biologically could be pre-treated at mild conditions
in a wet air oxidation process. These mild conditions would partially oxidize
organic substances in the wastewater producing a final effluent better suited to
subsequent biological treatment. This pre-treatment at mild conditions became
the basis for the development o f the LOPROX process (Holzer et al., 1991).
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The Bayer LOPROX process operates at temperatures below 473 K and at
pressures between 5 and 2.0 MPa. Typically the process is suitable for wastes
with a chemical oxygen demand o f between 5 and 100 g f 1 with reactor residence
times o f between 1 to 3 hours. In the process the oxidation reaction is catalyzed
by the addition o f Fe

2+

ions and organic quinone forming substances (Holzer et

al., 1991). It is assumed that during quinone formation hydrogen peroxide is
produced as a reaction intermediate (Holzer and Horak, 1994). The combination
o f hydrogen peroxide and Fe2+ is a powerful oxidant system known as Fenton's
reagent, with the hydrogen peroxide decomposing to form the hydroxyl radical
which can react with organic compounds (Masten and Davies, 1994; Holzer et
al., 1991).

A schematic o f the LOPROX process is detailed in Figure 2.9. In the
process wastewater feed is initially pre-heated in a counter-current exchanger
where heat is recovered from the reactor effluent. The feed then passes through
the reactor which is a single or multi-stage bubble column depending on
wastewater characteristics such as solids content. Pure oxygen is injected into the
waste and distributed as fine bubbles. Following the reactor the hot effluent is
cooled in the heat exchanger before pressure let-down across the control valve.
The effluent is then separated into liquid and gas phases before further
downstream processing. For temperatures o f up to 433 K, equipment in the hot
section o f the plant is constructed o f material lined with PTFE or glass. For
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higher temperatures titanium or titanium/palladium alloys are selected as they are
resistant to temperatures o f up to 473 K even at high chloride concentrations
(Holzer et al., 1991; Holzer and Horak, 1994).

The Bayer LOPROX process has successfully treated a variety o f wastes
including paper mill waste streams, waste water from landfill sites and municipal
sewage sludge. There are a number o f industrial scale units in operation,
including four at Bayer's Leverkusen factory in Germany which are used to pre
treat waste streams o f flowrate 6 to 60 m3 h’1 (Holzer et al., 1991; Holzer and
Horak, 1994).
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(Adapted from: Holsark and H orak, 1994)

2 .2.63 IT Enviroscience Catalytic Process

The IT Enviroscience process uses a water soluble homogeneous co
catalyst system. The catalyst, which originally consisted of bromide and nitrate
anions in an acidic aqueous solution, was patented in 1972 (US Patent 3,984,311)
and assigned to the Dow Chemical Company (Miller et al., 1981). IT
Enviroscience subsequently obtained the rights to the co-catalyst system and
developed a more effective catalyst, consisting of bromide, nitrate and
manganese ions in acidic solution, for which they were assigned a new patent in
1981 (US Patent 4,276,198) (Miller and Swientoniewski, 1982). It is postulated
that the catalyst performs three roles that enhance the wet oxidation process,
these being oxygen fixation, radical generation and organic oxidation (Miller and
Fox, 1982). In oxygen fixation the catalyst increases the transfer of oxygen to the
aqueous solution via gas and liquid phase reactions of catalyst components with
organic material in the reactor (Ackerman et al., 1983). The generation of radicals
is believed to be facilitated by the catalyst increasing the rate of reaction
(Freeman, 1985). Finally it is postulated that the bromine anion radical is formed,
which is a strong oxidant capable of abstracting hydrogen from organic
molecules increasing the organic destruction rate (Miller and Fox, 1982).

The main advantage of the IT Enviroscience catalyzed process in
comparison with uncatalyzed wet oxidation is that significant destruction is
attained at reduced operating conditions (Edwards et al., 1983). The process
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operates at temperatures o f between 438 and 548 K (Freeman, 1985) and
pressures o f 11 to 70 MPa (Miller and Swientoniewski, 1982). Typical retention
times within the reactor are 30 to 120 minutes for the liquid phase (Freeman,
1985).

A typical full scale process scheme for the destruction o f organic residues
is detailed in Figure 2.10. In this system organic waste and air are continuously
fed to the reactor, with off gas being the only stream leaving the reactor during
normal operation. This means that relatively insoluble and non-volatile organics
remain in the reactor until oxidized to carbon dioxide or a volatile organic (Miller
and Swientoniewski, 1982). The off-gas containing nitrogen, oxygen, carbon
dioxide, water, volatile organics and volatile inorganics, passes through a reflux
condenser, with all condensed material being returned to the reactor (Edwards et
al., 1983). Any remaining non-condensable gases are scrubbed with caustic and
passed through a carbon adsorber before emission to the atmosphere (Miller and
Swientoniewski, 1982). For certain wastes it will also be necessary to remove any
acids or inorganic salts that build up in the reactor by closed loop treatment o f the
catalyst solution using conventional technologies such as filtration or distillation
(Freeman, 1985). Make-up catalyst is also added to the reactor to allow for any
losses through the vent (Miller and Swientoniewski, 1982).

The process requires all feed water entering the reactor to exit as vapour in
the vent gas. This can be a disadvantage when processing aqueous wastes as heat
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is required to vaporize the water. For dilute wastes, typically less than four
percent organics, the heat released by the oxidation o f organics is insufficient to
remove all the feed water and auxiliary heating is required. In these instances it is
necessary to install additional evaporation equipment in order to remove the
water and recycle the catalyst (Edwards et al., 1983).

Due to the nature o f the homogeneous catalyst the process is designed for
complete destruction o f the waste. This can be a disadvantage for certain organics
refractory to wet oxidation as to attain complete destruction they may require
excessive retention times or more severe reaction conditions.

The IT Enviroscience process has no full scale commercial units in
operation, with all research completed at only bench scale (Kokoszka and Flood,
1989). In recent years IT Enviroscience has neither developed or commercialized
the process due to market conditions.
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2.2.7 Use o f Heterogeneous Catalysts

2.2.7.1 Introduction

The use o f a heterogeneous catalyst has an advantage over homogeneous
systems in that the additional metal removal step is not required. The
heterogeneous catalyst must, however, show satisfactory stability and durability
in the severe operating conditions and acidic environment found in wet air
oxidation systems. If the catalyst is unstable, the hot acidic environment can
result in the dissolution o f the active catalytic component into the aqueous phase.
For example, the use o f commercially supported copper oxide catalysts for the
oxidation o f aqueous phenol solutions resulted in the leaching o f copper into the
aqueous phase (Sadana and Katzer, 1974 a; Njribeako et al., 1978 a,b).

The inclusion o f a heterogeneous catalyst in a wet air oxidation reactor
raises a number o f additional operational factors to be considered in the reactor
design. These include pressure drop across the catalyst, risk o f catalyst fouling
and plugging and avoidance o f inter particle and intra particle mass transport
limitations.

In a fixed bed system, an excessively large pressure drop across the bed
may occur if the catalyst pellets are too small. Although the use o f larger
diameter pellets will reduce the pressure drop across the bed, the rate o f reaction
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may become diffusion limited in the porous structure with a significant
proportion of the catalyst pellet not being utilized. In addition, the presence of
suspended solid materials in the waste stream can result in the clogging of the
bed. This will eventually result in an increase in pressure drop across the bed
making long term uninterrupted operation of the system impracticable. To protect
the catalyst against solid loading a two stage process can be utilized, where the
suspended material is initially dissolved in a non-catalytic reactor before being
oxidized in a catalytic reactor (Harada et al., 1986).

In catalytic wet air oxidation reactors there are three steps of reactant mass
transfer, see Figure 2.11. In the first step oxygen transfers from the gas to the
liquid phase, in the second reactants diffuse through the main body of the liquid
to the catalysts exterior surface (interparticle) and in the final third step reactants
diffuse through the catalyst pores to the interior surface of the pellet
(intraparticle).

Gas

Liquid

Pellet

Figure 2.11: Reactant Mass T ransfer in a Catalytic W et Air Oxidation
System
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A number o f previous researchers have identified mass transfer limitations
when using a heterogeneous catalyst in a wet air oxidation system. Sadana and
Katzer (1974 a) investigated the wet air oxidation o f phenol in a slurry reactor
using a 10 % CuO on y-alumina catalyst. They observed a slower reaction rate for
large catalyst particles (dp= 0.4 mm) compared with that for the smaller catalyst
particles (dp < 0.06 mm). This was assumed to be due to oxygen intraparticle
diffusion limitations in the larger pellets, which was supported by the
measurement o f different activation energies in each case. Theoretically the
observed activation energy for reactions influenced by strong pore resistance is
approximately half o f the true value (Levenspiel, 1972). The results o f Sadana
and Katzer were consistent with those expected for pore diffusion limitations as
they found the activation energy for the large particles to be half that o f the
smaller ones. Njribeako et al. (1978 a) also investigated the wet air oxidation o f
phenol, but in a spinning basket reactor using a 10 % CuO catalyst on a silica
carrier. They investigated the reaction rate for three catalyst pellet sizes (dp= 0.2,
0.43 and 4.0 mm) and found a trend o f decreasing reaction rate with increasing
size. Further theoretical calculations estimated that even for the smallest particle
size intraparticle diffusion o f phenol was offering some impediment to oxidation.
Mantzavinos (1996) investigated the catalytic wet air oxidation o f p-coumaric
acid using CuO.ZnO/Al and Pt/Al catalysts in the form o f pellets (4.5 and 3.2 mm
respectively) in a spinning basket and as 38-106 pm suspended particles in a
slurry reactor. For both catalysts the use o f pellets resulted in lower removal rates
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for both p-coumaric acid and total organic carbon (TOC). These decreased rates
were explained as being due to intraparticle mass transfer limitations and external
mass transfer limitations from the use o f the catalyst basket. Baldi et al. (1974)
and Goto and Smith (1975 a,b) used a commercial CuO-ZnO catalyst to oxidize
formic acid over a temperature range o f 473 to 513 K. In a liquid frill differential
catalytic reactor (particle size dp 0.038, 0.0541, 0.291 and 0.477 cm), Baldi et al.
observed oxygen intraparticle mass transfer limitations for the larger catalyst
sizes. In a trickle bed reactor, Goto and Smith also experienced mass transfer
limitations with gas to liquid being the most significant, followed by intraparticle
and interparticle resistance. Levee and Smith (1976) used an iron oxide catalyst
to oxidize acetic acid in a trickle bed reactor, temperature range 525 - 560 K, dp
0.0541 to 0.238 cm. Gas-liquid-particle resistances were again significant, with
gas to liquid mass transfer being the most important. For the examples above
using copper based catalysts, caution must be taken when assessing the results
due to the possible influence o f leached cupric ions present in the aqueous phase.
As copper is known to be an effective homogeneous catalyst its displacement
from the solid support to the solution has an effect on reaction rate which must be
accounted for.

An alternative method o f incorporating the catalyst into the reactor is to
use a support moulded into a monolithic structure. The monolithic structure is
normally a cylindrical solid support with a number o f parallel channels running
through the centre. The reactants flow through these channels with the catalyst
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being located on the walls. The cross-sectional shape o f the channels can have
various forms including circular, rectangular, hexagonal or sinusoidal. In addition
to channel shape, monolith structures can be manufactured to have a specified
channel size, cell density and wall thickness and hence a known free crosssectional area. If particulates are present in the waste they can pass easily through
the reactor provided the diameter o f the channel is greater than that o f the
particles. The incorporation o f an effective monolithic catalyst therefore increases
reaction rate while reducing pressure losses and plugging o f the catalyst (Ishii et
al., 1991). In addition by operating the vertical monolith system in the slug flow
regime (segmented gas-liquid flow) a re-circulation pattern within each liquid
plug is developed improving mass transfer. In the slug flow regime a thin liquid
film is formed between the gas and the monolith wall which allows high mass
transfer rates and keeps the catalyst continuously wetted (Luck et al., 1995).

There are a number o f commercial enterprises working on the
development o f heterogeneous wet air oxidation catalysts. The following sections
describes the work o f two such companies which serve as examples o f both
catalyst effectiveness and methods employed to improve catalyst durability.
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2 .2.12 Nippon Shokubai Kagaku Process

The Nippon Shokubai Kagaku Company Limited had installed ten
catalytic systems by 1996 and developed numerous heterogeneous catalysts in
both pellet and honeycomb form for use in wet air oxidation processes (Anon,
1996). For example the European Patent, publication number 0 431 932 A l (Ishii
et al., 1991), covers a heterogeneous catalyst capable o f converting organic and
inorganic substances present in the waste water to nitrogen, carbon dioxide and
water. The catalyst is comprised o f titanium dioxide, an oxide o f an element o f
the lanthanide series and one metal from the group consisting o f manganese, iron,
cobalt, nickel, tungsten, copper, silver, gold, platinum, palladium, rhodium,
ruthenium and iridium or a water insoluble or sparingly water soluble compound
o f the metal (Ishii et al., 1991). Although the use o f titania or zirconia as carriers
increased catalyst strength compared with alumina supports, their catalytic
activity and durability was not satisfactory. In contrast to this oxides o f elements
o f the lanthanide series were found to exhibit catalytic activity, but could not be
easily moulded and in the long term degraded in physical strength. In the Nippon
Shokubai catalyst the combination o f titanium dioxide with oxides o f elements of
the lanthanide series resulted in a mouldable, physically stable catalyst,
exhibiting only a slight loss in strength and catalytic activity, while being capable
o f withstanding long term use (Ishii et al., 1991). The Nippon Shokubai process
operates over a temperature range o f 433 to 543 K and at pressures o f between
0.9 to 8.0 MPa, with typical residence times in the region o f about one hour
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(Anon, 1996; Ishii et al., 1991). The effectiveness o f the catalyst to remove
compounds refractory to non-catalytic oxidation was illustrated by the treatment
o f a waste containing acetic acid and ammonia at a temperature o f 503 K and a
pressure o f 5.0 MPa (Ishii et al., 1991).

A further catalyst from Nippon Shokubai contains a main A component
comprising an oxide o f iron together with an oxide from at least one o f titanium,
silicon and zirconium, plus an active B component consisting o f one or more o f
cobalt, nickel, cerium, silver, gold, platinum, rhodium, ruthenium and iridium.
The A components make up 90 to 99.95 % by weight o f the catalyst with the B
component making up the balance. The catalyst is capable o f treating organic
wastes including compounds containing nitrogen, sulphur or halogens. The
catalyst maintains activity for a long period and decomposes any elemental
nitrogen in a compound to nitrogen gas. It is preferable to operate in the alkaline
pH region for the treatment o f sulphur and halogen containing compounds as the
avoidance o f acidic conditions improves the durability o f the apparatus (Ishii et
al., 1994).
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2 .2.73 Osaka Gas Process

The patented Osaka Gas Process is similar to the Zimpro process except
for the inclusion o f a heterogeneous catalyst in the reactor, supplied in the form
o f spheres or a honeycomb support. The catalyst uses titania, zirconia or the like
(as either a one-element or two-element system) as the carrier together with a
mixture o f two or more precious or base metals such as iron, cobalt, nickel,
ruthenium, palladium, platinum, copper, gold, tungsten and compounds thereof
(Harada and Yamasaki, 1994; Harada et al., 1986). Figure 2.12 shows a
simplified process flow sheet for the system. The feed exchanger is usually a
multi-tube type, though when the feed composition contains considerable
suspended solids or scale builds up in the tube over time, a double-tube type is
employed. The heater is only usually required during start-up with autogeneous
operation obtained for most wastes.

The operating conditions including temperature, pressure and initial pH
vary depending on the composition o f the waste and required destruction
efficiency, with the catalyst retaining activity for a long service life. For example,
in the treatment o f gas liquor wastewater from coke ovens over 11000 hours o f
continuous operation was obtained at 523 K and 6.86 MPa, with no change in
catalytic activity. After a residence time o f 24 minutes the waste was decomposed
from an initial chemical oxygen demand (COD) o f 5870 mg t x to a value o f less
than 10 mg f 1 (Harada and Yamasaki, 1994). Further the process can be used to
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destroy a variety o f waste waters and sludge including sewage sludge,
ammonium nitrate wastewater, residential wastes and pharmaceutical waste. In
addition, catalysts used for the treatment o f various nitrogen containing
compounds (e.g. ammonia, ammonium salts and nitrates) will achieve a virtually
complete conversion o f nitrogen content to nitrogen gas (Harada et al., 1991;
Harada and Yamasaki, 1994; Harada et al., 1992 a,b).

British Gas have investigated the Osaka process for treatment o f the
aqueous liquor resulting from the British Gas/Lurgi (BGL) slagging gasifier. In
this application the pH o f the waste is initially raised to a value above 10 to
release all fixed ammonia present. The waste is then passed over a bed o f rare
metal catalyst pellets at a pressure o f approximately 9.0 MPa and an inlet
temperature o f 483 K, with the ammonia and organic contaminants being
decomposed to produce a saline effluent containing trace metals (Ahrabi, 1989).
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Figure 2.12: Osaka Catalytic Wet Air Oxidation Process Schematic

(Adapted from: Ahrabi, 1989)

2.2.8 Supercritical Water Oxidation Processes

2.2.8.1 Introduction

Since the early eighties there has been considerable interest in the
treatment o f aqueous wastes at extreme operating conditions which are above the
critical point for water (647 K and 22.1 MPa). The key to these supercritical
processes is the enhanced solubility o f oxygen and organics in supercritical
water, thereby attaining single phase contact in conditions which allow complete
and rapid oxidation o f waste (Staszak et al., 1987). The complete oxidation o f the
waste eliminates the need for further off-gas processing, while the short residence
times required allow a significant reduction in reactor volume compared with
sub-critical oxidation (Modell, 1988). A disadvantage is the increased cost o f the
high pressure feed pumps and reactor at these elevated reaction conditions. In
addition inorganic salts are practically insoluble in supercritical water which can
lead to scaling and corrosion o f the reactor and downstream process lines
(Modell, 1988; Caruana, 1995).

The following section describes two commercial supercritical water
oxidation processes and illustrates the different methods they employ to minimize
the cost o f supercritical operation and the risk o f scaling. These processes are not
the only commercially available supercritical processes. For example in 1994,
CEO Waste Technologies installed a commercial supercritical process for
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Huntsman Corporation, Texas, USA treating waste water from the production o f
long-chain alcohols, glycols and amines (Bowers et al., 1992; Caruna, 1995).

2.2.8.2 MODEC Supercritical Process

The Modell Environmental Corporation (MODEC) process operates at a
temperature and pressure o f around 873 K and 25.0 MPa respectively (Anon,
1994 b). At these conditions the required residence time is typically less than one
minute (Modell, 1988). A further advantage o f the process is the recovery o f
carbon dioxide in a liquid form pure enough for sale (Anon, 1994 b).

A schematic for the MODEC process is detailed in Figure 2.13. Originally
the process used a reactor similar in configuration to the Zimpro vertical reactor
(Copa and Gitchel, 1988), though this was later replaced by a tubular reactor o f
up to 100 m in length. It is claimed that the tubular reactor solves previous
corrosion and scaling problems though exact details are not provided (Anon,
1994 b). It is believed, however, that a highly turbulent flow is created in the
reactor to prevent scaling and achieve good mixing. As a result o f the reactors
high oxidation efficiency the exit stream contains only water, carbon dioxide,
oxygen, inorganic oxides and salts. This exit stream is then passed in series
through three separators to produce pure carbon dioxide, pure water, inert solids
for landfill and oxygen which is recycled. A heat recovery loop at the beginning
and end o f the reactor ensures auto thermal operation following start-up (Anon,
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1994 b). Although capable o f processing any organic waste in aqueous slurry
form, the current emphasis is on sewage sludge treatment. In 1994 a 1.5 m3 per
day pilot plant was built in Karlsruhe, Germany for three pharmaceutical
companies (Anon, 1994 b).

Modar, Inc. have also developed a supercritical process (typically 23.5
MPa and 893 K) in which salts are removed continuously from the reactor. In the
reactor caustic soda can be added to neutralize any acids formed in the system.
The salts formed sink to the bottom o f the reactor, where they are cooled, re
dissolved and removed to form a brine solution (Caruana, 1995).
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2.2.8.3 Oxidyne Process

The Oxidyne supercritical water deep-shaft oxidation process combines
the process advantages o f a deep-shaft system (see VerTech process) with the
benefits o f supercritical water conditions. The process is designed for complete
destruction o f the waste without the need for further downstream treatment
(Smith, 1988).

Within the reaction zone o f the reactor the pressure is typically between 22
and 31 M Pa and the temperature 683 and 783 K. The oxidation o f the waste is
rapid with typical retention times within the reaction zone o f one to five minutes
(Smith, 1988).

A schematic o f the Oxidyne reactor is detailed in Figure 2.14. The reactor
consists o f three concentric tubes with waste passing down the middle tube and
up through the outer tube. Oxygen is passed down the inner tube being mixed
with the waste in the bottom region o f the reactor near to the supercritical zone.
The greater pressure required for supercritical operation, compared with a subcritical deep-shaft system, is obtained by a combination o f increased well depth
(2400 - 3050 m), use o f a higher pressure feed pump and the increased static head
pressure attained by adding the oxygen further down the reactor (Smith, 1988).
Although heat exchange is obtained between the influent and effluent, there is no
heat exchanger in the deep well which leads to limited temperature control and
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the requirement to dilute concentrated wastes before processing. In addition an
indirect heat supply is required to start-up the process, which is supplied by
injecting steam through the oxygen supply tube (van den Berg and Mulhall,
1991).

A typical reactor designed for processing 63 / s’1 (1000 gpm) o f waste
would be approximately 40 mm in diameter and be placed in a 55 mm well, 3048
m deep (Smith, 1988).
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2.3 Conclusions

The development o f wet air oxidation processes has concentrated on
techniques for enhancing oxygen mass transfer and reaction kinetics in order to
reduce capital costs. To enhance oxygen mass transfer different methods o f
oxygen delivery, reactant contacting and flow regime have been employed to
enhance interfacial area and the mass transfer co-efficient. These have included
the use o f mechanical agitators which consume energy and require periodic
maintenance. Further the use o f oxygen or oxygen enriched gas, as an alternative
to air, permits operation at a lower total pressure but identical oxygen partial
pressure. Reaction kinetics can be enhanced by the presence o f an effective
catalyst in either homogeneous or heterogeneous form. The use o f an
homogeneous catalyst requires an additional step to remove the metal from the
treated aqueous waste stream. A heterogeneous catalyst overcomes this
limitation, but depending on the application can experience problems due to
catalyst stability and durability, reactor pressure drop, mass transfer limitations
and catalyst plugging.

Following on from the work described in this literature review, it was
decided to investigate the use o f porous tubes in a wet air oxidation reactor and to
use phenol as a model pollutant. For the incorporation o f porous tubes into the
reactor the following possible process benefits were identified, which would
ameliorate some o f the limitations o f existing wet air oxidation technology:
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- As shown in biological systems the use o f porous distributors produces
small bubbles improving the overall mass transfer coefficient (kLa).
- To enhance reaction kinetics the surface o f the porous tube could be
coated with a catalytic layer.
- The segregation o f reactants with gas on one side and liquid the other,
allows oxygen supply direct to the surface o f the tube without having to diffuse
through a liquid film.
- The use o f a porous tube with liquid on the inside face will permit low
pressure drop operation and the treatment o f waste water containing solids.
- The supply o f gas through a porous tube can utilize the air-lift effect to
circulate the liquid around the reactor, and through the tube, without the need for
a liquid pump.

To investigate the incorporation o f porous tubes into a wet air oxidation
reactor the development and design o f laboratory scale apparatus has been
completed and the non-catalytic and catalytic operation o f the system
demonstrated. For catalytic operation the porous tube was loaded with either
copper oxide, platinum oxide or platinum as a catalyst. Copper oxide was
selected as it has been used for the majority o f heterogeneous catalytic studies for
phenol wet air oxiation. Copper oxide catalysts are known to be unstable,
however, due to active component dissolution into the aqueous phase. In an
attempt to overcome this problem platinum based catalysts were also
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investigated. A detailed description of the factors influencing the use of a porous
tube, together with details of the design and development of the laboratory scale
reactor is given in Chapter 3.

To investigate the performance of the three phase ceramic tube reactor,
phenol was selected as a model compound for wet air oxidation study. Phenol is a
common pollutant appearing in numerous chemical and petrochemical waste
waters such as those arising from refineries and coal processing plants (Mishra et
al., 1995; Lin and Chuang, 1994; Kotchetkova et al., 1992). Willms et al. (1987)
have shown that due to the presence of organic material in the vapour phase,
significant errors in results interpretation can occur if the effects of vapour-liquid
equilibrium are neglected in the analysis. Depending on physical properties,
problems in batch wet air oxidation studies can occur due to the repartitioning of
volatile species between the vapour and liquid phases in re-establishing
equilibrium following sample withdrawal or liquid phase reaction (Willms et al.,
1985; Willms et al., 1987). As phenol has a low volatility and is very soluble in
water, errors due to vapour-liquid equilibrium effects are minimized (Baillod and
Faith, 1983; Willms et al., 1987). It was for this reason that phenol was selected
as a model pollutant in this study. Reviews of previous studies into the noncatalytic and catalytic wet air oxidation of phenol are provided in Chapters 4 and
5 respectively.
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CHAPTER 3 - DESIGN AND DEVELOPMENT OF EXPERIMENTAL
APPARATUS

3.1 Introduction

In this chapter details o f the design and development o f the three phase
porous tube reactor is provided. An initial background section introduces bubble
column/air-lift reactors and gives examples o f the use o f ceramic tubes in process
reactors. It also highlights some o f the important aspects regarding the operation
o f the three phase porous tube reactor. This is followed by a description o f the
experimental apparatus, focusing on key factors in the design, plus full details o f
operating procedures and analytical techniques. Finally physical properties o f the
ceramic tubes used in this study are presented, together with procedures for
preparing both blank and catalytic tubes for use in the reactor.

3.2 Background

3.2.1 Characteristics o f Bubble Columns and Air-lift Reactors

Bubble column reactors are used in both the chemical and biological
processing industries as an alternative to stirred tank reactors. In the reactor
contact between the two phases is achieved by passing gas in the form o f bubbles
through the liquid phase (Shah et al., 1982). As bubble column reactors have no
moving parts they have the advantage o f a simple mechanical configuration and
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hence relatively low capital cost and reduced operating costs due to lower energy
and maintenance requirements (Bailey and Ollis, 1986). The air-lift reactor is a
modification o f a bubble column in which natural circulation o f the liquid phase
is achieved by splitting the reactor into two connected sections and introducing
gas into just one o f them. This creates a fluid density difference between the
liquid only section and that containing liquid and gas, which induces liquid
circulation (Choi and Lee, 1993). The presence o f this liquid circulation gives
better defined liquid flow and improves heat transfer and mixing (Choi and Lee,
1993; Christi, 1989). In an air-lift reactor the liquid circulation velocity depends
on gas flowrate and reactor geometry. As gas flowrate increases, the apparent
density difference increases, increasing the driving force for liquid circulation
and consequently liquid circulation velocity (Choi and Lee, 1993). For a fixed
gas flowrate the liquid circulation velocity will depend on pressure losses in the
reactor (Kastanek et al., 1993). It follows that an increase in pressure drop in the
downcomer system, for example due to valve closure or a decrease in downcomer
diameter, will decrease liquid circulation velocity.

The mixing properties, phase hold-up, fluid-fluid interfacial area and mass
and heat transfer coefficients o f bubble columns and air-lift reactors are
dependent on the flow regime in the reactor (Shah et al., 1982). The principal
flow regimes occurring in bubble columns are described in Figure 3.1, though the
conditions o f occurrence o f each regime is not established, with the effect o f
distributor type and liquid properties not fully defined (Kastanek et al., 1993).
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Bubble flow regime - the bubble flow regime occurs at low superficial gas
velocities with bubbles of uniform size and uniform radial distribution in the
reactor. The bubbles do not mutually interfere. (Kastanek et al., 1993).

Chum turbulent regime - as gas velocity is increased it leads to an unsteady flow
pattern with bubble coalescence and break-up leading to co-existence of large and
small bubbles (Kastanek et al., 1993).

Slug flow regime

- At higher gas flowrates in columns of less than 15 cm

diameter, large bubbles are stabilized by the column wall resulting in the
formation of bubble slugs (Shah et al., 1982).

Figure 3.1: Flow R egim es in B ubble C olum ns (A dapted from: Shah et al., 1982)
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Assuming gas film resistance is negligible, the mass transfer of oxygen to
the liquid phase depends on the overall volumetric gas-liquid mass transfer
coefficient (kLa), in accordance with:

(3.1)

where rm is the oxygen mass transfer rate, kL is the liquid side mass transfer
coefficient, a is the gas-liquid interfacial area, C02* is the saturation oxygen
concentration and C02>L is the oxygen concentration in the bulk liquid. Further
the overall volumetric mass transfer coefficient depends (kLa) on the liquid side
mass transfer coefficient kL and the specific gas-liquid interfacial area a, which is
defined as:

where e is the gas hold-up and dvs is the mean bubble diameter (Shah et al.,
1982). Gas hold-up is the ratio of gas volume to bed volume and determines the
quantity of gas in the bubble column and therefore the extent of interfacial area
for mass transfer (Kastanek et al, 1993).

(3.3)
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where VG is the volume of gas in the column and VL is the quantity of liquid in
the column (Kastanek et al., 1993).

It follows that to optimize the mass transfer of oxygen to the liquid phase
the effect of operating parameters on bubble diameter, gas hold-up and liquid
mass transfer coefficient needs to be investigated.

The smaller the size of bubbles in the reactor the larger the area available
for mass transfer. The bubble size achieved in the reactor depends on sparger
type, flow regime, media properties and operating conditions. It has been shown
that the size of bubbles leaving the sparger are smaller for porous spargers than
for orifices and perforated discs (Heijnen and Riet, 1984). The bubble size at the
sparger, however, may not be maintained throughout the reactor due to either
bubble coalescence or break-up (Schugerl et al., 1977). The advantage of a
porous sparger can, therefore, be diminished as the bubbles pass through the
reactor due to bubble coalescence. This is especially the case in large columns
(Wilkinson et al., 1992). Investigations into bubble behaviour in bubble columns
have found that, for a constant superficial gas velocity, an increase in column
pressure leads to a decrease in bubble diameter (Idogawa et al., 1986; Wilkinson
and Dierendonck, 1990; Clark, 1990; Jiang et al., 1995). For an air-water system
in a column of 5 cm diameter, Idogawa et al. (1986) investigated the influence of
pressure from atmospheric up to 15 MPa. Idogawa et al. found that an increase in
pressure resulted in a decrease in bubble size and a narrowing in the bubble size

73

distribution. At atmospheric pressure the average bubble size depended on
distributor type with porous distributors giving the smallest values. This effect
gradually diminished as the pressure was raised from 0 to 15 MPa. For a porous
plate distributor an increase in pressure did not appreciably alter the average
bubble diameter.

Gas hold-up increases with increasing superficial gas velocity. An increase
in gas flowrate therefore enhances mass transfer. However, capital and operating
costs will also increase due to the increased capacity of the gas compressor. The
dependence of gas hold-up on superficial velocity is generally in the form:

£

(3.4)

where UG is the superficial gas velocity (Shah et al., 1982). The value of (3
depends on bubble coalescence and flow regime with values in the bubble flow
regime being higher than in the turbulent regime (Kastanek et al., 1993). In
addition, an increase in system pressure has been found to shift the transition
point from homogeneous to heterogeneous flow to higher gas velocities and thus
to larger gas-hold-ups (Wilkinson et al., 1992; Stegeman et al., 1996). Gas hold
up is also dependent on the rise velocity of the bubble which depends on bubble
diameter and liquid properties. Bubble diameter is the most significant parameter
with rise velocity decreasing with decreasing diameter (Heijnen and Riet, 1984).
Investigations at high pressure have shown that gas hold-up increases with
increasing pressure (Idogawa et al., 1986; Wilkinson and Dierendonck, 1990;
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Clark, 1990; Jiang et al., 1995). Idogawa et al. (1986) found that at atmospheric
pressure average gas hold-up varied considerably depending on gas distributor
type, being highest for a porous plate. These differences decreased with
increasing pressure, becoming indistinguishable for most distributors above 10
MPa.

The liquid side mass transfer coefficient kL is dependent on bubble size
and liquid properties. For small bubbles o f diameter less than 0.002 m, kL
decreases significantly with decreasing bubble size. While for larger bubbles of
diameter greater than 0.002 m there is a slight decrease in kL with increasing
bubble size (Kastanek et al., 1993).

The overall mass transfer coefficient (kLa) is therefore dependent on liquid
properties, gas flowrate and bubble diameter. Bubble diameter has conflicting
effects with a decrease in diameter increasing gas hold-up and interfacial area but
decreasing kL for small bubbles. In general small bubbles are desirable with the
benefits in interfacial area more than offsetting the decrease in liquid side mass
transfer coefficient (Shah et al., 1982). The use o f ceramic tubes as porous
spargers has been found to produce small bubbles. For example, Suzuki et al.
(1994) found that the incorporation o f porous ceramic tubes into a stirred jar
fermentor resulted in an increase in the overall mass transfer coefficient o f five
times that o f ordinary gas sparging.
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In air-lift reactors the natural circulation of liquid affects gas hold-up,
bubble diameter and mass transfer. As gas hold-up decreases with increasing
liquid circulation velocity, air-lift reactors require a larger gas flowrate to achieve
the same hold-up as bubble columns. The average bubble size, however, is
reduced by an increase in liquid circulation due to partial or complete coalescence
suppression. The liquid side mass transfer coefficient, kL, is practically equal to
that for bubble columns. The overall mass transfer coefficient, kLa, is generally
lower in air-lift reactors than in bubble columns, despite the reduction in bubble
size, due to the dominating effect of decrease in gas hold-up (Kastanek et al.,
1993).

3.2.2 Ceramic Tube Reactors

The use of ceramic tubes has primarily been in inorganic membrane
reactors where the main advantage is that the reaction and separation steps occur
in a single unit. A ceramic membrane typically comprises of a porous and
mechanically strong support onto which a thin layer of fine porous membrane is
superimposed (Hsieh, 1991). For a reversible reaction the permselective
membrane can be used to remove one or more products, with the effect of driving
the reaction further in the desired direction and/or reducing any undesired side
reactions. Alternatively the membrane can be used to add one of the reactants in a
controlled manner leading to an improved yield and selectivity.
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The use o f inorganic membrane reactors to segregate reactants either side
o f a catalytic layer has been studied for hydrogenation reactions. At the
University o f Massachusetts, USA, for example, researchers have investigated
the use o f a tubular-supported ceramic membrane as a multi-phase reactor for
catalytic reactions between volatile and non-volatile reactants. In trickle-bed
reactors containing catalyst pellets the trend o f decreasing reaction rate with
increasing liquid flowrate has occasionally been observed (Harold et al., 1989).
This is explained by the increase in wetting or liquid coverage o f the catalyst
pellet at higher liquid flowrates, with the liquid film constituting an external mass
transfer resistance to the supply o f the volatile reactant (Harold et al., 1989; Cini
and Harold, 1991). To overcome this limitation the ceramic membrane reactor
segregates the two phases with gas on the inside o f the tube and liquid on the
outside. The liquid penetrates the pores o f the support tube and permeable
membrane. The reaction then occurs between the non-volatile liquid and volatile
gas at catalytic sites on the walls o f the liquid-filled pores (Cini et al., 1991). The
main advantage o f this design is the efficient supply o f the volatile reactant (Cini
and Harold, 1991).

Cini and Harold (1991) investigated the effectiveness o f the catalytic
tubular reactor using the hydrogenation o f a-methylstyrene (AMS) to cumene
over a Pd/Al20 3 catalyst as a model reaction, at a temperature o f 300 to 420 K
and atmospheric pressure. The catalyst tube was prepared using a sol-gel
technique to deposit a high surface area y-alumina film on the inside o f a
macroporous tube o f external diameter 4.9 mm and wall thickness 1.1 mm. The

tube was then impregnated with the palladium catalyst. The reactor operated in
semi-batch mode with gas and liquid flowing co-currently downward past a
single tube of 30 cm length. The prototype single tube reactor operated without
any major difficulties. The supply of volatile reactant from the tube core was
efficient with hydrogen pre-dissolved in the liquid feed contributing little to the
reaction. At catalyst temperatures below 313 K the reaction was kinetically
controlled, while at higher temperatures possible transport limitations in the
supply of the non-volatile component may have occurred (Cini & Harold, 1991).

At the University of Zaragoza, Spain, researchers have investigated the
use of a porous ceramic membrane as an oxygen distributor in gas phase
reactions. For the gas phase oxidation of methane, the presence of low oxygen
concentrations in the reactor improves selectivity to formation of hydrocarbons
against deep oxidation to carbon oxides. In the porous wall ceramic membrane
reactor a fixed bed of catalyst is placed inside a ceramic tube, oxygen is then
supplied through the pores of the tube (along the whole length of the reactor) at a
rate governed by the characteristics of the tube and the differential pressure
across it. The advantage of this system is that a low oxygen concentration is
maintained throughout the reactor. The initial feed contains a low oxygen
concentration, consumed oxygen is then replaced by supplementary oxygen,
added to the reactant mixture as it passes through the tube. In order to attain a
non-uniform pattern of oxygen permeability through the tube, silica was
deposited in varying quantities into the pores. This created a pattern of decreasing
permeability in the direction of inner reactants flow. Experiments with this
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system did give higher selectivity, methane conversion and oxygen conversion
(Lafarga et al., 1994; Coronas et al., 1994 a,b; Coronas et al., 1995).

3.2.3 Aspects o f the Porous Tube Reactor

In the three phase porous tube reactor the gas and liquid phases are
initially segregated by a porous ceramic tube with gas supplied to the outside face
and liquid to the inside face. A differential pressure is applied across the tube,
which initially displaces water from the larger pores and then drives the passage
o f gas through these pores to the inside face. The supply o f air through the porous
media induces liquid circulation through the tube and produces small bubbles o f
high interfacial area. To enhance reaction kinetics the inside surface o f the
ceramic tube could be coated with a catalytic layer. At laboratory scale the
reactor was fitted with an external loop that allowed the flow o f liquid through
the tube due to the air-lift effect. The natural circulation o f the aqueous phase in
this manner avoids the requirement o f a high pressure liquid pump, reducing the
cost o f the experimental apparatus and associated downtime due to maintenance.

If the pores o f the ceramic tube are loaded with a catalyst, then operation
with these pores full o f liquid will attain enhanced reaction rates. As gas is passed
through the porous structure it displaces water from the larger pores reducing the
catalyst surface area in contact with the liquid phase. The proportion o f pores
filled with water will depend on the gas flowrate through the porous tube, which
will set the differential pressure across it, and the pore size distribution. The pore
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size distribution o f the tube is consequently an important parameter in the
effectiveness o f catalytic operation. Further the passage o f gas through the tube
will result in evaporation of water to attain the equilibrium vapour pressure. If
there is a water air interface near the outside o f the tube, water will also evaporate
into and diffuse through the bulk air. This loss o f water may result in a reduction
in the proportion o f liquid filled pores in the tube. If water evaporation is a
problem it may be controlled by varying operating pressure or by preheating the
air to the desired reaction temperature and then saturating it with water prior to
entering the reactor. An advantage o f reactant segregation is that the gas is
supplied direct to the catalyst pores. This means that oxygen does not have to
diffuse through a liquid film to reach the tube, which should reduce interparticle
mass transfer resistance on the gas side. In addition, oxygen is supplied along the
whole length o f the tube. Further the flow o f gas through the tube should aid
intraparticle mass transfer resistance which can also be minimized by reducing
the thickness o f the tube wall. As the tubes used in this study have a very low
surface area, it may also be necessary to deposit a high surface area layer onto the
inside face.

The use o f a porous tube reactor is desirable as it provides low pressure
drop operation and facilitates the treatment o f waste water containing solids. As
in the case o f honeycomb monolith systems, see Section 2.2.7, the correct sizing
o f the tube internal diameter will allow solid material to pass through the reactor.
In specifying the internal diameter o f the porous tube for any specific application,
consideration will have to be given to its impact on solid loading, pressure drop,
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mass transfer and flow dynamics. The incorporation o f porous tubes into the
reactor could be as a single tube system or as multi-tube system containing a
number o f independent tubes in parallel. Alternatively a single tube which
contains a number o f parallel bores could be fitted.

In commercial wet air oxidation units scale formation is a serious problem
requiring periodic removal by nitric acid washes. In the three phase porous tube
reactor scale formation may result in operational difficulties. The evaporation o f
water within the pores o f the reactor may lead to local supersaturation,
subsequent scale formation and possibly plugging o f the pore. Further the supply
o f gas to the bulk liquid using the air-lift effect may cause severe scale formation
(Cowan and Weinfritt, 1976). If scaling is experienced in the experimental
reactor then acid washing and the use o f scale inhibitors will need to be
investigated. Alternatively for catalytic use, reactor operation could be tested
with both phases completely segregated so that no gas flows through the pores.
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3.3 Experimental Apparatus and Procedures

3.3.1 Preliminary Work

Initially a glass model o f the experimental apparatus was constructed to
illustrate operation, investigate alternative vessel configurations, identify design
weaknesses and investigate operational problems. This enabled the flow o f fluids
in the system to be observed, while in some experiments a tube constructed o f
half glass and half ceramic allowed the production o f bubbles at the inside
surface o f the tube to be viewed. The preferred option was to position a hold-up
vessel containing the bulk liquid immediately above the porous tube reactor as
shown in Figure 3.2. The use o f two vessels in this configuration simplifies the
construction and operation o f the apparatus. Further by passing the gas/liquid
mixture leaving the reactor back to the hold-up tank, it mixes the contents o f this
vessel and serves to separate the gas and liquid phases. Operation o f the glass
vessel apparatus gave a valuable insight into start-up and shutdown procedures,
valve requirements and positioning, pressure drop, vessel fittings etc. In addition,
it allowed design problems, such as venting o f air from liquid lines on start-up
and the provision o f a leak free seal between the ceramic tube and the metal
flange, to be identified and eliminated. If these problems had not been found prior
to construction o f the high pressure apparatus their subsequent occurrence would
have resulted in difficult and expensive modifications to this equipment.
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3.3.2 Experimental Apparatus

3.3.2.1 Introduction

This section details the design and construction o f the experimental
apparatus. A schematic drawing o f the porous tube reactor experimental
apparatus is given in Figure 3.3, while Plate 3.1 shows a photograph o f the two
pressure vessels, condenser and interconnecting pipework during the construction
period.
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Figure 3.3: Porous Tube Reactor Experimental Apparatus
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Plate 3.1: Experimental Apparatus
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3.3.2.2 Pressure Vessels

The experimental apparatus contained two pressure vessels, the hold-up
vessel and the reactor, which are shown in detail in Figures 3.4/3.5 and 3.6/3.7
respectively. The two 316 stainless steel vessels were fabricated by Baskerville
(Reactors & Autoclaves) Ltd. (Manchester, UK) and rated for maximum
operating conditions o f 20.0 MPa and 573 K depending on the o-ring material
fitted. The two vessels were both protected against overpressure by a nickel
bursting disc rated for a bursting pressure o f 22.0 MPa.

At laboratory scale 316 stainless steel has been widely used as the material
o f construction for wet air oxidation reactors over a range o f operating
conditions, see Table 3.1. In a semi-batch 316 stainless steel reactor, Lin and
Chuang (1994) destroyed phenol over a temperature range o f 423 to 573 K and a
total pressure o f less than 10.3 MPa. Operating at more severe conditions,
Foussard et al. (1989) used a batch 316 stainless steel reactor to destroy paper
mill black liquors over a temperature range o f 513 to 598 K and an oxygen partial
pressure o f between 2.4 and 10.4 MPa, while Sawicki and Casas (1993) used a
316 stainless steel tubular reactor to destroy a variety o f pollutants (including
phenol) at 613 K and 23.7 MPa. A shortcoming o f 316 stainless steel is its limited
resistance to soluble chlorides. Alternative materials having increased resistance
to chloride ions include titanium, inconel and hastelloy all o f which are more
expensive (Oettinger and Fontana, 1976; Oettinger et al., 1986; Gamer, 1986).
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The main joint o f the flanged covers o f both vessels was an o-ring seal.
For normal operation all o-rings were made o f the fluoroelastomer material viton
which is limited to a maximum operating temperature o f 473 K. O-rings were
supplied by James Walker & Co. Ltd (Salisbury, UK). For operation o f the
apparatus at higher temperatures all viton o-rings must be replaced with those o f
a material which is chemically resistant to both the feed material and partial
oxidation intermediates and able to withstand the more severe operating
conditions. O-rings made o f Kalrez (Du Pont) have outstanding chemical
resistance at temperatures o f up to 573 K. The recommended Kalrez material for
use in a high pressure water application is grade 3018, though this material will
begin to degrade at temperatures above 553 K (Du Pont, 1994).
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POLLUTANT

REACTOR

SOURCE OF
OXIDANT

TEMPERATURE
(K)

PRESSURE

Pruden & Le,
1976

Phenol,
nitrilotriacetic acid.

Continuous

Air

473 - 523

5.5 to 15.2 MPa
Total Pressure

Willms et al.,
1985 & 1987

Phenol, m-Xylene,
tetrachloroethylene.

Batch

Air

403 - 473

13.8 MPa

Foussard et al.,
1989

Paper mill black
liquors.

Batch

Air or
Oxygen

513-598

Joglekar et al.,
1991

Phenol, cresols,
o- m- p-chlorophenols
etc.
Dinitrotoluene,
nitrobenzene,
nitrophenol etc.
Phenol, m-cresol,
chlorophenol,
p-ethylphenol.
Valeric acid.

Batch

Oxygen

423 - 453

Tubular

Oxygen

613

2.4 to 10.4 MPa
oxygen partial
pressure
0.3 to 1.1 MPa
oxygen partial
pressure
23.7 MPa

Semi-batch

Air

423 - 573

Total pressure < 10.3
MPa.

Batch

Oxygen

513-598

4.1 MPa oxygen
partial pressure.

INVESTIGATOR

Sawicki & Casas,
1993
Lin & Chuang,
1994
Nikolaou et al.,
1994

Table 3 .1 : Selection of Laboratory Scale Reactors Constructed of 316 Stainless Steel

The 0.6 litre hold-up vessel had an internal diameter o f 50 mm and a
length o f 300 mm, see Figure 3.4. It was designed to be adaptable, being suitable
for stand alone operation as a semi-batch reactor. The top closure o f the vessel
was a flanged joint which permitted access to the vessel. At the centre o f the
flange was the gas outlet connection with a further three nozzles arranged around
this point, see Figure 3.5. An 7 8" (3.2 mm) dip tube was provided to allow
sampling/injection o f the hold-up vessel liquid. An V8" (3.2 mm) thermocouple
pocket was provided for measurement o f hold-up vessel liquid temperature. The
final nozzle was connected to a tee fitting, which was further connected to the
bursting disc with the unused port being fitted with a plug. The bottom closure o f
the vessel was a flat bottom fitted with two nozzle connections. At the centre was
the gas/liquid inlet connection from the reactor, while adjacent to this was the re
circulating liquid outlet nozzle. These two process lines were designed to be self
venting in order to remove all gas during start-up.
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Figure 3.4: Hold-up Vessel
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Figure 3.5: Top Flange and Base of the Hold-up Vessel
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The 0.4 litre reactor had an internal diameter o f 50 mm and a length o f 200
mm, see Figure 3.6. The reactor had flanged joints at both ends to allow both
general access and the fitting and removal o f a ceramic tube positioned along the
centre o f the vessel. The flanges were machined on the inside with a thread and
o-ring groove to allow the fitting o f adaptors which held the ceramic tube in
place. The o-ring seal prevented the leakage o f gas and liquid across this
connection. The ceramic tube itself was sealed on its outside surface using a
double o-ring seal at each end, see Plates 3.2 and 3.3. The o-ring was designed to
provide a leak proof seal over the required reaction conditions, allowing for the
difference in thermal expansion between the tube and the stainless steel adaptors
containing the o-ring. The use o f adaptors in this manner provides flexibility to fit
ceramic tubes o f various size by the use o f different sized adaptors, rather than
the complete replacement o f the flange. At the centre o f the top flange was the
gas/liquid outlet connection with a further three nozzles arranged around this
point, see Figure 3.7. A thermocouple was passed through one o f the nozzles to
allow measurement o f the temperature within the reactor. A nozzle was
connected to a tee fitting which was further connected to the bursting disc with
the unused port being fitted with a plug. The final nozzle was fitted with a plug
for these experiments. At the centre o f the bottom flange is the re-circulating
liquid inlet connection, while adjacent to this is the gas inlet nozzle.
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Plate 3.2: Reactor Flange and A daptor

Plate 3.3: A daptor Detail Showing Double O-ring Seal

96

3.3.2.3 Temperature Measurement and Control
Temperature was measured at various points in the system (i.e. liquid re
circulation line, reactor gas/liquid outlet, hold-up vessel liquid, condenser outlet,
hold-up vessel wall temperature) as indicated in Figure 3.3. The temperature was
measured using type K (nickel chromium/nickel aluminium) sheathed (316
stainless steel) thermocouples supplied by BICC Thermoheat (Hebbum, UK)
with temperature indication by a model 3750-K temperature indicator supplied by
Digitron Instrumentation Limited. Accuracy of thermocouples was ± 2.5 K.

The temperature of the liquid in the hold-up vessel was maintained at the
desired operating value using a 1 kW, 240 V ceramic electrical heating jacket
supplied by Elmatic, which was controlled by an RS Components temperature
controller. In order to maintain this temperature in the reactor a second ceramic
electrical heating jacket was located on that vessel. This electrical heating jacket
was controlled by a Pye Ether mini controller, based on maintaining a set reactor
vessel wall temperature. To protect personnel and reduce heat losses from the
system, all hot pipe work and vessels were lagged with cooperknit 500 high
temperature silica fibre insulation, supplied by Cooperheat (Southport, UK).
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3.3.2.4 Pressure Measurement

The operating pressure of the system was measured using a bourdon type
pressure gauge supplied by Budenberg (Manchester, UK) with an operating range
of 0 to 6.0 MPa. The gauge was located on the gas inlet line to the reactor to
ensure operation at ambient temperatures. Accuracy of pressure gauge was ± 0 .1
MPa. The gauge was protected against overpressure by a swagelok relief valve,
part number SS-4R3A, supplied by Bristol Valves and Fittings (Bristol, UK),
which was located adjacent to the gauge. The cracking pressure of the relief valve
was adjustable over a range of between 5.2 and 20.6 MPa depending on the type
of spring fitted and position of the valve adjustment cap.

The differential pressure between the reactor gas inlet and hold-up vessel
gas outlet was measured using an Ashdown Process Control Ltd differential
pressure

transmitter,

part

number

BDXDOFHF872BBV,

supplied

by

Transinstruments (Basingstoke, UK). The device measured differential pressure
over a range of 0 to 32 psi (0 to 0.22 MPa) at a line pressure of up to 10.0 MPa.
Accuracy of differential pressure gauge was ± 1 psi (0.007 MPa). The normal
operating temperature of the process fluid in the hold-up vessel and reactor was
greater than the maximum operating temperature of the differential pressure
transmitter. In order to protect the transmitter against this high temperature, the
differential pressure was measured between the gas inlet line upstream of the
reactor and the gas outlet line downstream of the condenser, see Figure 3.3. At
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these points the normal fluid operating temperature was below the maximum
operating temperature of the transmitter. To protect the transmitter in the event of
a process upset, such as condenser cooling water failure, a section of dead-leg
316 stainless steel tubing was placed between the main process system and the
transmitter. This tubing was of sufficient length to reduce the temperature at the
transmitter to an acceptable value in the event of a process failure. The measured
differential pressure was indicated by a Newport Electronics Ltd. model DM3010 indicator supplied by Transinstruments.
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3.3.2.5 Flow Measurement and Control

The experimental apparatus was pressurized directly by the nitrogen and
air gas bottles whose outlet pressure was controlled by Drager Tescom
(Strathclyde, UK) gas regulators, part number 44-1125-24, rated for a maximum
outlet pressure o f 28 MPa. The gas regulators were supplied with pressure gauges
on both the gas inlet and outlet. The gas flowrate through the system was
controlled by a swagelok micro-metering valve, part number SS-21RS4-A-G,
supplied by Bristol Valves & Fittings, which had a maximum pressure rating at
573 K o f 13.3 MPa and a maximum temperature rating at 20.0 MPa o f 323 K
(private communication, Bristol Valves & Fitting Co. Ltd. 1996). Two further
swagelok metering valves, part number SS-31RS4-G, supplied by Bristol Valves
& Fittings, were placed in the gas flow line to provide system isolation and
additional flowrate regulation. These valves were used to isolate the pressurized
system and test for any leakage. The exit gas flowrate was monitored using a 0.2
to 2.5 1 m inute'1 GEC-Elliott Process Instruments Ltd. nitrogen rotameter.
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3.3.2.6 Condenser

The effluent gas stream from the hold-up vessel was passed immediately
through a double pipe condenser to cool the gas and remove water vapour. The
purpose o f the condenser was to prevent significant loss o f water vapour and
volatile organics in the gas stream. The double pipe condenser was designed
based on methods detailed in Kern (1950) and comprised o f two concentric 316
stainless steel tubes. The inner pipe contained the effluent gas and had an outside
diameter o f

V2" (12.7 mm)

and a wall thickness o f 0.065” (1.65 mm), while the

outside tube had an outside diameter o f 1” (25.4 mm) and a wall thickness o f
0.08" (2.03 mm). The gas was cooled by water flowing in the outside tube.

3.3.2.7 Sampling Point

The experimental apparatus was designed for liquid samples to be taken
from either the bulk liquid in the hold-up vessel (see Section 3.3.2.2) or from the
liquid re-circulation line. All samples taken in this work were from the liquid re
circulation line. To prevent flashing o f the liquid sample, it was cooled in a
double pipe heat exchanger prior to the pressure let-down valve. The double pipe
heat exchanger comprised o f two concentric 316 stainless steel tubes. The inner
pipe contained the liquid sample and had an outside diameter o f

V4" (6.35

mm)

and a wall thickness o f 0.048” (1.22 mm), while the outside tube had an outside
diameter o f 3/4” (19.05 mm) and a wall thickness o f 0.08” (2.03 mm). The sample
was cooled by water flowing in the outside tube.
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3.3.3 Operating Procedure

3.3.3.1 Ceramic Tube Installation

For ease of operation it was important that the ceramic tube could be
inserted and removed from the reactor with little difficulty. As part of the system
design the hold-up vessel, reactor and inter-connecting pipework remained
permanently in position in the frame. This required the ceramic tube to be
inserted and removed from the bottom flange. To insert the tube the bottom
flange of the reactor is removed and a ceramic tube placed inside the adaptor of
that flange, see Plate 3.4. The tube is then placed inside the reactor, with the
flange/tube vertical and in the correct orientation. They are gently pushed into
position with the bevel on the outside of the tube aiding smooth insertion into the
adaptor of the upper flange.

102

Plate 3.4: Reactor Bottom Flange with Ceramic Tube
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3.3.3.2 Start-up

Initially valves 2, 4, 5 and 6 (see Figure 3.3) were closed and valves 1, 3
and the rotameter needle valve opened. A known volume (350 m l in these
experiments) and concentration of feed solution was then added to the hold-up
vessel. Following this the top flange of the hold-up vessel was installed and
cooling water flow to the condenser initiated. Power supply to the temperature
indicator and the differential pressure transmitter was then connected. Next the
desired operating temperature was set on the controller of each heater.

Valves 4 and 5 were then opened to fill the ceramic tube with liquid. The
nitrogen gas cylinder valve was slowly opened to allow a flow of gas through the
system, which is controlled by adjusting valves 1,2 and 3. Slowly in stages the
nitrogen gas cylinder valve outlet pressure was raised to increase system pressure,
until the desired operating pressure and flowrate were attained.

On attaining the desired pressure and flow conditions, the power supply to
both heaters was switched on. It was then necessary to monitor temperature,
pressure and flowrate until desired operating temperature was attained.

When the operating temperature was attained, the air cylinder valve was
opened until an outlet pressure just below the operating pressure was reached. At
this point the nitrogen cylinder valve was closed to a value below the operating
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pressure. At this point the flow of nitrogen will stop and that of air will begin.
This was taken as time zero. Finally air cylinder outlet pressure and control
valves were fine tuned to maintain desired conditions and the nitrogen valve
closed.

In monitoring reactor performance, readings of temperature, pressure and
differential pressure were taken during the course of an experiment, normally just
prior to collecting a sample. As differential pressure across the tube oscillated
over a range of values, this reading was achieved by observing its variation over a
period of approximately thirty seconds, recording the highest and lowest values.
These values gave the range for the differential pressure across the tube at that
time. In accessing the repeatability of reactor performance it was necessary to
compare differential pressure for consecutive experiments completed with the
same tube. To ensure comparability, only the differential pressure range obtained
at the beginning of each experiment was used. This minimized errors such as
those due to differences in total liquid volume (sample withdrawal) and liquid
composition (conversion to intermediates) which may affect pressure drop.

3.3.3.3 Shut-down

To shut-down the system the power to the heaters was switched off and
the gas flow switched from air to nitrogen in the same manner as described in the
start-up section. It was then necessary to wait for the liquid to cool to room
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temperature. Once at room temperature, the pressure in the reactor was slowly
lowered using the air cylinder valve. At a pressure just above atmospheric
temperature, the cooling water flow to the sample point was initiated and valve 6
opened to drain the liquid out of the apparatus. Once completed valve 6 was
closed. Next the nitrogen cylinder valve was closed to stop the flow of gas. Once
the pressure in the reactor had fallen to atmospheric, the cooling water flow to the
condenser was stopped and all power supplies disconnected.

3.3.3.4 Sampling Procedure

To take a sample the cooling water flow to the sampling point was
initiated. Then valve 6 was slowly opened to allow a flow of liquid. Once a
volume equal to the dead leg volume of the sampling system was collected,
valve 6 was closed. Valve 6 was then opened slowly to allow a further flow of
liquid which was collected in a sample jar. Valve 6 was closed when the required
volume was attained. Finally the flow of cooling water to the sampling point was
stopped.

3.3.3.5 Emergency Shut-down

In the event of an emergency, switch off power to the heaters and follow
normal shut-down procedure, unless emergency dictates immediate alternative
action such as gas supply shut-off. Raise the alarm.

106

3.4 Chemicals

Phenol (> 99 %), glyoxylic acid (50 % wt. solution in water), maleic acid
(99.5 %), sulphuric acid (97.5 %), ammonium iron (II) sulphate hexahydrate
(> 99 %), copper (II) hemipentahydrate (98%), silver sulphate and hydrogen
hexachloroplatinate (IV) hydrate were purchased from Aldrich Chemical
Company (Gillingham, UK) and used without further purification. Potassium
dichromate (> 99.9 %) and nitric acid (70 %) were purchased from BDH Limited
(Poole, UK) and used without further purification.

3.5 Sample Analysis

3.5.1 HPLC

Concentrations

of

organic

compounds

were

monitored

by

high

performance liquid chromatography technique (Gilson dilutor 401, pressure
controller 803c, dynamic mixer 811, pump 403, sample injection 231) using a
UV/VIS detector Holochrome set at 210 nm. In each run 20 |xl of sample was
injected via an automatic injection system. The mobile phase was a solution of
0.05 N sulphuric acid and the stationary phase was a styrene divinyl benzene (ion
exchange resin) column (Polypore H 220mm x 4.6 mm, Applied Biosystems
Inc.). The flowrate was 1 m l m inute'1. The concentration of each compound was
calculated by calibration against standards of known concentration included in
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each run. The reproducibility o f measurements for standards and samples
indicated an accuracy o f ± 5 %.

3.5.2 Chemical Oxygen Demand

Chemical oxygen demand (COD) is a measure o f the amount o f oxygen
required to oxidize that organic matter in a sample which is susceptible to
chemical oxidation. It is a useful global parameter as it gives an indication o f the
quantity o f oxidizable matter, measured as oxygen equivalent, remaining in the
sample.

The COD o f each sample was measured using the standard dichromate
method as detailed in the 14th edition o f Standard Methods for the Examination
o f W ater and Wastewater published by the American Public Health Association.
The sample was heated under reflux conditions for two hours in the presence of
potassium dichromate, sulphuric acid and silver sulphate. The silver sulphate was
added as a catalyst as it is essential to the oxidation o f straight chain alcohols and
acids. After cooling the sample, the excess dichromate was measured by titration
with ferrous ammonium sulphate. The amount o f oxidizable organic matter,
measured as oxygen equivalent, was then calculated based on the quantity o f
potassium dichromate consumed.

The accuracy o f these measurements was estimated to be ± 200-400 mg T1
for results detailed in Section 4.2 (i.e. non-catalytic phenol oxidation), while for
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all other experiments it was 150 - 250 mg t l. All chemical oxygen demand data
in this work should be treated with some caution as the removal o f oxidation
intermediates by the routes o f adsorption and vapour-liquid equilibrium effects
may lead to some bias in the results.

3.5.3 pH Measurement

The pH o f the liquid was measured using an Orion Ag/AgCl sure-flow
electrode, model number 9165BN, supplied by Quadrachem Laboratories Ltd.
(Forest Row, UK) and indicated by a Phillips PW 9420 pH meter. Prior to pH
measurement the equipment was calibrated using two buffers o f pH 4 and 7. The
accuracy o f pH measurement was ± 0.3.

3.5.4 Atomic Absorption

Concentrations o f dissolved metal components were monitored by atomic
absorption technique (Atomic Absorption Spectrophotometer Varian AA-275 B)
using standard settings as detailed in Appendix I. In each case the metal
concentration was determined by calibration against a standard solution and a
zero check o f distilled water. If necessary the sample was diluted until the
reading was within the optimum range.
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3.6 Ceramic Tube Preparation

3.6.1 Blank Tube Preparation

Ceramic tubes were obtained from the supplier in 1 m lengths o f 20 mm
outside diameter and 15 mm inside diameter. The tube was then cut into smaller
lengths o f 182 mm using a diamond cutter. To allow fitting into the o-ring seal o f
the adaptors, the outside diameter o f the tube needed to be reduced at each end.
Using a lathe fitted with a diamond tool, each end was reduced to a diameter o f
19.5 mm along a distance o f approximately 25 mm, see Figure 3.8. To provide a
smooth finish for sealing against the o-ring these ends were coated with a thin
layer o f high temperature alumina cement, supplied by Fortafix, and then fired at
a temperature just below 873 K for one hour. The ends o f the tube were then
chamfered to aid smooth fitting and removal o f the tube.

182 mm
25 mm

25 mm
rt S/ SSS V / / / / / / / / / / / / / / A
20 mm
^///// V Z //////////////

15 mm

Figure 3.8: Dimensions of a Blank Ceramic Tube
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3.6.2 Catalyst Preparation

3.6.2.1 Introduction

In order to investigate the performance o f a catalytic tube a method for
loading the active catalytic material onto the ceramic tube was developed. In each
case a known amount o f metal salt was dissolved in a volume o f distilled water
just sufficient to fill the pores o f the tube. This solution was then added to the
inside surface o f a prepared tube, which was gently rotated by hand to obtain an
even impregnation o f the liquid throughout the pores o f the tube. The
impregnation time was 1 hour. The tube was then dried in an oven at 473 K
before being calcined in air. The following sections give the specific details for
the preparation o f the copper oxide, platinum oxide and platinum catalytic tubes
used in this study. The reasons for selecting these specific catalytic materials for
investigation are discussed in detail in Section 5.2.1.

3.6.2.2 Copper Oxide Catalytic Tube

The copper oxide catalytic tube was prepared using copper nitrate as a
source o f copper. The impregnated tube was dried in an oven and then calcined in
air for four hours at a temperature o f 873 K. The prepared copper oxide tube had
a copper loading o f 1.3 %-wt.
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3.6.2.3 Platinum Oxide Catalytic Tube

The

platinum

oxide

catalytic

tubes

were

prepared

using

hydrogenhexachloroplatinate (IV) hydrate as a source o f platinum. It is known
that if the impregnated support is calcined in air at a temperature below 770 K
then most o f the platinum will be present as platinum (IV) oxide (Anderson,
1975). The impregnated tube was, therefore, dried in an oven and then calcined in
air for four hours at a temperature o f 700 K. The final prepared tube was dark
blue/black in colour which is consistent with platinum (IV) oxide. Three platinum
oxide catalytic tubes were prepared with the following platinum loading.

Platinum oxide catalytic tube A - 0.7 %-wt. platinum.
Platinum oxide catalytic tube B - 0.6 %-wt. platinum.
Platinum oxide catalytic tube C - 0.65 %-wt. platinum.

3.6.2.4 Platinum Catalytic Tube

The

platinum

catalytic

tubes

were

prepared

using

hydrogenhexachloroplatinate (IV) hydrate as a source o f platinum. It is known
that if the impregnated support is calcined in air at a temperature above 773 K,
then any platinum (IV) oxide formed will decompose to metallic platinum
(Newkirk and McKee, 1968). The impregnated tube was, therefore, dried in an
oven and then calcined in air for four hours at a temperature o f 873 K. The final
prepared tube was silver/gray in colour which is consistent with metallic
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platinum. Three platinum catalytic tubes were prepared with the following
platinum loading.

Platinum catalytic tube A - 0.8 %-wt. platinum.
Platinum catalytic tube B - 0.6 %-wt. platinum.
Platinum catalytic tube C - 0.65 %-wt. platinum.
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3.7 Characterization of the Ceramic Tube

3.7.1 Introduction

In the course o f this study two different ceramic tubes were incorporated
into the reactor. These tubes have the trade names Sillimantin 65 and Pormulit,
by which they will be referred to in the text. The main difference between the two
tubes is their pore size distribution, with the Pormulit tube being more permeable
than the Sillimantin 65 tube. The Sillimantin 65 tube was primarily used in this
study. Unless specifically stated to the contrary, it should be assumed that the
results given in Chapters 4 and 5 are for experiments completed with the
Sillimantin 65 tube. To investigate the influence o f permeability a series o f noncatalytic experiments were completed with the Pormulit tube, see Section 4.2.11,
to allow comparison against Sillimantin tube performance. The pore size
distribution o f the tube will also be an important parameter in catalytic operation
as discussed in Section 3.2.3. In order to obtain details o f the composition and
structure o f the tubes they were subjected to a number o f investigations, namely
x-ray diffraction, mercury porosimetry, scanning electron microscopy and
permeability. Full details o f equipment and methods for each investigation are
presented in Section 3.7.2 and Appendix I. The results o f the characterization
work completed on the Sillimantin and Pormulit tubes are given in Sections 3.7.3
and 3.7.4 respectively.
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3.7.2 Techniques for Ceramic Tube Characterization

3.7.2.1 X-ray Diffraction Analysis

As details o f the ceramic tube composition were not known, x-ray
diffraction techniques were used to identify its principal components. X-ray
diffraction analysis is capable o f both identifying individual materials in a
sample, rather than constituent chemical elements, and distinguishing between
different allotropic forms o f the same substance. The technique has been used
extensively on a wide range o f materials including refractories, ores, alloys and
clays (Cullity, 1978). In the technique a sample is placed in the path o f a
monochromatic beam o f x-ray photons. If photons scattered by the sample
interfere with each other diffraction maxima occur which are the basis for a
distinctive diffraction pattern. The components o f the sample can then be
identified by comparison with known standard patterns (Cullity, 1978; KirkOthmer, 1984).

X-ray diffraction patterns o f the ceramic tube material ground to a fine
powder were obtained using a Phillips x-ray powder diffractometer (see
Appendix I for details). Results were then compared against standards contained
in the Powder Diffraction File database PDF-2 (sets 1-45) o f the International
Centre for Diffraction Data (ICDD).

115

3.7.2.2 Mercury Porosimetry Analysis

In order to determine the porous properties o f the ceramic tube mercury
porosimetry studies were completed. Mercury porosimetry techniques are based
on the capillary rise phenomenon, where an excess pressure is required to make a
non-wetting liquid penetrate into small pores (Allen, 1990). In a mercury
porosimeter the volume o f mercury penetrating the pores o f an evacuated sample
is measured as a function o f applied pressure. If the pores are assumed to be
cylindrical in shape, the relationship between applied pressure and size o f
penetrated pore is expressed by the Washburn equation,

P =^ .C o s 0

(3.5)

rP

where P is the applied pressure, y is the surface tension o f mercury, 0 is the
contact angle and rp is the pore radius (Lowell and Shields, 1984).

Mercury porosimetry data was obtained using a Micromeritics Autopore II
9220 mercury porosimeter. The Autopore II 9220 is a 60000 psia (414 MPa)
mercury porosimeter capable o f operation over a pore diameter range o f 360 to
0.003 pm. For analysis o f the data the manufacturer recommended values for
mercury surface tension and contact angle were used o f 485 dynes cm’1 and 130°
respectively.
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3.7.2.3 Scanning Electron Microscopy

Scanning electron microscopy techniques were employed to obtain a high
resolution image o f the inside and outside surface o f the ceramic tube. Gold
coated samples were examined using the Jeol JSM 6310 electron microscope
(Jeol UK Ltd., Welwyn Garden City) working at magnifications between 1900x
and 13000x.

3.7.2.4 Glass Vessel Apparatus

Permeability tests were completed to identify the flow behaviour o f a gas
passing from the outside to the inside surface o f the ceramic tube. Figure 3.9
shows the flowscheme for the apparatus used to complete these experiments. The
apparatus comprised o f a glass vessel with metal flanged joints at both ends to
allow the fitting and removal o f a ceramic tube. The ceramic tube was connected
to each flange using a single viton o-ring which prevented gas leakage across the
seal. The system was pressurized to the required system pressure by a nitrogen
gas cylinder, whose outlet pressure was controlled by a gas regulator. The system
pressure was measured using a Drallim pressure gauge, while overpressure
protection was provided by a variable pressure non-return valve. This swagelok
fitting, part number SS-4CA-3, was supplied by Bristol Valves & Fittings and
adjusted in use to a cracking pressure o f 0.35 MPa. The differential pressure
across the ceramic tube was measured using a water manometer. The gas flowrate
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was measured and controlled by a KDG Flowmeters nitrogen rotameter, which
had a needle valve on the inlet.

In the experiments nitrogen was passed to the outside of the ceramic tube.
The flowrate through the porous tube to the inside surface was measured,
together with the differential pressure across the tube. This procedure was
repeated over a flow range of 100 to 480 ml minute’1 and with a system pressure
of between 0.1 to 0.25 MPa absolute.
Exit Gas

Rotameter

4

/ Sr

O - r in g

C e r a m ic T u b e
Glass
Vessel

N itr o g e n

V77a

9%r-

>1

Non-return valve

Figure 3.9: Glass Vessel Experimental Apparatus
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Manometer

Control valve

3.7.3 Sillimantin Tube

3.7.3.1 Summary

The Sillimantin 65 ceramic tube was supplied by Multi-Lab Limited
(Newcastle upon Tyne, UK). The tube had an outside diameter o f 20 mm, an
inside diameter o f 15 mm and was supplied in 1000 mm lengths. X-ray
diffraction analysis identified the tube as a mullite based refractory comprised o f
needle like crystals. Mercury porosimetry investigations indicated that pore sizes
within the tube covered a narrow range o f between 1 and 2 pm in diameter,
which was in agreement with the average pore size stated by the manufacturer.
Although the exact pore structure o f the tube was not known, it is likely that the
tortuous network o f pores between the crystals contained some wide voids, with
the limiting restriction in all pathways being approximately 1 to 2 pm. The
2

1

porosity o f the tube was estimated at 29%, with a total pore area o f 0.37 m g' .
Permeability tests for the passage o f nitrogen through the cylindrical shell o f the
tube indicated laminar flow over the range o f conditions investigated.
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3 . 13.2 Datasheet

The following specification details for the Sillimantin 65 ceramic tube
were obtained from the supplier.

Specification

Sillimantin 65

Outside diameter

mm

20

Inside diameter

mm

15

A120 3 content

%

78-80

Water absorption

%

5

g e m '3

2.6

Young’s modulus

G N m’2

80

Flexural strength

MPa

45

1 v -\
mm K

6.1 x 10‘6

K

1673

Density

Thermal expansion 293 - 1273 K

Maximum working temperature

very good

Thermal shock resistance

Average diameter of pores

pm

Table 3.2: Sillimantin 65 Ceramic Tube Datasheet
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1

3.7.3.3 X-ray Diffraction Analysis

Comparison o f the x-ray diffraction pattern for the Sillimantin 65 tube
against standard reference patterns identified mullite and alpha alumina as the
components o f the tube. The x-ray diffraction pattern for the Sillimantin 65 tube
together with standard reference peaks for mullite, alpha alumina and the two
combined is detailed in Figures 3.10, 3.11 and 3.12 respectively. These figures
illustrate the good match obtained between the sample peaks at each diffraction
angle and those for the two reference materials. As highlighted in Figure 3.12
only three small peaks remain uncovered by the reference peak positions. These
peaks were produced by small quantities o f unknown material in the sample.

As the name o f the tube was Sillimantin 65 it might be expected that its
principal component was the mineral sillimanite. Names o f refractory materials
can be confusing, however, as they can derive from either the raw materials used
or the chemical compounds formed during firing (Chandler, 1967). The name
sillimanite is commonly applied to refractories whose major ingredients are the
naturally occurring minerals sillimanite, kyanite or andalusite, all being o f
general composition Al20 3.S i02 (Chandler, 1967). When these materials are
heated to temperatures above 1773 K they form mullite which has a general
composition o f 3Al20 3.2Si02 (Chandler, 1967; Worrall, 1982). As mullite
refractories are made mainly from sillimanite and kyanite, the terms sillimanite
refractory and mullite refractory are sometimes interchangeable (Chandler,
1967). To be classified as a mullite refractory a material must contain 56-79%
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A120 3 (Dodd, 1964; McColm, 1983) as is the case for the Sillimantin 65 tube, see
Section 3.7.3.2. A good mullite refractory should contain an average of 85%
mullite, 3-6% unreacted A120 3 and a glass content no greater than 5% (McColm,
1983). This is in agreement with the x-ray diffraction results which identified
both mullite and alpha alumina. On the basis of the above information together
with the x-ray diffraction data it is concluded that the Sillimantin 65 tube is a
mullite based refractory containing excess alpha alumina, which was initially
fired from the raw material sillimanite, kyanite or andalusite.

Mullite is an important material as it is the only compound of alumina and
silica that is stable at high temperatures (Dodd, 1964). It has an acicular crystal
habit appearing as long needle-like crystals of nearly square cross-section
(McColm, 1983; Worrall, 1982). It is a common constituent in refractories and is
used as a catalyst support material in the fabrication of honeycomb-type
structures (Stiles, 1987).

3.7.3.4 Mercury Porosimetry Analysis

Figures 3.13 and 3.14 show respectively cumulative mercury intrusion
volume and differential intrusion volume against pore diameter for the
Sillimantin 65 tube. These figures show that pore sizes within the tube cover a
narrow range, which assuming circular openings, is between 1 and 2 pm in
diameter. There is some limited mercury intrusion at pore sizes above 2 pm, but
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no mercury intrusion for pore sizes o f less than 0.3 pm. The porosity o f the
sample was calculated to be 29%, with a total pore area o f 0.37 m2 g '1.

The results shown in the figures indicate a uniform pore size throughout
the tube. It is possible, however, that there are interconnecting or “ink bottle”
pores within the structure, where narrow pore inlets lead into wider voids. In this
type o f structure, mercury will only fill the wider part o f the pore when sufficient
pressure is applied to first fill the narrow pore inlet. This means that the pore
intrusion volume associated with the larger void is incorrectly assigned. This
results in a pore size distribution which tends towards the smaller pore diameter
(Allen, 1990).

Experimental limitations in the mercury porosimetry technique can arise
due to non-circular pore structures, compressibility o f mercury and sample cell
with increasing pressure, compressibility o f sample and selection o f inappropriate
contact angle and surface tension values. A correction factor was incorporated to
allow for compression o f the mercury and sample cell. A correction factor for
compressibility o f the sample was not used as sample compression is generally
negligible for materials having a high Young’s modulus e.g. glass > 1 0 GN m'
(Palmer & Rowe, 1974) and the Young’s modulus for Sillimantin 65 is above this
value, see Section 3.7.3.2. As specific information regarding the contact angle o f
the tube material was not available, a value o f 130 degrees was selected for
analysis o f the data as recommended by the mercury porosimeter manufacturer.
A variation o f plus or minus ten degrees in the contact angle was shown to
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increase or decrease respectively the estimated pore diameter o f the tube by only
approximately half a micrometer. Although the pore structure o f any porous
material, including Sillimantin 65, is unlikely to be circular, analysis o f
porosimetry data on the basis o f this assumption is inherent in the technique and
is the generally accepted method.

3.7.3.5 Scanning Electron Microscopy

Plates 3.5 and 3.6 show images attained o f the outside surface o f the tube,
while Plates 3.7 and 3.8 show the inside surface o f the tube. These plates indicate
a similar needle like structure on both surfaces o f the tube, while Plate 3.8 also
shows that the end cross-sections o f these needles are square shaped. These
observations are both in agreement with that for a mullite based refractory, see
Section 3.7.3.3 above.

The pore structure o f the tube comprises o f the gaps between the needles
and is clearly irregular in shape. Although the majority o f spaces between the
needles are in the size range o f 1 and 2 pm, Plates 3.5 and 3.7 show a number o f
larger entrances on both the inside and outside surfaces o f the tube. These larger
pore entrances probably account for the results shown in Figure 3.13 between the
pore diameters o f 100 and 2 pm. In order to examine the uniformity o f the pore
network below the surface o f the tube, a number o f techniques were investigated.
These included using grinding, snapping and freezing to obtain a surface to
examine, and preparing and polishing a resin embedded sample. None o f these

techniques were found to be satisfactory with the sample structure being
corrupted in each case. The uniformity o f the pore structure could not be
determined and consequently the presence o f larger subsurface “ink bottle” pores
cannot be eliminated. It is probable that the structure consisted o f a tortuous
network o f pores containing some wide voids, but with all pathways restricted at
some point to a fairly uniform size equivalent to a pore diameter o f 1 to 2 pm.
This would be consistent with the mercury porosimetry results.

3.7.3.6 Permeability Measurements

The laminar flow o f a single phase fluid through a porous media is defined
by Darcy's law, which is modified for gas flow to allow for compressibility
(Carman, 1956; Bird et al., 1960). For the isothermal flow o f an ideal gas through
the shell o f a porous cylinder, Darcy's law is modified to :

2 .;r.h .K
1
„
.
TI = ------------- . --------------- .Pav.AP
//.R .T ln(r2 / r , )

with

Pav = ™ +Pl)

2

(3.6)

and AP = P , - P .

where n is the molar flowrate, h is the length o f the ceramic tube, K is the
specific permeability, p is the gas viscosity, R is the gas constant, T is the
temperature, r2 is the outside radius o f the tube, rx is the inside radius o f the tube,
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P2 is the pressure on the outside face o f the tube and Pj is the pressure on the
inside face o f the tube.

Therefore for the laminar flow o f nitrogen through a porous ceramic tube

H

=C onstant. AP

(3.7)

P av

Figure 3.15 shows a plot o f ( n / Pav) against AP for nitrogen flow through
the ceramic tube. The single straight line obtained for the experimental results
over the entire average pressure range, indicates that for the conditions
investigated laminar flow dominates the passage o f nitrogen through the ceramic
tube.
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Plate 3.5: Outside Surface of Sillimantin Tube (Magnification 3000x)

Plate 3.6: Outside Surface of Sillimantin Tube (Magnification 6000x)
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Plate 3.7: Inside Surface of Sillimantin Tube (Magnification 3000x)

Plate 3.8: Inside Surface of Sillimantin Tube (Magnification 9000x)
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3.7.4 Pormulit Tube

3.7.4.1 Summary

The Pormulit ceramic tube was supplied by The Brearley Group Ltd.
(Sheffield, UK). The tube had an outside diameter o f 20 mm, an inside diameter
o f 15 mm and was supplied in 1000 mm lengths. X-ray diffraction analysis
identified the tube as a mullite based refractory. Mercury porosimetry
investigations indicated a wider distribution o f pore sizes than that for the
Sillimantin tube, with the majority o f pores in the range 0.8 to 8 pm. This was
confirmed by electron microscopy images which showed a number o f large gaps
on the surface o f the tube. It is not known whether these larger pores are found
throughout the pore structure or occur only on the surface. As expected from the
presence o f these larger pores, the Pormulit tube was found to be more permeable
than the Sillimantin tube. The porosity o f the Pormulit tube was calculated to be
28 %, with a total pore area o f 0.29 m2 g '1.
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3.7.4.2 Datasheet

The following specification details for the Pormulit ceramic tube were
obtained from the supplier.

Specification

Pormulit

Outside diameter

mm

20

Inside diameter

mm

15

A120 3 content

%

70

Water absorption

%

8 -1 0

g e m '3

2.2

MPa

110 -1 2 0

mm’K'1

6.5 x 10'6

K

1873

Density

Flexural strength

Thermal expansion 293 - 1273 K

Maximum working temperature

Table 3.3: P orm ulit C eram ic Tube D atasheet
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3.7.4.3 X-ray Diffraction Analysis

Comparison o f the x-ray diffraction pattern for the Pormulit tube against
standard reference patterns identified mullite and alpha alumina as the
components o f the tube. The x-ray diffraction pattern for the Pormulit tube
together with standard reference peaks for mullite and alpha alumina is given in
Figure 3.16.

3.7.4.4 Mercury Porosimetry Analysis

Figures 3.17 and 3.18 show respectively cumulative mercury intrusion
volume and differential intrusion volume against pore diameter for the Pormulit
tube. It can be seen from Figure 3.17, that the majority o f pores are in the range
o f 0.8 to 8 |xm, which is a wider distribution than that observed for the
Sillimantin tube. The porosity o f the tube was calculated to be 28 %, with a total
pore area o f 0.29 m2 g '1.

3.7.4.5 Scanning Electron Microscopy

Plates 3.9 and 3.10 show images attained o f the inside and outside surface
o f the Pormulit tube. These plates again show a needle like structure on both
surfaces o f the tube. Plate 3.9 clearly shows a significant number o f large gaps on
the surface o f the tube, while Plate 3.10 shows an image o f a typical opening.
W hat can not be ascertained from these plates is whether the large pore sizes
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exist below the surface o f the tube. If they are present throughout the tube, then
the mercury porosimetry data, see Section 3.7.4.4, must be treated with caution as
there is the possibility o f significant error due to the presence o f "ink bottle"
pores resulting in a pore size distribution which favours smaller pore diameters.
In addition errors will be present due to the non-circular structure o f these wider
gaps.

3.7.4.6 Permeability Measurements

Figure 3.19 shows a plot for nitrogen flow through the ceramic tube. As
expected from the presence o f larger pores, the Pormulit tube is more permeable
than the Sillimantin tube, having a lower pressure drop for the same molar
flowrate.
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CHAPTER 4 - NON-CATALYTIC OPERATION

4.1 Introduction

Investigation into the non-catalytic operation o f the ceramic tube reactor
was undertaken with the following objectives:

(1)

To demonstrate the feasibility o f reactor operation at high
temperature and pressure.

(2)

To measure operational parameters and identify operational
problems.

(3)

To investigate reaction rate or mass transfer limitations for a given
set o f conditions.

(4)

To determine kinetic parameters for a model pollutant and compare
performance against previous research.

(5)

To investigate long term operation, focusing on repeatability o f
performance.

(6)

To provide a base case against which to compare catalytic
performance.

This also enabled the performance and operation o f the reactor to be
studied without the complications o f catalyst stability and deactivation.
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4.2 Oxidation of Phenol

4.2.1 Introduction

To investigate the performance of the three phase porous tube reactor,
phenol was selected as a model compound for wet air oxidation study. Phenol has
been subject to numerous previous wet air oxidation studies over a wide range of
operating conditions as summarized in Table 4.1. It is a common pollutant
appearing in numerous chemical and petrochemical waste waters such as those
arising from refineries and coal processing plants (Mishra et al., 1995; Lin and
Chuang, 1994; Kotchetkova et al., 1992). The presence of phenol in waste water
creates treatment difficulties as although it is a food for bacteria in the range 80100 ppm (and therefore suitable for biological treatment), at slightly higher
concentrations, above 200 ppm, it is a bactericide (Pruden and Le, 1976). A
colourless crystalline solid at room temperature, phenol has a characteristic
odour, similar to that of cresols. It is soluble in water, having a solubility of
8.2g/100g H20 at room temperature, and becomes completely miscible at a
temperature above 341.4 K (McKetta, 1976).

The non-catalytic oxidation of phenol has been shown to comprise of an
induction period where the oxidation rate is slow, followed by a steady state rapid
reaction step (Mishra et al., 1995). This behaviour is typical of free radical or
autocatalytic reactions. The length of the induction period decreases with both
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increased temperature and oxygen partial pressure (Willms et al., 1987; Joglekar
et al., 1991), with the majority o f phenol removal occurring in the second rapid
reaction phase. In some instances a third oxidation step has been found towards
the end o f the reaction in which phenol concentration decreases slowly (Helling
et al., 1981; Harris et al., 1983; Willms et al., 1987).

The majority o f mechanisms proposed for non-catalytic wet air oxidation
have been based on free radical chain reactions involving the formation o f
organic hydroperoxides. Free radical chain reactions comprise o f initiation,
propagation and termination steps. The first step is chain initiation in which free
radicals are produced. In the wet air oxidation process radical formation is
initiated by the bimolecular reaction o f oxygen with the organic compound to
form an organic radical (R‘) and a perhydroxyl radical (H 0 2 ), see Equation 4.1
(Emanuel et al., 1980; Li et al., 1991). At high temperatures radical initiation may
occur from the unimolecular decomposition o f either the organic molecule or
oxygen (Tufano, 1993; Mantzavinos et al., 1996). In addition, if the concentration
o f the organic compound is high, it is possible that initiation may occur via a
trimolecular reaction for some organics (Emanuel et al., 1980; Mantzavinos et al.,
1996). In the chain propagation step a free radical reacts with an organic
molecule to form another free radical and a product or intermediate. In the
process the organic radical (R ) reacts with oxygen to form an organic
peroxyradical (ROO ), see Equation 4.2, which can further abstract a hydrogen
atom from the organic compound producing an organic hydroperoxide (ROOH)
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and another organic radical, see Equation 4.3 (Rohrer, 1977; Emanuel et al.,
1980; Li et al., 1991; Mantzavinos et al., 1996). Organic hydroperoxides are
relatively unstable and can undergo unimolecular decomposition to form free
radicals which can initiate new oxidation chains, see Equation 4.4 (Emanuel et
al., 1980; Mantzavinos et al., 1996). In some cases hydroperoxides may
decompose to form molecular products or be involved in a bimolecular
interaction with the original hydrocarbon (Emanuel et al., 1980; Li et al., 1991;
Mantzavinos et al., 1996). The reaction is further propagated by the reaction of
additional radicals with the organic molecule, see Equations 4.5 and 4.6. In the
chain termination step a free radical reacts with another free radical or a
scavenger. This results in the formation of reaction products. Based on elemental
reactions and kinetic data in the literature, Rivas et al. (1997 a,b) proposed a
theoretical model for the wet air oxidation of phenol. Applying this model to
experimental data obtained in a batch reactor, it was found that in the rapid
reaction phase the most significant contributions to phenol removal were from
reaction with organic peroxyradicals and hydroxyl radicals, Equations 4.3 and
4.6.
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RH
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-»

R'

R'

+ O2

—»

ROO'

RH
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ROOH

+

(4.1)
(4.2)
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+ ROOH
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->
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R'

+ H 2O2

(4.5)

+

(4.6)

RH

+

RH

+ OH'

—>

R'

Radical

+ Radical/Wall
/Intermediates

—>

Products

h o 2*

h o 2*

h 2o

(4.7)

As the reaction progresses it becomes increasingly complex as the oxygen
and radicals formed in the process also react with oxidation intermediates. These
parallel reactions with the oxidation intermediates lead to the consumption and
generation of additional radicals, including new organic radicals of differing
activity.

As phenol is destroyed in the wet air oxidation process, intermediates are
formed which are either further oxidized or, if refractory to oxidation, accumulate
in the reactor. For non-catalytic phenol oxidation the formation and accumulation
of carboxylic acids which are refractory to wet air oxidation have been observed
(Baillod & Faith, 1983; Devlin & Harris, 1984). For phenol oxidation at a
temperature of 505 K, Baillod and Faith (1983) identified principally formic and
acetic acid production. Maleic acid and oxalic acid were initially produced
though their concentration decreased with time, while succinic acid, acetone and
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acetaldehyde were also present. Randall and Knopp (1980) also found formic and
acetic acid following oxidation at 593K, while Harris et al. (1983) identified
hydroquinone, catechol, succinic acid and glyolic acid as the major intermediates.
In parallel work completed at the University of Bath, see Figure 1.1, it was found
that acetic acid accumulated in the reactor for oxidation at 473 K, while pbenzoquinone and maleic acid were identified as reaction intermediates
(Kolaczkowski et al. (1997)). Devlin and Harris (1984) proposed a reaction
pathway for the oxidation of phenol by molecular oxygen, as detailed in Figure
4.1. This mechanism incorporates all compounds isolated in their work and
additional compounds consistent with the development of the scheme. For
experiments completed at 473 K and an excess of oxygen, acetic acid, oxalic acid
and formic acid all accumulated in the reactor. Initially measurable quantities of
maleic acid and acrylic acid were produced though the concentration of these
materials fell significantly with time.

For oxidation at high phenol concentrations the formation of polymeric
material was observed by Baillod and Faith (1983). Further Pruden and Le (1976)
found that black viscous tars were produced for experiments in a continuous
system with high phenol concentrations (3.4 % phenol) and long residence times.
They concluded that these were probably partially oxidized polymers. Vortsman
and Tels (1987) also found an increase in the amount of suspended matter in the
exit stream if phenol concentration was high.
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The effect o f pH on non-catalytic wet air oxidation o f organic compounds
is complex, with phenol being particularly dependent on pH. Baillod and Faith
(1983) found a marked increase in degradation rate for phenol and 2chlorophenol when pH was augmented from 4.5 to 9.5, while Chang et al. (1995)
showed the same trend for phenol oxidation when pH was raised from 5.9 to 9
and 10. Shibaeva et al. (1969) found a maximum reaction rate when pH was in
the range 3 to 4 decreasing substantially when pH was lower than 2 or higher
than 4.5. In parallel work completed at the University o f Bath, practically no
phenol conversion was observed for initial pH values o f 2 and between neutrality
and 10, but a faster reaction rate was found when the pH was set above the
dissociation constant o f phenol (pK=9.95) so that phenol in solution was in the
form o f the phenolate ion (Kolaczkowski et al., 1997). Further oxalic acid was
observed as a reaction intermediate at pH 12, though it was not found in
experiments conducted in acidic conditions.

The following series o f experiments investigates the non-catalytic
oxidation o f phenol in the porous tube reactor in accordance with the aims stated
in Section 4.1. All experiments have been completed with the Sillimantin 65 tube
with the exception o f results detailed in section 4.2.11 for which the Pormulit
tube was used. As discussed in the sections on long term reactor operation and
the use o f the Pormulit tube (Sections 4.2.9 and 4.2.11 respectively), the
performance o f the tube at the beginning o f its service life was inconsistent. To
allow investigation into the influence o f operating parameters, such as air
flowrate, temperature, etc., experiments were completed on tubes with service
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lives beyond this period o f inconsistency. In this study these tubes are referred to
as “conditioned tubes” in the text and related figures. Where experiments
investigate the repeated operation o f a single tube over its whole service life, the
tube is referred to as a “single tube” in the text and related figures.
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Investigator

Initial
Concentration
(g/1)

Catalyst
(Y - yes, N - no,
B - both)

Reactor

Source of
Oxidant

Temperature
(K)

Pressure
(MPa)

1.4 -8.9

N

Semi-batch

Oxygen

453 - 483

0.8 - 3.5

Sadana & Katzer,
1974 a

4 -5

Y

Semi-batch

Oxygen

369-419

0.1 -1.0

Pruden & Le,
1976

1.4-3

N

Bubble Column

Air

473 - 523

5.5-15.2 total
pressure

4

Y

395 - 423

0.5 to 1.6

0.02 - 0.47

Y

Spinning
Catalyst
Basket Reactor
Semi-batch
Spinning Basket

Oxygen

394-419

0.5 - 3.0

10

N

Batch

Air

423 - 593

2.5 -10

N

Batch

Oxygen

458 - 503

Shibaeva et al.,
1969

Njribeako et al.,
1978
Ohta et al.,
1980
Randall & Knopp,
1980
Helling et al.,
1981

Table 4,1 : Previous Research into the Wet Air Oxidation of Phenol (1 of 5)

10.4-15.6

Investigator

Baillod & Faith,
1983
Harris et al.,
1983

Initial
Concentration
(g/1)

Catalyst
(Y - yes, N - no,
B - both)

Reactor

Source of
Oxidant

Temperature
(K)

Pressure
(MPa)

5

N

Batch

Oxygen

477 - 533

2 to 2.5

0.01-0.1

N

Batch

Oxygen

448 - 493

9.3

N

Rapid Mixing
Stopped Flow
System
Jet-mixer

Oxygen

423 - 498

20.69 total
pressure

Oxygen +
Hydrogen
Peroxide
Air

413-453

2.6 to 5.0 total
Pressure

503 - 553

11.0-12.0 total
pressure

Devlin & Harris,
1984
Jaulin & Chomet,
1987

1

B

Vortsman & Tels,
1987

1.9-4.7

N

Continuous
Stirred Cell

0.14-0.154

N

Batch

Air

403 - 473

13.8 MPa air

5

Y

Semi-batch
Slurry Reactor

Oxygen

403

0.3

Willms et al.,
1987
Levee,
1990

Table 4.1: Previous Research into the Wet Air Oxidation of Phenol (2 of 5)

Initial
Concentration
(g/1)
0.2

Catalyst
(Y - yes, N - no,
B - both)

Reactor

Source of
Oxidant

Temperature
(K)

Pressure
(MPa)

N

Batch

Oxygen

423 - 453

0.3 to 1.1

0.2

N

Batch

Oxygen

423 - 463

0.2-1.0

Gasso et al.,
1992

N

Jet-mixer

Oxygen

551 -609

10.5 total pressure

Kochetkova et al.,
1992

Y

Rocking
Autoclave

383 - 443

0.4-1.2

Investigator

Joglekar et al.,
1991
Mundale et al.,
1991

Pintar & Levee,
1992 a,b

1.9-9.5

Y

Semi-batch
Slurry Reactor

Oxygen

378 - 403

0.15-1.0

Pintar & Levee,
1994

0 .1-5

Y

Dissolved
Oxygen

423 - 453

1.35 E - 4 - 1.35 E-3
moles/litre

Lin & Chuang,
1994

3

N

Liquid-full
Fixed Bed
Reactor
Semi-batch

Air

423 - 573

total pressure < 10.3

Table 4.1 : Previous Research into the Wet Air Oxidation of Phenol (3 of 5)

Initial
Concentration
(g/1)

Catalyst
(Y - yes, N - no,
B - both)

Reactor

Source of
Oxidant

Temperature
(K)

Pressure
(MPa)

Chang et al.,
1995

1

B

Semi-batch

Oxygen

423 - 503

2.86 - 3.89 total
pressure

Fortuny et al.,
1995

5

Y

Continuous
Trickle-bed

Air &
Oxygen

393 - 433

0.6-1.2

Tukac & Hanika,
1995

5

Y

Batch

Oxygen

383 - 433

2 - 5 total
pressure

Duprez et al.,
1996

5

Y

Batch

Oxygen

473

2.0

Hochleitner,
1996

15

N

Rocking Batch

Oxygen

383 - 497

Lin and Wu,
1996

3

N

Semi-batch

323 - 423

total pressure < 0.5

Tukac & Hanika,
1996

5

Y

Batch

Air +
Hydogen
Peroxide
Oxygen

393 - 433

3 - 5 total pressure

Investigator

Table 4.1 : Previous Research into the Wet Air Oxidation of Phenol (4 of 5)

Investigator

Atwater et al.,
1997
Kolaczkowski et al.,
1997

Initial
Concentration
(g/1)
0.015

Catalyst
(Y - yes, N - no,
B - both)

Reactor

Source of
Oxidant

Temperature
(K)

Y

Continuous
Packed Bed

Oxygen

308 - 338

1

N

Batch

Air

448 - 483

Table 4.1: Previous Research into the Wet Air Oxidation of Phenol (5 of 5)

Pressure
(MPa)

0.2 - 0.8

OH

OH

Phenol
catechol
hydroquinone

o-benzoqumone
p-benzoquinone

I
o
COOH
COOH

COOH
COOH

muconic acid

2,5-dioxo-3-hexenedioic acid

O

O

O

acrylic acid

maleic acid

O

4-oxo-2-butenoic acid

1,4-dioxo-2-butene

VV fin

h o -c -c -c ;
I

I

H H

V’O

3-hydroxy-propanoic acid

succinic acid
HO

x -c -c '

O '

3-oxo-propanoic acid

I
H H
i i

C -C -C -H
I

i

H H

propanoic acid

I
HO.

V

OH

,C-C-cC

CK

V

malonic acid

oxalic acid

HO n V
'c -C -H
° '

O

H

acetic acid

glyoxylic acid

* H20

glyoxal

co2

formic acid

Figure 4.1: Proposed Reaction Pathway for Phenol Oxidation with
Molecular Oxygen (Adapted from: Devlin & H arris, 1984)
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4.2.2 Blank Operation

The operation o f the experimental apparatus was completed in the absence
o f a pollutant to demonstrate reactor performance characteristics. These
experiments were completed using the Sillimantin tube and distilled water. Figure
4.2 shows the variation o f temperature with position and time in the apparatus
during the course o f a typical experiment. The temperature at each position was
recorded every five minutes over an operational period o f three hours. It can be
observed that the temperature o f the bulk liquid (T l) remains reasonably constant
for the duration o f the experiment, at a value o f between 182.4 and 183.2 °C. As
it circulates around the reactor, however, there is a drop in liquid temperature.
From the bulk o f the hold-up vessel to the base o f the re-circulation line there is a
temperature drop o f 1-2 °C, re-circulation line temperature (T2) being between
180.5 and 181.6 °C. From the re-circulation line to the gas/liquid outlet from the
reactor vessel there is a further temperature drop o f about 5 °C, stable gas/liquid
outlet temperature being between 175.6 and 176.1 °C. This temperature drop is
due to the combined effects o f heat losses, heating o f the feed gas and
evaporation o f water to attain the equilibrium vapour pressure in the gas phase.
Over the duration o f the experiment the hold-up vessel and re-circulation line
temperatures remained reasonably constant, as did the gas/liquid outlet
temperature following the initial thirty minutes o f operation during which the
temperature gradually rose by about 1 °C. Based on these three measurements
and the accuracy o f the thermocouples, the liquid temperature range in the reactor
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is 7.7 ± 5 °C. As the temperature varies in the reactor it is necessary to interpret
carefully all calculated kinetic data. The kinetic data values calculated from
experiments completed with the apparatus can be used to compare the
performance of the system against previous research, which has typically been
completed at a constant temperature in a well mixed stirred tank reactor. It should
be noted that all three thermocouples are positioned in regions of flowing liquid,
whereas there are possibly a number of stagnant areas in the reactor. As
temperature varies with position in the reactor an average value is quoted in
experimental data. This value is calculated as the average of the bulk liquid
temperature (T l) and the gas/liquid outlet temperature (T3). Figure 4.3 shows the
variation of differential pressure range across the ceramic tube with time, during
the course of a typical experiment. As the differential pressure across the tube
oscillated over a range of values, that was achieved by observing its variation
over a period of approximately thirty seconds recording the highest and lowest
values. These two values are both plotted in the figure and consequently represent
the differential pressure range across the tube during a typical experiment. The
figure shows that there is a gradual increase in differential pressure over the
course of the run.

To test the long-term stability of tube operation this blank experiment was
repeated, with ten consecutive runs completed with the same tube. As shown in
Figure 4.4, the differential pressure range at the beginning of each run remained
consistently between 0.055 and 0.085 MPa.
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4.2.3 Mass Transfer and Global Kinetics

The overall reaction rate for the non-catalytic oxidation of phenol is
governed by two steps, the mass transfer of oxygen from the gas to liquid phase
and reaction kinetics. The mass transfer of oxygen across the phase boundary can
be considered in terms of the two film theory, where diffusional resistance is
assumed to be concentrated in a thin film either side of the interface beyond
which concentrations are uniform, see Figure 4.5. It is assumed that the two
phases are in equilibrium at the interface.

Bulk Gas

Gas Film

Liquid Film

Bulk Liquid

Ph

Oz , L

interface

Figure 4.5: Concentration of Reactants Based on the Two-film Theory

In steady-state, the two rates of mass transfer are equal:

oxygen mass transfer rate
per unit volume of liquid

oxygen mass transfer
across the liquid film
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oxygen mass transfer
across the gas film

oxygen mass transfer rate
per unit volume of liquid

where a' is the interfacial area per unit volume of liquid, kLis the liquid side mass
transfer coefficient, ko is the gas side mass transfer coefficient, c 02 is the oxygen
concentration, P02 is the oxygen partial pressure and subscripts i, L and G refer to
the interface, liquid and gas respectively.

The global kinetics for wet air oxidation are normally based on the nonelementary reaction between an organic molecule and oxygen, where:

Organic + 0 2 —> Products

(4.9)

This is usually represented by an equation for organic disappearance based
on reactant concentrations in the aqueous phase and a rate constant. The reaction
rate constant is temperature dependent following the Arrhenius law. For the noncatalytic reaction of phenol and oxygen a global rate equation can be assumed as
follows:

dt

Ph

(4.10)

* ^ 0 2

where:
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k'= A • exp (-E / R T)

(4.11)

and t is the time, A is the pre-exponential factor, E is the apparent activation
energy, R is the gas constant, T is the temperature, CPh is the phenol
concentration and m and n are the orders of reaction for phenol and oxygen
respectively.

Previous research has found a reaction order of one for phenol and a value
of either one half or one for oxygen, see Table 4.2. In parallel work completed at
the University of Bath in a batch reactor, see Figure 1.1, the orders for phenol and
oxygen were both calculated to be one at reaction conditions similar to those used
in this study. The values for m and n are consequently set to one in Equation
4.10. As part of this study the reaction orders for both phenol and oxygen were
calculated and are discussed in later sections. The solution to Equations 4.8 and
4.10 depends on whether the reaction occurs in the bulk liquid or in the liquid
film. For slow reactions, such as wet air oxidation, it can be assumed that the
reaction occurs in the bulk liquid. This is substantiated by the use of bubble
columns in commercial processes, see Section 2.2.1, which provide large liquid
hold-ups with adequate interfacial area. Assuming the reaction to occur in the
bulk liquid, the process simplifies to a lumped parameter model with the transport
and reaction resistances acting in series, with:
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oxygen mass transfer
across the liquid film

overall rate of
phenol removal

dC Ph
dt

oxygen mass transfer
across the gas film
= [reaction rate]
expressed as phenol
equivalents

expressed as phenol
equivalents

_

= S.AL.a'(c02 j - C02,l ) = S.*G.a'(P02,0 - P02,i) = *'-CPh.C02,L (4.12)

where S is the stoichiometric ratio o f phenol to oxygen.

For slightly soluble gases such as oxygen in water, the gas phase
resistance can be ignored (Pruden and Le, 1976) and the liquid film resistance
controls mass transfer (Levenspiel, 1972). Based on this and re-arranging the
reduced form o f Equation 4.12, an expression for the unknown bulk
concentration o f oxygen, C02 L, is obtained, where:

£La'.S

(4.13)

,i

C o2>l =

Substituting this value into Equation 4.10, the following expression for the
overall rate o f phenol removal is obtained:

dC Ph
dt

_

1
*'.Cph

+

1

O 2 ,i

k La'.SJ
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(4.14)

For a sparingly soluble gas such as oxygen in water the saturated oxygen
solubility, CQ^ i5 can be estimated using Henry's law, in which:

(4.15)

where H is Henry’s constant and x 02 is the mole fraction o f oxygen in the liquid
phase. Henry's constant is a function o f temperature and for the basis o f this work
it has been estimated using the empirical equation o f Cramer (1980), where:

, r,
o c .n o
5.5897. 104
2.67211. 107
In H = -35.4408 + -----------------------

5.80947. 109
+

4.91667. 1011
—^----- -----------

,A
( 4 .1 6 )

It follows that using Henry's law, Cramer's equation and the assumption
that gas phase resistance can be ignored, a value for saturated oxygen
concentration, C02>i, can be estimated provided the temperature and oxygen
partial pressure are known. In this study it is assumed that the pressure o f carbon
dioxide and other gaseous products is negligible allowing oxygen partial pressure
to be estimated as follows:

(4.17)

Po2 = PT - P

where PT is the total pressure, PN2 is the nitrogen partial pressure and PH20 is the
saturated vapour pressure o f water, see Figure 2.3.
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Reaction Order

Investigator

Pre-Exponential Factor

Activation Energy

Phenol

Oxygen

Shibaeva et al.,
1969

1

1

1.96 x 109 / mol'1 s’1

107

Pruden and Le,
1976

1

1

8.6 x 104 / mol’1 s'1

45.2

Helling et al.,
1981

1

20

Baillod and Faith,
1983

1

33.1

Harris et al.,
1983

1

Jaulin and Chomet,
1987

1

1

(k J . mol'1)

2.64 x 10s s'1

93.3

3.3 x 105 / mol'1 s’1

56.6

Table 4.2: Kinetic Parameters from Previous Research into Non-catalvtic Wet Air Oxidation of Phenol (1 of 2)

Reaction Order

Investigator

Pre-Exponential Factor

Activation Energy

Phenol

Oxygen

Willms et al.,
1987

1

v2

!1.12x10
! o ! n12 /,1/2 mole
, -1/2 s-1

112

Joglekar et al.,
1991

1

1

7.3 x 1041mol"1 s'1

50

Mundale et al.,
1991

l

v2

9.4 x 10“ /‘“ mol‘‘“ s'1

93

Chang et al.,
1995

1

1

1.5 x 10s / mol’1 s’1

113.2

Hochleitner,
1996

1

0

11.11 x 10 s-1

50.6

Kolaczkowski et al.,
1997

l

l

6.6 x 10y / mol"1 s"1

92

(k J. mol"1)

Table 4.2: Kinetic Parameters from Previous Research into Non-catalvtic Wet Air Oxidation of Phenol (2 of 2)

4.2.4 Inert Environment

Experiments were completed in an inert environment o f nitrogen flow to
determine whether phenol was removed by non-oxidation reactions, adsorption or
vapour-liquid equilibrium effects. Willms et al. (1987) have shown that due to the
presence o f organics in the vapour phase, significant errors in results
interpretation can occur if the effects o f vapour-liquid equilibrium are neglected
in the analysis. Depending on physical properties, problems in batch wet air
oxidation studies can occur due to the repartitioning o f volatile species between
the vapour and liquid phases in re-establishing equilibrium following sample
withdrawal or liquid phase reaction (Willms et al., 1985; Willms et al., 1987). In
the semi-batch operation o f the porous tube reactor, further problems can be
encountered due to the stripping o f volatile species into the continuous gas phase,
resulting in non-oxidation removal o f organic species. In the experimental reactor
system a condenser was installed to minimize the loss o f water and volatile
organics via the continuous gas flow. In addition, as phenol has a low volatility
and is very soluble in water, errors due to vapour-liquid equilibrium effects are
minimized (Baillod and Faith, 1983; Willms et al., 1987). As shown in Figure
4.6, for experiments completed at various operating temperatures, pressures and
gas flowrates, no change in phenol concentration was observed over a period o f
up to four hours operation with a flow o f nitrogen. This shows that loss o f phenol
by the above routes is insignificant for the reaction conditions investigated.
Analysis o f subsequent results is based on this.
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4.2.5 Influence of Air Flowrate

As stated previously, see Section 4.2.3, the overall reaction rate for the
non-catalytic oxidation o f phenol depends on both mass transfer o f oxygen from
the gas to the liquid phase and reaction kinetics. As can be seen from Equation
4.14, if mass transfer is significant any change in the overall mass transfer
coefficient (kLa') o f the system will increase the overall reaction rate. As an
increase in the overall mass transfer coefficient (kLa') can be obtained by raising
the air flowrate through the system, see Equations 3.2, 3.3 and 3.4, experiments
were completed over a range o f flowrates to ascertain whether the reaction was
kinetic or mass transfer controlled. The results in Figure 4.7 show that for the
given reaction conditions an increase in air flowrate from 8.3 . 10’6 to 20.0 . 10'6
3

1

m s* (measured at gas conditions o f 298 K and 0.1 MPa) had no noticeable
effect on phenol conversion, therefore, for these conditions the overall reaction
rate is kinetically controlled.

As the overall reaction rate is kinetically controlled with no noticeable
effect due to mass transfer, kLa!» V. CPh and Equation 4.14 is reduced to:

dC
- g - = * '.C Ph.C 02,i

(4.18)

As an excess o f oxygen is maintained at a constant partial pressure in the
reactor, it is assumed that oxygen concentration in the aqueous phase is
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unchanged for the duration o f each experiment. On the basis o f the above,
Equation 4.18 can be integrated to give the following expression:

Q
In—^ = k ' - t
Cph

(4.19)

where:

-(-]

v RT/
k" = A • e vrt;
. C0 ,

(4.20)

2’

and

CPh() is

the initial phenol concentration. Taking a natural logarithm o f each

side o f Equation 4.20 the following expression is obtained:

ln k " = In A + ln C D , - —
2’
R T

(4. 21)

Based on Equation 4.19 a plot o f natural logarithm o f CPho / CPh ] against
time should result in a straight line in the rapid reaction phase if the order for
phenol is one. Figure 4.8 illustrates this plot for a typical experiment. It can be
observed that in the rapid reaction phase, typically between a value for
Cph /C pho

o f 0.75 and 0.2, a straight line plot is obtained confirming the

reaction order for phenol. In subsequent analysis the gradient in this period is
used to calculate k ” , see Equation 4.19.
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4.2.6 Influence of Oxygen Partial Pressure

Experiments were completed to investigate the influence o f oxygen partial
pressure on reaction rate and to confirm the use o f a value o f one for the order o f
reaction with respect to oxygen. The normal procedure for investigating the
influence o f oxygen partial pressure is based on increasing the total pressure o f
the system, while keeping all other parameters constant. The problem with this
method is that total pressure can have an effect on both reaction kinetics and
mass transfer. For example, in the porous tube reactor any variation in total
pressure will influence the proportion o f water in the liquid state, gas hold-up and
the liquid re-circulation rate. In order to overcome this limitation experiments
were completed using gas cylinders containing different compositions o f oxygen
and nitrogen. The use o f gas containing different quantities o f oxygen allowed
operation at varying oxygen partial pressure, but identical total pressure.

Figures 4.9 a, b show the influence o f oxygen gas composition on phenol
conversion for feed gas containing 40, 30, 21 and 10 % oxygen, with the balance
nitrogen. As shown by the slope o f the reaction curve an increase in oxygen
partial pressure has a positive influence on the rapid reaction rate and decreases
the length o f the induction period.

Using the form o f Equation 4.19 to analyze the data o f Figures 4.9 a, b in
the rapid reaction period, a value o f k" for each oxygen partial pressure is
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obtained. As temperature, T, is identical in each case, according to Equation 4.21
a plot o f In k" against ln C 0 { should result in a straight line o f gradient one, see
2’
Figure 4.10. From the slope o f the straight line in Figure 4.10, the global reaction
order for oxygen has been estimated to be 1.0 ± 0.1. This is in agreement with the
majority o f previous work published on phenol oxidation, see Table 4.2, and
confirms the original assumption for n.

For Figure 4.10 values for oxygen solubility have been calculated using
the following procedure.

From Equation 4.17:

% oxygen in the gas feed
')
100

-(p t -

p h 2o

)

(4.22)

As PT = 3.75 MPa and PH 0 = 1.0 MPa, see Figure 2.3, for the 40 % oxygen in
the gas feed:

From Equation 4.16, the value for Henry’s constant, H, is estimated to be 5200
MPa.
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From Equation 4.15:

Po2
1.1 MPa
Xn = — 2. = ------------- = 0.00022
°2
H
5200 MPa

Finally the oxygen solubility is calculated from Equation 4.23:

55.55 . x n
3
2
Oxygen solubility (kmol m ') = ---------------

55.55. 0.00022
,
, ,
Oxygen solubility = ----------------------- = 0.012 kmol m ~
1 0.00022
-
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(4.23)
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4.2.7 Influence of Temperature

A series o f experiments were completed to ascertain the influence o f
temperature on reaction rate and to calculate the kinetic parameters. To
investigate temperature dependence, each experiment needs to be completed with
an identical oxygen concentration in the bulk liquid. This was accomplished by
operating at identical oxygen partial pressures in each case, but different total
pressures due to the dependence o f saturated water vapour pressure on
temperature, see Figure 2.3. As oxygen solubility is also dependent on
temperature, see Figure 2.2, there will be some differences in oxygen solubility
between experiments despite the constant oxygen partial pressure in each case.
These differences were accounted for in the analysis, though due to the low
oxygen partial pressure and narrow temperature range (444 to 464 K) in this
study they were small.

Figure 4.11 shows the influence o f temperature on phenol removal. It can
be observed that an increase in temperature has a positive influence on the rapid
reaction rate and decreases the length o f the induction period. Based on Equation
4.21, a plot o f ln £ " - ln C 0 { against 1/T should result in a straight line of
2*
slope b/r . Figure 4.12 shows a representation o f this plot based on data from
Figure 4.11 in the rapid reaction phase, bulk liquid temperature in the hold-up
vessel and values for saturated oxygen concentration estimated using Henry's
law, see Section 4.2.3. From this plot values o f kinetic parameters for the global
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reaction were calculated to be 75 ± 10 kJ m ol'1 for the apparent activation energy
and 2 . 101 1 m ol'1 s '1 for the pre-exponential factor which is accurate to within a
factor of ten. Data from previous research into the non-catalytic wet air oxidation
of phenol has resulted in a range of values for global kinetic constants, see Table
4.2, with values for activation energy and pre-exponential factor being broadly
split into two main groups of 50 kJ m ol'1 and 1 . 105 I m ol'1 s'1 or 100 kJ m ol'1
and 1 . 108 / m ol'1 s'1. The results from this study are generally in agreement with
the second group of values. It can be concluded that for the oxidation of phenol,
the rapid reaction rate for the three phase porous tube reactor is comparable with
that obtained in previous research.

Some aspects of difficulty in the estimation of global wet air oxidation rate
constants has been discussed by Kolaczkowski et al. (1997). As detailed in
Equations 4.1 to 4.7, the global reaction rate is dependent on a number of
elemental reactions. The relative contribution of each of these elemental reactions
can vary with reaction conditions having an effect on global kinetics. Further at
high phenol to oxygen concentrations the formation of polymers has been
observed contributing to the rate of phenol removal. Oxygen solubility is rarely
measured in wet air oxidation experiments though its value is required when
calculating Arrhenius parameters. Errors can occur in the estimation of saturated
oxygen solubility as it can be altered by the presence of other compounds in the
media (Cramer, 1980), which also influence water and mass transfer properties
such as saturated vapour pressure and the mass transfer coefficient (Gurol and
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Nekouinaini, 1985). In addition, if heterogeneous termination is a route for
radical deactivation, it should be expected that geometry and nature o f the reactor
play a role in the reaction rate (Emanuel et al., 1980).

As well as the removal o f a specific pollutant it is important to know the
extent o f oxidation achieved by the treatment process. Chemical oxygen demand
(COD) is a global parameter indicating the amount o f oxygen required to oxidize
that organic matter in a sample which is susceptible to chemical oxidation. It
follows that the lower the measured value for chemical oxygen demand the
deeper the level o f oxidation achieved by the process. Figure 4.13 shows the
influence o f temperature on removal o f chemical oxygen demand. The graph
shows a similar trend to that seen in Figure 4.10 with an increase in temperature
resulting in a decrease in the length o f the induction period and an increase in the
destruction rate.
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4.2.8 Influence of Concentration

A number of experiments were completed at different initial phenol
concentrations (0.005 to 0.13 kmol m'3) in order to vary the ratio of phenol to
oxygen in the bulk liquid. Based on the saturated oxygen concentration, the ratio
of phenol:oxygen at the start of the reaction was 1.6:1 for the experiment in
which initial phenol concentration was equal to 0.01 kmol m' . This was
increased significantly to values of 16:1 and 21:1 for the experiments with initial
phenol concentrations of 0.10 and 0.13 kmol m'3 respectively. As shown in
Figure 4.14, a slight variation in phenol concentration (0.005 to 0.016 kmol m'3)
had no effect on phenol removal. For experiments completed at high phenol
concentrations, with a distinct lack of oxygen, a change in phenol removal rate
was observed as well as the presence in the liquid samples of significant
quantities of black solid material. This observation is consistent with previous
researchers who have reported the presence of polymeric material at high phenol
concentrations (Baillod and Faith, 1983; Pruden and Le, 1976), see Section 4.2.1.

These experiments illustrate the involvement of phenol in parallel
reactions (in addition to the free radical oxidation mechanism) which result in the
formation of solid material. This solid material is probably polymeric. For the
catalytic oxidation of phenol, Pintar and Levee (1992 a) observed the formation
of a polymeric product which was strongly adsorbed onto the catalyst surface. It
was speculated that polymer formation was due to step-wise addition
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polymerization in the liquid phase, with polymer initiated by reaction between the
partial oxidation intermediate glyoxale and phenol.
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4.2.9 Long Term Reactor Operation

A series o f experiments was completed to determine the suitability o f the
reactor for long term operation and to investigate the repeatability o f
performance. To achieve this an experiment was repeated for a number o f
consecutive runs, with a single ceramic tube and consistent operating parameters
o f feed concentration, temperature, air flowrate and pressure.

Figure 4.15 shows phenol removal with time for each run. As observed by
previous researchers phenol oxidation occurs via two stages, an initial induction
period followed by a second rapid reaction step. Reactor performance is
consistent in the rapid reaction stage as illustrated by the comparable slope o f the
reaction curve in each case. There is considerable discrepancy in the length o f the
induction period, though this follows no observable trend with tube service life.
To illustrate the consistency o f reaction rate in the rapid reaction period, Figure
4.16a shows the rate data from Figure 4.15 with the induction period eliminated.
This is achieved by taking the reaction time in each run to be zero when
CPh /C Pho is equal to 0.75. Based on this a comparison can be made o f the
reaction rate in the rapid reaction period o f each run. For comparison a similar
plot is shown in Figure 4.16b for the influence o f temperature data from Figure
4.11. In this case a clear difference in reaction rate is observed, with as expected
an increase in temperature enhancing the rapid reaction rate.
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At the start of the reaction the solution of phenol in water was clear. As
the reaction progressed the liquid samples became an ever darker shade of brown,
before becoming lighter and eventually clear. This change in colour has been
reported by previous researchers (Helling et al., 1981).

The phenol conversion during the first run is low, with the reaction not
progressing to the second rapid reaction phase. As discussed in Section 4.2.1, the
wet air oxidation of phenol is known to be pH dependent. In parallel work
completed at the University of Bath, practically no conversion of phenol was
achieved when the initial pH was between neutrality and ten (Kolaczkowski et al.
1997). Figure 4.17 shows the variation of pH with time for the experiments in
Figure 4.15. It can be seen that for the first run the pH is initially raised to a value
of between 7 and 8, which based on the findings of Kolaczkowski et al. (1997)
would explain the low conversion in this experiment. Runs 2 and 3 also show an
initial increase in pH, but in these cases it does not prevent progression to the
rapid reaction stage. From Run 4 onwards the variation of pH with time follows a
consistent pattern. During the course of each run the pH of the liquid falls as
phenol is converted to low molecular weight carboxylic acids. Towards the end
of the run there is a very slight increase in pH as a proportion of these acids are
themselves destroyed. The reason for the increase in pH during the first few runs
of tube operation is not known. During the manufacturing process of the original
tube and/or the preparation of the blank tube it may have become contaminated
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due to contact with alkaline wash water. Further it may be due to some process
interaction between the tube and the aqueous solution.

As shown in Figure 4.15, a significant induction period is observed for the
non-catalytic oxidation of phenol, being of the order of one hundred minutes. As
illustrated in sections 4.2.6 and 4.2.7, the induction period is dependent on
temperature and oxygen partial pressure, decreasing with an increase in either
variable. It follows that the length of the induction period must be compared with
research completed at similar conditions. Joglekar et al. (1991) observed an
induction period of comparable length for experiments completed in a batch
reactor at 0.5 MPa oxygen partial pressure. For operation at temperatures of
443 K and 453 K, they observed induction periods of 80-90 and 100 minutes
respectively. In experiments in a batch reactor, Kolaczkowski et al. (1997) found
an induction period of only forty minutes for operation at a temperature of 448 K
and a total pressure of 3.6 MPa. Due to the radical mechanism of phenol wet air
oxidation, the geometry and construction materials of the reactor will influence
kinetics. It follows that reactions involving the wall of the reactor are specific for
each case (Kolaczkowski et al., 1997) and will influence the length of the
induction period. In addition, the operating method and presence of the ceramic
tube may influence the length of the induction period. For example, Sadana and
Katzer (1974 b) investigated the catalytic wet air oxidation of phenol and found
an increase in the length of the induction period with the addition of pure yalumina.
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Figures 4.18 and 4.19 show respectively the variation with time o f
temperature and differential pressure range across the ceramic tube during the
course o f a typical experiment. Sample times are noted on Figure 4.19 as the
removal o f liquid from the system will have caused a process upset having an
effect on differential pressure. These figures illustrate that operation with phenol
solution is comparable with that for distilled water operation, see Figures 4.2 and
4.3.

Figure 4.20a shows the differential pressure range at the beginning o f each
consecutive run. It can be seen that pressure remains constant for the first five
runs and then rises to a value o f around 0.14 MPa by the tenth run. The pressure
then begins to drop reaching a value o f between 0.08 to 0.11 MPa by Run 15.
This variation in differential pressure is in stark contrast to the stable operation
found for the blank tube, see Figure 4.4. It follows that the increase in pressure is
not due to changes in the tube brought about by exposure to the high temperature
and pressure, but must involve the process o f phenol oxidation. On removing the
ceramic tube from the reactor it was found that the inside surface o f the tube was
covered with a light brown material, while the outside surface had a mottled
brown appearance. Plate 4.1 shows the inside and outside surface o f both a used
and a new tube to allow comparison o f this discoloration. This change in colour is
presumably due to the adsorption o f reaction intermediates onto the surface o f the
tube and it is assumed that this is leading to the increase in differential pressure.
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A similar discoloration of catalytic materials has been reported by previous
researchers. Pintar and Levee (1992 b) investigated the catalytic oxidation of
phenol and found a polymeric product strongly adsorbed on the catalyst surface.
In addition, Luck et al. (1995) found a non-adherent light brown powder on a
monolithic catalyst following the oxidation of a mixture of primary and
secondary sludge.

Although the increase in differential pressure with repeated operation
appeared to have no influence on reaction rate, it does place a severe restriction
on the long term operation of the reactor. Specifically the possible continued
fouling of the ceramic tube will eventually result in a deterioration in reactor
performance and ultimately risks the complete blockage of the pores. In the first
series of experiments the differential pressure rose to a maximum and then fell to
a value just above that of the fresh tube. It was, therefore, necessary to repeat the
long term operation experiments with a fresh tube, to ascertain whether continued
fouling of the tube could occur or if the increase in differential pressure always
reaches a plateau as in the first experimental series. The reaction rate and pH data
for this second series of experiments were comparable with those from the first
series (Figures 4.15 and 4.17). Figure 4.20b shows the differential pressure range
at the beginning of each consecutive run for the repeated experiments. It can be
seen that for the first ten runs the results are comparable with those in Figure
4.20a, namely five days for which pressure is constant followed by a rise in
differential pressure to a value of around 0.14 MPa by Run 10. From Run 10
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onwards, however, the differential pressure continued to rise until it reached a
value beyond the range o f the differential pressure indicator. This confirms that
the fouling o f the ceramic tube is a serious restriction to long term operation o f
the reactor when processing phenol solutions.

The physical and chemical stability o f the porous tube in the wet air
oxidation environment was investigated. The mechanical strength o f the tube was
satisfactory as it withstood, without fracture, the repeated operation detailed in
this section. The use o f a scanning electron microscope to examine the surface o f
a used tube, showed some damage to the outside surface, probably due to cyclic
heating and cooling o f the surface during operation. To determine the chemical
stability o f the ceramic tube, liquid samples were analyzed for silicon and
aluminium to identify any losses from the tube during operation. Table 4.3 shows
the quantity o f aluminium and silicon present in the final liquid sample o f each
run. The results for aluminium show only a minor loss o f aluminium from the
tube. The range o f values observed are way outside the optimum range for the
atomic absorption spectrophotometer and therefore no level o f accuracy can be
attached to these readings. Tho loss o f silicon, however, is significant reaching a
value o f 55 mg t l by the end o f Run 1, with for all subsequent runs (2 to 13) the
value remaining consistently around a value o f 25 mg f 1. Figure 4.21 shows the
loss o f silicon and aluminium with time for the duration o f Runs 1 and 5. In both
cases the quantity o f aluminium remains virtually unchanged, while the
concentration o f silicon increases with time. It should be noted that as the
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reaction progresses the total liquid volume decreases with each sample taken. It
follows that any loss o f silicon or aluminium following sample withdrawal will
be dispersed into a smaller liquid volume. This results in a slightly greater
increase in metal ion concentration than if it had been lost prior to the sample
being taken.

Although the ceramic tube has demonstrated adequate mechanical strength
it loses silicon which is displaced into the liquid effluent during each run. The use
o f pure alumina tubes should be investigated to eliminate this problem.
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Run

Time
(minutes)

Silicon
(mg r')

Aluminium
(mg r 1)

1
2

248
225

55
25

3
2

3

225

21

1-2

4

222

21

1

5

240
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1
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4
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31

2

Table 4.3: Loss of Silicon and Aluminium from the Sillimantin Tube
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Used Tube

New Tube

Plate 4.1: Comparison of Inside and Outside Surfaces of a Used and New Ceramic Tube
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4.2.10 Tube Regeneration

4.2.10.1 Introduction

It has been shown that the fouling o f the ceramic tube and the consequent
increase in differential pressure is a significant operational problem limiting both
the service life o f the tube and long term operation o f the reactor. In order to
ameliorate this problem attempts were made to regenerate a used tube using
thermal treatment and acid washing techniques.

4.2.10.2 Thermal Regeneration

To thermally regenerate a used tube, it was placed in a furnace at 773 K
for a period o f three hours. This thermal treatment resulted in the removal o f the
light brown material from the tube.

Figure 4.22 shows phenol removal with time for consecutive runs
completed with the regenerated tube. The performance o f the regenerated tube is
consistent with that observed with the fresh tube (Figure 4.15). The phenol
conversion during the first run is again slow, though the reaction does eventually
progress to the rapid reaction phase. Figure 4.23 shows the variation o f pH with
time for the experiments in Figure 4.22. Run 1 again shows an initial increase in
pH, with pH only beginning to fall after 100 minutes. The size o f the pH increase,
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however, is not significant compared with that experienced for the fresh tube
(Figure 4.17). This implies that there may be additional factors involved in the
low phenol conversion found for the first run. For all subsequent runs the
variation of pH with time follows

4

consistent pattern.

Figure 4.24 shows the differential pressure range at the beginning of each
consecutive-run for the thermally regenerated tube. Thermally regenerating the
tube has resulted in a considerable drop in the differential pressure compared
with the final value for the used tube. The initial differential pressure is not as
low as that for a fresh tube. However, it is comparable with that obtained when
Run

6

for the fresh tube was performed. It is from this point that previously the

differential pressure was found to increase rapidly with use. The same trend was
experienced with the thermally regenerated tube, with the differential pressure
reaching a value of 0.21 MPa by the sixth experiment.

Figure 4.25 shows the loss of silicon and aluminium from the regenerated
tube with time for the duration of Run 1. This shows that the quantity of
aluminium and silicon removed from the tube is consistent with that observed for
the fresh tube.
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4.2.10.3 Nitric Acid Regeneration

In commercial wet air oxidation processes the build-up o f scale on
equipment surfaces requires removal using nitric acid washing, see Sections 2
and 2.2.3. Nitric acid washing was therefore investigated as a method o f ceramic
tube regeneration. A used ceramic tube was placed in a solution o f 38 % by
volume nitric acid for three days. The regenerated tube was then washed in
distilled water, until the pH o f the wash water was no longer acidic, and dried in
an oven at 373 K. The light brown material was removed by this treatment
process.

In contrast to the results for both the fresh and thermally regenerated tube,
the performance o f the nitric acid regenerated tube was acceptable during the first
run with no increase in pH. This is presumably due to the acid treatment. Figure
4.26 shows the differential pressure range across the nitric acid regenerated tube
at the beginning o f each consecutive run. The initial differential pressure range in
Run 1 is again significantly less than the final value for the used tube, but higher
than that for a fresh tube. The differential pressure once more rises rapidly with
use.
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Figure 4.26: Experiments with Phenol Solution - Variation of AP Range across the Nitric Acid Regenerated Tube with each Run
Conditions: air flowrate 8.3 .106m3s 1(at 298 K, 0.1 MPa), Tav453 K, PT 3.75 MPa, CPho0.01 kmol nr3, single tube.

4.2.10.4 Conclusion

The two methods o f tube regeneration have only been a partial success.
While successfully removing the light brown material from the ceramic tube and
significantly reducing the pressure drop across it, in both cases the differential
pressure o f the regenerated tubes is still slightly higher than that o f a fresh tube,
with the differential pressure rising rapidly with use. As tube regeneration may be
an important factor in the economic development o f the reactor additional work
should be completed in this area. This work should investigate the following
areas:

- Are further improvements in tube regeneration attainable or is the
process limited due to irreversible changes to the tube ?
- Tube regeneration in situ.
- The significance o f service life between regenerations.
- The influence o f regeneration parameters such as temperature and
acid strength.
- Identify and investigate alternative methods o f tube regeneration.
- The influence o f pore size distribution.
- The use o f alternative materials for the tube surface.
- The presence o f a catalyst on the surface o f the tube.
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4.2.11 Pormulit Tube

To investigate the influence of permeability on long term operation and
repeatability of performance a series of experiments was completed using the
Pormulit tube. As discussed previously in Section 3.7, the Pormulit tube is more
permeable than the Sillimantin 65 tube which has been used in the previous
experiments. As shown in Figures 4.27 and 4.28, the reaction rate and variation in
liquid pH for the Pormulit tube were comparable with those observed for the
Sillimantin tube, see Figures 4.15 and 4.17 for comparison. For the Pormulit tube,
phenol conversion for the first run was low, which again coincided with an initial
increase in the liquid pH. As shown in Figure 4.27, however, the reaction rate in
Runs 2 and 3 was significantly faster than that observed for all subsequent runs,
Runs 4 to 22. A similar trend has been found in some cases for experiments
completed with the Sillimantin tube. Possible explanations for these high initial
rates would be catalytic activity of the blank tube or enhanced reaction rate due to
the removal of competitive reaction intermediates from the bulk liquid as they are
adsorbed onto the tube. This underlines the importance of conditioning the tube,
as discussed in Section 4.2.1, before investigating the influence of operating
parameters.

Figure 4.29 shows the differential pressure range at the beginning of each
consecutive run. As expected for the more permeable Pormulit tube, the
differential pressure across it is considerably lower than that for the Sillimantin
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tube. Although there is a slight trend over the first sixteen experiments o f
increasing pressure with each run, this rise is not significant. From Run 16
onwards, however, the differential pressure rose rapidly, before falling towards
the end o f Run 19. For subsequent runs, 20 to 22, the differential pressure was
lower than that for the fresh Pormulit tube. The Pormulit tube was found to be
difficult to machine, especially when preparing a smooth finish at its ends for
sealing against the o-ring. The lower pressure drop across the tube at the end o f
this series o f experiments is due to the failure o f one o f these o-ring seals. On
removing the Pormulit tube from the reactor it was found to be fouled due to a
light brown material adsorbed on its surface, though it was operated for sixteen
consecutive runs before the differential pressure began to rise significantly. This
is an improvement over the Sillimantin tube which only completed eight runs
with a constant initial differential pressure range.

The loss o f silicon and aluminium from the Pormulit tube was comparable
with that observed for the Sillimantin tube. As shown in Table 4.4, the loss o f
silicon is again considerably higher than that for aluminium, reaching a value o f
61 mg T1 for the first run, being half this for Run 2, and then remaining
consistently around a value o f 20 mg T1 for all subsequent runs. Figure 4.30
shows the loss o f silicon and aluminium with time for the first run.
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Run

Time
(minutes)

Silicon
(mg r 1)

Aluminium
(mg rx)

1

61
35

2

2

230
136

3

145

14

1 -2

4

170

14

1 -2

5

180

15

2-3

7

185

18

3

11

180

18

1 -2

15

185

18

2-3

18

180

21

1 -2

22

173

25

2-4

3

Table 4.4: Loss of Silicon and Alum inium from the P orm ulit Tube
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4.3 Alternative Pollutants

4.3.1 Introduction

As discussed in Section 4.2.9, the wet air oxidation o f phenol has resulted
in the adherence o f a light brown material on the surface o f the tube and an
increase in differential pressure across it. These operational problems limit both
the service life o f the tube and long term operation o f the reactor. In an attempt to
avoid problems o f tube fouling, experiments were completed into the destruction
o f the organics glyoxylic acid and maleic acid. These compounds were selected
for further study as they are both proposed reaction intermediates o f phenol
oxidation, see Figure 4.1, but appear in the later stages o f the phenol reaction
pathway. It was hoped that by starting lower down the destruction pathway, the
formation o f intermediates responsible for fouling could be avoided.
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4.3.2 Glvoxvlic Acid

Figure 4.31 shows the removal o f chemical oxygen demand with time for
the wet air oxidation o f glyoxylic acid. The initial glyoxylic acid solution was
clear, but during the course o f each experiment a yellow/orange solid deposit was
observed, suspended in the liquid samples. From Figure 4.31 it can be observed
that chemical oxygen demand (COD) removal is initially very fast with a 65 %
reduction within the first thirty minutes. Following this initial fast reaction, COD
removal is small with only a slight further decrease over an extended period of
operation. Shende and Mahajani (1994) investigated the non-catalytic oxidation
o f glyoxylic acid in a batch reactor and found a similar two step reaction. For an
experiment completed at 448 K and 0.69 MPa oxygen partial pressure, they
found a 60 % decrease in COD after thirty minutes. The performance o f the three
phase porous tube reactor is therefore comparable with their results. It should be
noted that no induction period was observed for the oxidation o f glyoxylic acid.

Figure 4.32 shows the differential pressure range across the ceramic tube
at the beginning o f each consecutive run for glyoxylic acid oxidation. As can be
seen from the figure the differential pressure again increased from the seventh
run onwards. On removal o f the tube from the reactor it was found to be slightly
discoloured having an orange hue.
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Figure 4.32: Experiments with Glvoxvlic Acid Solution -Variation of A P Range across the Sillimantin Tube with each Run
Conditions:

air flowrate 8.3 . 10 6 m3 s 1 (at 298 K, 0.1 MPa), Tav 453 K,
PT 3.75 MPa, initial glyoxylic acid concentration 0.08 kmol nr3, single tube.

4.3.3 Maleic Acid

Figure 4.33 shows the removal o f maleic acid for a series o f consecutive
experiments completed using the same ceramic tube at identical operating
conditions. The maleic acid solution was initially clear and remained clear for the
duration o f each experiment. As shown in Figure 4.33 no induction period was
observed for maleic acid removal, with 90 % conversion within sixty minutes
operation. It can be observed from Figure 4.34 that the pH increased with time.
This observation is consistent with the destruction o f acid as the reaction
progresses.

As shown in Figure 4.33, the removal o f maleic acid in an inert
environment was significant, with a 50 % reduction in concentration after a
period o f sixty minutes. It was, therefore, necessary to determine whether this
was due to non-oxidation reactions, adsorption or vapour-liquid equilibrium
effects. If maleic acid removal in an inert environment was due to either
adsorption or vapour-liquid equilibrium effects a reduction in COD would be
expected. If it was due to non-oxidation reactions no change in COD would be
found, provided the reaction products undergo chemical oxidation. Figure 4.35
shows the variation o f COD removal with time in an inert environment and
oxidizing environment. It can be observed that within the accuracy o f
experimental error, no reduction in COD was found in an inert environment over
the sixty minute period. It follows that the removal o f maleic acid in an inert
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environment is due to non-oxidation reactions, with losses due to adsorption and
vapour-liquid equilibrium effects being insignificant. The non-oxidation reactions
o f maleic acid involve the formation o f its isomer fumaric acid. Non-oxidation o f
maleic acid will also play a role in the oxidizing environment experiments.

Figure 4.36 shows the differential pressure range across the ceramic tube
at the beginning o f each consecutive run for maleic acid oxidation. It can be
observed that the differential pressure range at the beginning o f the run remained
consistently within a range o f 0.05 to 0.09 MPa for the period o f ten consecutive
runs. For the fresh tube, Runs 1-7, the differential pressure range also remained
reasonably constant over the duration o f each experiment with only a slight
increase in differential pressure with time. From Run

onwards, however,

8

although the initial differential pressure range was comparable with that for a
fresh tube, its value started to increase rapidly with time as the experiment
progressed. For example after a period o f sixty minutes operation, the differential
pressure range for Run 1 was 0.077 to 0.083 MPa, for Run

6

it was 0.06 to 0.08

MPa, for Run 7 it had slightly increased to 0.087 to 0.094 MPa, but by Run 10 it
was up to 0.1 to 0.12 MPa. Further investigation is therefore required to
determine the long term stability o f the tube when processing maleic acid
solutions.

Figure 4.37 shows the influence o f temperature on maleic acid removal,
with temperature having a positive effect on conversion. Figure 4.38 shows the
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variation o f pH with time for each o f the operating temperatures in Figure 4.37.
The results detailed in Figure 4.38 follow a logical trend with the increase in pH
being more pronounced at higher operating temperatures due to the larger
conversion o f acid. Figure 4.39 shows the corresponding COD removal for each
temperature. The influence o f non-oxidation reactions is probably significant at
the lower temperatures as the COD removal is low, despite significant maleic
acid removal.

4.3.4 Conclusion

The ceramic tube reactor has been successfully used to remove glyoxylic
acid and maleic acid from an aqueous liquid, with the destruction o f glyoxylic
acid being at a rate comparable with previous research in a batch reactor. Long
term operational problems were experienced for both pollutants due to an
increase in the differential pressure range across the tube.
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4.4 Summary

This study into the non-catalytic operation of the ceramic tube reactor has
shown that the design of the system is technically feasible for operation up to
473 K and 4.2 MPa. The reactor has been used successfully for the wet air
oxidation of aqueous solutions containing phenol, glyoxylic acid or maleic acid
as model pollutants. In the case of phenol, calculated kinetic parameters for the
rapid reaction phase were comparable with previous research.

Repeated operation of the system with the same ceramic tube results in an
increase in differential pressure across it, which places a restriction on the long
term operation of the reactor. In the case of phenol a light brown material is
adsorbed onto the surface of the tube. Although this material can be removed by
either thermal treatment or acid washing, only partial regeneration of the tube
was achieved, resulting in a rapid increase in differential pressure on re-use. The
operation of the reactor with a more permeable ceramic tube facilitated operation
at a lower differential pressure and for a longer period of time before fouling of
the tube once again led to a significant rise in the differential pressure across it.

The fouling of the ceramic tube is a significant problem which will need to
be overcome at an early stage in the development of the reactor. Further the effect
of using a catalyst needs to be investigated. The influence of a catalyst may be
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significant as catalytic activity occurs on the surface o f the tube and may have an
effect on reaction intermediates.
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C H A PT E R 5 - CATALYTIC O PERA TIO N

5.1 Introduction

In this chapter the catalytic operation o f the three phase porous tube
reactor is investigated. In developing preparation methods for depositing a
catalyst onto the surface o f the tube, it is essential to produce a final catalyst that
is not only active, but also stable and durable. In comparison with non-catalytic
operation an effective wet air oxidation catalyst can be used to enhance the
overall reaction rate, attain adequate reaction rates at lower operating
temperatures and destroy intermediates refractory to non-catalytic oxidation. The
service life o f a catalyst, however, is limited by any decrease in activity with use.
Catalyst deactivation can occur due to poisoning o f active sites or fouling o f the
catalyst surface following deposition o f reaction intermediates. In the reaction
conditions typical o f wet air oxidation, catalyst deactivation can also occur due to
the dissolution o f active component into the hot acidic liquid phase (Levee and
Pintar, 1995).

For the investigation o f commercially available catalysts, difficulties in
results interpretation due to catalyst deactivation can usually be overcome by
using fresh catalyst in each run. This ensures consistency o f catalyst loading and
position in each experiment, facilitating investigation into reaction kinetics. For
the porous tube reactor, the use o f a fresh catalytic tube in each run is not a viable
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solution, as consistency in catalyst loading and position cannot be guaranteed.
Further, the preparation o f a fresh tube for each experiment would be uneconomic
and purposeless as the development o f any commercially viable catalytic wet air
oxidation system requires a catalyst that avoids rapid deactivation. To investigate
the specific performance advantages and disadvantages o f the catalytic tube
reactor, it is therefore necessary to identify a catalyst which attains consistent
operation over a number o f consecutive runs.

Investigation into the catalytic operation o f the ceramic tube was
undertaken with the following objectives.

(1)

To identify an effective catalyst which in comparison with noncatalytic operation shows two advantages:
(i) enhanced reaction rate at identical temperature, and
(ii) acceptable reaction rates at lower operating temperatures.

(2)

To investigate long-term operation and develop a stable and durable
catalytic tube.

(3)

To investigate the operating range o f reaction rate or mass transfer
limitations to identify possible advantages o f the reactor.
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5.2 Catalytic Oxidation of Phenol

5.2.1 Introduction

Phenol has been subject to numerous previous catalytic wet air oxidation
studies as summarized in Tables 4.1 and 5.1. It can be seen from Table 5.1 that
the majority o f heterogeneous catalytic studies have been completed using
supported copper oxide catalysts. Sadana and Katzer (1974 a,b), Njribeako et al.
(1978 b), Ohta et al. (1980) and Fortuny et al. (1995) have all investigated the
catalytic oxidation o f phenol using Harshaw Cu 0803 T, 10 % CuO on y-alumina
catalyst. In semi-batch reactor studies Sadana and Katzer (1974 a) found the
oxidation rate to exhibit a pronounced induction period followed by a rapid
reaction step. If the catalyst was re-used for a further run the induction period was
shorter and catalytic activity increased in the rapid reaction phase. Sadana and
Katzer (1974 b) proposed a heterogeneous-homogeneous free radical mechanism
with initiation on the catalyst surface, propagation in the homogeneous phase and
termination in both. Although the concentration o f copper in the aqueous phase
was not measured in their original work, in later correspondence (Sadana, 1978)
it was reported that the dissolution o f copper from commercially available
catalysts resulted in cupric ion concentrations o f as high as 100 mg f 1. In studies
completed in a semi-batch spinning basket reactor, Ohta et al. (1980) also
observed a significant induction period for the fresh catalyst, though there was
almost no induction period for the second run with all subsequent experiments
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being between the two. For ten consecutive experiments completed with
cylindrical pellets, equivalent spherical diameter 0.318 cm, consistent catalytic
activity was observed from the third run onwards. When a series of experiments
was completed with granular particles (average equivalent spherical diameter
0.019 cm). However, catalyst activity was not stable with progressive
deactivation of the catalyst from the fourth run onwards. Investigating the
performance of two commercially available supported copper oxide catalysts in a
continuous trickle bed reactor, Fortuny et al. (1995) observed a diminishment in
catalyst activity before reaching stable operation after 48 hours. For an
experiment completed at 413 K, the Harshaw catalyst reached a phenol
conversion of 80 %, but after 48 hours operation this had declined to a value of
40 %. The activity of the Harshaw catalyst then slowly declined to reach a
conversion of approximately 32 % after 216 hours of continuous operation.
Studies using the Topsoe LK-821 catalyst, initially achieved a 100 % phenol
conversion, but this was reduced to 25 % after 48 hours of continuous operation.
In the work of both Ohta et al. (1980) and Fortuny et al. (1995), the cupric ion
concentration was not measured, so the extent and significance of catalyst
deactivation due to leached copper was not known. At an operating temperature
of 423 K, however, Njribeako et al. (1978 b) found that copper was leached from
the Harshaw catalyst, with the homogeneous catalytic component of the reaction
attributable to cupric ion being approximately
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% of the total reaction rate.

Njribeako et al. (1978 a,b) investigated the effectiveness of a copper oxide
supported on silica catalyst in a spinning basket reactor. They observed that
copper was leached out of the catalyst and estimated that the homogeneous
catalytic component of the reaction attributable to cupric ion was as high as 40 %
of the total reaction rate. Typically a cupric ion concentration of 200 mg T1 was
found in solution at the end of each run, this was equivalent to a sixth of the total
copper content in the fresh catalyst. Investigating a copper oxide on y-alumina
catalyst, Kotchekova et al. (1992) also observed a loss of copper from the catalyst
with a cupric ion content in the treated aqueous solution of between 60 to
150 mg r 1. The activity of the catalyst was reduced by a factor of 1.5 after five to
seven runs.

Catalyst deactivation due to product adsorption was found by Pintar and
Levee (1992 a) when investigating the catalytic oxidation of phenol in a semi
batch slurry reactor. They used a commercially available catalyst which originally
comprised of 42 wt.-% of CuO, 47 wt.-% of ZnO and 10 wt.-% of AI2 O 3 . The
catalyst was pre-treated for 2 hours at 1133 K in an oxygen stream, which
resulted in a catalyst containing approximately 16 wt.-%. of ZnAl2 0 4, 60 wt.-%
of CuO and 24 wt.-% of ZnO. In their studies a polymeric product was formed
which was strongly adsorbed to the catalyst surface. It was speculated that
polymer formation was due to step-wise addition polymerisation in the liquid
phase, with the polymer initiated by reaction between the partial oxidation
intermediate glyoxale and phenol. The activity of the catalyst was consistent for
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two consecutive runs, but in the third catalyst deactivation occurred primarily due
to polymer formation on the catalyst surface. In addition, the catalyst was
deactivated due to the leaching o f copper which reached a concentration in the
liquid o f 75 mg t x. A polymeric product was also found on the catalyst surface
when aqueous solutions o f pure 2,5-cyclohexadiene-l,4-dione and pure glyoxale
were oxidized.

From previous research into the catalytic wet air oxidation o f phenol it is
concluded that although supported copper oxide is an effective heterogeneous
catalyst the service life o f these catalysts is limited due to the dissolution o f
copper into the aqueous phase. As copper salts are known to be particularly
effective homogeneous catalysts (Mishra et al. 1995), it is assumed that the
presence o f leached cupric ions in the aqueous phase will enhance the overall
reaction rate. It follows that when assessing the activity o f heterogeneous copper
oxide catalysts it is necessary to account for the contribution o f leached cupric
ion as a homogeneous catalyst. In addition, the presence o f copper in the final
liquid effluent necessitates a further process step to remove it from the final
effluent (Mishra et al., 1995). Despite the limitations o f supported copper oxide
catalysts for the oxidation o f phenol, its use in the majority o f previous research
makes it a logical starting point for investigating the catalytic performance o f the
porous tube reactor. A copper based ceramic tube was therefore prepared for use
in the reactor, see Section 3.6.2.2.
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In the development o f heterogeneous wet air oxidation catalysts which do
not readily dissolve into the acidic reaction media, the use o f precious metals
such as platinum, palladium and ruthenium has been investigated (Gallezot et al.,
1997), see Section 2.2.7. For the wet air oxidation o f phenol, Duprez et al. (1996)
studied the catalytic activity o f a 1 wt.-% platinum on cerium oxide catalyst. For
experiments completed at a temperature o f 443 K and an initial phenol
concentration o f 2.12 g f 1, a 90 % reduction in phenol concentration was
observed after three hours operation. Higashi et al. (1991) studied the removal o f
phenol in the presence o f a 5 % platinum on alumina catalyst. At an operating
temperature o f 423 K and an initial phenol concentration o f 1 g f \ they observed
the complete decomposition o f phenol after eighty minutes. In addition,
Chowdhury and Ross (1975) investigated the wet air oxidation o f strong waste
waters from a brewery and found platinum oxide (P t0 2) to be the most effective
heterogeneous catalyst in their study. Platinum was therefore selected as the
precious metal catalyst in this study, with catalytic tubes o f both platinum and
platinum oxide being prepared for use in the reactor. Details o f the preparation
methods are given in Section 3.6.2.3 for platinum oxide and 3.6.2.4 for platinum.
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Investigator

Catalyst

Reaction Order
Phenol
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Sadana & Katzer,
1974

10 % CuO on y alumina, 140 m2/g
(Harshaw Cu 0803 T)

Njribeako et al.,
1978

10 % CuO on a silica carrier, dp 0.2-0.4
mm (Girdler T-1506)

Ohta et al.,
1980

10 % CuO on y alumina, dp 0.2-3.2 mm,
140 m2/g (Harshaw Cu 0803 T)

Jaulin & Chomet,
1987

3.5 % CuO, 38 % Cr20 3, 10 % BaO,
dp = 1.6 mm

Levee,
1990

42 % CuO, 47 % ZnO & 10 % A120 3,
60-100 mesh

Kochetkova et al.,
1992

CuO/y alumina, MnO/y alumina, Bi/Fe,
Bi/Sn, Ag on pumice, Co on pumice, AP64, GIPKh-105B, GIPKh-108, 0.6-lmm

i

0.44

Pre-Exponential Factor

Oxygen

( k J . mol'1)

v2

0.55

dp < 0.06 mm 176
dp = 0.4 mm 100

0.47 mol03" cm ™ atm'0'55
g-°40 s-i

1

Activation Energy

1

Table 5.1: Kinetic Parameters from Previous Research into Catalytic Wet Air Oxidation of Phenol (1 of 3)

85

53.6

Investigator

Pintar & Levee,
1992 a, b
Pintar & Levee,
1994
Chang et al.,
1995
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Fortuny et al.,
1995
Tukac & Hanika,
1995
Duprez et al.,
1996

C atalyst

42 % CuO, 47 % ZnO & 10 % A120 3,
dp < 0.075 mm, 11.1 m2/g
(Sud-Chemie AG)
42 % CuO, 47 % ZnO & 10 % A120 3, (i)
dp = 0.06 mm, 14 m2/g (ii) dp = 0.6 mm,
12.5 m2/g (Sud-Chemie AG)
CuS04 homogeneous
Co20 3 heterogeneous
Mn02 heterogeneous
10 % CuO on y alumina, 20-50 mesh
(Harshaw Cu 0803 T)
CuO on Si02-Mg0-CaC03 support (30 %
Cu), dp < 0.25 mm
(Cherox 46-11)
5 wt % Ru, Pt or Rh on titania (100
m2/g),ceria (200 m2/g) or active carbon
(900 m2/g). Mn/Ce composite oxide.

Reaction O rder

Pre-E xponential Factor

A ctivation Energy

Phenol

Oxygen

( k J . m o l1)

i

'/4

84

LangmuirHinshelwood
1
1
1

1
1
1

5.9 x 105 / m ol1s'1
9.5 x 106 / mol'1s'1
4.0 x 107 / mol'1s'1

■

i

Table 5.1: Kinetic Param eters from Previous Research into Catalytic Wet Air Oxidation of Phenol (2 of 3)

85.2
96.3
104.5
85

P = 2.0 MPa, E= 162
P = 5.0 MPa, E = 80

Investigator

Tukac & Hanika,
1996
Atwater et al.,
1997

Catalyst

Active carbon black Chezacarb XE2 SH
(0.08 % V, 0.25 % Ni and 0.16 % Fe), dP
= 0.5 mm, 950 m2/g(Chemopetrol Group)
5 wt % Ru and 20 wt % Pt on activated
carbon

Reaction Order
Phenol

Oxygen

i

v2

i

Pre-Exponential Factor

Activation Energy
(k J .

mol'1)

94 x 10J l vi mol'1" s'1

28

6.17 x 104 s"1

33.8
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Table 5.1: Kinetic Parameters from Previous Research into Catalytic Wet Air Oxidation of Phenol (3 of 3)

5.2.2 Copper Oxide Catalyst

As copper oxide supported catalysts have been the subject o f the majority
o f previous studies into the catalytic wet air oxidation o f phenol, a copper based
catalytic ceramic tube was prepared for use in the reactor. The results o f three
consecutive experiments using this tube are given in Figure 5.1, which shows that
in each run a 98 % removal o f phenol was achieved after less than twenty five
minutes operation. This considerable enhancement in performance with the
catalytic tube shows two distinct improvements over non-catalytic operation.
Firstly, the catalytic reaction proceeds without any noticeable induction period,
while secondly the reaction rate is faster than that observed in the rapid reaction
phase o f non-catalytic operation. After leaving the liquid samples to settle, some
solids were found in the samples taken towards the end o f each run. This
observation is in agreement with the work o f Ohta et al. (1980) who observed the
presence o f blackish brown precipitates in samples taken after the reaction time
exceeded thirty minutes.

The concentration o f cupric ion in each liquid sample was measured to
investigate the stability o f the catalyst. As shown in Figure 5.2 a considerable
quantity o f copper was leached into the aqueous phase in all three runs. The
concentration o f cupric ion in the liquid initially increases with time, but then
falls towards the end o f the reaction period. This apparent drop in cupric ion
concentration is due to its presence in the blackish brown precipitates found in
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these samples. Further, when considering the concentration o f cupric ion in the
solution, it should be remembered that as the reaction progresses the total liquid
volume decreases with each sample taken. It follows that any copper that leaches
into the liquid following sample withdrawal will be dispersed into a smaller
liquid volume. It will consequently give a greater increase in cupric ion
concentration than that o f the same mass o f copper leached prior to the sample
being taken. Further by the end o f the third run the differential pressure across the
ceramic tube was beginning to rise. If this is due to adsorption o f intermediates
onto the tube, as in the non-catalytic case, this will have resulted in fouling o f the
catalyst.

From these results it can be seen that although the copper oxide catalyst is
effective, it is not stable with copper being leached into solution. These results
are in agreement with previous researchers who have found commercially
available copper catalysts to be unstable in a wet air oxidation environment.
Further catalytic work was therefore completed with precious metal based
catalysts.
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5.2.3 Platinum Oxide Catalyst

A ceramic tube was loaded with platinum oxide in an attempt to produce a
stable catalyst for which the active component is not leached into the aqueous
phase. The results o f eight consecutive runs using the platinum oxide catalytic
tube A (0.7 % wt. platinum) are given Figure 5.3. This figure shows that for the
removal o f phenol the catalytic activity o f the tube was reasonably consistent for
the first two runs, but progressively deteriorated from the third run onwards.
Results for the first two runs show that platinum oxide is an effective catalyst
considerably reducing the length o f the induction period and enhancing the
reaction rate in the rapid reaction phase. Figure 5.4 shows the variation o f pH
during the course o f each consecutive run. The later runs show a similar trend to
that found in non-catalytic operation, where the pH o f the reaction media falls
with time as phenol is converted to low molecular weight acids. In the case o f the
first run for the fresh catalytic tube, however, the initial fall in pH is followed by
a steady rise, indicating further conversion o f a proportion o f these acid
intermediates. This increased conversion is confirmed by the greater removal o f
chemical oxygen demand (COD) in the first run compared with that for the
second and third runs, see Figure 5.5. The results for COD in Figure 5.5 also
indicate a deterioration in catalyst performance between the first and second run.
Figure 5.6 shows the differential pressure range across the ceramic tube at the
beginning o f each consecutive run, which shows only a slight increase in
differential pressure by the eighth run. The initial differential pressure across the
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catalytic tube for Run 1 is comparable with that for a blank tube. This shows that
the addition of the catalyst to the tube has not significantly influenced the
differential pressure across it. To test the stability of the catalyst, the final sample
from the first three runs was analysed for platinum and found to contain less than
1 mg

/*1

in each case. This value is outside the optimum range for the atomic

absorption spectrophotometer and therefore no relevant level of accuracy can be
attached to these readings. They do indicate, however, that significant quantities
of platinum are not leached from the support.

In order to verify the results a second platinum oxide based catalyst was
prepared and used for the catalytic wet air oxidation of phenol. As shown in
Figure 5.7, the results of four consecutive runs with the platinum oxide catalytic
tube B are consistent with those for tube A. For the first two runs the activity of
the catalyst is reasonably consistent with complete phenol conversion after
approximately thirty minutes. From the third run onwards, however, there is a
progressive deterioration in catalyst performance.

The use of a catalyst has been shown to enhance the performance of the
porous tube reactor. The ability of this reactor configuration to maximise
utilisation of the available catalyst surface area (and minimise mass transfer
limitations) has not been investigated due to problems of catalyst deactivation.
However, it was decided to complete an exploratory experiment in a slurry
reactor using a small catalyst particle size. This combination should reduce the
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influence of mass transfer processes. These experiments were completed in a
250 ml 316 stainless steel autoclave operated in batch mode. For full details of
the operating procedure see Kolaczkowski et al. (1997). A copy of this paper is
available in Appendix IV. To obtain the catalyst used in the slurry reactor, a tube
loaded with platinum oxide was prepared using the same method described
previously in Section 3.6.2.3. This catalytic tube was then ground to a particle
size of between 0.71 and 1.18 mm. The slurry experiments were completed with
the same total weight of catalytic tube to liquid volume ratio (0.17 kg m '3) as
used in the porous tube reactor. The initial volume of liquid in the slurry
experiments was 200 ml. Due to the small particle size used in the slurry
experiments (compared with the wall thickness of the tube) it was expected to see
a higher rate of phenol removal than that found in the porous tube reactor.

As shown in Figure 5.7b, the use of the catalyst particles improved the
performance of the batch reactor compared with non-catalytic operation. Further,
it can be seen that the rate of phenol removal in the slurry reactor is comparable
with that achieved in the porous tube reactor. Although it is encouraging to see a
phenol removal rate of the same order of magnitude in each reactor, this result
should be treated with some caution due to the complicated nature of the catalytic
wet air oxidation process. For example, although Figure 5.7b highlights the
significance of oxygen on catalytic phenol removal, the mechanism of the
reaction is not known. If for example, the reaction progressed via a
heterogeneous-homogeneous mechanism with significant reaction in the bulk
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liquid, the nature of the reactor (i.e. surface to volume ratio, materials of
construction) may influence the reaction rate. Further, although the catalyst was
prepared following identical preparation methods, there will be variations in
catalyst loading and position. In addition, the different operating procedures used
in the two reactors (i.e. batch versus continuous gas feed) may have influenced
the results. Finally it is possible that there are mass transfer limitations within the
slurry reactor. Due to these issues it was recognised that any further study of this
topic would require a detailed investigation of slurry experiments. This therefore
features as a recommendation for future work in this thesis.

In the operation of the porous tube reactor the effective utilisation of the
catalyst is influenced by a number of parameters. A key factor will be the
location and loading of the active catalyst within the tube. The catalyst should be
located on the inside face of the tube so that it is in direct contact with the liquid
phase. The thickness of this catalytic layer will then influence the significance of
intraparticle mass transfer limitations. In wet air oxidation processes the catalytic
reaction occurs in the liquid filled pores. However, as in the porous tube reactor
gas is passed through the pores of the tube, a proportion of the catalytic surface
will be gas filled and not contribute to the observed reaction rate. This means that
the gas flowrate and pore size distribution are key parameters in assessing the
catalytic performance of the porous tube reactor. An increase in gas flowrate will
decrease

the proportion of liquid filled pores. Further,

the pore

size

characteristics of the tube will determine the distribution between pores used for
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gas transport and those smaller liquid filled pores within which the catalytic
reaction will occur. The flow of gas through the pores to the liquid phase also
drives the circulation of liquid around the reactor. An increase in the liquid
circulation rate improves external mass transfer from the bulk liquid to the inside
face of the tube. It follows that an increase in gas flowrate will enhance external
mass transfer, but decrease the proportion of liquid filled pores. In optimising the
performance of the reactor a balance will have to be made between these two
roles. This may require some gas to be supplied directly to the re-circulation line.
The external mass transfer resistance will also be influenced by the internal
diameter of the tube. In order to investigate the issues outlined above, it is
necessary to develop a stable and durable catalytic tube.

Despite the deterioration of performance with time, fresh platinum oxide
catalyst has been found to be an active catalyst for the wet air oxidation of
phenol. A third platinum oxide catalytic tube, tube C, was therefore prepared to
see if it would facilitate phenol conversion at lower operating temperatures than
for non-catalytic operation. For non-catalytic operation at 431 K only an

8

%

conversion of phenol was observed after over four hours operation. As shown in
Figure 5.8, for an experiment completed at identical conditions, but in the
presence of a platinum oxide catalyst, the complete destruction of phenol was
achieved after just over one hundred minutes.
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Fig u re 5.8: P latin u m O xide C atalytic T ube C - Phenol R em oval
Catalyst: Platinum Oxide (0.65 %-wt. platinum)
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5.2.4 Platinum Catalyst

In a further attempt to find a stable and active catalyst for phenol oxidation
a ceramic tube loaded with platinum was studied. The results of five consecutive
runs using the platinum catalytic tube A (0.8 %-wt. platinum) are shown in
Figure 5.9. It can be observed that for the first run there is considerable
improvement in performance compared with non-catalytic operation at identical
conditions, see Figure 4.15. The use of the platinum catalyst considerably reduces
the length of the induction period and enhances the reaction rate in the rapid
reaction phase. Although phenol removal is reasonably consistent for runs two to
four, the performance of the catalyst is severely deteriorated in comparison with
the first run. For runs two to four the use of the catalyst has the advantage of
reducing the length of the induction period, though the rapid reaction rate is not
significantly different to that in non-catalytic operation. When the catalyst is used
for a fifth run the performance of the catalyst is further deteriorated. The
deterioration in catalyst performance from runs one to two is further illustrated by
comparing the reduction in chemical oxygen demand in each case, see Figure
5.10.

Figure 5.11 shows the differential pressure range across the ceramic tube
at the beginning of each consecutive run. The initial differential pressure range at
the beginning of Run 1 is again comparable with that for a blank tube. This
indicates that the addition of the catalyst to the tube has not significantly
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influenced the differential pressure across it. It can be seen that by the beginning
o f the fifth run the differential pressure range is beginning to rise, which based on
non-catalytic results indicates fouling o f the ceramic tube. To test the stability of
the catalyst, the final sample from all five runs was analyzed using atomic
absorption techniques, with the measured quantity o f platinum being less than

2

m g r l in each case. This value is again outside the optimum range for the atomic
absorption spectrophotometer and therefore no relevant level o f accuracy can be
attached to these readings. They indicate, however, that the catalyst was stable
with little platinum leached into solution. This small loss o f platinum does not
explain the deactivation o f the catalyst.

In order to verify the results a second platinum based catalyst was
prepared and used for the catalytic wet air oxidation o f phenol. Figure 5.12 shows
the results o f three consecutive runs for the removal o f phenol in the presence o f
the platinum catalytic tube B, which contained less platinum than that in tube A.
It can be observed that once again the performance o f the tube deteriorated with
time, though the results for runs one and two are reasonably consistent. The rate
o f phenol removal for runs one and two are comparable with the results achieved
with tube A in runs two to four.

For the catalytic loading investigated in this study, the platinum catalytic
tube is significantly less effective than both the copper oxide and platinum oxide
catalytic tubes. Although the platinum catalytic tube was stable with no
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significant loss o f platinum into the aqueous phase, the performance o f the tube
still deteriorated significantly with time. The observed increase in differential
pressure range across the tube by the beginning o f Run 5, indicates that fouling of
the tube due to adsorption o f intermediates was probably playing a role in catalyst
deactivation.

Although previous work gave no indication as to the long term
performance o f platinum based catalysts when oxidizing phenol solutions, other
researchers have experienced catalyst deactivation when using noble metal based
catalysts in a wet air oxidation environment. Mantzavinos (1996) investigated the
long term stability o f a palladium on alumina catalyst for the wet air oxidation o f
polyethylene glycol. The re-use o f catalytic pellets over ten consecutive runs
showed a progressive decrease in both total organic carbon and polyethylene
glycol removal. As no palladium was leached from the solution, it was
hypothesized that deactivation was due to either poisoning by oxygen or blockage
o f active sites due to adsorption o f polymer onto the catalyst surface.
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5.2.5 Summary

Platinum oxide has been shown to be an effective catalyst for phenol
oxidation illustrating the operational advantages o f catalytic oxidation over noncatalytic systems. For experiments completed at identical conditions the presence
o f the platinum oxide catalyst gave a reduction in the length o f the induction
period and a faster rapid reaction rate. In addition the presence o f the catalyst
permitted rapid phenol oxidation at lower operating temperatures than those
found for non-catalytic operation. The performance o f the platinum oxide catalyst
deteriorated with use, however, with progressive loss o f activity with each
consecutive operation.

The copper oxide loaded tube was found to be a very effective catalyst,
but was unstable with significant quantities o f copper leached into the aqueous
phase. For the loadings investigated in this study, platinum was found to be less
effective and suffered rapid deactivation on consecutive use.

Although this study has illustrated the considerable advantages o f using a
catalyst and investigated the long-term operation o f the tube, the use o f phenol as
a model pollutant has resulted in rapid deactivation o f the catalytic tube. This
rapid deactivation prevents a specific investigation into the advantages o f the
porous tube reactor. Further investigation is, therefore, required to develop a
stable and durable catalytic tube. For the oxidation o f phenol significant problems
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have been encountered due to the adsorption o f intermediates onto the tube.
Further studies were, therefore, completed with an alternative model pollutant
found towards the end o f the phenol oxidation pathway. Maleic acid was selected
for study based on previous non-catalytic results, as tube fouling problems were
inconclusive in its case. In addition, the non-catalytic results provided data
against which to compare catalyst performance.
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5.3 Catalytic Oxidation of Maleic Acid

5.3.1 Introduction

In order to find a combination o f pollutant and catalyst which resulted in
consistent activity over a number o f consecutive runs, an attempt was made to
catalytically oxidize maleic acid. In a batch hastelloy reactor, Gallezot et al.
(1996) investigated the catalytic wet air oxidation o f a 5 g f 1 maleic acid solution
in the presence o f a 1.56 wt.-% platinum on CECA 50S active charcoal catalyst.
At a temperature o f 405 K and an air pressure o f 1.5 MPa, the catalyst was found
to be effective with just over 70 % conversion after five hundred minutes
operation. The catalyst was stable with no platinum detected in the final solution,
though no details o f long term performance were given. The only intermediate
detected in very low concentrations was fumaric acid which is an isomer o f
maleic acid. In this study the catalytic wet air oxidation o f maleic acid was
therefore completed using a platinum catalyst.

5.3.2 Platinum Catalyst

The catalytic wet air oxidation o f maleic acid was completed with a
platinum loaded tube at an operating temperature o f 431 K. The results o f five
consecutive experiments using this tube are given in Figure 5.13, which shows
that in each run a 95 % removal o f maleic acid was achieved after sixty minutes
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operation. The presence o f the catalyst has greatly enhanced the maleic acid
removal rate compared with non-catalytic operation, for which only a 30 %
conversion was achieved after a reaction period o f sixty minutes, see Figure 4.37.
The results in Figure 5.13 also show consistent performance over all five runs
with no observable deterioration in catalyst activity. Figure 5.14 shows the
corresponding removal o f COD for the first, second and fifth runs with the
catalytic tube. Although the results are consistent within the accuracy o f COD
measurement, they do show a slight trend o f progressively deteriorating
performance with consecutive operation. The rapid removal o f COD for catalytic
operation at 431 K is in stark contrast to non-catalytic performance, for which
only a 20 % reduction in COD was achieved after two hours operation, see Figure
4.39. In addition the use o f a platinum catalyst has resulted in a deeper oxidation
than that achieved in non-catalytic operation. For operation at the highest noncatalytic temperature o f 453 K the removal o f COD dropped to a plateau at
around

1000

mg T1, which presumably represented the accumulation o f

intermediates resistant to further oxidation. As shown in Figure 5.14, catalytic
operation at a lower temperature consistently resulted in a final COD level below
1000 mg r \ This indicates that the use o f a catalyst has resulted in either further
oxidation o f a proportion o f these refractory intermediates or alternatively the
catalytic oxidation mechanism has progressed via a route that avoids their
production.
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For the five consecutive runs, consistent values for differential pressure
range across the tube were observed. Further the measured quantity o f platinum
in the final liquid sample o f each run was less than

2

mg F1 in each case.

The results for catalytic oxidation o f maleic acid offer an opportunity for
further study to ascertain whether consistent operation is attained with slow
catalyst deactivation. Although the results for maleic acid removal are
favourable, the deterioration in COD removal with each run indicates some
deactivation. Further work is being completed in this area at the University o f
Bath using commercially available supported platinum catalysts.
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CHAPTER 6 - CONCLUSIONS AND RECOMMENDATIONS FOR
FUTURE WORK

6.1 Conclusions

In this thesis, the three phase porous tube reactor has been successfully
developed for operation at elevated temperatures and pressures and applied to the
wet air oxidation o f aqueous wastes. The construction and operation o f the porous
tube reactor has proven the technical feasibility o f the system up to a temperature
o f 473 K and a pressure o f 4.2 MPa.

In assessing the performance o f the reactor, four parameters have been
followed over the duration o f an experiment, namely pollutant concentration,
chemical oxygen demand, liquid pH and differential pressure across the tube. The
selection o f chemical oxygen demand and pH allowed the destruction o f reaction
intermediates to be assessed, while differential pressure across the tube gave
some indication o f tube fouling.

The non-catalytic operation o f the reactor has successfully treated aqueous
solutions containing phenol, glyoxylic acid or maleic acid. For the non-catalytic
oxidation o f phenol the reaction proceeded via two stages, an initial induction
period followed by a second rapid reaction step. In the rapid reaction phase, the
non-catalytic oxidation o f phenol was found to be first order in both phenol and

277

oxygen, with an apparent activation energy o f 75 kJ mol ' 1 and a pre-exponential
7

1 1

nrl

factor o f 2 . 10 I mol' s' . These values for the global kinetic constants are
comparable with those presented by other authors. This shows that for the range
o f conditions investigated the non-catalytic performance o f the reactor was
comparable with that detailed in previous research. The benefit o f oxygen
enriched gas, as an alternative to air, was illustrated in a series o f experiments
using gas cylinders containing between 10 and 40 % by volume oxygen. For
operation at identical temperature and total pressure, the use o f oxygen enriched
gas increased the reaction rate in the rapid reaction phase and decreased the
length o f the induction period. For example, in comparison with air the use o f the
40 % oxygen gas feed reduced by half the total time for ninety-five percent
phenol removal.

For the non-catalytic oxidation o f phenol, the use o f the same porous tube
in a number o f experiments resulted in fouling o f the tube, due to the adsorption
o f reaction intermediates onto its surface. This led to an increase in differential
pressure across the tube. This places a restriction on the service life o f the tube as,
although not verified, continued use could eventually result in a deterioration in
reactor performance. For the first run with a fresh tube, the oxidation o f phenol is
suppressed due to an increase in liquid pH to a value o f around neutrality. This
highlights the sensitivity to pH o f phenol wet air oxidation. For the second and
maybe third run, enhanced phenol oxidation rates were sometimes experienced. It
is only after this that consistent performance o f the porous tube is attained
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allowing investigation into operating parameters. For the mullite tubes used in
this study, silicon was found to be displaced into the liquid phase during the
course o f an experiment. The concentration o f silicon was typically in the region
o f 20 mg T1 after an operating period o f two hundred minutes. Only small
quantities o f aluminium were found in solution.

To investigate the catalytic operation o f the reactor, experiments were
completed with tubes loaded with either copper oxide, platinum oxide or
platinum. The use o f a catalytic tube for the destruction o f either phenol or maleic
acid, showed an improvement in performance compared with non-catalytic
results. For example, in the presence o f a platinum oxide loaded tube at 453 K,
the time for ninety five percent phenol removal was reduced by over two hours.
The use o f a catalyst also permitted the oxidation o f phenol at lower operating
temperatures than that for non-catalytic operation. For the same platinum oxide
catalyst, operation at 431 K resulted in complete phenol oxidation in less than
two hours, in comparison for non-catalytic operation only an 8 % conversion was
obtained after four hours. The addition o f a catalyst to the tube did not
significantly influence the initial differential pressure across it.

For phenol oxidation with a tube loaded with an active catalyst, rapid
deactivation was experienced within two or three runs, which typically
represented an operating time o f three to four hours. This rapid deactivation was
due to catalyst fouling and dissolution o f active material into the aqueous phase.
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In addition, the catalyst may have been deactivated due to catalyst poisoning. For
the copper oxide tube, significant quantities o f copper were leached into the
reaction liquid. The quantity o f cupric ion in solution was typically in the region
o f 60 mg T \ The use o f platinum based catalysts avoided significant leaching of
active material. For the use o f the same catalytic tube in a number o f phenol
oxidation experiments an increase in differential pressure across the tube was
observed. Based on the conclusions from the non-catalytic experiments, this
would indicate that tube fouling is playing a role in catalyst deactivation. The use
o f a platinum loaded tube for the catalytic oxidation o f maleic acid showed more
consistent performance.

The use o f a porous tube reactor has utilized the air-lift effect to circulate
the liquid around the reactor, without the need for a liquid pump, and
demonstrated the benefits o f placing a catalytic layer on the surface o f the tube.
The possible advantages o f the reactor compared with existing technology, such
as improved mass transfer, have not been investigated. This was due to problems
o f fouling and catalyst deactivation. These problems are not specific to the three
phase porous tube reactor having been reported by other researchers working
with heterogeneous catalysts. There are claims in patent literature by suppliers of
commercial catalysts, that catalysts have been developed with acceptable service
lives. If these claims are valid it may be possible to overcome problems o f
fouling and deactivation and develop a stable catalytic tube for the porous tube
reactor.
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6.2 Recommendations for Future Work

The following section outlines some of the key recommendations for
future work in the development of the three phase porous tube reactor. A
substantial contribution to this development work can be completed in parallel in
alternative reactor systems (e.g. batch reactor, trickle bed reactor).

1.

To develop an effective and stable catalyst in order to assess the
performance characteristics of the catalytic tube.

A combination of catalyst, support and model pollutant, showing
repeatable operation without rapid catalyst deactivation needs to be identified.
This work should be completed in alternative reactors (e.g. slurry reactor), which
will also allow identification of the reaction mechanism, kinetics and mass
transfer limitations. Once a stable and effective catalytic tube is available an
investigation into catalytic performance characteristics of the reactor can be
completed. In assessing reactor performance consideration needs to be given to
the influence of operating parameters and tube characteristics. The important
operating parameters include temperature, pressure, oxygen partial pressure, pH,
gas flowrate and liquid circulation rate, while the tube characteristics requiring
consideration are internal diameter, wall thickness, pore size distribution, pore
surface area, catalyst distribution and multi-bore/multi-tube operation. The
successful completion of this work is an essential first step in the evaluation of
the reactor as a catalytic system.
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2. To investigate fouling and regeneration of the porous tube ?

It has been shown that operation o f the reactor results in fouling o f the
ceramic tube, due to the presence o f intermediates on its surface. It would be
helpful to know more about the process o f tube fouling/catalyst deactivation and
the influence o f operating parameters and tube characteristics.

The use o f

alternative support materials should be investigated, considering sintered metal
tubes and other recent developments in this area.

The impact o f continuous as against semi-batch operation o f the reactor
should be considered. The deactivation o f the catalyst depends on operating
conditions, such as temperature and pH, and the composition o f the liquid stream.
It has been shown that pH and intermediate concentration varies during the
course o f an experiment. In batch liquid operation as employed in this study, the
catalyst is subjected to the whole range o f pollutant and intermediate
concentration found in a typical run and is deactivating rapidly. In a continuous
system the reaction conditions experienced by the catalyst will vary depending on
its position in the reactor. It follows that the rate o f catalyst fouling may vary
depending on catalyst location. In the design o f a continuous catalyst system it
may, therefore, be beneficial to select different catalysts or no catalyst at all in
each section o f the reactor, based on their propensity to deactivation at the
conditions experienced in that region. In addition, a recent study into the
dehydrogenation o f ethanol to acetaldehyde has highlighted the significance o f
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reactant composition on adsorption and product desorption in heterogeneous
catalysis (Luberoff, 1997). This may also play a role in wet air oxidation. Further,
the effectiveness o f a catalyst will vary for each intermediate found in the
aqueous waste. The use o f a continuous system, however, also allows the use o f
different catalysts in each region o f the reactor, based on their effectiveness for
destroying the intermediates found in that section. Trials should be completed in
traditional reactors into the performance o f commercially available catalysts in
batch and continuous operation. This will enable an investigation into the
influence o f time and catalyst position on catalyst deactivation. If samples are
taken from different sections o f the continuous system, it will also allow
investigation into the effectiveness o f the catalyst in each region.

Further investigation into the regeneration o f used tubes should be
completed, focusing specifically on in-service regeneration and the significance
o f service life between regenerations. In addition, the influence o f regeneration
parameters such as temperature, acid strength and time should be considered.
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3. To operate with a real waste water and investigate scaling of the tube.

In this thesis all work has been completed using a model pollutant in
distilled water. Use o f the reactor to treat a real waste water, preferably one
containing solid material, would be beneficial to the project. As experience in
other systems has shown scaling to be a major operational problem, its possible
impact on the porous tube reactor will need to be investigated and the effects o f
parameters such as temperature, pressure, pore size and salt loading assessed.

4. Modifications to experimental apparatus ?

Operation o f the existing system has shown variation in liquid temperature
depending on position in the reactor. It would be helpful to try and reduce this
temperature range through increased lagging and alternative methods of
temperature control. It would be interesting to investigate the influence o f a pre
heated gas stream on reactor operation. Further, it would be beneficial to the
understanding o f reactor operation if the liquid re-circulation rate could be
measured. Finally the fabrication o f adaptors is required to allow installation o f
tubes o f different outside diameter and multi-tube operation.
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5. Is the reactor of use in alternative applications ?

This thesis has concentrated on the incorporation of porous tubes as part of
a three phase, high pressure and high temperature reactor for the wet air oxidation
of aqueous wastes. If the predicted performance benefits of the reactor are
realized, it would be helpful to consider alternative areas of application,
especially those where fouling and scaling are not so prevalent.

285

NO M ENCLATURE

A

- pre-exponential factor, units may vary, see Equation 4.11

a

- gas-liquid interfacial area, m ' 1

a’

- interfacial area per unit volume o f liquid, m "1

C MaH “

C02
Cq2

concentration o f maleic acid, kmol m‘

- oxygen concentration, kmol m ’3
*

■saturated oxygen concentration, kmol m'

3

CP

- pollutant concentration, kmol m '3

C Ph

- concentration o f phenol, kmol m"

dyS

- mean bubble diameter, m

dp

- particle diameter, m

E

- apparent activation energy, J mol’ 1

H

- Henry’s constant, MPa

h

- length o f the ceramic tube, m

K

- specific permeability, m

k’

- rate constant, units may vary, see Equation 4.11

k ’’

- parameter defined in Equation 4.20, units may vary

k (3

- gas side mass transfer coefficient, kmol m ’2 s’ 1 (N m ’2) ’1

kL

- liquid side mass transfer coefficient, m s’1

m

- order o f reaction

n

- order o f reaction
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n

- molar flowrate, mol s"1

P

- pressure, N m "2

pA av

- average pressure, N m '2

P

- saturated vapour pressure o f water, N m '2

Pn2

- nitrogen partial pressure, N m '2

p0 ,

- oxygen partial pressure, N m ‘2

PT

- total pressure, N m‘

Pi

- pressure on inside face, N m '2

P2

- pressure on outside face, N m '2

R

- gas constant, J mol ' 1 K ' 1

r

- radius, m

rP

- pore radius, m

Tl

- inside radius o f tube, m

r2

- outside radius o f tube, m

^"m

- oxygen mass transfer rate, kmol m '3 s 1

rr

3 1
- reaction rate, kmol m* s’

S

- stoichiometric ratio o f phenol to oxygen

T

- temperature, K

t

- time, s

uG

- superficial gas velocity, m s' 1

V

- volume, m 3

*o2

- mole fraction o f oxygen in the liquid phase
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8

- gas hold-up

P

- power term in Equation 3.4

Y

- surface tension o f mercury, N m ' 1

0

- contact angle

V

- gas viscosity, kg m ' 1 s' 1

AP

- differential pressure across the ceramic tube, N iri

Subscripts:
G

- gas

i

- gas/liquid interface

L

- liquid

o

- initial

Abbreviations
COD - chemical oxygen demand, mg Tx
TOC - total organic carbon
WAO - wet air oxidation
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A PPEN D IX I - ANALYTICAL TECH NIQUES

A tom ic A bsorption Spectrophotom eter

Concentrations o f dissolved metal components were measured using the
following standard settings.

Wavelength
(nm)

Slit Width
(nm)

Flame

Optimum
Range
(m g r 1)

Aluminium

309.3

0.5

nitrous oxide acetylene

40 - 200

Copper

324.7

0.5

air - acetylene

2 -8

Platinum

265.9

0.2

air - acetylene

50 - 200

Silica

251.6

0.2

nitrous oxide acetylene

70 - 280
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X-rav Diffraction Analysis

X-ray diffraction patterns were obtained using the following equipment.

Phillips PW 1730/00

4 kW x-ray generator

Phillips PW 2273/20

long fine focus 2 kW copper target x-ray tube,
operated at 40 kV 25 mA

Phillips PW 1820/00

computer controlled vertical diffractometer
goniometer

Phillips PW 1711/10

Xenon proportional counter with PW 1752/00
graphite monochromator and PW 1368/55
automatic divergence slit assembly

Phillips PW 1710/00

microprocessor diffractometer control

Phillips PW 1877

PC-APD, version 3.5b, diffraction software

Powder Diffraction File

PDF-2 database sets 1-45, International Centre for
Diffraction Data (ICDD)
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Mercury Porosimetrv

Mercury porosimetry data was obtained using the Micromeritic's Autopore
II 9220 mercury porosimetry with the following settings.

Penetrometer number

09-0264

Penetrometer constant

21.63 n L p F 1

Penetrometer weight

66.9900 g

Penetrometer volume

6.6111m I

Stem volume

1.1310m/

Mercury density

13.5512 g m f

Low P ressure:
Evacuation pressure

50 pm Hg

Evacuation time

5 minutes

Mercury filling pressure

0.4691 psia

Equilibration time

10 s

High Pressure :
Equilibration time

10 s
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Scanning Electron Microscopy Technique

Sample Preparation

Samples were initially mounted on an aluminium stub using carbon dag
2

2

and then degassed by evacuation for an hour at 1.5 x 10 N m’ . They were then
2

2

gold coated using a 5150B sputter coater (Edwards, Crawley) at 1.5 x 10" N m’ ,
for six minutes.

Sample Exam ination:

Samples were examined using the JSM6310 electron microscope (Jeol
(U.K.) Ltd., Welwyn Garden City).

Accelerating voltage

15 kV

W orking distance

14 mm

Magnification

1 900xto 13 OOOx

Probe diameter

206.5 nm

Probe current

0.34 nA
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APPENDIX II - TABLES OF EXPERIMENTAL DATA OBTAINED FOR
THE NON-CATALYTIC STUDY (CHAPTER 41

Figure 4.6 Phenol removal in an inert environm ent

Temperature / Total Pressure

443 K / 3.6 MPa

453 K / 3.75 MPa

453 K / 3.75 MPa

Gas Flowrate
(at 298 K, 0.1 MPa)

16.6. 10'6m V

16.6. 106 m V

8.3 . 10'6 m3 s'1

Time
(minutes)

Cph/ cph0

Time
(minutes)

Cph/ cph0

Time
(minutes)

cPh/ cPh0

0

1

0

1

0

1

32

1.0

32

1.0

34

1.0

62

1.0

57

1.0

62

0.99

87

1.0

105

1.0

149

1.0

150

1.0

180

1.0

202

0.99

240

0.99

Figure 4.7 Influence of air flowrate on phenol removal

Gas Flowrate
(at 298 K, 0.1 MPa)

6 3 -1
8.3 . 10 m s

13.3 . 10 6 m3 s' 1

-6 3 -1
20.0 . 10 m s

Time
(minutes)

cPh/ cPh0

Time
(minutes)

Cph/ cph0

Time
(minutes)

Cph/ CPho

0

1

0

1

0

1

30

0.99

28

0.98

30

0.99

58

0.98

58

0.97

58

0.96

92

0.95

89

0.93

88

0.92

120

0.88

120

0.88

120

0.86

150

0.80

148

0.80

149

0.77

170

0.65

171

0.69

170

0.71

194

0.52

190

0.57

188

0.53

216

0.30

210

0.42

214

0.31

236

0.16

230

0.20

242

0.06

255

0.04

250

0.09

275

0.001

274

0.01

270

0.001
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Figures 4.9 a, b Influence o f oxygen partial pressure on phenol rem oval

Percentage Oxygen
in Gas Feed

40%

30%

Air

Time
(minutes)

Cph/ cPho

Time
(minutes)

Cph/ cPho

0

1

0

1

40

0.99

47

0.98

53

80

0.73

90

0.91

98

95

0.40

105

0.85

123

105

0.14

120

0.74

115

0.02

135

122

0.0001

10%

Time
(minutes)

Cph/ cPho

0

1

0.98

60

0.98

0.96

122

0.95

0.90

200

0.89

142

0.82

275

0.81

0.53

162

0.67

305

0.75

150

0.22

177

0.49

342

0.65

165

0.06

197

0.25

377

0.51

217

0.04

413

0.24

231

0.01

433

0.12

453

0.06

Time
CPh /
(minutes)
0

C pho

1

Figure 4.11 Influence of tem perature on phenol removal

464 K

459 K

454 K

449 K

444 K

440 K

Time
(m inutes)

CPh/ CPho

Time
(minutes)

CP|, / CPh0

0

1

0

1

0

1

0

1

0

1

0

1

27

0.96

27

0.99

25

1

47

1.0

28

0.98

49

1

58

0.86

55

0.94

50

0.95

76

0.94

59

0.95

92

0.99

75

0.62

80

0.83

90

0.86

106

0.87

90

0.89

133

0.96

85

0.42

100

0.71

106

0.76

133

0.60

109

0.81

165

0.94

95

0.26

121

0.42

120

0.63

152

0.39

125

0.71

200

0.89

105

0.16

138

0.17

140

0.34

165

0.21

141

0.59

237

0.70

115

0.07

150

0.07

151

0.21

182

0.09

157

0.43

260

0.60

125

0.02

161

0.02

166

0.08

200

0.03

173

0.33

280

0.45

176

0.03

186

0.20

300

0.29

199

0.12

320

0.16

215

0.04

340

0.07

135

0.01

Time C'P h
(minutes)

! CPh0

Time C'P h
(minutes)

/ C Ph0
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Time C'P h
(m inutes)

/ CPh0

Time C'P h ! C p h o
(minutes)

Figure 4.13 Influence of temperature on COD removal

464 K

459 K

454 K

449 K

Time
(minutes)

COD
(mg r 1)

Time
(minutes)

COD
(mg r 1)

Time
(minutes)

COD
(rngT1)

Time
(minutes)

COD
(rng r 1)

0

2 340

80

1 880

50

2 100

76

2 310

27

2 260

100

1 800

106

2 180

106

2 350

58

2 180

121

1 490

140

1 480

133

1 990

85

1 720

138

950

151

1 170

165

1 640

105

1 070

150

480

166

1 130

182

1 390

125

740

171

525

176

1 190

200

1 380

135

940

181

470

190

660

216

610

145

440

191

260

213

730

232

740

248

590

Figure 4.14 Influence of initial concentration on phenol removal

0.005 kmol m'3

0.01 kmol m'3

0.016 kmol m 3

0.10 kmol m 3

0.13 kmol m'3

Time
(minutes)

Cph1cPh0

0

1

0

1

0

1

0

1

0

1

53

0.96

50

0.98

40

0.98

48

0.95

45

0.94

90

0.92

96

0.94

70

0.97

90

0.70

93

0.81

120

0.83

123

0.90

102

0.92

135

0.59

137

0.71

143

0.76

148

0.78

117

0.88

180

0.45

185

0.60

177

0.62

166

0.62

132

0.79

228

0.35

242

0.52

205

0.25

182

0.45

147

0.68

265

0.26

226

0.11

204

0.17

167

0.54

247

0.02

Time
CPh/ CPho Time
Cph! CPho Time
Cph! CPho Time
Cph / c Pho
(minutes)
(minutes)
(minutes)
(minutes)

191

0.33

213

0.14

243

0.03
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Figure 4.15 Variation of phenol removal with each run

Run 1

Run 2

Run 3

Run 4

Run 5

Time
(minutes)

Cph/ cPho

Time
(minutes)

Cph/ cPh0

Time
(minutes)

Cph/ cPho

Time
(minutes)

Cph/ cPh0

Time
(minutes)

Cph/ cPh0

0

1

0

1

0

1

0

1

0

1

35

0.97

46

0.97

42

0.99

40

0.98

41

0.97

70

0.92

81

0.93

80

0.92

80

0.92

81

0.91

112

0.88

130

0.63

110

0.66

116

0.69

110

0.82

167

0.83

160

0.13

135

0.24

135

0.38

135

0.57

202

0.81

185

0.02

161

0.04

155

0.14

162

0.23

248

0.77

175

0.03

193

0.02

Run 7

Run 6

Run 10

Run 9

Run 8

cPh0

Time
(minutes)

<-Ph / C pho

Time
(minutes)

Cph / C-Pho

1

0

1

0

1

48

0.97

47

0.97

53

0.96

0.89

96

0.89

98

0.88

131

0.63

0.82

127

0.68

132

0.71

148

0.36

150

0.52

165

0.19

165

0.35

180

0.08

Time
(minutes)

(-Ph / Cpho

Time
(minutes)

Cph / Cpho

Time
(minutes)

0

1

0

1

0

40

1.0

45

0.96

80

0.96

90

110

0.90

116

Cph /

134

0.73

135

0.71

145

0.47

164

0.31

150

0.56

165

0.25

195

0.04

165

0.37

180

0.18

180

0.18

195

0.08

Appendix II - 4

Run 11

Run 12

Run 13

Run 14

Run 15

Cph/ cPho

Time
(minutes)

0

1

0

1

0

1

0

1

0

1

53

0.96

55

0.96

60

0.92

60

0.95

66

0.90

110

0.86

114

0.87

105

0.71

107

0.84

110

0.65

136

0.69

135

0.76

123

0.52

135

0.62

127

0.45

150

0.54

150

0.67

140

0.29

152

0.44

152

0.18

166

0.35

166

0.52

157

0.13

170

0.23

171

0.04

183

0.15

181

0.35

175

0.03

185

0.10

187

0.007

206

0.04

198

0.16

194

0.001

200

0.02

225

0.003

218

0.03

O

u£
u£

Time
(minutes)

Time
Time
Time
Cph! Cpho
Cph! Cpho
Cph1Cpho
(minutes)
(minutes)
(minutes)

Figure 4.27 Porm ulit tube -variation of phenol removal with each run

Run 4

Run 3

Run 2

Run 1

Time
<C
ph/ Cph0 Time CPh/ CPho Time
(minutes)
(minutes)
(minutes)

Run 5

Cph/ cPho

Time
(minutes)

Cph! CPho

Time
c Pht c Ph0
(minutes)

0

1

0

1

0

1

0

1

0

1

54

0.93

62

0.77

42

0.95

50

0.92

53

0.96

99

0.83

109

0.07

72

0.79

85

0.88

88

0.85

0.56

115

0.63

121

0.79

105

0.26

114

181

0.72

118

0.11

140

0.19

135

0.35

230

0.67

130

0.03

155

0.03

161

0.11

180

0.006
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Run 6

Run 7

Run 8

Run 9

Run 10

Time
(minutes)

Cph/ cPho

Time
(minutes)

-'Ph / C pho

Time
(minutes)

Cph/ cPho

Time
(minutes)

C p h ! Cpho

Time
(minutes)

C ph ! Cph0

0

1

0

1

0

1

0

1

0

1

55

0.96

60

0.93

60

0.94

92

0.87

75

0.91

90

0.86

96

0.83

92

0.83

118

0.71

110

0.72

120

0.63

127

0.63

120

0.66

142

0.30

130

0.49

140

0.37

140

0.41

140

0.34

160

0.09

155

0.14

155

0.17

155

0.18

155

0.16

176

0.01

185

0.03

172

0.04

170

0.04

170

0.03

185

0.01

Run 14

Run 12

Run 18

Run 16

Time Cph / C Ph0 Time C'P h / C Ph0 Time C'P h
(minutes)
(minutes)
(minutes)

/ Cpho

Time C Ph
(minutes)

Run 20

/ Cph0

Run 22

Time CPh / C Pho Time CPh / Cpho
(minutes)
(minutes)

0

1

0

1

0

1

0

1

0

1

0

1

55

0.95

54

0.93

50

0.94

61

0.95

62

0.97

60

0.92

125

0.70

90

0.84

102

0.68

93

0.72

98

0.80

90

0.81

140

0.33

126

0.55

130

0.38

123

0.29

127

0.47

120

0.47

155

0.14

140

0.26

143

0.11

137

0.15

143

0.32

143

0.25

171

0.03

158

0.07

157

0.03

151

0.05

157

0.14

157

0.06

185

0.003

176

0.01

175

0.01

170

0.05

173

0.006

185

0.008
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Figure 4.31 Glvoxvlic acid - variation of COD removal with time

Run 1

Run 2

COD

Run 3

Run 4

T im e
(m in u te s )

(mg /*)

T im e
(m in u tes)

(rng r 1)

T im e
(m in u tes)

(mg r 1)

T im e
(m in u te s)

(rng r 1)

0

2 580

0

2 500

0

2 580

0

2 500

5

2 210

5

2 150

5

2 070

10

1 820

10

1 510

10

1 650

10

1 680

20

1 080

15

1 200

15

1 150

15

1 150

30

980

20
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20

1 010
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1 080

40
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40
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40
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0
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0
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0
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1 410

45
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21

1 290
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122

960

41

1 160

122

1 040

192

830
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Figure 4.33 Variation of maleic acid removal with each run

Run 1
(air)

Run 2
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(air)
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(minutes)
(minutes)
(minutes)
(minutes)
0

1

0

1

0

1

0

1

36

0.22

10

0.49

8

0.61

20

0.42

60

0.09

25

0.24

16

0.39

40

0.19

90

0.06

45

0.11

26

0.25

66

0.10

120

0.05

75

0.06

62

0.08

80

0.07

150

0.04

101

0.04

87

0.05
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Run 6
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Run 5
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T im e
(m in u te s )

CMa/ CMao

0

1

0

1

0

1

0

1

5

0.78

10

0.70

16

0.55

15

0.65

10

0.57

20

0.48

36

0.28

30

0.43

15

0.47

30

0.31

59

0.16

67

0.15

20

0.37

45

0.22

25

0.31

60

0.14

30

0.27

40

0.19

50

0.15

60

0.12
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Run 9

Run 10
(air)

(air)

Run 1
(nitrogen)

Time
CMa / CMao
Time
CMa / CMao
Time
CMa / CMao
(minutes)
(minutes)
(minutes)
0

1

0

1

0

1

16

0.66

16

0.69

15

0.83

30

0.42

30

0.40

31

0.70

45

0.25

45

0.29

45

0.61

60

0.18

63

0.19

60

0.46

Figure 4.35 Maleic acid - variation of COD removal with gaseous environment

Run 1
(air)

Run 3
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Run 2
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Run 1
(nitrogen)
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(mg /"')
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(mg T1)
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(mg T1)

Time
(minutes)

COD
(rng r 1)

0

2 330

0

2 330

8

1 940

40

1420

0

2 350

35

1 490

10

1 960

16

1 740

66

1 290

15

2 250

60

1 300

25

1 690

80

1 290

31
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90

1 090

75

1 220

45

2 260

120

1 000

60

2 450

150

1 010

COD

COD

COD
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Figure 4.37 Influence of temperature on maleic acid removal
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50
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Figure 4.39 Maleic acid -influence of temperature on COD removal
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Figure 5.1 C opper oxide catalytic tube - variation o f phenol rem oval w ith each run

Run 1

Run 2

Run 3

Time
(minutes)

cPh/ cPho

Time
(minutes)

Cph/ cPho

Time
(minutes)

Cph/ cPho

0

1

0

1

0

1

11

0.59

10

0.34

12

0.32

17

0.11

20

0.05

24

0.02

23

0.01

30

<0.001

39

<0.001

30

<0.001

F igu re 5.3 P latin u m oxid e catalytic tube A - variation o f p henol rem oval w ith each run

Run 2

Run 1

Run 3

Run 4

(-ph / c Pho Time
Time
CPh / CPho Time
Cph / c Pho
Cph! Cph0 Time
(minutes)
(minutes)
(minutes)
(minutes)
0

1

0

1

0

1

0

1

26

0.81

15

0.95

15

0.97

33

0.90

45

0.09

30

0.72

30

0.91

55

0.78

55

<0.001

40

0.43

42

0.84

70

0.67

50

0.19

55

0.72

94

0.46

60

0.03

70

0.50

115

0.23

85

0.27

135

0.05

100

0.11

110

0.02
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Run 6

Run 5

Run 7

Run 8

Time
Cph / Cph0 Time
Cph / Cpho Time
-ph / c Pho
Cph / Cptio Time
(minutes)
(minutes)
(minutes)
(minutes)
0

1

0

1

0

1

0

1

45

0.87

31

0.92

30

0.95

40

0.94

65

0.78

79

0.79

67

0.87

74

0.87

85

0.67

110

0.65

118

0.73

120

0.78

105

0.53

140

0.49

161

0.58

180

0.59

130

0.35

162

0.37

240

0.30

158

0.15

270

0.17

F igu re 5.5 P latin u m oxid e catalytic tube A - variation o f C O D rem oval w ith each run

Run 2

Run 1

Run 3

Time
(minutes)

COD
(rng r 1)

Time
(minutes)

COD
(rng r 1)

Time
(minutes)

COD
(m gr1)

26

1 870

15

2 020

30

2 100

45
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30

1 770

42

1 870

55

250

40

1 560

55

1 870

65

270

50

1 080

70

1 460

75

220

60

590

85

1 350

105
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85

560

100

900

110

610

Appendix III - 2

Figure 5.7 Platinum oxide catalytic tube B - variation of phenol removal with each run

Run 2

Run 1

Run 4

Run 3

Time
(minutes)

Cph/ cPho

Time
(minutes)

cPh/ cPho

Time
(minutes)
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Time
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cph/ cPh0

0

1

0

1

0

1

0

1

15

0.78

25

0.35

29

0.72

32

0.77

30

0.40

43

0.16

44

0.60

50

0.65

43

0.08

55

0.04

56

0.48

73

0.50

57

0.004

75

0.004

69

0.38

100

0.35

87

0.24

120

0.28

115

0.12

F igu re 5.8 P latin u m oxid e catalytic tube C - phenol rem oval

Time
Cph / c Pho
(minutes)
0

1
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0.90

40
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57

0.59

68

0.43
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<0.001
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F igure 5.9 Platinum catalytic tube A - variation o f phenol rem oval w ith each run
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0

1

0

1

0

1

0

1
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21

0.96
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0.90
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0.88
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0.60

37

0.89

46

0.76

52

0.76

56

0.77

57

0.33

54

0.81

63

0.62

80

0.56

84

0.63

70

0.11

71

0.65

78

0.46

100

0.38

123

0.47

92

0.01

87

0.46

94

0.31

108

0.24

F igure 5.10 Platinum catalytic tube A - variation o f C O D rem oval w ith each run

Run 2

Run 1
Time
(minutes)

COD
(mg f 1)

Time
(minutes)

COD
(m gr1)

23

1 850

21

2 130

42

1 330

37

1 890

57

1 280

71

1 470

70

720

108

1 210

92

580

105

380

Appendix III - 4

Figure 5.12 Platinum catalytic tube B - variation of phenol removal with each run

Run 3

Run 2

Run 1
Time
(minutes)

-'Ph / C pho

Time
(minutes)

cPh/ cPho

Time
(minutes)

Cph ! Cpho

0

1

0

1

0

1

17

0.92

36

0.88

50

0.81

30

0.85

66

0.69

88

0.63

45

0.78

94

0.46

116

0.49

60

0.68

114

0.30

152

0.31

75

0.57

127

0.20

90

0.43

145

0.05
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0.24

124

0.06
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Figure 5.13 Platinum catalytic tube C - variation of maleic acid removal with each run

Run 2

Run 1

Run 3

Run 4

Run 5

Time CMa ! C Mao Time CMa / CMao Time CMa / CMao Time CMa/ CMao Time
(minutes)
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C-Ma / C Mao

0

1

0

1

0

1

0

1

0

1

20

0.28

26

0.11

22

0.18

7

0.66

10

0.57

34

0.11

41

0.08

39

0.09

15

0.25

21

0.22

48

0.08

61

0.06

56

0.06

31

0.13

36

0.13

0.05

61

0.07

71

0.06

80

0.04

77

0.05

57

94

0.05

105

0.04

101

0.04

83

0.04

84

0.04

116

0.04

110

0.03

110

0.04

Figure 5.14 Platinum catalytic tube C - variation of COD removal with each run
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110
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(mg 1 )

0
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et air oxidation is presented as a technique for removal of organic pollutants found
in waste water streams. The oxidation of phenol has been achieved at moderate
temperatures (7=473 K) and pressures (3.0 MPa total pressure) with up to 95%
destruction in less than 30 minutes.
An increase in either oxygen concentration or temperature has a positive influence on
reaction rate, with temperature following an Arrhenius dependence. The influence of pH is
shown to be complex. For a 0.01 mol l_l phenol solution significant destruction was obtained;
however, when the initial pH was modified to either less than two or between neutrality and
ten, practically no change in phenol concentration was observed. When oxidation is carried out
in strong alkali media (pH>12) reaction rate is enhanced significantly.
Addition of small quantities of hydrogen peroxide resulted in enhanced rates of oxidation
even at low temperatures (373 K). When hydrogen peroxide is added, oxygen plays a
negligible role in the initial reaction, only becoming significant once the hydrogen peroxide has
been consumed.
The nature and geometry of the reactor has been found to play an important role in free
radical termination steps, with metal surfaces likely to enhance significantly decomposition of
organic radicals.

W

Keywords: wet air oxidation; phenol; oxidation kinetics; free radical promoters; waste water
treatment.

either dissolved or suspended in an aqueous waste stream5.
In the system aqueous waste is oxidized in the liquid phase
at high temperatures (400-573 K) and pressures (0.520 MPa) in the presence of an oxygen-containing gas
(usually air). The organic material is not normally com
pletely destroyed but converted to intermediate end pro
ducts with a significant reduction in toxicity and chemical
oxygen demand6. Following WAO the liquid effluent
usually requires further treatment in a biological system.
In this paper a model pollutant (phenol) has been chosen
for WAO study. Phenol is a common and important
pollutant as it is found in the effluent streams of a
variety of chemical plants including coal processing and
refineries7. A colourless crystalline solid at room tempera
ture, phenol has a characteristic odour, similar to that of
cresols. It is soluble in water having a solubility of 8.2 g/
lOOg H20 at room temperature before becoming com
pletely miscible at a temperature above 68.4°C. Waste water
containing phenol may not be discharged into open water
without treatment as it is toxic even at low concentrations.
For example, although waste water from the production of
phenol by the cumene process, which can contain 1-3%
phenol, is generally treated by organic solvent extraction,
a residual concentration of up to 500 ppm can still
remain in solution8. This can be a problem as, although
phenol is a food for bacteria in the range 80-100 ppm and
therefore suitable for biological treatment, at slightly higher
concentrations, above 200 ppm, it is a bactericide9.

INTRODUCTION

The treatment of the potentially harmful hazardous organic
and inorganic substances present in many industrial waste
waters is a serious problem facing society. Although the
biological treatment of these streams is applicable in most
cases, for concentrated wastes it is not a suitable disposal
option. In addition, the waste water may contain compounds
that are either non-biodegradable or toxic for micro
organisms due to the nature of the substance or their
presence in high concentrations.
An alternative to biological treatment is incineration
which is widely used for a variety of waste streams. The use
of incineration technology is limited, however, when the
chemical oxygen demand is low, typically less than
200 g l-1, due to the large quantity of energy required1’2.
In recent years a number of alternative treatment processes
have been investigated including ozone, UV radiation and
advanced oxidation processes (AOP)3. The economics of
these processes, however, limits their use to treating
refractory micropollutants rather than oxidizing highly
concentrated waste water streams.
An alternative process is wet air oxidation (WAO) which
is typically applicable for the treatment of aqueous waste
streams which are too dilute to incinerate on one hand and
too concentrated for biological treatment on the other4.
WAO is a waste water treatment process suitable for
processing oxidizable organic or inorganic waste which is
257
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Phenol can be absorbed through the mucous membranes
and intact or abraded skin, while lethal oral doses as low as
1.5 g have been reported for adult human beings8. Phenol
should be classified in group D according to the Environ
mental Protection Agency (EPA) evaluation criteria for
cancer data. This means that the existing basis for an
evaluation of its carcinogenic potential is insufficient.
Cocarcinogenic experiments by Van Duuren showed that
the tumour producing effect of benzo-[a]-pyrene was
slightly weakened by the presence of phenol10.
Phenol has been subject to numerous previous WAO
studies over a wide range of operating conditions as detailed
in Table 1. This research has resulted in a range of values
for global kinetic constants with activation energy data
broadly split into two main groups of around 50 and 100 kJ
m o F 1. The reasons for discrepancies in constants calculated
for global WAO kinetics are not very well known and were
one of the reasons for this study. To aid design engineers
to interpret some of the published data, and to help
researchers with the design of experiments that provide
data for scale-up, a number of factors that can influence
global rate kinetics are explored in this paper.
On reviewing the literature, it is evident that relatively
little has been reported about the effect of pH on noncatalytic WAO of organic compounds. Baillod and Faith4
found a marked increase in degradation rate for phenol and
2-chlorophenol when pH was augmented from 4.5 to 9.5,
while Chang et al.11 showed the same trend for phenol
oxidation experiments carried out in the pH range 5.9 to 10.
Shibaeva et al.12 found a maximum reaction rate when pH
was in the range 3 to 4, decreasing substantially when pH
was lower than 2 or higher than 6.
In this paper the oxidation of phenol is studied in a batch
reactor and the influence of initial pH on phenol oxidation is
investigated over the pH range 2 to 12. Global kinetic rate
constants are estimated for both phenol and phenolate ion
oxidation, and the use of hydrogen peroxide as a free radical
promoter is explored.

uT

81

o

13 —

U°
g

-a i oc
5 o2

B

5 6 e

o o

P

oe,

X

CJ
n oo rf rt •'* oo
OOOOOO

X
X

X

c c c

c c

o o o

o o

X

X

1 185 ml of distilled water was placed in the batch reactor
and the system pressurized with air to 1.0 MPa.
2 The stirrer was initiated and the reactor heated to the
required operating temperature.
3 When the required temperature was achieved, 15 ml of
phenol solution was injected into the reactor using the air
cylinder pressure. The quantity of phenol was sufficient to
obtain an initial concentration in the reactor of 0.01 mol I-1.
Additional air was passed into the reactor to obtain the
required total operating pressure. This point was taken as
time zero.
4 At determined time intervals a liquid sample was
withdrawn from the reactor using the liquid sampling line.
This line was initially purged with a quantity of liquid
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Experiments were completed in a 250 ml 316 stainless
steel autoclave operated in batch mode. A schematic
drawing of the reactor system is given in Figure 1. The
investigation of phenol oxidation was completed over a
temperature range of 418-483 K and a total pressure of 2.04.5 MPa, using air as a source of oxidant. The operating
procedure was as follows:
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Oxidation tests were completed at various stirrer speeds,
400 to 1000 rpm, and a high temperature (468 K), to
ascertain whether the reaction was kinetic or mass transfer
controlled for these conditions. As no differences in reaction
rate were observed over the range of stirrer speeds
investigated, the process is assumed to be kinetically
controlled in this range and a value of 600 rpm was selected
for subsequent experiments.

Phenol and Oxygen Reaction O rder
For the non-catalytic reaction of phenol and oxygen, a
global rate equation can be assumed as follows:

dCph
dt

= kC&CL

( 1)

where:
Figure 1. Schematic o f experimental apparatus. 1 reactor, 2 heating jacket,
3 impeller, 4 injection port, 5 sample cooler, 6 pressure indicator, 7
temperature indicator, 8 temperature controller, 9 bursting disc.

equivalent to the sample line volume. The sample was cooled
in the sampling line prior to pressure let-down to prevent
flashing of the liquid across the valve. Following sampling,
the reactor pressure was restored to the initial value.
If required, pH was adjusted at the beginning of the
experiment to achieve acidic or basic conditions by the
addition of sulphuric acid or sodium hydroxide respectively.
MATERIALS AND ANALYSIS
Concentrations of organic compounds were monitored by
high performance liquid chromatography (Gilson dilutor
401, pressure controller 803c, dynamic mixer 811, pump
403, sample injection 231) using a UV/VIS detector
Holochrome set at 210 nm. In each run 20 jd of sample
was injected via an automatic injection system. The mobile
phase, flowrate 1ml min-1, was a solution of 0.05 N
sulphuric acid and the stationary phase was a styrene divinyl
benzene (ion exchange resin) column (Polypore H 220 mm x
4.6 mm, Applied Biosystems Inc.). The analog signal was
recorded by an integrator which calculated concentration
of each compound by means of external calibration. Phenol
(> 99%), 1-2 benzoquinone (98%), acetic acid (99.7%),
propionic acid (99.5 %), maleic acid (99.5%), sulphuric acid
(97.5%) and hydrogen peroxide (27.7% wt solution in
water) were purchased from Aldrich Chemical Company
(Gillingham, UK) and used without further purification.
Chemical oxygen demand measurements were carried out
using the standard dichromate reflux method of the
American Public Health Association13. Chemical oxygen
demand measurement reagents and sodium hydroxide were
purchased from BDH Limited (Poole, UK).
RESULTS AND DISCUSSION
Preliminary Work
A series of preliminary experiments was completed under
a nitrogen atmosphere to determine whether a non-oxidation
reaction or adsorption of phenol occurred under experi
mental conditions. In all cases no disappearance of phenol
was observed.
T rans IChemE, Vol 75, P art B, November 1997

k = A exp(—EJRT)

( 2)

and CPh and C0l are the phenol and oxygen concentration, t
is the time, A is the pre-exponential factor, Ea is the
activation energy, R is the gas constant, T is the temperature
and m and n are the orders of reaction.
Previous research has found a reaction order of one for
phenol4,9,11,12,14-19. Accepting this to be the case, m is equal
to one in equation (1) above.
Since an excess of oxygen is maintained at a constant
partial pressure in the reactor, it is assumed that oxygen
concentration in the aqueous phase is unchanged throughout
each experiment. Equation (1) can then be integrated on this
basis to give the following expression:
l n ^ = *'l

Lph

(3)

where:
k' = A e x p (-E a/RT)Cn02

(4)

and CPho is the initial phenol concentration andk' is a pseudo
first order rate constant. If we further take a logarithm of
each side of equation (4) we obtain the expression:
In k' = InA + «lnC o2

(5)

In order to determine the oxygen reaction order, a series
of experiments at the same temperature but different oxygen
partial pressure was completed, the results of which are
presented in Figure 2. To calculate oxygen partial pressure it
was assumed that total pressure was equal to the air pressure
(oxygen and nitrogen) plus the saturated vapour pressure of
pure water at the operating temperature. It was found that
increased oxygen partial pressure had a positive effect on
phenol and COD removal. For example, after a period of 70
minutes a COD removal of 5.4, 26.3, 60.9 and 75.8% was
observed for oxygen partial pressures of 0.2, 0.3, 0.5 and
0.7 MPa respectively. Phenol has been shown to form
readily a free radical with oxidizing agents, which can
be further oxidized to form dihydroxybenzene and
quinones or dimerize to form diphenyls20. As reported by
previous researchers, phenol concentration versus time
presents an S-shaped profile, typical of a free radical
reaction mechanism, with an initial induction period
followed by a steady state rapid reaction step. The length
of the induction period was found to decrease with both
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Figure 2. Influence o f oxygen partial pressure on phenol removal.
Conditions: CPho = 0.01 mol 1 ; T = 448 K; Oxygen partial pressure: A
0.7 MPa, V 0.5 MPa, ■ 0.4 MPa, A 0.3 MPa, ▼ 0.2 MPa.

Figure 4. Determination of oxygen reaction order according to equation

increased temperature and oxygen partial pressure (see
Figures 2 and 3), which is consistent with previous
research16,19,21,22. In the fast reaction region the majority
of phenol is consumed and COD reduced. In some previous
work a third oxidation step has been found towards the end
of the reaction in which phenol concentration decreases
slowly14-16. This is possibly due to the build-up of partially
oxidized intermediates which compete with phenol for free
radicals and oxygen16.
Applying the data from the steady state region of Figure 2
to equation (3), a value of k' for each pressure is obtained.
As the reaction is kinetically controlled (absence of diffusional resistance in gas as well as liquid phase), the
concentration of oxygen in the bulk liquid is the saturation
concentration, therefore according to equation (5) a plot of
In k' against In C0l should result in a straight line of slope n.
This plot is presented in Figure 4. From the slope an oxygen
reaction order of 1.07 ± 0.06 is obtained which is in
agreement with the majority of previous investigations
into aqueous non-catalytic phenol oxidation912,18’19, though
an alternative value of 0.5 has been reported in the
literature16,23— see Table 1.

For experiments completed at identical oxygen partial
pressure, an increase in temperature was found to have a
positive effect on phenol and COD removal as shown in
Figures 3 and 5 respectively. From the representation of
In k'-\nCo2 versus l/T shown in Figures 6 and 7 for phenol
and COD respectively, the activation energy and pre
exponential factor were calculated as given in Table 2.
Table 2 also includes data for phenolate ion oxidation
discussed in a later section. The data obtained in this
research agrees with the previous investigators who
calculated global activation energy in the region of 100 kJ
mol-1. Some aspects of difficulty in the estimation of global
WAO rate constants are discussed below.

(5).

Influence of Temperature

(1) Global rate constants can change according to the
mechanism of phenol destruction. Disappearance of phenol
can be attributed to interaction with a number of different
species (e.g., oxygen, hydroxyl radical, etc.); therefore,
depending on the reaction conditions, the relative contribu
tion of each of these elemental reactions can change, which
will affect kinetics. In this study phenol oxidation has
produced lower molecular weight organic acids, water and
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Figure 3.
Influence o f temperature on phenol removal. Conditions:
CphO= 0.01 mol I- 1 ; Oxygen partial pressure = 0.4 MPa; Temperature: O
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Influence of temperature on COD removal. Conditions:
C|>ho = 0 .01 mol I
Oxygen partial pressure = 0.4 MPa; Temperature: A
483 K, □ 473 K, A 463 K. ■ 448 K.
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Table 2. Calculated Arrhenius parameters. -(dC ph/df) = A e \p ( —EJRT)
-0.5

y

o

c

2*

Pre-exponential factor, A,
1 m ol-1 s ' 1

Activation energy, Ea,
kJ mol-1

6.6 x 109
6.9 x 1015
4.4 x 109

92
148
87

Phenol
COD
Phenolate ion

-2.5

c
- 3.5

2.0

2.1

2.2

2.3

2.4

2.5

(1/T) 103 (K 1)
Figure 6. Determination of phenol oxidation activation energy according to
equation (5).

carbon dioxide, though some researchers have also observed
the formation of tars. The appearance of tars is apparently
dependent on the ratio of phenol to oxygen with formation
favoured at high phenol concentrations9,17,24. Pintar and
Levee25 speculated that the formation of polymers during
catalytic oxidation of phenol was initiated by the reaction
between the intermediate glyoxal and phenol itself.
(2) Oxygen concentration is rarely measured in WAO
experiments though its value is required when calculating
Arrhenius parameters, see equation (5). For conditions
typical of WAO operation, saturated oxygen concentration
varies considerably with both oxygen partial pressure and
temperature26, affecting reaction rate. Due to the strong
influence of high temperature on saturated oxygen concen
tration, this parameter should be clearly specified when
plotting the Arrhenius equation. This is particularly
important at high temperatures and when few experimental
points are present in an Arrhenius plot. In addition, saturated
oxygen concentration can be altered by the presence of other
compounds in the media27 which also influence water and
mass transfer properties such as saturated vapour pressure
and the mass transfer coefficient28. For example, Gurol and
Nekouinaini28 found that the presence of 0.4 mM of acetic
acid and phenol in water increased the overall mass transfer
coefficient by over 300 and 200% respectively for
experiments completed at atmospheric temperature and
pressure.

y

(3) Assuming that phenol oxidation follows a radical
mechanism with heterogeneous termination being a route
for radical deactivation in oxidation of organic aqueous
solutions, it should be expected that geometry and nature of
the reactor play a role in the oxidation rate, and possibly
affect the calculated activation energy29. To corroborate
this, a duplicated experiment was carried out in a glass
vessel placed inside the autoclave. As shown in Figure 8, a
significant enhancement of the process was observed when
experiments were carried out in the glass lined vessel. This
confirms the results mentioned by Emanuel et al.29 for the
liquid phase oxidation of butane, in which it was established
that termination of oxidation promoting organic radicals is
increased to a considerable extent by metallic surfaces.
(4) In WAO studies the repartitioning of volatile species
between the vapour and liquid phases to re-establish
equilibrium, due to sampling, liquid phase reaction or
semi-batch operation, can lead to errors in the results4,16,30.
In the case of phenol, however, its low volatility mini
mizes these errors4,16.

U
U

o

s
c

Furthermore, the formation of carbon dioxide and con
sumption of oxygen can influence the oxygen partial pres
sure with time and position in some reactors19. For example,
although total pressure may remain relatively unchanged as
the reactants pass through a continuous reactor, the pro
portion of oxygen in the gas phase will steadily decrease due
to oxygen consumption and dilution by either the formation
of gases (e.g., carbon dioxide) or increase in water vapour as
liquid temperature rises as a result of the exothermic nature
of the reaction.
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Figure 7. Delermination of COD oxidation activation energy according to
equation (5).
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Figure 8. Influence of reactor materials of construction on phenol
removal. Conditions: Cpho = 0.01m ol I-1 , 7 = 4 4 8 K; Oxygen partial
pressure = 0.4 MPa; Reactor material: ▲ stainless steel, O glass.
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(5) Other sources of errors may arise from sampling
problems, impurities, mathematical treatment, etc.31.
10 -

Reaction Intermediates

©

The use of the High Performance Liquid Chromatography
(HPLC) technique with known standards facilitated the
identification of a number of reaction intermediates and
monitoring of their concentration with time. Figures 9, 10,
11 and 12 show concentration profiles against time for
p-benzoquinone, C b zq , and acetic, C a ch > maleic, C m 3h » and
propionic, C PrH, acids formed during phenol oxidation at
different temperatures. Other products only identified by
HPLC included hydroquinone (1,4 benzenediol) and
catechol (1,2 benzenediol). Acetic acid was the only
product to accumulate in solution reaching a concentration
of 2.9 x 10-3 mol I-1 after six hours operation at a
temperature and oxygen partial pressure of 473 K and 0.4
MPa respectively. Accumulation of acetic acid in WAO
processes has been widely reported for a variety of
pollutants32,33,34. As shown in Figures 9, 11 and 12, the
other organic intermediates reached a maximum concentra
tion with time, with an increase in temperature reducing the
time at which the peak occurred.
Influence of pH

Figure 13 shows the influence of initial pH on phenol
oxidation. The results agree with those observed by
Shibaeva et al.12, with significant phenol decomposition
when no acid or base is added to the solution (pH
approximately 4), but practically no conversion for pH
values of 2 and between neutrality and 10. When the pH was
set above the dissociation constant of phenol (pK = 9.95),
pH > 12, so that the phenol in solution was in the form of the
phenolate ion, a faster reaction rate was observed. Figure 14
shows the effect of temperature on phenol removal for
experiments completed in very alkaline conditions. Reac
tion rate was enhanced by an increase in temperature and
shown to follow an Arrhenius dependence— see Figure 15
and Table 2. From these results it appears that the effect of
pH on reaction rate is complex. The different behaviour
observed for pH 2 and 12 could be attributed to the different

x
o
E
X

•<

U

C H ,- C '
OH
A cetic acid

0

20

30

40

SO

60

70

80

90

T im e (m in)

Figure 10. Influence of temperature on acetic acid formation. Conditions:
Oxygen partial pressure = 0.4 MPa; Temperature: ■ 483 K ,x 4 7 3 K, □
463 K, ▼ 453 K.

reactivities with oxygen of the three forms of phenol found
in the liquid, namely protonated, non-protonated and
phenolate ion.
A different distribution of intermediates was found when
the process was carried out at pH 12. In this case neither
benzoquinone or propionic acid were identified and
concentration of maleic acid was lower. Oxalic acid
(oxalate) which was not formed in neutral or acidic
conditions appeared practically from the beginning of the
reaction and accumulated in the solution together with
acetic acid (acetate). For the experiment completed at
448 K, the concentrations of oxalic acid, acetic acid and
maleic acid were 6 x 1(T4 M, 4 x 10-3 M and 6 x 10-5 M
respectively after 20 minutes operation. It can be seen that at
this pH the yield of acetic acid (acetate) was higher.
Different distributions of intermediates depending on pH
have been reported previously for oxidation of organic
compounds35.
As the WAO of phenol produces organic acids, the pH of
the media decreases during the course of the reaction. It
follows that any variation of reaction rate with pH is an
important parameter in phenol oxidation, thus a change in
pH either below 2 or between neutrality and 10 brings the
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Figure 9. Influence of temperature on benzoquinone formation and
removal. Conditions: Oxygen partial pressure =0.4 MPa; Temperature:
■ 483 K ,x473 K, □ 463 K, ▼ 448 K, A 433 K.

0

10

20

30

40

50

60

70

80

90

T im e (m in)

Figure 11. Influence of temperature on maleic acid formation and
removal. Conditions: Oxygen partial pressure = 0.4 MPa; Temperature:
■ 483 K.X473 K, □ 463 K. ▼ 448 K.
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Figure 12. Influence o f temperature on propionic acid formation and
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Figure 14. Influence of temperature on phenol removal at pH >12.
Conditions: CPho = 0.01m ol l- 1 ; Oxygen partial pressure = 0.4 MPa;
Temperature: T 468 K, A 458 K, A 448 K, ■ 438 K.

reaction to a halt. In this way, experiments carried out at an
initial pH slightly above 12 were found to stabilize with no
further phenol removal after the pH was lowered by organic
acid formation.

decomposition;

Influence of Free Radical Promoters
Due to the free radical nature of phenol WAO, the
addition of free radical promoters should enhance the
reaction rate and even allow operation at milder conditions,
reducing process capital costs. To investigate this a series of
oxidation experiments was completed in the presence of
hydrogen peroxide at an initial concentration of between 0
to 0.04 mol l-1. Due to the rapid reaction rate, phenol
disappearance could not be followed for experiments with
an initial concentration of hydrogen peroxide higher than
0.04 mol l-1. A hydrogen peroxide concentration above
0.04 mol I-1 and conditions of temperature and total
pressure of 448 K and 3.0 MPa respectively resulted in a
reaction so fast that practically no intermediates were
observed, with the exception of acetic acid.
The following reactions can be considered in the initial
step of free radical production from hydrogen peroxide

H20 2—»20H

(6)

H20 2 + 0 2—2H 02

(7)

To clarify which reaction was primarily responsible for
radical formation, an experiment was carried out under a
nitrogen inert atmosphere— see Figure 16. From this
figure it can be observed that the presence of oxygen does
not influence the initial high phenol degradation rate;
therefore, the reaction shown in equation (6) is the principal
way of hydrogen peroxide decomposition. Following the
complete disappearance of hydrogen peroxide, however, the
lack of oxygen prevents development of the propagation
steps in the chain reaction and phenol concentration remains
unchanged.
Due to the high value of the rate constant
( k = 1.4 101011mol-1 s-1 at room temperature35), the reac
tion between hydroxyl radicals and phenol is rapid even at
low temperatures. It follows that provided hydrogen
peroxide still decomposes into hydroxyl radicals, significant
phenol conversion should be observed at moderate tem
peratures. To confirm this, an experiment was completed at
373 K and 2.0 MPa of total air pressure with an initial
hydrogen peroxide concentration of 0.04 mol I-1. As
expected, the initial fast period for phenol oxidation was
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Figure 13. Influence o f pH on phenol removal. Conditions: CPho =
0.01 mol I 1; Temperature = 448 K; Oxygen partial pressure =0.4 MPa;
pH: ■ >12, □ 10, A 8, A 4. T 2.
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hydrogen peroxide produces hydroxyl radicals which
participate in phenol oxidation. As the decomposition of
hydrogen peroxide occurs rapidly, however, its inefficient
use due to radical recombination or radical reaction with
remaining hydrogen peroxide may occur. Further work to
investigate the efficiency of hydrogen peroxide consump
tion by variation in temperature or hydrogen peroxide
delivery methods should lead to improved results.
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Figure 16. Influence of free radicals promoters on phenol disappearance.
Conditions: Cph0= 0.01 mol I-1 ; Temperature = 448 K; Oxygen partial
pressure = 0.4 MPa; Hydrogen peroxide/Gas blanket: □ 0.04 mol l-1/
nitrogen, V 0.04 mol r '/ a i r , ■ 0.02 mol r ’/air, A 0.01 mol 1“ 1/air, • none/
air.

similar to the corresponding experiment at 448 K (88% and
95% phenol conversion in five minutes for experiments at
373 and 448 K respectively). Following hydrogen peroxide
depletion, however, the reaction rate was slower achieving
only a 92% phenol degradation after 50 minutes, due to the
influence of temperature on reaction kinetics from this
point.
CONCLUSIONS

Wet air oxidation is shown to be an efficient and
economically acceptable process to treat phenolic waste
water, leading to carbon dioxide, water and small organic
acids, mainly acetic acid, with chemical oxygen demand
reduced to levels suitable for biological treatment.
Oxygen concentration and temperature have a positive
influence on the global reaction rate. The global expression
for reaction rate has been found to follow Arrhenius
dependence and have a reaction order of one for oxygen
and phenol. The initial pH has a significant effect on
reaction rate. The addition of small amounts of mineral
acids or bases leading to a pH <2 or >6 effectively stopped
the reaction with little phenol conversion after 80 minutes.
If pH is adjusted above the pKa of phenol, however, global
oxidation was rapid with no induction period, probably
due to the high reactivity of phenolate ion. The global
reaction rate at pH> 12 was also found to follow Arrhenius
dependence.
Due to the radical nature of the process, the geometry and
construction materials of the reactor are additional factors to
be taken into account in WAO design. It should be noted
that kinetic constants involving the wall of the reactor
(radical termination, hydrogen peroxide decomposition) are
specific for each case and they should coincide only for
reactors made of the same material and with the same ratio
of surface to volume. Further work is planned to investigate
the influence of reactor materials of construction and
geometry on reaction rates.
The effect of hydrogen peroxide on the efficiency of the
process is significant, facilitating operation at milder
conditions. It has been shown that the decomposition of
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