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ABSTRACT
The public awareness of environmental issues and more stringent environmental
regulations for waste water clean-up are expected to extent the existing treatment
methods to their technological and economical limits. Cross flow microfiltration has
been demonstrated to offer an attractive solution to the clean-up of offshore and onshore
produced water. Its adoption will depend upon the tightness of future environmental
legislation.
The performance and characteristics of three systems were investigated at various
operating conditions: a CERAMESH flat sheet membrane (module), a prototype
CERAMESH spiral wound module and a CERAMEM tubular membrane (module). The
tubular membrane performed better than both the flat sheet membrane and the spiral
wound module. The spiral wound membrane gave the worse performance and there was
some leakage through the seals into the permeate stream. The tubular module unit was
robust and the membranes were easy to clean.
Both synthetic and crude oils were used for simulation of the produced water. The
synthetic oils were dodecane and dodecane-toluene (mixture) in water. The crude oil
emulsions were made with North Sea crude of 35API (light oil) and Claire crude oil
(heavy at 19.8API). The oil droplet size distribution were found to have a significant
effect on the permeate flux decline.

The permeate quality was analysed with a

combination of phase separation and gas chromatography. The permeate qualities were
always crystal-clear.
The relationship between constant flux behaviour and membrane fouling was studied. A
moderate increase of transmembrane pressure to maintain a constant flux was found to
have advantages over the normal constant transmembrane pressure operating mode. The
performance of the membranes were improved, when the filtration was operated at a
moderate transmembrane pressure rather than a high transmembrane pressure (which
increased the initial permeate flux but caused the flux to decline more rapidly to a lower
steady state flux). Maintaining the emulsion feed at 30°C attained stable and a higher

permeate flux than at 40°C or above. The cross flow velocity effect was significant for
the spiral wound membrane whilst for the flat sheet membrane the initial flux was
improved when the cross flow velocity was increased. Addition of salt at the same
concentration as found in the sea water improved the permeate flux several fold.
A method of identifying the fouling mechanisms of the membrane developed from
Hermia’s model was used to analyse the fouling mechanism caused by produced water.
The modified version was incorporated cross flow removal mechanisms. Fouling curves
can be complex for systems with droplets.

The fouling curves for the crude oil

emulsions were more complex than those of the synthetic oil emulsions. Intermediate
pore blocking was identified as the dominant fouling mechanism for spiral wound
module for the dodecane-water emulsion. The results obtained for the flat sheet and
tubular modules were inconclusive. The initial fouling mechanism was changed when
the filtration was operated under a high transmembrane pressure or a high cross flow
velocity condition.
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Chapter 1
INTRODUCTION

1.1

BACKGROUND OF OILY WATER SEPARATION

1.1.1

Introduction

There has always been a need to separate produced water from crude oil. The separated
oil is then treated to a specified quality. However, separation of oil from produced water
to very stringent levels is a relatively new development in the history of oil production.
In the early years, onshore produced water was routed into large tanks or pits for many
days or months for retention before the oil was periodically skimmed off the surface. The
water, which perhaps still contained hundreds of parts per million oil, was either re
injected into highly permeable disposal zones or discharged to rivers. In early offshore
development, water was discharged directly from production equipment with minimum
or even no treatment, provided it did not create a slick or heavy sheen on the surface.
With the growing of environmental concerns, the oil industry voluntarily installed more
elaborate water treatment equipment and the first gas floatation equipment units were
installed in the Gulf of Mexico during mid 1960’s.

Subsequently, regulations were

introduced in the Gulf of Mexico and eventually criteria for permissable levels for
discharge of oil and grease were introduced throughout the world. The treatment of
produced water in offshore fields often becomes more and more of a problem with water
to oil ratios increasing with time. These developments, together with the growing of
onshore needs due to increase levels of produced water from water flooding and steam
flooding has led to the development of new technology and equipment for recovering oil
from produced water.
On a more general level, the discharge of any industrial waste water containing oil
contaminants such as motor oils, greases, cutting oils, drawing oils and vegetable oils
into rivers or the sea has come under increased scrutiny in recent years. So although the
emphasis in this thesis is on produced water, the results will also be of more general
interest.
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Oil/water
Separators
Produced Water

Fig. 1.1: Flow diagram o f crude oil production

Crude oil production (fig. 1.1) is often accompanied on average by an equal volume of
water. An initial separation of oil and water is usually done by a production separator,
which separates most of the oil from the water. The small quantity of the remaining oil
in the water must be reduced to an acceptable limit before the water can be discharged
into the sea or rivers or re-injected for water flooding of the wells.

In onshore

production, the separation is usually carried out with large gravity settling vessels, and in
the past, off-shore separation systems were developed from those used in land based
installations. These tankage based systems in which the floatation was often enhanced
by a fine mist of air and the surfactants dependent on the oil droplets float to the surface.
In offshore production, the conventional technologies, including parallel plate separators,
coalescers, air or gas floatation, granular media filtration, gravity separation and
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chemical treatment, do not produce effluent that consistently meets the discharge limit
and re-injection requirements
The operating cost, space and weight and also the cost to accommodate tankage based
systems in offshore are at a premium rate. The oil industries are currently using liquidliquid hydrocyclones for produced water separation to cut down the operating cost as
well as solving the space and weight problem.

However, hydrocyclones are more

efficient at high operating pressures and with large size oil droplets. It is therefore
necessary to consider increasing environmental pressures from both the public and proenvironmental agencies and develop new technology that will meet current limits across
all oil fields as well as future lower limits. The current regulatory agencies discharge
limits (by oil producing location) are shown in table 1.1, together with some information
on liquid-liquid hydrocyclone performance.
Agency/location

Limit as ppm of suspended oil

International maritime organisation
Tankers (Mid ocean)

100[ 1]

Red Sea, Mediterranean Sea

15

U.S. Pollution Regulations Gulf of Mexico

29

U.K. Department of Energy North Sea

40

Victoria Petroleum Act, 1976 Victoria, Australia

30

[1] This may soon be reduced to 15ppm
Hydrocyclones

Removal efficiency

Standard

good for droplets > 10pm

Rotary type (not used offshore)

good for droplets > 5 pm

Table 1.1: Oily water discharge limit (Young et al, 1993) and hydrocyclone performance

Application of cross flow membrane filtration appears to offer a highly attractive
solution to the problem of disposal of oily water wastes, especially soluble oils and
emulsified wastes, since its efficiency is not limited to droplets greater than 5pm. Before
introducing membrane filtration the other technologies are briefly mentioned.
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1.1.2

Plate Separator

The tilted plate separator is designed to separate and capture 60pm oil globules and was
probably the most widely used for both onshore and offshore fields (Delaine, 1985). The
separator is operated with laminar flow conditions and between the plates, the oil
globules have to rise only to the underside of the plate above, at which point the oil
globules are intercepted. The globules coalesce with others and travel up to the top of
the plates where the large droplets rise quickly to the surface. The requirements of
improved discharge quality, together with the need for size reduction of treatment plant
have given rise to new developments.
1.1.3

Air Floatation

Air (gas) is used to assist floatation of the oil droplets. This can be advantageous when
chemical flocculation is present to break up emulsions and achieve a high efficiency of
oil removal. The process involves injection of microscopic air bubbles into the effluent
stream in such a way that the bubbles attach themselves to the globules or oil/chemical
floes. This reduces the effective specific gravity of the droplet and increases rising
velocity (from Stokes’ law: us = g(pw-p0) d2/18p). The process can be carried out with
dissolved air or using technology that was developed in the mining industry for air
dispersion.

With the dissolved air floatation process, the inlet flow or part of the

recycled stream to the separation vessel is pressurized with air up to 5bar and the
reduction of the pressure to an atmospheric pressure releases the air from the solution
(Delaine, 1985).

However, there is a mechanical complexity, a high operating and

maintenance costs involve as well as much power consumption. Also the initial capital
outlay is a expensive. A dispersed air process can be a better option. In this process, air
is induced into the effluent using a high shear agitator which creates foaming.
1.1.4

Granular Media Filters

Filters containing granular media such as sand, gravel, anthracite or a mixture of
different materials (multimedia filter) can be considered for offshore after a pre-treatment
step to reduce the oil feed concentration. Chemical flocculation can be used to assist
separation, particularly when a very low residual oil content is required. The filter media
serve two purposes such that acting as a physical barrier as well as providing a surface on
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which the oil globules can coalesce. The filter media are usually used for secondary and
tertiary levels of oil removal and the operation is the same cycle as for standard filtration.
That is, the process flow is controlled by the pressure drop or break through, followed by
backwash to clean the media and remove accumulated contaminant and finally return to
process.
1.1.5

Coalescers

A number of designs of coalescer are available for oily water separation to produce a
high quality discharge in the offshore. These are basically improved filtration systems
using media designed to provide a surface on which the fine oil droplets are retained and
collected into larger droplets for subsequent separation. The small pore size used to
create a semi-permeable surface requires the flow to be effectively free from suspended
particulate, which may block the pores. The coalescers are generally preceded by sand
filtration. The coalescer material can be a metal gauge of fine mesh, ceramic or polymer
based and is generally produced in a cartridge form. The contaminant flows from one
side of the cartridge to the other side. The oil droplets are retained on the surface of the
cartridge to collect into separable droplets.
1.1.6

Hydrocyclones

Martin Thew and Derek Colman (1980) of Southampton University first introduced the
modem de-oiling hydrocyclones (fig. 1.2a). Since then hydrocyclones have been used
extensively for off-shore produced brine clean up. However most hydrocyclones are
designed for removing more dense dispersion from the continuous phase. This is done
by creating a vortex within the hydrocyclone, which causes the dispersion to spin and
enhances centrifugal separation. Most oils are less dense than water and therefore when
oil contaminated water is passed through a hydrocyclone, the radial acceleration of the
vortex causes the oil droplets to migrate towards central axis of the hydrocyclone leaving
oil free water near the walls of the hydrocyclones. With a more dense dispersion, most
of the continuous phase is removed in the upstream end wall of hydrocyclone as
overflow and the separated dispersion leaves, with a small part of the continuous phase
from the boundary layer in the under flow. When the dispersion is the less dense phase,
the under flow becomes the greater proportion (usually between 90 to 95%) of the total
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throughput. With oil dispersed in water, the density difference is relatively small (<10%)
and therefore the design of hydrocyclones must ensure very fast tangential flow whilst
avoiding break-up of the oil drops in the region of high shear.

The design of

hydrocyclones (fig. 1.2b) for oily water separation is similar to the one for more dense
dispersion but the difference in requirements leads to a different geometry.

The

hydrocyclones have advantages of minimal space requirement and of lack o f motion
sensitivity. Also the oil rich stream readily coalesces without a need for chemical
treatment.

Oily water feed

Overflow
(oil)

____________________________________________________________________________ Underflow
(water)

Fig. 1.2a: Colman-Thew hydrocyclone

Oily water feed

I
Clean water
(Outlet)
Rejected Stream
(oil)

Fig. 1.2b: D e-oiling Vortoil hydrocyclone
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1.2

MEMBRANE FILTRATION

Membrane filtration techniques are applied to a feed stream ranging from gases to
colloids. Microfiltration (MF) membranes are used to retain colloidal particles of up to
several microns and overlaps with conventional filtration for the separation of small
particles. MF membranes have a large pore size compared to ultrafiltration (UF) and
reverse osmosis (RO) membranes. MF and UF look more similar than they are contrast
to each other. Membrane mediated fractionation of feed stream into two fractions on the
basis of molecular or particulate size is the major use of UF and is a significant
application for MF. Both UF and MF processes work primarily by size exclusion,
permitting smaller species to pass through a membrane while larger ones are retained.
The UF and MF processes were developed for aqueous phase separation applications.
MF is also used in gas-phase filtration and both processes have some non-aqueous liquid
uses.
There are other membrane processes closely related to UF and MF, including
hemodialysis, which is effectively an artificial kidney. This is the largest of all membrane
applications and in many ways, the dialysis membrane is similar to the UF membrane but
the driving force for mass transfer is concentration difference whereas in ultrafiltration
the driving force is pressure. Haemodialysis is a relatively new separation application
but fully mature commercially. The UF and RO (fig. 1.3) units tend to be operated at
high transmembrane pressures and usually have lower flux compared to MF.
0 .0 0 0 1 pm

0 .0 0 1 p m

UF

RO

1A

0.1 Mm

10A

10pm

MF

1000A

100 p m

Coventional
Filtration

100000A

1000000A

Fig. 1.3: Pressure driven membrane processes related to average pore diameter (Porter, ed.).
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1.2.1

Microfiltration

The Conventional filtration processes are typically operated under dead-end flow
conditions and as when filtering a precipitate with filter paper, the flow is normal to the
filter. Ultrafiltration is conventionally operated under cross flow conditions with flow
parallel to the surface of the filter medium. Microfiltration is operated in both dead-end
and cross flow modes. A good understanding of the reasons for the use o f the latter is
necessary in order to understand membrane filtration.

The major difference in the

operation of dead-end and cross flow filtration is “conversion per pass”. For dead-end
filtration, essentially all of the feed entering the membrane is either retained and forms a
cake or emerges as permeate, therefore conversion could approach 100%, all occurring in
the first pass. By contrast with cross flow filtration far more of the feed passes on the
membrane surface than passes through the membrane, and conversion per pass is
generally <20%, but recycling of the retentate stream allows ultimate conversion to be
higher. For cross flow filtration, the feed is pumped across the membrane and the fluid
flows parallel to the membrane surface. A small fraction of the fluid actually flows
through the membrane as permeate and by maintaining the flow velocity, the materials
(retained) by the membrane are usually swept off the membrane surface. The output of
cross flow operation can be maintained at a higher level than the same system operated in
dead-end filtration (see fig. 1.4), since there is little material retained at the membrane
surface in cross flow filtration mode.
Particle build-up
on membrane surface

Retentate

Permeate
(a) Dead-end filtration

Permeate
(b) Cross flow filtration

Fig. 1.4: Schematic illustration o f (a) dead-end filtration (b) cross flow filtration

The cross flow operation can be advantageous when the retained material is likely to plug
the membrane pores or a cake of high specific resistance is likely to build-up to an
excessive thickness.

Cross flow microfiltration processes that incorporate ceramic based membranes have the
technical advantages of increased chemical resistance, and thermal stability as well as
relatively high flux at moderate operating pressures. The different types of MF modules
are described in chapter 3.
Fouling is a significant problem in membrane applications. It is the main resistance to
permeate flow and it can cause a problem with measuring and interpreting the actual pore
size of both UF and MF membranes. Detailed fouling mechanisms are described in
chapter 6, but the importance of fouling is such that a brief overview is given below.
1.2.2

Fouling

Fouling is the term used to describe the additional resistance to permeate throughput that
is created as the membrane is chemically or physically changed by the process feed.
Fouling can be either irreversible or reversible or partialy both depending on the type of
feed being processed. An increase in feed concentration, viscosity, or a low cross flow
velocity can in some operating ranges of pressure cause permeate flux reduction. If the
flux decline from these causes is reversible, by restoring prior conditions the membrane
is not permanently fouled. There are several types of fouling including, prompt fouling,
cumulative fouling, destructive and a rate of fouling.
1.2.3

Prompt Fouling

Prompt fouling is an adsorption phenomenon which can occur so rapidly that in extreme
cases, it can be observed by wetting a membrane with the process feed without applying
any pressure to the membrane unit.

A decrease in pure water flux of the rinsed

membrane indicates a strong likelihood of prompt fouling. Prompt fouling is thought to
be caused by some component in the feed adsorbing onto the membrane surface and
partially reducing the membrane pore size, a typical example would be protein
adsorption. In addition to flux reduction, prompt fouling can increase retention of the
particulate.
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1.2.4

Cumulative Fouling

Cumulative fouling is the slow degradation of membrane flux during a process run. It
can reduce the permeate flux to half its original value within minutes or in months,
depending on the process feed components. Cumulative fouling may be caused by a
minute concentration of some components in the feed stream depositing slowly onto the
membrane surface. Usually the material deposition is followed by rearrangement into a
stable layer that is harder to remove. Cumulative fouling is often related to prompt
fouling because the prompt fouling layer provides a foundation for a subsequent
accumulation of foulant.
1.2.5

Destructive Fouling

If a substance present in the feed at low concentration has affinity for the membrane and
if such material can slowly absorb into the membrane then, in the worst case, the
substance can change the membrane structure irreversibly.

Antifoams are typical

examples of materials that can cause destructive fouling. However since chemically
robust membranes are generally produced today, destructive fouling is very unusual
unless the feed has been contaminated with damaging solutes e.g. silica in RO
membranes.
1.2.6

Rate of Fouling

All membranes used for commercial applications foul, but the significant economical
issue is “how fast is the fouling?”. The membrane producers devote considerable effort
to find safe cleaning agents and economical means to return the membrane to full
productivity, but more often some of the cleaning agents slowly damage the membrane
making the membrane more susceptible to future fouling. Fouling tends to be the most
important economic determinant for most cross flow membrane processes.
1.3

OVERVIEW

In this thesis, the literature survey (chapter 2) presented refers to the history of
microfiltration, cross flow microfiltration, permeate flux improvement, oily water
separation, reverse osmosis, ultrafiltration, microfiltration for oily water separation and
other oily water separation processes including coalescer media and hydrocyclones. Oil
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droplet size in an agitated liquid-liquid system is also reviewed in the last part of chapter
2. Chapter 3 describes the early experimental investigations with a small flat sheet
membrane and with a spiral wound module including oil droplet size measurement and
flux decline. The theoretical background of both dead-end and cross flow filtration is to
be found in chapter 3, together with a discussion of the early results.
experimental work is presented in chapter 4.

The main

The tubular module investigation is

described in chapter 5. Membrane fouling mechanisms are detailed in chapter 6 together
with the description of the theoretical background of a modified version of Hermia’s
physical model presented in 1982. The conclusions drawn from the investigation are
presented in chapter 7. Appendix A describes evaluation of a new membrane, data
analysis, model analysis, deterioration of membrane performance and emulsion
formulation. Appendix B details hazard data for the synthetic oils and appendix C
describes the computer program used to monitor the pressures and permeate flow.
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Chapter 2

LITERATURE SURVEY
2.1

INTRODUCTION

Microfiltration is second only to dialysis as the oldest membrane application that is still
practised commercially. Microfiltration grew out of the discovery of nitro-cellulose in
1846. Fick was probably the first to report on a synthetic microfiltration (cellulose
nitrate) membrane in 1855. It was not until 1906, that Bechhold published the means to
alter the variables affecting the membrane characteristics. The work included a graded
series of MF membranes with varied permeability and an estimation of pore diameter
using the capillary equation and Poiseuille’s law.
Zsigmondy and Bachmann in 1918 developed the findings of Bechhold and others into a
manufacturing technology and produced nitro-cellulose and cellulose ester membranes
on a semi-commercial scale. Zsigmondy obtained an U.S.A patent on the process in
1922. Sartorius-Werke Akiengesellschaft Company refined the Zsigmandy process and
began a small scale production of commercial membrane filters. The production was
very slow and the company was only interested in the research community.

The

membrane filters produced were used for the removal of particles, micro-organisms and
viruses from liquids for diffusion studies and for the sizing of proteins.
During the World War II, much of the German water supply was destroyed in air raids.
The authorities were then forced to check the drinking water for contamination at regular
intervals. The standard methods for bacteriological analysis were time consuming and
cumbersome and took up to 96 hours for water analysis. Gertrud Muller and associates
at the Hygiene Institute of the University of Hamburg developed membrane filter
techniques for the analysis of bacteria in the water. A sample of the water was filtered
with the membrane and all of the bacteria and the flora were trapped on the membrane
surface.

The membrane was placed in contact with a nutrient medium, where the

organisms were grown into visible colonies within 12 to 24 hours.
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After the war, the U.S Joint Intelligence Objective Agency investigated much of the
microfilteration technology during the post war assessment of the German science and
technology. Alexander Goetz was a leading investigator and within three years, he
developed new production method capable of producing a membrane with improved
permeate flow rate and uniform pore sizes. In 1950, The Lovell Chemical Company won
a contract to develop the findings of the Goetz’s work further and onto semi-commercial
production. It took the company four years to manufacture equipment for membrane
production, which was then sold to the newly formed Millipore Corporation. Within
months, Millipore set up the equipment to produce eight different pore size membranes
from 0.1 to 10pm. However, the major market did not emerge until 1957, when the U.S
Public Health Service and the America Water Works Association officially accepted the
membrane filter as capable of bacterial recovery.
Until 1963, microfilters were predominantly nitro-cellulose or a mixture of cellulose
esters. As new applications emerged, there was a need for improving the membrane both
in terms of chemical resistance and heat stability. These requirements prompted the
investigation of other materials and methods of fabrication. There is a wide variety of
filter media available in today’s market. Reverse osmosis and ultrafiltration emerged
much later neither being developed from microfiltration.

An attempt was made to

develop a few UF membranes by MF firms, but UF is clearly derived from RO. The
difference in the route of developing UF and MF continues to divide the two processes to
this day, even though the two processes are closely related technically.
2.2

CROSS FLOW MICROFILTRATION

Conventional separation processes, such as pressure or vacuum filtration and
centrifugation rely to a large extent on mechanical force(s) to remove unwanted liquor
from suspension. The processing of a feed using these techniques is often uneconomical,
difficult and time consuming due to the dominant influences of surface effects and
particle-particle interaction. Cross flow microfiltration (MF) has become an important
process for separation and concentration of solutions of micro and macro-solutes. The
process is increasingly used for solid or liquid separation in the food, beverage, and
biotechnology waste and water purification industries. Cross flow microfiltration is a

13

pressure driven process and is distinguished from other membrane processes by the size
of particles it can retain, i.e. RO (0.0001-0.00 lpm), UF (0.001-0. lpm) and MF (0.110pm)
2.2.1

Permeate Flux Decline

Extensive research has been carried out to understand the mechanisms of permeate flux
decline and its improvement. Baker et al (1985) investigated the factors affecting flux of
mineral slurries and observed that cross flow velocity had a significant effect on the
specific cake resistance; values of 10 times greater than that for dead-end filtration are
possible. Millsic and Aim (1986) studied the behaviour of particles near to and on the
membrane surface and suggested that increasing cross flow velocity does not always
improve filter performance, due to the increase in hydraulic resistance and substantial
filtrate flux reduction. Riesmeier et al (1987) investigated the formation of membrane
sublayers of a standardized Ecoli suspension broth with a tubular and a flat channel
module of different membrane material. It was found that sublayer resistance is a
dominant factor for the flux rate decline. Mackay and Salusbury (1988) investigated the
recent improvements in membrane technology and observed that cross flow membrane
filtration was more reliable than centrifugation. Mackley and Sherman (1992) studied
cake filtration of known particle sizes and summarised their observation as:
(i) Particles were drawn towards the filter cake in a manner determined by the relative
magnitude of the cross flow velocity and filtrate flux
(ii) When the filtrate flux was dominant, particles were adverted to the cake surface and
attached at the impact site, i.e. the packing was non-selective,
(iii) In the dynamic regime when cross flow was dominant, the particles rolled along the
cake surface until captured at a stable site and eventually particles impacting upon the
cake did not attach to it, i.e. the packing was highly selective
(iv) No evidence of particle back diffusion was observed.
Wakeman and Tarleton (1991) and Tarleton and Wakeman (1993, 1994) studied the
membrane fouling of a colloidal suspension of known particle size, shape, surface and

14

chemical composition. Their principal observations were (i) with small particle sizes
permeate fluxes were lower; (ii) surface forces were higher for reduced particle size but
(iii) the effect of the particles shape on the permeate flux could not be quantified.
Hodgson et al (1993) visual observations revealed that yeast cakes were of the order of a
single layer in thickness, formed quickly and irreversible when pressure was applied to
the cake.
Leenaars and Burggraaf (1985), Hsieh (1986) and Hsieh et al (1988) studied the
preparation and characterization of alumina membrane. It was observed that inorganic
membranes are mechanically stable up to 50bar and no irreversible changes of the
membrane occurs with pressure difference between 2 to 50bar. Gekas and Hallstrom
(1990) reviewed the methods of microfiltration preparation, characterization, commercial
and potential applications, including emulsion filtration.
A number of authors have used a theoretical approach to understand the performance of
cross flow microfiltration. Leonard and Vassilieff (1984) and Davis and Birdsell (1987)
presented models to predict cake layer thickness development over time. It was
suggested that the cake layer thickness increases in the direction of feed flow,
concentration of particles in the suspension, transmembrane pressure drop and relative
viscosity of the cake layer. Zydney and Colton (1987) presented a model to modify the
concept of concentration polarization. They replaced Brownian diffusivity with shearenhanced diffusivity of large particles. Davis and Leighton (1986) presented a model to
describe the transport of a concentrated layer of particles along a porous wall under
laminar flow.

It was suggested that the effect of shear-induced motion is the net

migration of particles from a region of high concentration to one of low concentration.
Romero and Davis (1988) reported that particles near the entrance of the filter channel
are swept downstream by shear flow. Beyond this region (termed as the critical distance)
the shear flow is unable to sweep all of the deposited particles downstream. Therefore a
stagnant cake or fouling layer is formed on the membrane surface. Lu and Ju (1989)
studied the cross flow and hydrodynamic forces exerted on a single spherical particle on
the surface of a filter. They observed that the particles whose diameters were smaller
than the cut-off diameter could deposit on the membrane surface to form a cake. Davis
and Sherwood (1990) presented a model similar to Romero and Davis of which, an axial
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convection in the differential mass balance was considered and retained through out the
integration across the entire boundary layer. Asaadi and White (1992) proposed a model
based on dimensional analysis that provides a basis for estimating the optimal parameters
for microfiltration operation. Schmitz et al (1993) presented a model to predict the
deposition and aggregate formation of particles on a membrane surface. Bentrcia and
Drew (1990) used a perturbation technique to model the flow of dilute particle fluid
mixture in a channel with porous walls.
2.2.2

Permeate Flux Improvement

Both experimental and theoretical techniques have been used for the improvement of
permeate flux.

Millsic and Bersillon (1986) studied anti-fouling techniques on a

bentonite suspension. These included the use of an abrasive, filtration aids, backwashing
and pulsated flows. They found that abrasives cause the process equipment (including
pumps and tubing) to deteriorate quickly. The dynamic precoatings or filtration aids lead
to a more permeable filtration cake but backwashing requires more permeate than is
produced. Applying pulsation to the feed stream controls the particle fouling but
membranes clogging by colloids or macromolecular materials, which occur in natural
water, are not removed. Vigneswaran and Pandey (1988) used an empirical approach to
characterize membrane performance. They found that the generation of standard curves
requires a large number of data to be analysed before they can be used as standards.
Field et al (1992) investigated the influence of surfactants on microfiltration membranes
and found that the flux decline of hydrophilic CERAMESH membrane (zirconia coated,
nickel alloy mesh composite membrane) was not higher compared to hydrophobic PVDF
membranes. However PVDF of different pore sizes (0.2 and 1.5pm) had similar flux
decline curves. Scott et al (1992) suggested that emulsions with a droplet size of around
a micrometer can be separated successfully using membranes with a modified surface.
Peuchot and Aim (1992) reported the use of flocculant addition to the retentate loop.
Lojkine et al (1992) reviewed cross flow microfiltration of cell suspensions and
suggested that permeate flux can be increased by increasing particle size.
Tarleton (1988) studied the application of electric and ultrasound fields to filtration of
colloidal material. He suggested that the relative efficiency of the technique depends on
the nature and the characteristics of the foulants, module and type of membrane used for
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the treatment. Brunold et al (1988) studied the flow patterns of oscillatory flow in
rectangular ducts containing sharp right angled bends and oscillatory flow in baffled
tubes.

They observed that increasing the number of edges or baffles increases the

complexity of the flow. Holdich and Zhang (1992) investigated a rotational fluid flow
technique to enhance filtrate flux rates and observed a 20% energy saving. They
suggested that the technique could be applied to suspensions in which the dispersed
phase is less dense than the continuous phase, such as oil in water. Howell et al (1993)
and Wu et al (1993) studied a vortex mixing technique based on the combination of
pulsatile flow and baffles in a flat sheet microfiltration module. The fluxes of the yeast
cell harvesting and recovery of proteins from yeast cell debris were enhanced several
fold. Spiazzi et al (1993) studied pulsation in the membrane bundle. The pulsation was
generated using an equally perforated rotating distributor disc placed in front of a tubular
membrane bundle. They observed that cross flow velocity could be reduced by 50% with
the same power consumption per unit permeate flux as was required for steady cross flow
filtration. Gupta et al (1993) suggested that the pulsation flow technique is effective
when permeate flux at steady state becomes independent of TMP.
White and Lesecq (1993) studied a cyclical stop-start technique for flux improvement.
They suggested that the process can be optimised (if the feed pump is kept operating),
because the pump can then be used to operate several filter modules in parallel. Bertram
et al (1993) used a collapsible-tube pulsation generator technique to improve filtrate flux
by 60%. Mackley and Sherman (1994) presented a filtrate flux enhancement technique
based on periodic switching of the differential pressure across the filter cake. They
suggested that the flux enhancement might be due to efficient cake erosion caused by
eddy circulation both up and down stream. Also, under oscillatory flow conditions, the
filtrate flux can be improved by more than ten fold above the steady cross flow value, if
the local differential pressure fluctuations are created to entrain gas bubbles through the
filter.
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2.3.

OILY WATER SEPARATION

The America Petroleum Institute (API) was the first organisation to publish a design
procedure for an oil interceptor for refinery wastewater treatment in 1930.

The

conventional API separator consists of a channel (or channels) through which the water
passes horizontally at a velocity, which allows the droplets that rise to the surface to be
skimmed off. The standard API separator is designed to capture oil droplets of 150pm
and above, this means that the effluent quality will not be free of separable oil, because a
significant proportion of the oil droplets are below the 150pm diameter. The size and
area of the API separator allows for disturbance of the separation process by wind
turbulence and short circuiting of the contaminant.

The Royal Dutch Shell Group

investigated improvements in the API separator and developed a parallel plate
interceptor. The API separator channels were filled with parallel plates stacked one next
to the other at an angle to the horizontal. This provides more laminar flow and the plates
in effect provide a surface area for the separator, which is the sum of the horizontal
projections. The channels could therefore achieve improved separation efficiency with
smaller oil droplets compared with similar sized API channels. This limitation of the API
separator led to the development of a number of separator designs using the plate
principle. The filled plate separator is perhaps the most widely used of the plate systems
both onshore and offshore and it is designed to capture 60pm oil droplets. Tabakin et al
(1978) investigated a number of options of technology available for oily water
separation. The options included flotation, centrifugal separators, emulsion breaking,
filter coalescence, biological treatment, carbon adsorption, gravity separation and
membrane filtration. It was observed that of all the processes, ultrafiltration and reverse
osmosis treatments could be used to produce ‘oil-free’ effluents but that they require a
large capital investment and high operating costs. Delaine (1985) reviewed offshore
produced water separation systems and compared various separation systems.
summary is given in table 2.1.
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A

Plant process

Output quality (mg(oil)/l)

Comment

API separator

50+

Large surface area, fire hazard from floating oil
gravity systems.

Tilted plate separator

20

Effective large surface area in small unit by use of
plates.

Air floatation

<10

Power requirement, high chemical usage may be
necessary.

Granular media

<5

Secondary treatment only, chemicals may be
necessary, backwash must be treated.

Coalescers

<5

Secondary treatment only, power required.

Membranes

<2

Secondary treatment only, high cost and power
requirement.

Table 2.1: Comparison o f oily water separation systems

The concentrations refer to “free” insoluble oil only. Delaine suggested that due to the
continuing effort to achieve lower levels of oil contamination in the discharge, it is likely
that coalescer or membrane systems will gain increased favour. Svenson (1996) reported
that centrifuges are expensive both in capital expense as well as in operating costs but the
use of centrifuges for water treatment can be justified when other equipment has
insufficient performance, and centrifuges combined with conventional equipment can
optimize overall separation.
Nagendran and Hrudey (1980) studied an electrolytic flotation process for treating
recycle water from in-situ oil production. They observed that the platinum electrode
insertions without the addition of an external coagulant were ineffective. Aluminum
electrodes were effective but there was a high rate of anode corrosion. Using platinum
electrodes with a combination of a ferric chloride was more effective than ferric chloride
alone, but the cost of ferric chloride and chemical coagulant were very high. Hosny
(1992) studied an electroflotation cell with an insoluble electrode for oily water emulsion
treatment. The cell was made of Plexiglas of 8x9 and 30cm in height. The cathode was
a stainless steel screen (wire diameter of 0.16mm and 400 wire intersections with area
120cm2) positioned horizontally at the top of the lead anode and the gap between the two
electrodes was 1.5cm. An emulsifier (350mg/dm3) was added to the oily water to give a
stable emulsion. He observed that oil rejection rate increases with current density up to a
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value of 100A/m2 (1.2A). An addition of NaCl and flocculant improved the overall oil
rejection from 70% to 88%. The energy values obtained were in the range of those
processes using soluble anodes.
2.3.1

Reverse Osmosis

Markind et al (1974) evaluated laboratory and pilot plant RO as a process for
concentrating wastewater containing emulsified or soluble cutting oils.

The waste

streams containing between 1 to 5% oil were processed to produce 30 to 60% oil
concentrate and a permeate with less than 500ppm chemical oxygen demand (COD).
They found that reverse osmosis can be used effectively to concentrate cutting oil while
producing a permeate that can be reused or in most cases dumped to sewers. They added
activated carbon to the permeate stream to remove the phenol before the permeate was
discharged to a receiving water body. The economical evaluation favoured RO systems
for its reliable method for disposal of waste cutting oil.
2.3.2

Ultrafiltration

Goldsmith et al (1974) carried out experimental studies on the ultrafiltration of soluble
oil wastes. The experiments were based on the soluble wastes generated at a river works
facility and these included emulsified machine coolants, synthetic and semi-synthetic
coolants, and oil contaminated water. They found that ultrafiltration was a preferred
alternative to the normally used chemical flocculation and coagulant systems followed by
dissolved air flotation.

The process required low capital equipment, installation,

operating cost and provided very high oil removal efficiency i.e independent of inlet oil
content.

Bansal (1975) studied laboratory and small scale pilot plant ultrafiltration

modules with an inorganic membrane for concentrating cutting oil, drawing and
compounds oil, lubricating, rolling and vegetable oil wastes. The costs of UF systems
were compared to disposal and haulage rates, and found that the UF systems were
economical. Harris et al (1976) studied the treatment of oily bilge water using a tubular
module with cellulose and noncellulose membranes. The bilge oil was obtained from a
patrol craft fleet. Other tests were also conducted with a turbine lubricating oil, fuel oil
and fuel oil with a nonionic detergent. They observed that both membranes removed
some of the dissolved metals (such as zinc and ferrous metals) found in the bilge water
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and the oil content in permeate was found to be less than 15ppm. The detergent added to
the emulsion increased the rate of flux decline compared with emulsion without
detergent. Non-cellulose membranes had higher fluxes than cellulose membranes. Priest
(1978) studied the economics using UF systems for the treatment of waste oil emulsions.
He observed that the UF systems could be used to reduce the lubricant cost by 17%.
Dhawn (1978) reported the design and installation of an ultrafiltration plant for the
treatment and recovery of emulsified oil. The production plant treated oily water from
washers, where the drawing inks on the metal surfaces were removed by a mixture of
water and emulsifiers. The waste oily water concentration was between 0 to 5% and the
UF system continuously separated the oil from the oily water and maintained the oil
concentration under 5%. The concentrated oil from the UF system was settled in settling
tanks to give a final oil concentration of the recovered oil between 70 to 90%. The
permeate contained most of the emulsifiers and was returned to the washers. Tanny and
Hauk (1980) reported on a novel cross flow flat sheet module. The module consists of a
circular array of parallel pleated thin channels with membranes as the inner walls,
supported by a porous medium. The permeate flowed to the centre as in a spiral wound
device. The outer walls were flexible and separated from the membrane by a turbulence
promoting spacer. The module was tested with an aqueous solution containing bacteria
(which was linked to a proposal to re-inject water into well heads for enhanced oil
recovery) and with yam scouring waste from a textile treatment plant.
Lee et al (1984) investigated concentration polarization and characterised the “gel”
concentration of soluble oil. The fouling mechanisms were analysed in terms of surface
tension, wettability of a membrane and capillary pressure. They suggested that the
membrane fouling is due to adsorption of oil on the membrane structure which changed
the surface tension and the wettability, as well as pore diameter and hence led to
permeate decline. The gel concentration was found to be 40% and was independent of
pressure. Anderson and Saw (1987) studied the feasibility of designing a membrane
surface that would enhance oily water separation with cross flow filtration. The surface
characteristics of both ultrafiltration and microfiltration membranes were both modified
by adsorbing a surfactant onto the membrane.

Polysulphone (2000 MWCO) and

cellulose (2000 MWCO) membranes were used. Mixed ester asymmetric membranes of
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pore sizes 0.45 and 1.2 pm were used for the microfiltration. The membranes surfaces
were modified by soaking the membranes in 0.1% of lutensol at 20 °C and pH7 followed
by a rinse with distilled water. Cotton seed oil was used to prepare the oily emulsion.
They found that the flux of the polysulphone (hydrophobic) membrane was unaffected by
the modification but the cellulose (hydrophilic) and microporous membranes attained
values that were about 5% lower than the untreated membranes.

The microporous

membranes also showed an increase in rejection, which was dependent on the pore size;
i.e. 0.45pm membrane had better rejection than 1.2pm pore size membrane.
Lipp et al (1988) investigated the factors affecting both flux and rejection of soluble oil
water emulsion.

The droplet size distributions were measured with a laser light

scattering analyser. They observed that oil coalescence in the polarized layers had a
wider size distribution and substantially larger mean drop size than that of the feed.
Permeate had a wider size distribution with a few very large droplets, possibly caused by
coalescence within the membrane. The oil rejection coefficient was >99.9% with less
than 20ppm oil in permeate. The total organic carbon (TOC) rejection coefficient was
>96%. The TOC in the permeate was increased as a result of TOC being released from
surfactant or additive used for droplet coalescing. Daiminger et al (1995) presented a
novel technique for separating oily water dispersions. The technique was the flowing of
dispersions through thin microporous hydrophobic membranes having a pore size similar
to the oil droplet size. The filter coalesced the oil droplets to form large droplets before
they were subsequently separated with a MF hollow fiber module. They observed that
the fraction of separated oil was independent of concentration and flow velocity.
Belkacem et al (1995) studied the application of membrane technology for wastewater
consisting of metal working fluids where the emulsions were stabilized with anionic
surfactants. The feed solutions were prepared using “SARELF A” cutting oil (produced
by ELF in France). The emulsion contained 80% mineral oil and 20% of surfactants,
cosurfactant and various additives, and the emulsion feed concentrations were 2 - 40% by
volume in water. They observed that an addition of salt (CaCl2) of low concentration
(5g/l) could induce great improvement in the permeate fluxes which was due to partial
destabilization of the oil layer near the membrane (the salt was referred as “reactive”).
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2.3.3

Microfiltration for Oily Water Separation

Brewer (1986) studied field trials of 2pm membrane cartridges specified for a low
pressure system for removing more than 99% oil from “liquid clarifier” for North Sea
offshore platforms, but operating conditions were not specified. Bhave and Fleming
(1988) studied the removal of oil contaminants in waste water using a microporous
alumina membrane. The oil wastes were obtained from vegetable oil refinery plant and
slop oil samples from a lubricating oil processing plant.

The effects of operating

parameters such as cross flow velocity, transmembrane differential pressure, temperature,
membrane pore size, pretreatment of the feed and separation characteristics were studied.
It was found that microporous alumina membranes were suitable for the removal of oil,
grease and particulate matter from the wastewater. The permeate flux was found to be
high and stable and contained 3-5mg/l of oil and grease. Backflushing was found to
improve flux by 5%.

Lahiere and Goodboy (1993) evaluated ceramic alumina

membranes for treatment of three aqueous streams containing heavy metals, oils and
solids at a petrochemical plant.

Pilot studies were carried out at a vinyl chloride

monomer (VCM) plant, where heavy metal precipitate solids were filtered with the
membranes and also 1,2-dichloroethane (EDC) water emulsion and the solids were
treated. Alkyl benzene oil wastes were also treated, but it was only on the laboratory
scale and the permeate was found to contain less than 5ppm of oil and grease, after
pretreatment with HC1 and ferric chloride. The preliminary financial analysis showed
that the installed system cost for a ceramic membrane unit was comparable to other
membrane technologies, but the operating cost was anticipated to be lower.
Groves and Bartman (1990) applied known filtration and solids de-watering methods
derived from hazardous waste applications to the treatment of oil field brine. The
experiments were performed on several wastes, including re-injection water for
secondary recovery, potable water for aquifer recharge and cleaning of surface discharge.
The module (Exxflow) was based on a highly specialized woven textile tubular array.
Different types of membrane characteristics were produced by using particulate matter in
the feed itself, filter aid materials, metal hydroxides (Fe, Al, Ca), lime precipitates such
as calcium carbonate, and powdered adsorbents such as activated carbon, ion exchange
resin and inorganic clay materials. The module had high temperature resistance (100°C)
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and pH resistance (1-14) with chemical compatibility to strong cleaning solutions. The
module was operated in the pressure range of 1.4-3.5bar with a cross flow of l-2m/s.
The pilot plant studies on produced water, showed removal of iron sulfides bacteria and
silica from 50-200 mg/1 down to 5-15 mg/1. The cost of Exxflow was compared with a
conventional micron filter cartridge. The cross flow filtration had savings of 50%
compared to the micron cartridge.

Chen et al (1990) studied two onshore and two

offshore pilot plants with Petrolox ceramic membranes for separating oil, grease, and
suspended solids from produced water. The process was applied to offshore overboard
discharge and re-injection for water flood.

The process comprised a chemical

pretreatment to form discrete solids and a subsequent cross flow microfiltration. The
pilot studies were carried out at two onshore locations in Louisiana and two offshore
platforms in the Gulf of Mexico. The feed operations and treatment targets from the four
field locations are given in table 2.2. Technically at least three projects were successful.
Location
Lafayette LA (Louisiana)
Earth, LA (Louisiana)
Eugene Island Block
(Gulf o f Mexico)
Vermilion Block
(Gulf of Mexico)

Feed
(mg/1)
100-300
166-583
27-108

Treatment target
(mg/1)
<48
<48
<10

105-574

<48

Permeate
(mg/1)

Retentate
(mg/1)

<9
<5

100-2900

2-5

>215

Table 2.2: Separation performance of Petrolox ceramic membrane for oil and grease onshore and
offshore pilot plants (Chen et al, 1990).

Field (1992) and Koltuniewicz et al (1993) carried out preliminary investigation of an
oily water emulsion. The experiments were performed on both dead-end and cross flow
with feed containing lOOOppm of dodecane.

The tested membranes were 0.45pm

Millipore (PVDF), 0.1pm Gelman (polysulphone) and 0.1pm CERAMESH membranes.
The CERAMESH membrane was found to reduce the fouling tendency and the
membrane performance was observed to improve under turbulent condition (the cross
flow velocity above 0.6m/s)
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2.3.4

Coalescer Medium for Oily Water Separation

Arato (1982) investigated the feasibility of separating a very highly dispersed
concentration with a ceramic filter coalescer medium. The ceramic used was an Aerolite
grade filter tube, 500 mm long with 60 mm O.D, 40 mm I.D and an average pore size
diameter of 18pm. A Jabsco pump mixed the diesel fuel and water (emulsion). He
found that the ceramic tube coalescer produced a very efficient separation of the diesel
oil-water dispersion, containing up to 60% by volume, provided the applied head
differential did not exceed the critical value of 4m (ie about 0.4bar).
2.3.5

Hydrocyclone for Oily Water Separation

Colman et al (1980) investigated a series of hydrocyclone designs for the removal of
small amounts of finely divided oil from offshore produced water. The experiments were
based on Forties and Kuwait crude in fresh water at 10 °C and flow rates up to 250 1/min.
They observed that the oil removal rate depended critically on oil droplet size, i.e. for
Forties, 99% separation occurred at a droplet size of 55pm whilst 75% separation of the
droplet size 23pm. The operating conditions were a feed flow rate of 250 1/min, a
pressure drop (between inlet and oil-enriched stream outlet) in the range of 3-4 bar, and
this was 2 bar less than the pressure of the oil depleted stream. A smaller hydrocyclone
was used for further cleaning of the oil depleted stream. With this two stages system,
99% of the Kuwait crude was separated at 40pm and 75% at 13pm. A third design, of
simpler geometry was found to be less efficient due to oil droplets break-up. Break-up
was not detected in two other designs.

Hayes et al (1985) developed the Vortoil

hydrocyclone for treating produced oily water from the Bass Strait offshore field. The
Vortoil was fabricated with liners of size 35mm and 60mm diameter. The Vortoil design
capacity was determined by the availability of the driving pressure and the maximum
operating flow rate, which was limited by the downstream outlet, but it was essential to
have efficient removal of oil from the core. The separation efficiency was found to
increase with inlet oil concentration, due to an associated increase in mean oil droplet
size.
Meldrum (1987) studied 35mm and 60mm diameter Vortoil hydroclones on test trials of
Murchison and Hutton TLP oil field platforms. The Murchison platform tests were
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based on five units of 4 in 1. The 35mm Vortoil hydrocyclones were operated in parallel
at an upstream pressure of 13.5 bar gauge and the removal efficiency had a maximum
plateau of 85%. The inlet produced water concentration was 40ppm of oil with the outlet
in the range of 5-10ppm, and outlet samples were observed to be clear with the naked
eye. The Hutton tests were based on two single 60mm diameter liners, which were
operated in both series and parallel arrangements. The 60mm unit had 2.5 times the
capacity of a 35mm unit for the same driving force (pressure). The inlet concentrations
of the 60mm units were in the range of 100-6000ppm, but most of the runs were between
2000-3OOOppm and the outlet concentration was 70ppm with an oil removal efficiency of
80-90%. Flanigan et al (1988, 1989) studied the effects of droplet sizes and low shear
pumps on the performance of de-oiling hydrocyclones at low pressure. The experiments
were based on 35 mm and 60 mm Vortoil hydrocyclones. They observed that 35 mm
diameter hydrocyclones were more effective in removing small droplets than 60mm
diameter ones. The pumps tested were progressive cavity, twin lobe, sliding rotary vane,
centrifugal and twin screw pumps. The progressive cavity pump had the least effect on
oil droplets.
Comitius (1988) reported on advances in water treatment production. The investigation
was based on an assessment carried out by a consulting firm (Ewbank Preece), and this
was on the merits of available water handling schemes and developed solutions. The
assessment was based on 16pm oil globules and four separation systems, which were
corrugated plate separators, gas flotation, filter coalescers and hydrocyclones.

Each

system was evaluated against a target of the oil in water discharge of 40ppm. Factors
that were taken into account included process efficiency, impact on the existing systems,
equipment layout and the weight of the separation unit. The hydrocyclones were found
to be the most efficient units being of low weight and requiring small space. The entire
system of 4 in 1, 60mm hydrocyclone setup weighed 4.9 tons which included a 3 tons
reject oil tank and two reject oil pumps weighing a ton. In comparison, the corrugated
plate separators (CPS) weighed 146 tons, the gas floatation was 296 tons and the filter or
coalescer systems weighed 208 tons. In terms of power consumption, the hydrocyclone
unit used 30kW of electric power compared to 90kW for the CPS and the gas floatation
tank and 254kW for the filter or coalescer systems. The hydrocyclones were observed to
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operate well at a typical pressure of 3.5bar but in many oil fields the produced water may
not have sufficient surface pressure to drive the units while maintaining an acceptable
production rate. Thus extra pumping costs would be occurred.
Schubert (1992) and Young et al (1994) studied improvements of de-oiling
hydrocyclones. The investigations were based on the effects of operational parameters on
the design of the hydrocyclone. The hydrocyclone dimensions were varied incrementally
in order to determine optimum design parameters. These dimensions include inlet size,
cylindrical diameter, cone angle and the straight section length.

The 35mm

hydrocyclone was tested with ‘Bumpass’ (0.85g/cm3) crude and South China Sea
(0.95g/cm3) crude oil. They observed that a properly designed centrifugal pump can
produce low shear and a cone angle of approximately 6 degrees provides the best
separation over a broad flow range. The hydrocyclone performance was found to be
independent of the underflow pressure, provided the back pressure is enough to drive the
oily water out the overflow. A minimum operating pressure for 35mm hydrocyclone was
3.5bar, although for a field use, a recommended set point was 4 to 5bar. It was also
reported that hydrocyclone systems are currently handling inlet concentrations averaging
300 to 500ppm with outlet levels averaging less than 20ppm.

However private

information suggests that on some North Sea oilfields, the target of 40mg/l is difficult to
meet using hydrocyclones.

Furthermore the development of newer oilfields with

medium to heavy crude would reduce the density difference that is crucial to
hydrocyclone operation.
2.4

OIL DROPLET SIZE IN AN AGITATED LIQUID-LIQUID SYSTEM

This review has been included because a dispersed phase of oil in water will be used in
subsequent experiments.
Liquid-liquid dispersions are usually encountered in liquid-liquid contact operations
such as solvent extraction, emulsion treatments and liquid membrane separations. The
dispersions are normally maintained in a desired state of oil in water (O/W), water in oil
(W/O) or a multiple emulsion type such as oil in water in oil (O/W/O) or water in oil in
water (W/O/W). When two immiscible liquids are brought into contact in an agitated
vessel, dispersion is formed as a result of the mixing process. The mixing involves two
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processes, one is the rate at which the bulk liquid of one phase breaks up to form fine
droplets and the other is rate at which small droplets coalescence. However, if agitation
continues over along time, then local dynamic equilibrium is established between break
up and coalescence. The equilibrium droplet size distribution in a batch system mainly
depends on the relative magnitude of the two processes. Early experiments showed that
the breakage and coalescence rates depend on variables such as the geometry of the
vessel, energy input per unit mass and dispersed phase fraction as well as the physical
properties.
Roger et al (1956) studied the effect of impeller speed, impeller diameter, tank diameter,
density, viscosity and interfacial tension on interfacial area and settling time of liquidliquid systems. They observed that with most systems, the stable dispersion at low
energy input was O/W, but as the energy input was increased, the system inverted to
W/O.

Sprow (1967) investigated emulsion droplets size distribution at different

locations in a turbine mixer with a methyl isobutyl ketone-salt water system and
observed that the droplet size distribution depended on the position of the sample. The
droplet size was smaller near the impeller tip and larger at the bottom of the mixing
tank. Bouyatiotis and Thornton (1967) studied continuous flow droplet size distribution
and dispersed phase hold up of ethyl acetate, toluene, butyl acetate and iso-octane as the
dispersed phases in a 17.78 cm diameter baffled vessel. The results were compared to
droplets size distribution measured under batch conditions. They observed that the
values of the Sauter-mean droplet diameter were identical in both operational
conditions. McCoy and Madden (1969) studied the effect of stirring speed on droplet
size distribution using the encapsulation method. Ross et al (1978) studied the effect of
agitation rate and dispersed phase fraction on drop coalescence and breakage rates. They
observed that at low impeller speed, the agitation rate has little effect on the mean drop
size.
Narsimhan and Ramkrishna (1980) studied transient droplet size distribution in a stirred
liquid-liquid dispersion of low dispersed phase fraction of 0.05-0.5%. They observed
that the transition probability function for droplet breakage showed a steep decline as
droplet size decreased towards a maximum stable value. Hong and Lee (1983) studied
the changes of the average droplet size distribution and minimum transitional time
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required to reach steady state during dispersion. They observed that the average droplet
size distribution changed from a very wide distribution to a very narrow distribution as
droplet size reduced.

Stamatoudis and Tavlarides (1981) investigated the effect of

impeller rotational speed on the droplets size distribution of liquid-liquid dispersions.
The experiments were carried with kerosene in aqueous glycerol and mineral oil in
aqueous glycerol. They observed that, increasing impeller speed breaks up the droplets
to a smaller droplet size and a narrow droplet size distribution. Brooks and Richmond
(1994) studied the dynamics of the phase inversion in agitated liquid-liquid dispersions
of oily water stabilised by non-ionic surfactants. The data of droplet diameter were
obtained using two optical techniques: (i) optical microscopy, for all emulsions in a
stabilised state, and (ii) photon-correlation spectroscopy (PCS), for drop sizes in the
range 10 nanometers to approximately 3 microns. They observed that the droplet size
decreased and the emulsification rate increased as the transitional inversion point was
approached.
A number of investigators have presented equations that relate droplet size to mixing
parameters and physical properties of the liquid systems. Youval and Resnick (1972)
presented a correlation relating mean droplet size to the impeller diameter, Weber
number and dispersed phase hold up. The correlation was based on the experimental
data of droplet size distribution measurements, using the encapsulation technique.
Weinstein and Trybal (1973) studied droplet size distribution and a dispersed phase
holdup of a liquid dispersed in a covered and unbaffled agitated vessel.

The

investigation was carried out using vessels of diameter 0.245 and 0.372m and turbine
impellers of diameter 0.0762 and 0.127m located at two different positions. They
developed a correlation based on modification of theories of maximum droplet size in an
isotropic turbulent fluid.

Coulaloglou and Tavlarides (1976) studied droplet size

distribution and mixing frequencies in a turbulent agitated flow vessel. They used a
flash photomicrographic method and a modified dye-light transmittance technique for
droplet size measurements. The results were compared to a correlation reported in
literature and tested the validity of breakage and coalescence functions based on the
theory of local isotropic turbulence. Skelland and Lee (1978 and 1981) presented a
correlation for average droplet size for the initial period of mixing, but the correlation
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was limited for the prediction of Sauter mean diameter with no information on the
distribution.
Delichatsios and Probstein (1976) presented a model of coalescence rate of the dispersed
phase. The model was based on the frequencies of the coalescence and breakage rates.
Doulah (1975) presented a model of dispersed phase hold up effect on droplet size
distribution. The model was based on the Kolmogoroff theory. Ecker et al (1985)
presented a model for interfacial area prediction. The model was for a flat-blade turbine
impeller with a standard mixing tank geometry. Calabrese et al (1986) presented a
correlation for the prediction of equilibrium mean droplet size and droplet size
distribution. The correlation was based on experimental data reported by other authors
and was limited to a low viscosity (less than or equal to 0.5Pa.s) dispersed phases and
dilute suspensions.
Takaaki et al (1987 and 1988) investigated water entrainment in dispersed water in oil
emulsion and water in oil emulsion dispersed in water. Laso et al (1987) presented a
model of coalescence and breakage rates for a stirred tank. The model was based on
empirical equations of droplet volume, hold up and physical properties. Kawasaki et al
(1991) studied the effects of mechanical operating parameters on different types of
dispersion. They observed that when impeller stirring speed was less than 400 rpm, the
aqueous phase became continuous, whereas at the speeds higher than 1050 rpm, the
phase which was of high viscosity was dispersed. The implication of the latter was that
during batch dewatering of oily water, high shear concentrated solutions was avoided.
2.5

CLOSING REMARKS

The current choice of processes for produced water cleanup include ultrafiltration for on
shore treatment and hydrocyclones for offshore treatment. Cross flow microfiltration will
be a future option to meet both the present and future environmental discharge limits for
both onshore and offshore produced water. Its adoption will depend upon both the
tightness of future environmental legislation and the reliability of performance.

For

offshore, it will be important to minimise the usage of chemicals, which suggests that
flocculation aids should not be used and that cleaning should be minimised. Thus in this
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project the main aim has been to investigate performance of various module types at low
values of the transmembrane pressure.
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Chapter 3
THEORY AND EARLY EXPERIMENTS WITH SMALL FLAT
SHEET MEMBRANE AND SPIRALWOUND MEMBRANE
MODULES
3.1

INTRODUCTION

Application of membrane separation on a technical scale normally requires a large
membrane area. The membrane price depends on the type of membrane used and its
commercial availability in the market. The unit in which the membrane area is packed
is termed a module and it is a central part of the membrane installation. The membrane
design can be a single module unit, which is the simplest design or a number of modules
installed either in series or parallel. Figure 3.1 illustrates a single module design. The
inlet feed stream enters the module unit at a certain composition with a certain flow rate
and transport of one component across the membrane occurs more readily than for the
other(s). Therefore both the feed composition and flow rate change as a function of
distance from the inlet. The inlet feed is thus separated into two streams. The permeate
is the fraction that passes through the membrane and the retentate (concentrate) is the
fraction that is retained.
There are two main basic membrane configurations, which are flat and tubular. The flat
membrane configuration includes plate-and-frame and spiral wound modules.

The

tubular types are tubular, capillary and hollow fibre modules. The distinction between
tubular membrane configurations mainly depends on the dimensions of the tube used
e.g., tubular > 10mm (diameter), capillary 0.5-10mm and hollow fibre < 0.5mm.
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Module

Feed

Retentate

Permeate

Figure 3.1: Schematic diagram o f a module

Preliminary experiments have been carried out for purifying synthetic ‘oily water’
emulsions with (a) a polymer membrane in plate and frame module (a flat sheet module)
and (b) a ceramic base membrane (zirconia coated, nickel alloy mesh composite
membrane) in a spiral wound module. The objectives of these studies were to:
(i)

study operating procedure for oily water emulsion separation,

(ii)

study oil droplet size distribution in the emulsion,

(iii)

compare the performance of hot water as a cleaning agent to an alkaline

chemical cleaning agent, and
(iv)

evaluate factors affecting the performance of the spiral wound module for both
short and long term fouling experiments.

The above work is reported after section 3.2, which is one o f the two theory sections in
the thesis. The other is in chapter 6 and describes membrane fouling mechanisms in
detail.

3.2

THEORY

Microfiltration is a pressure driven process in which the volumetric flow rate through
the membrane can be described by Darcy's law i.e., the volumetric flux (J) through the
membrane is directly proportional to the applied pressure difference (AP) often referred
to as the transmembrane pressure (TMP).

J = KAP

(3.1)

Where the permeability constant K, depends on structural factors such as the porosity
and pore size as well as the viscosity of the permeating liquid. Typical units of J are
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lm'2h'! and of AP are bar. Thus the units of K are often written as lm^h'1per bar.

If the membrane consists of straight capillaries of radius r, and the flow is under laminar
conditions, the Hagen-Poiseuille relationship can be used with Ks s r^. As such

J = a ~2AF
8//zAX

(3.2)

where AX = membrane thickness
s

= membrane surface porosity

t

= membrane pore tortuosity

p = permeate viscosity
When a nodular structure exists, e.g. where the structure is an assembly of spherical
particles, then the Kozeny-Carmen equation can be applied such that

J = --------^ 4 ^ ------ 2
AXK',uS2( 1 - £ )2

(3-3)

where K; is constant, e = porosity and S = surface area per unit volume of membrane.
As shown by the above equations, the flux is proportional to the porosity in capillary
membranes, whereas with nodular types of structure, the dependence on porosity is
more complex. However, the convective flow as described by the above equations, only
involves membrane related parameters.
Cross flow microfiltration allows, at least in principle, the possibility of quasi-steady
operation with nearly a constant flux (similar to the clean water flux) when the driving
force (differential pressure) is kept constant. Unfortunately, this theoretical possibility
can rarely be achieved in practice.
Before looking at the factors affecting cross flow filtration, a comparison is made with
conventional filtration, with respect to cake filtration. For conventional “dead-end”
filtration, in which a cake is formed, the flux is given by equation:
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dV _

AAP------

180(1 —£■)
where a c = —
f-

(3.5)

V p*.
and M is proportional to V.
The symbols represent:
V = filtration flow, t = time, AP = transmembrane pressure, A = filtration area,
Rjh = membrane resistance, M = mass deposited per unit membrane area, a c = specific
resistance of the cake layer, dp = particle diameter, pp= particle density, ec= porosity of
cake layer
However the layer resistance in cross flow microfiltration, M is not proportional to V
because of removal of particles from the cake’s surface by the action of shear stress.
Thus there is no simple relationship between M and V, and the permeate flux is given
by the equation:

J = ----- — ----A(Rm+ RT)

(3.6)

Where
R^ = resistance of the membrane
Rx = resistance due to foulants: layer of solids, transient fouling and pores blocking
Rx will have a component as R,., and one can write:
Rc = M ac = Rx

(3.7)

Where
Rc = cake resistance, Rx = layer resistance and M is mass of cake in the layer.
A number of mathematical models

for predicting permeate flux in cross flow

microfiltration have been proposed.

For example, models developed from cake

filtration or ultrafiltration have been extended to microporous media and are used to
explain the mechanisms involved in the deposition of particles on the membrane
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surface.

However, models may not successfully describe the influence of the

operational parameters on the permeate flux. This is due to the fact that a lot of
assumptions are made to simplify the equations involved.
3.2.1

Factors affecting Permeate Flux

Permeate flux is one of the most important performance criteria for cost effective
application of membrane technology, particularly for large-scale separations.

The

permeate flux may be influenced by factors such as cross flow velocity, transmembrane
pressure differential, temperature and feed characteristics. The techniques commonly
employed for permeate flux enhancement or restoration, include flow pulsation,
chemical cleaning, back pulsing and fast flushing.
CROSS FLOW VELOCITY: This is the average rate at which the process fluid flows
parallel to and across the membrane surface.

An increase in cross flow velocity

generally result in a flux increase, since cross flow velocity affects the shear rate by
sweeping particles from the membrane surface. For many particulate applications, it is
generally recommended to be in the range of l-5m/s, depending on the process stream
properties such as viscosity, particulate loading and constraints imposed by pressure
drop limitation. With inorganic membranes, for instance, Chen et al (1990) suggested
cross flow velocities in the range of 0.9-4.6m/s. However, high velocities increase the
pressure drop which may pose a problem to the membrane material and high velocities
may also sweep away the dynamic layer of the membrane.
TRANSMEMBRANE PRESSURE DIFFERENTIAL: The transmembrane pressure
drop is the pressure differential across the membrane wall and the fouling layers on the
membrane surface.

P +P
AP = - Ly ^ - P 3

(3.8)

Where
P = feed inlet pressure, bar
P2 = feed outlet (retentate or concentrate) pressure, bar
P3 = permeate outlet pressure, bar
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The permeate flux increases with transmembrane pressure differential up to a “threshold
pressure”(see fig.32).

Prior to this pressure, the regime is known as the pressure

controlled regime, where the permeate flux is mainly controlled by the membrane
resistance. Lahire and Goodboy (1993) suggested a 1.7 bar threshold transmembrane
pressure for cross flow microfiltration.

At pressures exceeding threshold values,

operation is in the mass transfer controlled regime, where permeate flux dependent on
the applied transmembrane pressure is negligible compared to the pressure control
regime. This is caused by a concentration of solute particles at the membrane surface
(concentration polarisation), when particulates are retained on the membrane surface
and the flux is lower.

The permeate flux can decrease until the process becomes

pressure independent . Increasing flow velocity will increase flux as it is illustrated in
figure 3.2.

Pure water
Pressure Controlled
_
R e g io n

Higher flow rate

Flux (J)

Mass Transfer Controlled Region

Transmembrane pressure (AP)
Fig. 3.2a: Permeate flux and transmembrane pressure

TEMPERATURE: The effect of temperature on flux is generally quite significant,
since the liquid viscosity decreases with an increase in temperature. A high flux reduces
membrane area requirement, which can result in a low capital cost. However, this has to
be balanced with the high energy costs associated with high operating temperature. For
most dilute solutions, under similar conditions, the effect of temperature can be
predicted from a known relationship between viscosity and temperature.
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FEED CHARACTERISTICS: The water flux with solute present is lower than the
pure water flux. The decreased water flux, when the solute is present, may be caused by
concentration polarisation, wettability, viscosity and decreases in cross flow velocity.
BACKPULSING AND FAST FLUSHING: Permeate flux is limited by progressive
accumulation of the dynamic layer on the membrane surface. As the dynamic layer
increases in thickness, the permeability of the membrane gradually decreases, causing
either a rise in pressure drop (if flux is controlled) or a permeate flux reduction (if
differential pressure is fixed). Backpulsing and fast flushing are common techniques
usually used to restore or enhance the flux. Backpulsing is a short duration counter
pressure on the permeate side that delivers controlled pulses of permeate back through
the membrane pores. Frequent backpulses increase flux and stability, by removing
fouling particles from the membrane surface. Operating a cross flow microfiltration
system at low cross flow velocity with backpulse may increase average permeate flux
compared with operating it at high velocity with no backpulse.

The backpulse

frequency and duration vary with the application but are generally in the range of once
per 2-5 minutes with duration of 0.1 to 1 second. Back pulsing more frequently than
necessary may reduce productivity because firstly, the membrane does not process
fluids during the backpulse and secondly permeate itself is usually used for the
backpulse operation.
Fast flushing can be used on its own or used in conjunction with the backpulsing. On its
own, the permeate outlet is closed. With no convection towards the filter surface, the
aim is to sweep the accumulated solids out of the filter channels. Depending on the
nature of the fouling this can sustain operation without a significant increase in pressure
drop.
CHEMICAL CLEANING: As the flux continues to fall and/or the transmembrane
pressure becomes higher and higher, then membranes require cleaning to remove
foulants and restore the flux to the initial level. In general, acid cleaning is used for
particulate foulants and alkaline cleaning for oily substances.

Chen et al (1990)

suggested that an effective cleaning cycle for produced water applications utilise caustic
cleaning followed with an acid rinse.
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3.2.2

Oil Droplet Rejection

The emulsion physical stability depends on the Stoke’s law, which is by definition:
d n2Ap g

"•-iit

°'9
)

Where us is the rate of rise of the droplet, dp is droplet diameter, g is gravitational
constant, p. is the viscosity of the bulk phase (in this case water) and Ap is the density
difference between the bulk and suspended phase (water and oil).
The average mass creaming rate (O) of the emulsion can be predicted by:
N SKtt
<f = Z — A /^ i5
m 27/w

(3.10)

Where N is number of droplets, r is the radius of the droplet and v is the internal phase
volume. From both rate expressions, it is clear that particle size and density difference
may have a significant influence on oily water emulsion stability.

The effect of

temperature would influence the viscosity of the water but this has to be balanced with
the increase of the hydraulic resistance as observed by Millsic and Aim (1986). The oil
droplet size may have a crucial role in cross flow microfiltration, because the smaller
droplets size and wider the size distribution may cause a more severe fouling of the
membrane by introduction of smaller droplets into the membrane pores which would
influence the permeate flux decline.
The oil droplet rejection characteristics on a membrane depend on the pore size
distribution, the nature of the membrane and the capillary pressure of the oil droplet in
the membrane pores. The capillary pressure (Pc) of the oil droplet plays a significant
role in the rejection of the droplet and it is a function of the membrane pore size such as:
p =

0

(3 .1 1 )

r

Where yo/wis the interfacial tension between oil and water, 0o/wis the contact angle of the
oil droplet on the membrane surface in the presence of water and r is the radius of the
membrane pore. If the contact angle of the droplet is more than 90° (observed by Lee et
al (1984) for Ultrafiltration of cutting oil) then the water wets the membrane surface
more than the oil and the droplet could be retained. Conversely, if the contact angle is
low (<90°), more droplets are introduced into the membrane pores. The contact angle
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measurement is related to the various interfacial tensions between the membrane & water
(Ys/J, membrane & oil (y^) and oil & water (yo/w); as shown in figure 3.2b and it is such
that:

cos e 0 , w J j d v T L * L o
Yo / w

(3 12)

If the interfacial tension between the membrane & oil droplet (y^) exceeds that o f the
membrane & water (y^), then the membrane is more hydrophilic, resulting an increase
possibility of a high droplet rejection coefficient (due the capillary pressure exceeding
the operating pressure to prevent the droplet from entering the pore). On the other hand,
a higher operating pressure than the capillary pressure could cause droplet deformation or
break up to finer droplets, which could either go through or plug the pores and reduce the
rejection. Such a process may result in a severe fouling of the membrane as previously
mentioned.

In this work, there is no information available for the various interfacial

tensions.

7777/77//777/S 'W//7/tT"rn

(a)

(b)

(c)

Figure 3.2b: Principle o f oil droplet rejection by capillary pressure

3.3

FLAT SHEET MEMBRANE MODULE

3.3.1

Rig Layout

The membrane configuration (module) and the membrane used for the preliminary
experiments were previously used by Koltuniewicz et al (1993) to study both dead-end
and cross flow microfiltration of 1OOOppm dodecane-water emulsion.
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reservoir (FR) placed in a water bath (WB) with temperature control (TC).

The

emulsion was pumped from the reservoir (FR) to the membrane unit (MM) by a micro
gear pump (GP) capable of pumping a flow rate of 2.0 1/min. The membrane unit (MM)
consisted of a 2 in 1 PLEIADE CHI cross-flow filtration module (Sold in U.K. by Life
Science Labs. Ltd) of total area of 0.0 lm^, arranged in parallel. The pressure gauges P1?
P2 and P3 were used to measure feed, retentate and permeate pressures. The pressure
gauges were capable of measuring a maximum pressure of 4 bar but the maximum
allowable operating pressure of the module was 1 bar. The rotameter (R) was used to
measure the retentate flow across the membrane unit. Valve (VF) was used to control
the feed from the reservoir (FR) and valve (VB) was used to control the by-pass flow.
Both valves (VR) and (VB) were also used to set the cross flow velocity. Valve (VD)
was used for draining the rig.
3.3.2

Flow Measurement

The flows were measured using a rotameter series KDG 1100 manufactured by KDG
flow meters.

The rotameter readings were recorded in litres per minute using a

calibration chart prepared before the experiment. The rotameter could be used for flow
measurement ranging from 0.4 to 2 l/min. Particular attention was given to the retentate
flow measurements, since pump vibration and fouling build-up could cause the
oscillation of the rotameter ball. The magnitude of the rotameter reading was a measure
of the cross flow rate. The rotameter readings were checked frequently throughout the
experiment. An electronic balance and a collecting beaker were used for measuring the
mass of the permeate collected over a specified time interval of 15mins. The flux was
then calculated from these data and the area of the membrane. The feed flow rate into
the module was the sum of the retentate and the permeate flow rates.
3.3.3

Pressure Measurement

The pressure of the feed, retentate and permeate were measured using pressure gauges
(see fig. 3.3). The two pressure gauges (Pj) measured the two feed stream pressures and
the two retentate stream pressures were measured by the pressure gauges (P2). The
pressure gauge (P3) measured the permeate pressure.
operating range of 0 - 4 bar.

41

Each pressure gauge had an

3.3.4

Droplet Size Measurement

For these experiments, dodecane (synthetic oil, Fluka, Switzerland, >98% G C)) was
used to simulate the oily water emulsion. The toluene (synthetic oil) was not used in the
preliminary experiments because it was found to be chemically incompatible to the
silicon tube by swelling the silicon re-circulation loops. The toluene was used in further
work described in chapter 4 when a new rig was constructed with stainless steel. The
reason of using the synthetic oils (dodecane and toluene) for this work was based on the
consultation to oil producing industry. It was suggested that the immiscible oils in the
produced water are mainly n-alkanes (C12) with traces of concentration of practically
insoluble oils are mainly C8hydrocarbons.
Different concentrations of dodecane of 500, 1000, and 2000ppm (v/v) were added to
distilled water and mixed by an industrial blender (Warring blender, U.S.A) at a high
shearing rate for 6 minutes. For this work, the emulsions were prepared by a mechanical
method. They were prepared at a high shearing rate for different duration of 2, 4, 6 and
10 minutes at ambient conditions to assess shelf life of the emulsions. The emulsions
were stable for over 48 hours when the shearing rate period was 6 minutes and over. No
emulsifying agent (surfactant) was used to formulate the emulsion.

The emulsion

preparation is described in detail in the appendix A4.
Two techniques were used for measuring droplets size diameters: (i) Optical
microscopy; where a normal microscopic slide with cover were used and pictures of the
droplet size distribution were taken under an optical microscope; this method was used
as an initial screening procedure for the size distribution measurement (see fig.3.4), and
(ii) Photon correlation spectroscopy (PCS). The PCS was used for measuring droplet
size distribution and it was accurate for measurements in the range of 0.003-3 pm. The
technique was inaccurate for measuring droplets above 3pm in diameter.
The PCS apparatus comprised of a Malvern spectrometer (type Auto Sizer Lo-c),
helium-neon laser and a Malvern series 7032 real time multi 8-bit correlator. An on-line
personal computer (Viglen computer) performed the data analysis and displayed the data
on the screen.
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Lipp et al (1988) used PCS for oil droplet size measurement during an ultrafiltration
membrane process whilst Brooks and Richmond (1994) used it for measuring
cyclohexane-water and water-cyclohexane emulsions droplet sizes during phase
inversion studies.
3.3.5

Experimental Procedure

Filtration was approached using three different operating principles to simulate
experiments on the real oilfield platforms operating conditions. For the first operating
principle set of experiments, the permeate was returned to the feed tank every 15
minutes (because the permeate was measured at period of 15mins) with the assumption
of maintaining the emulsion concentration in the feed tank constant. In the second set,
fresh feed was added continuously to the feed tank in volumes equal to the permeate
collected with the assumption of increasing the emulsion concentration in the feed tank.
For the third operating principle, feed was changed for fresh feed at 30 minute intervals
(without cleaning the membrane) to study the membrane performance in the severe
fouling conditions. Some emulsions were prepared using the serial dilution method (by
adding distilled water to emulsions to achieve a required concentration) and others by
the conventional method. The complete procedure for each experiment took an average
of 12 hours.
The emulsion was pumped round the loop using a micro gear pump (see fig. 3.3). The
discharge from the pump passed through a valve (VB) where a portion of it was
discharged via a by-pass line to the feed tank (FR). Just downstream of the membrane
unit (MM) was a valve (VR) to maintain a positive pressure in the module unit. The
concentrated emulsion then passed through the flow meter (R) before returning to the
feed tank. The permeate production rate was measured at 15 minute intervals using an
electronic balance, beaker and stop watch. The feed temperature was maintained at
30°C by means of a water bath and commercial heater (TC). Samples of the feed and
the retentate were taken at different time intervals and particle size distribution were
determined using the PCS. The polysulphone membrane used for the experiments had
previously been used for different experiments.
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The membrane was first cleaned with hot water at 50°C for lOmins followed by alkaline
(0.25%w/w NaOH solution) cleaning for 60mins. This routine was followed for each
set of tests.

The cross flow velocity was varied from 0.1 to 0.2 m/s and the

transmembrane pressure from 0.2 to 0.4 bar.
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3 .4

RESULTS AND DISCUSSION

Firstly an overview, figure 3.5 represents a series of runs where the permeate (mainly
water) was returned to the feed tank periodically to maintain an approximately constant
emulsion feed concentration. In figure 3.6, fresh emulsion feed was added to the feed
periodically to equal the volume of permeate collected. For figure 3.7, the processing
feed was changed for a fresh emulsion feed (as previously described) and the permeate
was returned to the feed. Figure 3.8 compares the three different ways of running the
experiment. In the permeate flux (J) decay vs time curves, time (t =0) equals to zero
was the initial measurement of the permeate flux. The permeate was mainly water
because the membrane used for tests was hydrophilic. The permeate quality was always
crystal-clear with naked eyes and this was checked throughout the experiments. This
suggests that the operating transmembrane pressures were not exceeded the capillary
pressure why the droplets did not go through the membranes and into the permeate. The
hot water used as a partial cleaning agent for cleaning the membrane fouling but
produced mixed results with an average recovery of 60%.
Figures 3.9 to 3.16 represent the oil droplets size distribution. Emulsion feed and
retentate samples were taken periodically and oil droplet size distributions were
measured by PCS. The 10 to 90% size range is displayed in the figures. The membrane
was cleaned after each experiment and the pure water flux was checked before and after
each experimental run.
It is interesting to note (see fig.3.5) that in the initial stage of the process, the lOOOppm
emulsion showed a lower permeate flux but after 45 minutes of the run, the flux
gradually improved to end higher than that of the 500ppm emulsion made from dilution
of the lOOOppm emulsion. This means that, the initial fouling mechanism was modified
during the process of operation. The third curve is considered below.
Figure 3.6 shows the effect of adding more feed to replace permeate collected. This has
the effect of increasing the amount of emulsion in the retentate loop. The fresh feed was
added on the basis of the permeate production rate at 15 minute intervals. The tests
were performed with 500ppm, 500ppm dilution of lOOOppm and lOOOppm dilution of
2000ppm dodecane-water emulsions at constant operating TMP (0.4bar) and cross flow
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velocity of 0.2m/s. In the initial stage of the processing, the permeate production was
lower for a low level of emulsion concentration, but after 60 minutes of the run, the
membrane fouling mechanism was gradually changed with the 500ppm serial dilution
emulsion (made from lOOOppm emulsion) showing similar flux to the lOOOppm
emulsion.

This might be explained by the fact that a high level of emulsion

concentration increased the coalescence rate of the oil droplets or initially was naturally
less fouling because of larger droplets. A comparison of figures 3.12 (a) and 3.13 (a)
show that the feed droplet size distributions differ more in the initial period but were
similar later. A shear field generated by cross flow could change the packing of the
droplets on the membrane surface by sweeping larger diameter droplets downstream and
thereby reduce the membrane fouling. A comparison of the 500ppm curve in figure 3.5
with that in figure 3.6 suggests that caution should be exercise when examining single
curves, particularly at low concentration when the total amount of emulsion is small.
In figure 3.7, the feed was replaced with fresh feed periodically (30min). The drivingforce (TMP) and cross flow velocity were constant. The initial permeate flux decline
was similar to both figures 3.5 and 3.6 runs but after 30mins a steady state flux was
achieved and permeate flux was continuously improved when the process feed was
replaced by fresh feed. Such permeate flux improvement was similar to the one inferred
by White and Lesecg’s (1993) for a cyclical ‘stop-starf technique, and Mackley and
Sherman’s (1994) for a periodic ‘switching-off of the differential pressure.
Comparison of the three approaches namely (i) returning permeate to the feed tank, (ii)
adding more fresh feed to the feed equal to permeate rate and (iii) replacing the feed
with fresh feed periodically is illustrated in fig. 3.8. The results indicate that keeping
emulsion feed concentration approximately constant maintained a stable flux, but this
would not be always provide a high permeate flux for a practical situation where the
produced water concentration would vary, depending on the upstream separation
equipment. Furthermore, there might be a need for batch concentration system
The feed and the retentate oil droplet size distributions are represented in figures 3.9 to
3.16. In these figures, minimum, maximum and mean oil droplet size distributions were
plotted versus the time of sampling. There was no appreciable difference between the
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feed and retentate droplet size distributions. All the figures show a similar trend on the
minimum but different trends on the average droplet size and the maximum oil droplet
size distributions. A reasonable explanation for different maximum oil droplet size
distributions for both the feed and the retentate is that the droplets clump more rapidly
than breaking up into smaller (finer) droplets and the droplets settling on the membrane
surface were swept down stream randomly by the cross flow. It was observed that the
emulsion feed of 500ppm was milky at the beginning of the test but it became clear after
90mins of the run. The clarity of the feed was improved when the cross flow velocity
was increased. This suggests that the oil droplets were settled on membrane surface. It
is evident (from droplet size distributions) that the pump and the valves had a constant
shearing effect on the droplets, because the lower limit of the droplets size distribution
were not changed throughout the experiments.

It is clear that a wide droplet size

distribution of the feed influenced the change in fouling at the initial stage of flux
decline (see figs. 3.5, 3.10 and 3.12).
3.5

CLOSING REMARKS FOR FLAT SHEET MEMBRANE

Experimental data were obtained for the purification of a dodecane-water emulsion,
using a polymeric membrane in a laboratory plate-and-frame module.

Different

operating principles for reducing membrane fouling were explored.
It is interesting to note that replacing the process feed by fresh emulsion feed did not
cause a severe fouling of the membrane, but rather the permeate flux was improved
during the process of changing the feed which was due to the changed packing of the oil
droplets on the membrane surface.
It has been established that diluting the emulsion feed with distilled water did not affect
the emulsion oil droplet size.
Cross flow velocity (in the laminar region), had little influence on the oil droplet size
distribution of a dodecane-water emulsion.
It had been suggested that a hot water could be used as an effective cleaning agent but
mixed results were produced for this work.
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The hot water was used as a partial

cleaning agent to recover average of 60% of the membrane fouling. This is beneficial
since commercially available chemical cleaning agents may sometimes cause disposal
problems on an oil rig.
Further comments are given at the end of the chapter.
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Figure 3.3: Flow diagram of a 2 in 1 PLEIADE CHI cross flow filtration rig

Figure 3.4: Droplet size distribution for lOOOppm dodecane-water emulsion under
optical microscope, scale not shown. Droplets are mostly 0.2 - 3pm.
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Figure 3.5: Flux decline for dodecane-water emulsion, the permeate was
recycled to the feed tank at 15min intervals TMP = 0.4bar and
u = 0.2m/s
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Figure 3.6: Flux decline with permeate replaced by fresh dodecane-water
emulsion added to the feed tank. TMP = 0.4bar and u = 0.2m/s
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Figure 3.7: Flux decline of feed changed for fresh dodecane-water emulsion
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Figure 3.9: Size distribution of 500ppm dodecane-water emulsion droplets
from experiment shown in fig. 3.5 (a) feed (b) retentate
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Figure 3.10: Size distribution o f lOOOppm dodecane-water emulsion droplets
from fig. 3.5 (a) feed (b) retentate
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Figure 3.11: Size distribution of 2000ppm dodecane-water emulsion droplets
from fig. 3.8 (a) feed (b) retentate
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Figure 3.12: Size distribution o f 500ppm dodecane-water emulsion prepared
by serial dilution o f lOOOppm solution from experiment shown in
fig. 3.5 (a) feed (b) retentate
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Figure 3.13: Size distribution of lOOOppm dodecane-water emulsion of
serial dilution of 2000ppm emulsion (a) feed (b) retentate
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Figure 3.14: Size distribution of 500ppm dodecane-water emulsion droplets
from fig. 3.6 (a) feed (b) retentate
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Figure 3.15: Size distribution o f 500ppm dodecane-water emulsion droplets
where the feed was changed for fresh feed at 30min intervals
(a) feed (b) retentate
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Figure 3.16: Size distribution of feed and retentate for 2000ppm dodecanewater emulsion (a) permeate was changed for fresh dodecanewater emulsion to the feed tank (b) feed was changed for
fresh feed at 30min intervals
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3.6

SPIRAL WOUND MEMBRANE MODULE

A spiral wound module is in essence a plate and frame system wrapped around a central
collection pipe in manner similar to a sandwich roll. The membrane and permeate side
spacer material are glued along three edges to build a membrane envelope. The feed
side spacer separating the top layer of the two flat membranes also acts as a turbulence
promoter. The feed flows axially through a cylindrical module parallel to the axis.
Permeate flows in a spiral manner towards the central pipe. The module is characterised
by a high packing density, significantly greater than that of a plate and frame module.
The density depends on the channel height which in turn is determined by the permeate
and feed side spacer material.

A number of spiral wound modules are usually

assembled in one pressure vessel and are connected in series via the central permeate
tube.
The module used for the experiments was loaned to the department by ACUMEN. The
membrane CERAMESH is made of inorganic zirconia deposited on a metal mesh
giving a pore size 0.1 pm and an area of 0.4m . The permeate and feed spacers were
made of polypropylene and the outer sleeve was a polyolefin wrap. It was then housed
in a 316 stainless steel with viton seal rings.
3.6.1

Experimental Rig

A schematic flow diagram of the small pilot scale rig is illustrated in figure 3.17. The
emulsion feed was pumped round the loop using a rotary positive displacement pump
(P.C.M pump A4G) made by POMPE MOINEAU in France. The concentrate recycled
through a calibrated flow meter (Rl) before returning to the feed tank. The permeate
production rate was measured by both flow meter (R) and a load cell. The permeate
was periodically returned to the feed tank with the aim of maintaining a constant
concentration. The emulsion feed was kept at constant temperature of 30°C by an
electric heater (TC) positioned inside the feed tank with the temperature regularly
monitored through the control unit. Alteration of the pump speed and the control valve
(GV2) setting allowed the transmembrane pressure and cross flow velocity to be set to
the desired values. The inlet feed pressure (PI), outlet pressure (P2) and permeate
pressure were measured through the control unit. The permeate pressure at the point of
measurement was found to be atmospheric pressure.
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The emulsion was prepared as previously described in section 3.3.4. The dodecane
(Fluka, Switzerland, >98% GC) was added to distilled water and mixed by an industrial
blender for 6mins. A standard concentration of 5000ppm was produced. The emulsion
was diluted by distilled water to the desired concentrations, which ranged from
3000ppm to 500ppm. The volume of the emulsion processed was between 10 and 50
litres.
The membrane was cleaned with hot water at 50°C for lOmins followed by a 0.25%
w/w solution of a commercially available alkaline base (Ultrasil 11) chemical cleaning
agent at 50°C for 60mins. The membrane was rinsed several times until all traces of the
cleaning agent were removed. This procedure was followed for each set of experiments
and each run took an average of 10 hours. The effects of various operating conditions
including transmembrane pressure, cross flow velocity and emulsion concentration were
studied.
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3.7

RESULTS AND DISCUSSION

The pure water flux was checked each time the membrane was cleaned and prior to each
experimental run. When the pure water flux was measured immediately after cleaning,
the flux was lower than one measured before the cleaning experiment, but when pure
water flux was checked again four hours later, almost 100% of the pure water flux
recovery was recovered. This suggests that perhaps air had been trapped inside the
module unit (possibly the pores) during the cleaning process. It is interesting to note
that when the pure water flux was plotted vs transmembrane pressure (see fig. 3.18), the
profile was non-linear and when the same pure water flux was checked 60mins later it
was found to be less than before. A possible explanation for the first observation is that
the membrane ‘permeate’ spacer caused a significant pressure drop in the module unit
and therefore the calculated TMP was not the actual average TMP. This was more
apparent at higher transmembrane pressures.

The second observation suggests the

fouling does occur but does not get worse with increasing time; the AJ does not vary
much during filtration of water. The pure water TMP was corrected as follows: TMP
(corrected) = Recorded TMP- a*J2, where ‘a’ was determined numerically; ‘a’ = 7.6*10'
A

0

1

"7

bar per (lm' h ' ) and J as previously defined. In the permeate spacer the pressure

losses will be turbulent losses which suggests a dependency upon J . An examination of
figure 3.18 also suggests that there is a systematic error, which can be taken to be an
offset. Thus an equation of the form
Corrected TMP = recorded TMP + offset - aJ2
The value of “a” was chosen so as to give a linear relationship between water flux and
corrected TMP.
The permeate flux decline curves are illustrated in figures 3.20-3.23.

The first

observation must be the disjointed nature of almost all the curves. Unlike the cross flow
microfiltration (CFMF) of particles, the “ particle” size is not fixed and it is easy to
envisage both coalescence of oil droplets on the membrane surface (which would reduce
resistance and increase permeate flux) and break up in the shear field within the “cake”
layer (which would give rise to smaller droplets and hence an increased resistance and a
reduced in permeate flux). The gaps between droplets will be of the order of 1pm and
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0 1
1
so a permeate flux of 100 lm' h' will give a shear rate of around 220s" (from 8u/d and
0

1

1

conversion of lm" h" to pms" ).
The effect of transmembrane pressure (recorded) on the permeate flux decline (for
lOOOppm emulsion) at cross flow velocities 0.49 and 0.63m/s is presented in figure
3.20. The results show that an increase in TMP increased the initial permeate flux but
decline to low the flux. The significance of operating the filtration process at moderate
transmembrane pressure was clear between 0.65 and 1.2bar TMP (Fig. 3.20a), since
there was only a little gained in the permeate flux at higher TMP, because the oil
droplets were introduced into the pores of the membrane. In figure 3.21, the effect of
cross flow velocity is shown for the same dodecane-water emulsion concentration
process at a constant TMP (lbar) operating mode. The influence of increasing the cross
flow velocity on the permeate flux decline was negligible during the initial stage
(25min) of the process; however the high cross flow velocity improved the steady state
flux. This suggests that the additional shearing force that was generated swept some of
the oil droplets from the membrane surface.
Permeate flux vs time profiles for increasing levels of emulsion concentration are shown
in figure 3.22. It is clear that increasing the level of emulsion concentration, increased
the rate of permeate flux decline, but in the initial stage (at 25min) of the process, both
the 2000ppm and the 3000ppm emulsions showed a similar permeate flux before the
3000ppm permeate flux declined more rapidly to a lower flux, although the order of the
Jo values go with concentration.

This suggests that a different membrane fouling

mechanism occurred in the initial stage and it was gradually changed as the process
proceeded.

The permeate quality was visually poor as the emulsion level of

concentrations were increased.
Other tests were performed in which the emulsion feed was replaced by a fresh feed
with the driving force (TMP) being increased to a higher value, 15mins after the feed
was replaced (see fig.3.23).

The curve labeled “A” represents the base case: a

continuous run without the emulsion feed being changed for fresh feed. For the curves
“B and C”, the feed was replaced by a fresh feed and the TMP was almost doubled after
15 minutes of the feed being changed. It is clear that the permeate flux was improved
when the TMP was increased. It is also clear that for a low emulsion feed concentration
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(500ppm), the effect of TMP on the permeate flux decline is different if a period of
operation at a higher TMP is preceded by operation at a lower TMP. Comparing figures
3.20(a) and 3.23, it is seen that the curves for TMP = 0.35bar give a similar long term
permeate flux of about 701m'2 h'1 whilst the values for TMP = 1.2bar differ
significantly. When the TMP (1.2bar) was used from the outset, the permeate flux value
0 1
after 3 hours of operation was 901m' h' and declining whilst in figure 3.23 the value
*7 1
was around 125 lm' h' .
3.8

CLOSING REMARKS FOR SPIRAL WOUND MEMBRANE

A prototype spiral wound module including a ceramic based membrane has been tested
with a synthetic oil (dodecane-water emulsion) emulsion where 90% of the droplets
were in a size range 0.2 to 2pm.
The choice of operating pressure used for this module was found to be significant.
Whilst the module unit operated well at a moderate driving force (0.65bar), there was
little to be gained from higher TMPs because of a greater likelihood of the fine droplets
being introduced into the pores.
The effect of cross flow velocity was more noticeable at the steady state stage of the
process and was negligible during the transient period of the process.
The membrane was fouled more rapidly by high concentration of dodecane-water
emulsions and the permeate quality was reduced as the level of emulsion feed
concentration increased.

This suggests a possibility of the emulsion feed leaking

through the membrane seals and passing directly into the permeate.
3.9

CONCLUSIONS TO THE PRELIMINARY WORK

Due to equipment defects the CERAMESH spiral wound unit was not a suitable module
for further work. The permeate quality was not found to be a problem with the
polymeric flat sheet membrane.
The cross flow velocity was not seen to have a significant effect (in either of the two
preliminary sets of tests) during the transient period. The cross flow velocity had a
noticeable effect upon the pseudo steady state flux in the case of the spiral wound unit
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(which has turbulence promoters) but not in the case of the flat sheet module which was
operated under laminar conditions.
The effect of concentration on the cross flow membrane performance was complex.
Low concentration emulsion did not necessarily lead to higher fluxes. However figure
3.22 suggests that it will be essential in later work to investigate the effect of
concentration because the resistance Rt (see equation 3.7) increased from about Rm to
3Rmas emulsion concentration increased from lOOOppm to 3000ppm.
The industrial blender mixer gave droplet size distributions of 0.2pm to 2.5pm, with a
mean droplet size of less than 1pm.

Further work performed with a flat sheet module equipped with the CERAMESH
membrane, using model emulsions is reported in chapter 4. The performance of crude
oil emulsions is also discussed later.
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Figure 3.17: Schematic flow diagram of small pilot scale spiral wound module rig
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Figure 3.20: Effect of transmembrane pressure on flux decline of lOOOppm
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Figure 3.21: Effect of cross flow velocity on flux decline curves of lOOOppm
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Figure 3.22: Effect of increasing dodecane emulsion concentration at
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Figure 3.23:Flux decline curves of 500ppm dodecane-water emulsion, at u =
0.49m/s and 30°C. Curve “A” no fresh feed was added to the
feed tank. Curves (B&C) the feed were changed for fresh feed at
60mins interval and TMP increased 15min after the feed changed.
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Chapter 4

FLAT SHEET MEMBRANE EXPERIMENTS
4.1

INTRODUCTION

In chapter 3, the feasibility of using dodecane-water as a model emulsion for a study on
separating produced water with flat sheet membranes (in either a plate and frame module
or a spiral wound module) has been demonstrated. This chapter extends the work with
the model emulsion and also, investigates the filtration performance of crude oil water
emulsions. A new plate and frame module unit was used.

For many years, synthetic polymeric membranes have been used for the separation of
oily contaminants in waste water by ultrafiltration and reverse osmosis. On several
occasions, the contaminants contained micro-organisms, bacterial matter and corrosive
chemicals such as ketones, benzene, toluene, and higher molecular weight organic
compounds which adversely influenced the filtration performance. It is also known that
higher operating temperatures generally improve the membrane performance without
reduction of rejection efficiency. In a situation where surfactants are included, a high
temperature may reduce the rejection efficiency, due to an increase in surfactant
concentration when the temperature is increased.

Cross flow microfiltration units incorporating inorganic membranes such as alumina,
zirconia and porous stainless steel may have technical advantages of chemical and pH
resistance and thermal stability so eliminating the problems associated with bacterial
growth on the membrane pore walls. This chapter describes the use of a zirconia ceramic
membrane. The performance of the membrane is analysed in relation to the separation
characteristics, such as permeate quality and operating characteristics including
transmembrane pressure, cross flow velocity, temperature and emulsion concentration on
permeate flux decline. The influence of salts on flux performance is also studied.

72

4.2

EXPERIMENTAL DETAILS

A schematic flow diagram and photograph of the experimental rig are illustrated in the
figures 4.1a and 4.1b. The produced water (emulsion) was pumped round the loop using
a magnetic driven positive displacement gear pump (GP) (model V540.05) made by
VERDER in Holland. The concentrate (retentate) emulsion from the module unit (M)
was measured through a rotameter (R) before returning to the feed tank (FT).

The

permeate flowed through a three way valve (PV) where the production rate could either
be measured by an electronic turbine flow meter (FM) or by a beaker (B) on an electronic
balance. In the former case, the permeate returned to the feed tank to maintain the feed
concentration whilst in the latter case it was collected in a sump. Three pressure
transducers (PTl5 PT2, and PT3) were used to measure transmembrane pressure and the
pressure drop across the membrane module unit. A valve (CV) controlled the cross flow
and a back pressure to give the required TMP. The feed temperature was maintained by
means of a commercial heater (TC), a heated water bath and stainless steel coil immersed
in the feed tank. Calibrated voltage outputs of the pressure transducers and turbine flow
meter were fed to respective analogue-to-digital converters and into a personal computer
(PC). The calibrated voltage output of the balance was fed directly into the PC. The PC
converted the signals from the instruments into pressures and flux and stored them as a
disk file. Both valves (SV) were used for sample collection and to drain the closed loop
of the rig.

4.2.1

Flat Sheet Membrane Module Unit

The module (fig.4.2a) unit consisted of a stainless steel base plate, three stacking plates
each supporting a membrane, a top plate and a stainless steel clamping plate. The whole
unit was held together by four assembly studs that could be replaced for shorter studs
when fewer (two) membrane sheets were used. For this work, two and four membrane
sheets were tested. The membrane was separated from the plate by a sealing gasket of
either silicone or viton depending on the type of fluid to be treated. For example, toluene
chemically attacked silicone so the silicone gaskets were only used for the dodecane
emulsion. The base plate also acted as support for the bottom membrane sheet. The
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module unit could be arranged in series or parallel but only the parallel configuration
(fig.4.2b) was used for the tests. The overall dimension of each membrane was 190 x
120mm but with only an effective area of 106cm2 (0.011m2).

The membrane (see

fig.4.2a) material was a zirconia based ceramic with a nickel-based superalloy mesh
support (CERAMESH from ACUMEN Ltd). The two grades used had nominal pore
sizes of 0.08jiim and 0.1pm.

4.2.2

Flow Measurement

The cross flow velocities were measured as described in earlier experiments (chapter 3).
The rotameter used for this work was purchased from the same manufacture. For early
experiments, permeate outputs were measured manually using a balance and a stopwatch.
Subsequently the permeate production was measured by either an electronic turbine flow
meter or a top loading electronic balance (FX-300) from Salter-A&D Ltd, U.K. The
voltage output from the flow meter was fed to an analogue-to-digital converter and into
an on-line personal computer (Viglen). The voltage output from the balance was fed
directly to the computer. Permeate fluxes were calculated by a quick basic computer
software language. The turbine flow meter was very sensitive to any trace of the oil and
the flow meter was regularly checked for the oil through out the tests.
4.2.3

Pressure Measurement

The inlet, outlet and permeate pressure were measured by the sensitive pressure
transmitter (transducers). In the range up to 7bar and the sensitivity was ±0.01 bar. The
voltage outputs from the transducers were fed through analogue-to-digital converter into
PC. A data logging software (see appendix C) allowed pressures and flux data to be
recorded at a user defined time interval. The transmembrane pressures (TMP) were
evaluated as defined in chapter 3. The values and flux profiles were displayed on the
screen monitor whilst the data were stored to a floppy disk. The TMP data and the
permeate were recorded at the same time of a 0.2minute interval.
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4.2.4

Emulsion Preparation

The emulsions were prepared with a multi-purpose high shear mixer (Silverson
machines, U K) as previously described. The oil was added to distilled water and mixed
at the highest available shearing speed for 20mins. Sets of emulsions were prepared at
the same shearing speeds but different duration of mixing and kept for 48 hours to asses
the emulsion stability. This method produced a stable emulsion without the addition of a
surfactant to any of the emulsions used for the tests. The emulsions were used within 24
hours of preparation. The emulsions were prepared using different types of oil, including
(a) dodecane (90-95% pure, GC, Fluka, Switzerland) and toluene (99.5% pure), (b)
unknown mixed crude (API 35) oil and (c) Claire crude oil of 19.8 API. Both crude oils
were from North Sea. The emulsion feed droplet size distributions (see table 4.1) were
measured using a Malvern laser particle size analyser.

4.2.5

Permeate Quality (Rejection Coefficient) Measurement

The oil composition in the permeate was measured by using a combination of solid phase
extraction (SPE) and gas chromatography (GC). The oil droplets were first extracted by
a Varian cartridge before the eluted samples were analysed by the GC.
The SPE cartridges were connected to the VacElute module, which was rotated at the top
to the waste position. A vacuum pump was connected to the module to dry the cartridge.
Before the oil extraction, each of the cartridges was first rinsed with 10ml of the elute
solvent (ether), followed by 10ml of distilled water.

A (5ml) pipette was used to

introduce a known volume (10ml) of sample directly into the cartridge reservoir before
the cartridge dried out. The pressure relief valve was used to control the flow through
the cartridge. In general the minimum possible flow through the cartridge as could be
controlled was used for two elutions. This was done under gravity to remove any sample
drip from the cartridge. The cartridge was thoroughly dried prior to the elution, by
leaving the vacuum pump to run for 15mins. The elution was carried out twice with a
known volume of ether added to the cartridge reservoir to dissolve any trace of the oil.
The eluted samples were analysed with the GC. The oil concentration peak heights were
compared to the peak heights of the standard of the pure synthetic oil (dodecane and
toluene) dissolved in the elute solvent. Synthetic oil could only be used as the standard
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because it was impossible to use the emulsion. The data obtained from the GC were
approximated values and each sample analysis was repeated three times.
4.2.6

Membrane Cleaning

In chapter 3, both module units were first cleaned with hot water, followed by chemical
cleaning agents (NaOH and Ultrasil 11). However, when the same cleaning cycle was
applied to the flat sheet membrane with Ultrasil 11, the pure water flux was found to be
less than the pure water flux measured before the cleaning.
described in Appendix A.3.

A full explanation is

The chemical cleaning agent was then changed for a

commercially available chemical (Micro, 2% v/v) cleaning agents. During a later part of
the work, the chemical cleaning regime was modified by using Micro (2% v/v) followed
by a l%v/v synpemoic 91/6 surfactant (made by IC I). The membrane was cleaned two
times for each run.

After the Micro was used for the first cleaning procedure, the

membrane was rinsed before the synpemoic was applied for the second cleaning
procedure. The membrane fouling recovery was improved to 95%. The same cleaning
procedure was used for all subsequent work.
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4.3.

RESULTS AND DISCUSSION

The emulsions feed droplet size were measured before filtration, and the 10% -90% range
size distributions are shown in table 4.1. It is clear that the addition of sodium chloride
gave a significant increase in droplet size.

Two different pore sizes of the same

membrane material were tested in a series of runs. The permeability of each membrane
was checked regularly and an average value is presented in table 4.2. The permeate
quality in terms of the each of the oils used was always crystal-clear. Permeate quality of
the crude oil content were below the detection limit of the GC. The permeates of the
synthetic oils emulsions were sampled in three stages, i.e. the beginning, middle and at
the end of each test. The rejection coefficient for dodecane-toluene-water emulsion is
given in table 4.3. The photographs of the emulsion feed and permeate samples are
shown in figures 4.3 and 4.4.
4.3.1

Flux and Transmembrane Pressure

Figs. 4.5a and b illustrate flux-time curves for long term fouling experiments for which
the cross velocities were maintained constant. The membrane used had a pore size of
0.1pm. In each case the permeate was recycled to the feed tank to maintain constant
volume of the feed. The transmembrane pressure differential was varied for each set of
the experiments.

The pressure drop (PrP2) was observed to be constant for any

experiment conducted.
It is clear that only a slight gain in the steady state permeate flux (see fig. 4.5a) when the
TMP was increased from 0.4 to 0.6bar for the dodecane-toluene-water emulsion. Both
permeate fluxes were similar during the first 50 minutes of the process, before the
membrane fouling mechanism of the higher TMP (0.6bar) was changed and the permeate
flux was gradually improved. Such behaviour was similarly observed in experiments
described in chapter 3 (fig.3.21) for a dodecane-water emulsion. Such results were not
expected, because Darcy’s law indicates that the flow rate through a porous media, such
as membrane pore is proportional to the applied pressure gradient. It is interesting to
note that the dodecane-water emulsion resulted in a lower permeate flux compared to that
of the dodecane-toluene-water emulsion (see fig. 4.5a). This could be explained by the
presence of toluene because dodecane-toluene-water emulsions had narrow droplet size
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distribution when emulsion concentration was increased (table 4.1). This suggests that
the droplet size distribution influenced membrane performance droplet as described in
chapter 3 (section 3.2.2).

Size Distribution

Emulsion
Min. (pm )

Mean (pm )

Max. (pm )

(10%)

(50%)

(90%)

1000

2

5

13

2000

2

10

67

3000

2

9

113

4000

2

7

65

5000

2

7

80

Dodecane (ppm)

Dodecane

Toluene

NaCl

Min. (pm )

Mean(pm )

Max. (p m )

(ppm)

(ppm)

(g/1)

(10%)

(50%)

(90%)

1000

150

none

2

5

16

1000

150

36.5

6

33

65

2000

300

none

2

4

35

3000

450

none

2

6

24

4000

600

none

2

5

18

5000

750

none

2

6

17

Crude oil

NaCl Salt

Min. (pm)

Mean(pm)

Max. (pm)

35 API

(g/1)

(10%)

(50%)

(90%)

1000

none

1

4

16

1000

36.5

6

12

155

5000

none

1

3

106

Claire crude oil

NaCl Salt

Min. (pm)

Mean(pm)

Max. (pm)

(19.8 API)

(g/1)

(10%)

(50%)

(90%)

1000

none

1

8

43

1000

36.5

7

16

35

5000

none

1

6

122

Table 4.1: Emulsion (prepared by using Silverson mixer) droplet size distribution.
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Membrane pore size (pm)

Permeability (1 m'2 hr'1bar'1)

0.1

572

0.08

538

Table 4.2: Pure water permeability of CERAMESH membrane measured at 30°C

Emulsion (ppm)
1000+150
1000+150
1000+150
2000+300
3000+450
4000+600
5000+750

TMP (bar)
0.8
0.6
0.4
0.4
0.4
0.4
0.4

Permeate (ppm)
<10
<10
<10
<10
<10
<10
<10

Rejection (%)
>99.5
>99.6
>99.8
>99.8
>99.8
>99.8
>99.9

Table 4.3:Dodecane-toluene oil rejection coefficients for a flat sheet membrane

Doubling the transmembrane pressure differential and cross flow velocity (fig.4.5b)
influenced the permeate flux decline (almost double the initial flux), but in contrast to
Darcy’s law, there was a rapid decline in the transient permeate flux. This possibly
means that some of the very small diameter oil droplets were introduced into the
membrane pores and caused a severe fouling in the initial stage of the test. If membrane
fouling were within the membrane pores, then flux could only be recovered by an
appropriate chemical cleaning, unlike surface fouling which might be recovered by
backflushing. The initial flux decline at higher pressure of 0.6bar was very rapid; the
equivalent clean water flux would have been 40% greater than the initial process flux
recorded.
4.3.2

Flux and Cross Flow Velocity

A series of tests were performed in which TMP was constant and the cross flow velocity
was varied for each set of experiments. Figures 4.6 and 4.7 show that the cross flow
velocities had little effect on the permeate flux decline curves. This phenomenon could
be explained in terms of the oil droplets near to the membrane surface. The membrane
surface was possibly fouled by the smaller diameter oil droplets present in the emulsion
feed stream which were not swept to down stream by the magnitude of the velocities (as
observed by Mackley and Sherman, 1992). There is no information available on the
“cake” thickness. The flow velocity gradient generated across the flow channels (as
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mentioned by Wakeman and Tarleton, 1994) or the shear flow (described by Romero and
Davis, 1988) was not sufficient to cause surface removal of the deposits responsible for
membrane fouling. This suggests that, there existed an oil droplet diameter (cut-off
diameter as described by Lu and Ju, 1989) below which, the cross flow velocities could
not remove the droplets from the membrane surface or it is possible that the droplets
were introduced into the membrane pores. This membrane fouling within the pores was
similarly observed by Pope et al (1996) when NMR micro imaging was used to study a
membrane fouled mechanisms of cutting oil.

The permeate fluxes (fig.4.6b) of

dodecane-water emulsion and dodecane-toluene-water emulsion showed a similar trend
as described in section 4.3.2 (see fig.4.5a).
4.3.3

Flux and Temperature

Another series of tests were performed with the operating variables held constant
allowing only the temperature to be varied. Figures 4.8 and 4.9 demonstrate an effect of
temperature on the permeate flux decline curves.

It is apparent that at a moderate

emulsion temperature (30°C), a high and stable permeate flux is attained. An increase in
the operating temperature of the emulsion (beyond 30°C), caused a substantial reduction
of the permeate flux. Such a process was due to the increased in the hydraulic resistance
as described by Millsic and Aim (1986). The overall permeate resistance is the sum of
the membrane resistance and foulant (oil droplets) resistance which was expected to be
viscosity dependent. The viscosity of the emulsion feed was predominantly that of the
pure water, which decreased as the temperature was increased. The pure water flux was
found to increase when the fluid temperature was increased. The pressure drop across
the module (membrane) was checked throughout each run.

It was observed to be

constant. This explained that there was no droplet layer build-up on the membrane
surface.

A possible explanation for a higher operating temperature affecting the

membrane performance could be that the oil droplets broke up into a finer droplet size,
which might be introduced into the membrane pores thereby increasing the hydraulic
resistance. It is also evident that increasing the Reynolds number (Re) did not improve
the permeate flux. This was possibly due to the changes of the packing of the oil droplets
caused by the turbulent flow. It is possible that the layer of oil droplet was thinner but
the porosity of the layer was lower.

80

4.3.4

Flux and Emulsion Concentration

Figures 4.10a and b illustrate the effect of increasing the levels of emulsion concentration
whilst maintaining a constant operating TMP and cross flow velocities. An increase in
emulsion feed concentration resulted in a more rapid establishment of the steady state
flux (see fig.4.10); for higher concentrations, there was a slight decrease in steady state
permeate fluxes. This process was due to an increase in the rate of ‘clumping’ of the
finer oil droplets on the membrane surface, which reduced pore plugging. For a high
velocity (see fig. 4.10b), the fouling mechanisms were essentially similar, with little
effect being observed due to increasing the emulsion feed concentrations.
Fig. 4.11 demonstrates an effect of changing the processing feed for fresh emulsion feed
at a period of 60minutes of the filtration. The initial stage (40mins) of the permeate flux
decline curves showed that high emulsion concentrations influenced the membrane
fouling, but after the initial processing period, the fouling mechanisms gradually changed
and became similar for increasing the emulsion concentration. Such fouling mechanisms
were similar to that of the polysulphone membrane previously described in chapter 3
(fig.3.7). This suggested that one fouling mechanism was superseded by another during
the process of operation. The membrane fouling mechanisms are described in detail in
chapter6.
Generally, an increase in the level of the emulsion feed concentration caused a decrease
in the permeate production rate. This supports observations made by Lipp et al (1988)
and Lee et al (1984) for UF membrane and Anderson and Saw (1987) for MF membrane
(0.45pm cellulose acetate membrane).

It has been established that a high emulsion

concentration had little influence on the membrane performance. The high emulsion
concentration could typically be encountered in produced water, where the emulsion
concentration would depend on the upstream separation equipment.
4.3.5

Flux and Sea Water

The influence of a salt on the membrane performance was studied using both the
synthetic and the crude oils.

The emulsions tested were dodecane-toluene-water

(synthetic oil), and the crude of 35API-water and Claire crude oil-water emulsions.

81

No data were available for the salt content of produced water during the time of the tests.
It was very significant to simulate the right salt concentration for these studies. A sample
of sea water (200ml) was boiled off and the remaining residue (mainly salt) was
measured. The salt concentration was 36.5g/l which it was later confirmed to be the
same as that of international petroleum synthetic sea water (IP 135). The salts were
added during the emulsion preparation.
Fig. 4.12a and b illustrate the effect of salts (NaCl and MgCl2) on the permeate flux
decline curves, for a constant TMP of 0.4bar and cross flow velocity of 2m/s with the
dodecane-toluene water emulsion feed maintained at 30 °C temperature. The permeate
fluxes were stable and significantly improved when salts were added to the emulsion
feeds. It is clear that an increase in the salt concentration (see flux curves labelled C)
improved the permeate flux more significantly at lower (1000ppm+150ppm) emulsion
concentrations than high (5000ppm+750ppm) concentrations. When the same conditions
were applied to a light crude oil (35API) emulsion (Fig. 4.13a), the permeate flux was
initially lower compared to the one without salt but the permeate flux gradually improved
to a stable higher steady state. For the heavy crude oil (API = 19.8), the steady state
permeate production rate (see fig. 4.13b) was reduced by adding salts to the emulsion but
the addition of salts gave a steady performance. The addition of salts to the emulsions
influenced both the droplet size and size distribution of both the synthetic and the crude
oil emulsions. For the synthetic oil emulsion, the mean droplet and the size range were
increased by factors of 6 and 4, while for the light crude emulsion were increased by
factor s of 3 and 9 respectively. For the heavy crude emulsion, only the mean droplet
size was increased by a factor of 2 but the droplet size range was narrowed by a factor of
2 (Table 4.1).
4.3.6

Constant Flux and Constant Transmembrane pressure

Figure 4.14 illustrates a constant flux and corresponding TMP vs time profile for
increasing emulsion concentration levels. The transmembrane pressures were gradually
increased from a low to a high level in order to maintain the permeate flux at a constant
(100 l/m2hr). It was observed that, when the starting flux was too low, the flux was
easily maintained constant whilst, when the chosen flux was high, severe fouling
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occurred and it was impossible to increase the transmembrane pressure sufficiently to
maintain the flux constant. This means that choosing a moderate flux would be a crucial
factor for the constant flux operation.
The ‘constant flux’ operations are compared to those operating under ‘constant
transmembrane pressure’ conditions in figures 4.15 and 4.16. It is clear that a membrane
could be protected from severe fouling when the cross filtration is operated in the
‘constant flux’ mode. Whilst for the constant TMP mode, the membrane was fouled
rapidly. A ‘constant flux’ process would lead itself to a typical application for crude oil
production where the production rates are usually fixed at a constant flow rate.
4.3.7

Flux and Membrane Pore size

It is always desirable to use as large a pore size as possible to maximise the permeate
flux, since the permeate flux is a function (proportional to membrane porosity) of
membrane pore size. However, too large pore size could allow either oil droplets to pass
through the membrane pores or block them or possibly both processes could occur
simultaneously.
A series of tests were carried out to study the performance of a smaller (0.08pm) pore
size membrane this being the only other size offered on the CERAMESH range. Fig.
4.17 illustrates the flux decline curves for increasing emulsion (dodecane-toluene-water
emulsion) concentrations.

It is clear that the steady state membrane (0.08pm)

performance is similar to that of the 0.1pm membrane (see figs 4.5a and 4.6b), but
membrane fouling occurred only in the initial stages of the 0.08pm membrane. The
permeate qualities of the both membranes were similar and they were clear as pure water
(distilled water) to the naked eye.
4.3.8

Concentration of Synthetic and Crude oil Emulsions

Figures 4.18 and 4.19 illustrate the permeate flux decline curves for concentrating both
the synthetic oil and the crude oils. The tests were conducted by starting the process at a
low emulsion feed concentration such as 0.1% and concentrated by returning the high
emulsion concentration into the feed. Both the synthetic oil and the light crude (3 5API)
oil showed similar fouling mechanisms (see curves ‘A&B’of fig.4.18a and 4.18b). It is
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interesting to note that for the higher concentrations (curves ‘B’) higher fluxes were
obtained compared with lower concentrations (curves ‘A’).

For the heavy crude

(19.8API) oil, the fouling mechanisms followed the normal trend, i.e. the permeate flux
decreased as the emulsion starting concentration was increased (fig.4.19). When salts
were added to the emulsion, the production (permeate) rates were increased and the
permeate fluxes were stable. Free-floating oil layers were observed when the emulsions
were concentrated beyond l%w/w. The thickness of free-floating oil increased with time
for the continuous process. A possible explanation for this phenomenon could be that, as
the concentration increased, the inter droplet distance was reduced enhancing the
coalescing rates.

The viscous drag and convection forces then influenced the oil

droplets; the larger droplets were then sheared downstream by cross flow and the
permeate resistance was reduced. Belkacem et al (1995) observed a similar phenomenon
(for UF membrane) when salt (CaCl2 (6g/l)) was added to a metal working (emulsion)
fluid.
Flux decline curves for both the synthetic and the crude oils are given in Figure 4.20.
The volume of the processing feed was maintained constant by recycling the permeate
back to the feed tank. The figure shows that the synthetic oil had the highest permeate
flux, followed by the heavy crude oil and the light crude oil. These fouling mechanisms
were in contrast to that observed (figs.4.18 and 4.19) for concentrating the emulsion in
the retentate (when the permeate was not returned to the feed tank).

The contrast

illustrates the need to work with higher concentrations if actual operation is to be
simulated.
4.3.9

Flux and Rejection

The permeate qualities for the flat sheet membranes were visually clear with no visible
traces of free oil for the fouling experiments conducted. The spiral wound membrane
provided a poor permeate quality as previously described, which could be due to the
leakage of the feed through the membrane’s spacer. The toluene oil concentrations in the
permeate were below the detection limit of the GC. The rejection coefficients of the
synthetic oils are given in table 4.3, but only the dodecane was detected.
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It was possible that none of the operating pressures exceeded the capillary pressure as
described in chapter 3 (section 3.2.2). This explains why the rejection coefficients for
the synthetic oils were not changed significantly when the emulsion concentration and
the operating transmembrane pressure were increased. It could also be possible that the
rejection coefficient was more (dependent) on the interfacial tension than the membrane
pore size distribution, because the permeate quality for the 0.08pm membrane (flat sheet
membrane) was not different from 0.1pm membrane.

This was comparable to the

observation of Lipp et al (1988) for a polymeric UF membrane, but the UF membrane
did not reject the lower molecular weight compounds.

This was in contrast to the

observation made by Anderson and Saw (1987) where the rejection coefficient was
dependent on the concentration and the cross flow velocity.

4.4

CLOSING REMARKS

The membrane performance and the characteristics of separating oily contaminants from
produced water with a ceramic (CERAMESH) membrane have been demonstrated.
Synthetic oil and North Sea crude oil emulsions were tested. The membrane performance
on both the synthetic and the crude oils was similar. The oil (synthetic oil) concentration
in the permeate was less than lOppm. The permeate qualities were crystal-clear and no
free oil was visible with the naked eye.
It has been established that operating the cross flow microfiltration process at a moderate
transmembrane pressure maintains a high and stable flux. By contrast, operating at
higher TMPs create conditions that lead to severe fouling of the membrane.
It was evident that maintaining the emulsion feed at 30 °C resulted in a higher and a more
stable flux than operation at higher temperatures such as 50 °C.
Addition of salt to the emulsion feed induced an improvement in the permeate flux,
indicating that the salinity of produced water is beneficial.
Operating the cross flow microfiltration process at a constant permeate flux mode,
resulted in better performance than operation at a constant transmembrane pressure
differential.
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An increase in the cross flow velocity has no significant effect on the permeate flux
decline.
The effect of emulsion concentration on the membrane performance was complex
because, a higher emulsion concentration had little effect on the steady state flux when
the permeate was returned to the feed tank whilst, when the emulsions were
concentrated, the permeate fluxes of the synthetic and the light crude oil emulsions were
influenced by higher starting emulsion concentration. In contrast to the heavy crude oil
emulsion, a high starting emulsion concentration decreased the permeate flux.
The membrane pore size (between 0.08 and 0.1pm) had no significant effect on the
steady state permeate flux for the same membrane material.
In contrast to observations discussed in chapter 3, the emulsions made using the mixer
(Silverson) produced an oil droplet with a mean droplet diameter in excess of >5 pm.
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Figure 4.1a: Flow diagram of a cross flow microfiltration of a flat sheet membrane module rig

Figure 4. lb: General view of the flat sheet membrane module rig.
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(a) Cross F low M odule Unit

Zirconia Ceramic Membrane

Mesh Support (Nickel-based Superalloy)

(b)

CERAMESH Composite Membrane

Figure 4.2a: Flat sheet membrane and a cross flow module unit.
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Figure 4.3a: General view of feed and permeate generated from synthetic oil
mixture (5000ppm+750ppm dodecane-toluene-water emulsion).
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Figure 4.3b: General view of feed and permeate generated from synthetic oil
mixture (2%w/w dodecane-toluene-water emulsion).
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Figure 4.4a: General view of feed and permeate generated from crude oil mixture
(lOOOppm crude oil of 35API emulsion).
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Figure 4.4b: General view of feed and permeate generated from crude oil mixture
(lOOOppm of Claire crude oil emulsion).
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Chapter 5
TUBULAR MEMBRANE EXPERIMENTS
5.1

INTRODUCTION

The flat sheet membranes employed in chapter4 were of a conventional design,
consisting of either a plate and frame module or a spiral wound module unit. The plate
and frame units can have a problem of module sealing and they possess only a moderate
area per unit volume. The spiral wound module units however, have a larger area per
unit volume but there is always a pressure drop in the permeate compartment which
influences the TMP of the unit. This module is also sensitive to clogging by particulates
in the feed. Furthermore, as described in chapter 3, there can be a problem with sealing
of the membrane envelope.
In contrast to flat sheet membranes, tubular membranes are rarely self supporting and the
membranes are usually placed inside either a porous stainless steel, plastic or ceramic
tube. The diameter of the tube is generally more than 10mm. The number of tubes put
together in a module is suggested to vary from 4 to 18 tubes but it is not limited to this
range. The tubular module has a low packing density of less than 300m2/m3. However,
the choice of a membrane module usually depends on economical considerations and the
final application.

It has been suggested that a tubular module is well suited for

applications of a high fouling tendency, because the membrane (itself) can lead to good
process control, high feed-side turbulence and ease of membrane cleaning.
The aim of the work described in this chapter was to investigate relatively cheap, robust
ceramic membranes that may be suitable for oily water treatment. Performance of the
membranes in relation to permeate flux, permeate quality and operating conditions
including backflushing were studied. Three tubular membranes (CeraMem Separations,
UK) made of the same membrane material but with pore sizes of 0.005, 0.2 and 1.3pm
were tested. Most of the tests were conducted with the 0.005 and 0.2pm pore size
membranes.
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5.2

EXPERIMENTAL RIG

Several modifications were made to the rig described in chapter 4. The re-circulation
loop was constructed from stainless steel in the same manner employed for the flat sheet
membrane module.

All the relevant process parameters including inlet, outlet and

permeate pressures, and the permeate production rate were monitored with the on line
personal computer (PC). Data were collected every 12 seconds as previously described.
The feed (emulsions) were maintained at the same temperature (30°C) as before and the
cross flow velocity was maintained at 0.6m/s for all runs because the pump used for tests
could only deliver such maximum cross flow.
A schematic flow diagram and a photograph of the rig are illustrated in figures 5.1a and
b. The circulation loop unit consisted of a feed tank (FT) in which an emulsion feed, of a
defined concentration was continuously pumped through the membrane module unit
(TM) by gear pump (GP1). The feed flowed tangentially across the membrane and the
flow velocity was measured and maintained at a constant value using a rotameter (R).
The permeate from the module unit was recycled to the feed tank through a valve (PV1)
to maintain a constant volume of the feed, or collected in a beaker (Bl) through a valve
(PV2) when concentrating the retentate. The production (permeate) rate was measured
by a turbine flow meter (FM) when the permeate was recycled or by a beaker (Bl) and an
electronic balance when the retentate was concentrated. The inlet, outlet and permeate
pressures were measured by transducers (PT1), (PT2) and (PT3) respectively.

The

emulsion feed temperature was controlled with a commercially available heater (stainless
steel heating coil) immersed in the feed tank. The closed loop unit was drained through a
valve (DV).
Backflushing was operated manually using a gear pump (GP2) which was switched on
and off periodically. Both cold and hot (heated to 50°C ) permeate or pure water from a
beaker (B2) were used for back flushing. The emulsions were prepared as described
previously (chapter 4). The operating principles for the tests were (a) maintaining a
constant permeate production rate and allowing the transmembrane pressure differential
to increase gradually or (b) maintaining a constant transmembrane pressure differential
and recording the corresponding membrane fouling.

The same membrane cleaning

procedure previously used in chapter 4 was applied to the membranes. The membranes
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were cleaned with hot water followed by a chemical cleaning process. The pure water
permeate flux was checked before and after each run.
5.2.1

Tubular Membrane Module

The ceramic membrane consisted of an alpha-alumina microfiltration membrane with a
monolithic support. The membrane element had 60 channels (see fig.5.2a) whose inner
surface was coated with a layer of alpha-alumina (microfilter) which acted as the filter
for the oily water separation. Each channel was 1mm x 1mm by size and 30cm in length.
The membrane element was mounted in a stainless steel housing (figure 5.2b) and both
ends of the module were fitted in the rig using gaskets and clamps.
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5.3

RESULTS AND DISCUSSION

The results are divided into six sections. Permeability of each of the three membranes
was checked frequently with pure water.

The pure water permeate flux of the

membranes were measured at 30°C, before and after each experiment. The permeability
and the resistance of each of the membranes are shown in table 5.1. For comparison the
average membrane fouling resistance (RT) for the synthetic and the crude oil emulsions
AP
are shown in table 5.2. The value RT( J = --------------- as defined earlier in chapter 3 of

MRb +Rt)

equation 3.6) was determined after each experiment. The values shown relate to a range
of conditions and reference is made to the relevant figure.

The hot water cleaning

recovered over 60% of the pure water flux.

Pore size (pm)

PWP (bn2 hr1bar’1)

Rm*10n (m 1)

0.005

124

36.43

0.2

776

5.79

1.3

4437

1.04

Table 5.1: Pure water permeability (PWP) and resistance o f the membrane (R ^ at 30°C

Figure
5.6
5.7
5.8a
5.8b
5.9

Rt *10n (m 1)
Crude oil of 3 5API
1.32
3.66
3.72
13.48
6.10

Dodecane-toluene
1.65
2.17
10.64
7.23

Claire crude oil
1.23
1.55
2.54
8.56
0.03

Table 5.2: Membrane fouling resistance (RT) of the for synthetic and crude oil emulsions

5.3.1

Evaluation of a new Membrane

The initial tests were conducted to study the performance of the membranes by gradually
increasing the operating TMP to a high level followed by decreasing the TMP from a
high to a low level. The emulsion (1000ppm+150ppm of dodecane-toluene -water) feed
was changed to fresh emulsion feed at the same period as TMP was increased. Figures
5.3a, b and 5.4 illustrate how the permeate production rate varied with time for differing
TMPs for the membranes (0.005, 0.2 and 1.3pm) pore size. The TMPs were gradually
increased from a low level to higher levels in order to prevent severe fouling of the
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membranes. The experiments were repeated by a continuous, gradual decrease in TMP
from a high level value to a lower level (see figs. 5.3a and b)
For the 0.005pm membrane (fig.5.3a), the run was started at 0.2 bar TMP for 20mins and
within this period, there was no permeate flux (24 l/m2hr) decline. Similarly no permeate
flux decline was observed, when TMP was increased to 0.4bar; the permeate flux was
doubled to 48 l/m2hr. A further increase in TMP to 0.6bar increased the penneate flux
initially to 70 l/m2hr. Then it increased to a maximum of 100 l/m2hr before it started to
decline gradually to a slightly lower flux. This strange behaviour was unusual as shows
a decreasing RT. It could be possibly due to clumping of the droplets which reduced the
permeate flow resistance. A different pattern was observed when the TMP was increased
to 0.8bar. The permeate flux declined at a faster rate, which suggests that finer oil
droplets might have been introduced into membrane pores causing increased permeate
resistance. It is interesting to note that when the TMP levels were repeated, (as TMP was
stepped down), there was no further significant change in permeate flux decline. This
suggests that a long term fouling experiment could be conducted within this range of
TMP (0.2-0.6bar) to limit membrane fouling. The permeate quality was visually clear
(like pure water).
Figure 5.3b shows a permeate flux vs time profile for the 0.2pm pore size membrane
over a range of increasing (TMP) levels of 0.1, 0.2, 0.4, and 0.5bar. There was only a
slight decline in flux for all the TMP values, including the highest value of 0.5bar, where
the permeate flux was 350 l/m2hr. The test was repeated at decreasing levels of TMP in
the order 0.5, 0.4, 0.2 and O.lbar.

The fluxes were essentially the same, as with

increasing TMP showing no further membrane fouling. The permeate flux curves only
slightly declined from the horizontal, which suggests that the long term fouling
experiment could be operated within this range of TMPs. The permeate quality was
similar to that of the 0.005pm membrane (crystal-clear).
Fig. 5.4 illustrates the permeate flux profile for the 1.3pm pore size membrane over the
range of TMP at 0.04, 0.06, 0.09, 0.18 and 0.25bar with the same operating condition as
the 0.005 and the 0.2pm membranes. There was a slight permeate flux decline at a TMP
of 0.04bar, but when TMP was increased to 0.06bar, a rapid and unstable permeate flux
decline was observed lOmins after changing the TMP. This behaviour was unusual,
112

because when TMP was increased to high values (0.09 and 0.18bar), the permeate fluxes
only declined slightly. This suggests that at 0.06 bar, it is possible that more droplets
were breaking up at a faster rate, thereby influencing the membrane fouling. When the
TMP was changed to 0.09bar the fouling mechanism was superseded by another form of
fouling mechanism, under which the flux only declined slightly. A different pattern was
observed when the TMP was increased to 0.25bar. The permeate flux initially declined
rapidly, then became stable, but declined again before stabilising. The test was not
repeated because the permeate quality was not clear, which was in contrast to the 0.005
and 0.2pm membranes that gave high quality permeate. No further tests were carried out
with the 1.3 pm membrane.
5.3.2

Permeate Flux and Mixer

Other tests were conducted to study performance of the mixers on the emulsion
preparation. Figure 5.5 illustrates permeate flux and TMP vs time decline profiles for an
emulsion containing 5000ppm of 35API crude oil. The industrial blender (Warring,
U.S.A. model) and laboratory multi-purpose high shear mixer (Silverson, machines,
U.K) were the mixers used to prepare the emulsions. The TMP was increased gradually
in the order of 0.2, 0.3, 0.4 and 0.6bar and the corresponding permeate flux profiles were
recorded. It is clear that at a low TMP of 0.2bar, the produced emulsions show only a
small tendency to foul the membrane. The industrial blender consistently produced
emulsions, which gave a higher flux. When TMPs were increased to 0.3, 0.4 and 0.6bar,
the emulsion from the blender showed a rapid permeate flux decline compare to the one
produced from the Silverson which showed a lower and steady decline in permeate flux.
Earlier results on droplet size distribution (chapter 3) showed that the blender gave a
narrower size distribution, with the mean size of less than 1pm, whilst the Silverson gave
a much wider size distribution (chapter 4) with a mean size of a round 5pm. It is thus
seen that the former distribution gave a higher permeate flux, but it is more prone to
increasing membrane fouling over time.
5.3.3

Constant Permeate Flux

Different tests were performed for concentrating the emulsion. Fresh emulsions were
added to the feed tank periodically of equal volume (typical quantity of 1 litre) to the
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permeate collected. The retentate (see fig.5.6a) was concentrated 30x fold (0.1-3%w/w)
in each case for dodecane-toluene, crude oil of 35 API and Claire crude emulsions. The
TMPs (fig5.6b) were initially modest and were increased gradually to limit fouling of the
membrane.

The permeate flux was maintained at a constant value (160 l/m2hr) by

gradually increasing the TMP.

It is clear that the crude oils (heavy and light oil

emulsions) and the synthetic oils (dodecane-toluene emulsion) showed similar TMP
profiles. However, when concentration of the emulsion was commenced at 0.5%w/w
and concentrated up to 20%w/w (see fig.5.7), the TMP profiles of the heavy crude oil
(Claire crude oil emulsion) and the synthetic oil emulsion were similar and lower than
the light crude oil emulsion.
5.3.4

Permeate Flux and Constant TMP

Figure 5.8 illustrates the permeate flux vs time curves. The emulsions were concentrated
at a constant TMP of 0.5 bar, cross flow velocity of 0.6m/s and temperature at 30°C. The
retentates were concentrated by several orders of magnitude and the performance of the
crude oil emulsions was superior to that of the synthetic mixtures. It is clear that both
crude oils (see fig. 5.8a) showed a similar permeate flux decline for the first 25mins, but
after this period, the heavy crude oil emulsion permeate flux stabilised throughout the
remainder of the process, whilst the permeate flux (of the light crude oil emulsion)
declined further, reaching a lower level, steady state permeate flux. The synthetic oil
displayed a continuous decline in permeate flux.

Consequently, the synthetic oil

emulsion fouled the membrane more than the crude oil emulsions when concentrating
was commence at 0.1%w/w and upto 5%w/w. Similarly when salt (NaCl + Na^C^) was
added to the synthetic emulsion, the permeate flux declined further. The effect of the salt
on the permeate flux was in contrast to (NaCl and MgCl2) described in chapter 4 (section
4.3.5). A possible explanation could be that the presence of the carbonate influenced the
droplet size, which caused the decline in flux, but there is no information available for
droplet size distribution.
When the concentrating of the emulsion was started at 0.5%w/w (fig.5.8b), both the
synthetic and the heavy crude oil emulsions showed a similar permeate flux decline, but
the light crude oil emulsion showed rapid decline of the permeate flux for almost 30mins.
Then after this period, the permeate flux was unstable throughout out the remainder of

114

the run. An increase followed by a decrease in permeate flux (as opposed to a steady
permeate flux or a declining flux) has already been observed in figures 5.3a and 5.4 for
certain conditions. In figure 5.8a this behaviour was again observed in a minor way but
it was in figure 5.8b that major repeated oscillations were observed. For the period after
60 minutes RT (of the 35API experiment) oscillated between 9.57* 1011 and 16.24* 10nm‘
\

This indicates significant changing conditions on the fouling layer. This strange

behaviour could possibly be due to the droplets clumping together and then breaking up
at a random rate. It is clear that the tubular membrane performed better at a constant
permeate flux than at a constant TMP but the synthetic oil emulsions showed lower
fluxes compared to the crude oil emulsions at low emulsions concentration (see figures.
5.6, 5.7 and fig.5.8).

This was similarly observed in chapter 4 for the flat sheet

membrane.
5.3.5

Permeate Flux and Concentrating Crude Oil Emulsions

Similar experiments were conducted with the 0.005pm membrane for concentrating the
light crude oil emulsion from 1 to 15%w/w and the heavy crude oil emulsion starting
from 5 upto 50%w/w (see fig.5.9). Fresh emulsions were added to the feed tank at the
same rate as the permeate was collected. The permeate collection was dependent on the
permeate production rate. For example, the gaps in the permeate flux and the TMP
profiles indicate when the fresh feed was added to the emulsion feed tank and the
permeate was also collected at the same time. The permeate flux was maintained at a
constant (40 l/m2hr) or above by gradually increasing the TMP. The rise in TMP was an
indication of membrane fouling. It is interesting to note that the flux of the light crude
oil emulsion increased from the initial permeate flux (40 l/m2hr) and reached 60 l/m2hr
before it declined to a steady value. Indeed a thin layer of free floating oil was observed
on top of the emulsion in the feed tank after a few minutes of the process. The free oil
layer thickness increased as the process continued. This free-floating oil was similarly
observed during the previous concentrating experiments and it was more visible at the
initial stages as the emulsion concentration had been increased.

The result also

confirmed the previous observation described in chapter 4 for the flat sheet membranes.
A similar result was obtained for the Claire crude oil emulsion when concentrating it
from 5 upto 50%w/w under the same operating conditions as the light crude oil emulsion.
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The permeate flux was maintained appropriately at 50 l/m2hr with the driving force
(TMP) gradually increased from 0.3 to 0.45bar compared to the flux of the light crude oil
emulsion, which was started from 0.4 upto 0.6bar.

The free-floating oil was again

observed during the very early stages of the process. The permeates of both crude oil
emulsions remained crystal-clear throughout the experiments
5.3.6

Permeate Flux and Backflushing

Other experiments were performed to study whether backflushing would improve the
average permeate flux.
backflushing.

Both cold and hot permeate or pure water was used for

The light crude and synthetic oil emulsions were used for the

investigation, because these oil emulsions showed lower fluxes compared to that of the
heavy crude oil emulsion (see for example fig.5.8). Figure 5.10 illustrates permeate flux
decline curves for (a) dodecane-toluene-sea water emulsion and (b) crude oil 35API
emulsions. There was no flux improvement during backflushing. On the contrary, a
major point of interest was that for both oil emulsions permeate fluxes were lower
compared to the experiments (fig.5.8) performed without the backflush. This suggests
that the backflush process caused break-up of droplets, which could change the packing
of the droplet layer on the membrane surface, thereby increasing the membrane fouling.
5.4

CLOSING REMARKS

The performance of ceramic (CERAMEM) tubular membranes have been investigated
with both synthetic and crude oil produced water. It has been established that the tubular
(0.005 and 0.2pm) membranes were suitable for separating the crude oil from the
produced water without severe membrane fouling.

The light and heavy crude oils

emulsions were concentrated to 15 and 10 folds respectively using 0.005pm membrane.
The membrane (0.005pm) fouling was found to be insignificant to the membrane
resistance when concentrated the heavy crude oil emulsion (see table 5.2). However the
absolute Rx values for the 0.2pm pore size membrane were high and those for Claire
crude oil were always lower than those for the lighter 35 API crude oil.
Operating the tubular membrane at a moderate TMP is to be preferred, to prevent severe
fouling of the membranes. A constant permeate flux operating mode was found to be
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better than a constant transmemebrane pressure, which always gave an initial high
permeate flux followed by a rapid permeate flux decline as the process proceed.
The 0.005 and 0.2pm pore size membranes displayed similar performances, producing
high quality permeates which were crystal-clear (like pure water), but the 0.2pm pore
size membrane produced a high and more stable permeate flux. In contrast to the flat
sheet membranes discussed in chapter 4, the tubular membranes performed better with
crude oil emulsions than with the synthetic oil emulsions.

The 1.3 pm pore size

membrane produced a high permeate flux but a very poor permeate quality, owing to the
large size of the membrane pores which allowed the oil droplets to pass through the
pores.
The addition of salts (NaCl + Na2C 03) were found to influence membrane fouling, which
was possibly due to the presence of the carbonate, because this was in contrast to
observations described in chapter 4 for flat sheet membranes.
Backflushing with permeate or pure water was found to accelerate a permeate flux
decline rather than improve the permeate flux. Although backflushing was not a success,
the hot water cleaning was useful to recover over 60% of the pure water flux, which was
similar to the observation with the polysulphone membrane previously discussed in
chapter 3. This suggests that only droplets were flushed away from the openings to the
majority of the pores, but the flushing process had a deleterious effect on droplet break
up.
It has been established that microfiltration membranes could be used to concentrate the
oily water emulsions. This is usually performed with UF because it is usually accepted
that the oil droplets may pass through the membrane pores at high emulsion
concentrations. It was also found the tubular membranes performed better with heavy
crude oil emulsion than the light crude emulsion when the produced water contained a
high emulsion concentration.
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Figure 5.1a: Flow diagram of a cross flow tubular module rig.

Figure 5.1b: General view of the cross flow microfiltration rig illustrated in
figure 5.1a.
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Chapter 6
MEMBRANE FOULING MECHANISMS
6.1

INTRODUCTION

Filtration performance is usually hindered by progressive fouling. Although fouling
phenomena have been widely studied, many problems are still unsolved. The extent of
fouling phenomena strongly depends on the type of the feed solution and the membrane
process. A good choice of membrane (choosing the membrane according to the process
solution) and the selection of suitable operation conditions are necessary to control
membrane fouling.

Membrane fouling can be caused by several factors, such as

adsorption, gel layer formation and the plugging of the pores. Concentration polarisation
can worsen membrane fouling, because the factors that influence membrane fouling are
generally concentration dependent. All of the above factors induce additional resistances
to the transport of permeate across the membrane. Figure 6.1 illustrates the various types
of fouling that can reduce permeate flow during a filtration process.

Rep

> Cross flow

O O

Rm

Ra
Permeate

Figure 6.1: Illustration of the various fouling mechanisms that can rise during filtration processes.

Ultrafiltration and microfiltration in contrast to gas separation and pervaporation display
a permeate flux which rapidly declines and the permeate flow is often less than one fifth
of the overall flow. Membranes can be considered to be a permselective barrier between
two phases, with one component being more readily transported than the other or in some
cases completely retained.

The retained solute molecules can accumulate near the

membrane surface. The highly concentrated layer near the membrane surface exerts a
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resistance (concentration polarisation resistance (Rep), see fig.6.1) towards the mass
transfer. The concentration of accumulated solute molecules may increase to form a gel
layer, which exerts a gel resistance (Rg). For the porous membranes, it is possible that
some solutes penetrate into the membrane and block the pores, leading to a pore blocking
resistance (Rp). A flow resistance can also arise due to an adsorption phenomenon (Ra)
which can take place either on the membrane surface, within the pores or both
simultaneously. The membrane also exerts resistance (Rm) to the permeate flow and it is
usually assumed to be constant.
The membrane fouling can be either reversible or irreversible depending on the
deposition of the retained particles of colloids, suspensions, macromolecules, emulsions,
salts etc. Membrane fouling is a very complex phenomenon and it is difficult to describe
theoretically. The fouling may be influenced by both physical and chemical parameters
such as temperature, pH, concentration, ionic strength and specific interactions
depending on the process solution. Different methods, including pre-treatment of the
feed solution, membrane properties and module process conditions (as well as chemical
cleaning), can be applied to reduce the membrane fouling.

However, due to the

complexity of fouling phenomena, different separation processes require different
methods to limit the membrane fouling.
Concentration polarisation and osmotic pressure are less significant in microfiltration
than ultrafiltration and reverse osmosis, as the retained particles are of a larger diameter.
Also molecular diffusion is negligible. Internal fouling of the membrane tends to be a
severe problem compared to surface fouling, which may loosely deposit on the
membrane and can be removed by backflushing.

There are several hydrodynamic

techniques that limit surface fouling and these are often dependent on cross flow shearing
effects. A number of hydrodynamic techniques had been studied including, abrasives
and turbulence promoters (Millsic and Bersillon, 1986), electric and ultrasound fields for
particles (Tarleton, 1988), an application of a centrifugal fluid flow (Holdich and Zhang,
1992) and application of a combination of baffles and pulsation to the flow (Howell et al,
1993).
Blake et al (1992), Buffham and Cumming (1995) and Hwang et al (1996) applied force
balances to particles near the membrane surface to predict steady state flux of cross flow
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filtration. The numerical values of these forces are often difficult to calculate in practice,
for example, inter-particle forces are often neglected because of difficulty in their
estimation.
In this chapter, a modified version of Hermia’s (1982) model developed by Field and
Amot (1993) was used to study the membrane fouling mechanisms of the oily-water
emulsion.

The investigation was extended to study the influence of the operating

conditions such as TMP, temperature, cross flow velocity, concentration and the effect of
the sea water on the membrane fouling mechanisms. The influence of the membrane
pore size on the fouling mechanisms was also studied.
6.2

THEORY

6.2.1

Ideal Cross flow Fouling Analysis

In this section summary description of the assumptions included conclusions reached by
(Field and Amot, 1993 & 1995) the theoretical models for the permeate flux decline is
given.

Hermia (1982) presented a physical model to derive the ‘intermediate blocking’ model,
which was developed empirically by Hermans and Bredee in 1936 and the model was
previously reviewed by Grace (1956) for dead-end filtration.

At the same time, a

characteristic form of the blocking filtration laws for constant pressure was determined
and the result was presented in the form:

Where V is volume of permeate collected at time t, k and n are constants depending on
the fouling mechanism involved. The values of n define the mode of membrane fouling
occurring whilst the magnitude of k depends on the system, the filter medium and the
conditions of filtration.

The blocking mechanisms were formulated in the frame of

power-law non-newtonian fluids. When n=0, there is the cake filtration; n=l is for
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intermediate blocking, n=1.5 is for standard blocking and n=2 is for complete blocking.
The permeate of membrane filtration is usually expressed in term of flux (J), as dV/dt =
AJ. Equation (1) can be arranged as:

d t _ d(l/A J) _
dV2
dV
1

dJ

A 2- nJ 2-n dt

1 dJ dt _ 1 dJ
AJ2 dt dV " A2J 3 dt "

1
AJ

= kJ

(6.2)

Recently Bowen et al (1995) used Hermia’s dead-end analysis for protein filtration,
whilst Holdich and Zhang (1995) used the dead-end equations for cross flow filtration
analysis.
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Figure 6.2: Illustration of membrane fouling mechanisms (Bowen et al, 1995): (I) standard cake
filtration, for n = 0, (II) intermediate pore blocking for n = 1,
(III) standard blocking for n = 1.5, (IV) complete blocking for n = 2

Field and Amot (1993, 1995) modified Hermia’s model incorporating cross flow
removal and back diffusion mechanisms representing equation (6.2) in the form

(6.3)
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Where J is permeate flux and J* is considered to be a critical flux which should not be
exceeded if fouling is to be avoided. The concept of critical flux is hypothesis (Field et
al, 1995) for microfiltration is that on start-up there exits a permeate flux below which
there is no flux decline with time but above it, fouling of the membrane is observed. The
critical flux depends on the hydrodynamics and other variables. As equation (6.3) has
yet to be fully accepted, a full derivation of the new equations concerning membrane
fouling mechanisms are given. Compared with that previously published (Field and
Amot, 1995), particular attention is paid to the final form of the equations and their use.
Cake filtration law
This mode of fouling differs most from the complete blocking mechanism (see fig.6.2
I&IV). The overall resistance is the sum of the filter resistance (which is assumed to
remain unchanged) and a cake resistance. For the dead-end filtration of incompressible
particles, the cake thickness is proportional to the volume filtered and the overall
resistance is

R = R^ + am

(6.4)

R = R0+ akc^
A

(6.5)

where a = the specific resistance of the cake (m kg'1)
m = the mass of cake per unit area
kc = cake filtration constant relating m to V; which is a function of certain
physical properties (kgm*3)
In classic filtration, the equations are solved to show that this mechanism yields a linear
relationship between V and t/V. An equivalent analysis yields an equation, which might
be of greater interest for the analysis of membrane performance:

(6.6)
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Equation (6.6) applies to dead-end filtration. To apply this phenomena to cross flow
filtration, the term allowing for cake erosion can be added to equation (6.5). Thus for
cross flow microfiltration (CFMF) cake filtration, the equation for time t, can be written
as

(6.7)

Where S is the rate of erosion of cake per unit area (kgm'V1)

Assuming S to be invariant with t, it can be shown that

J

J.

= -^ -k c
J„R„ \ J

(6.8)

J„R„

Thus

J dt

J 0R„

(6.9)

J 0R0

For G = akc/(J0 R J and js = S/kc one obtains

(6 . 10)

This can be solved to give the following expression

A
Gt =

In

jA
“ J,

aJ

(6.11)

h;
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Equation (6.11) is useful in the analysis of flux decline when the additional resistance is
due to the formation of a “cake” of particles or emulsion droplets above the surface of the
membrane. It takes a long time for the permeate flux J to approach j s
Intermediate blocking filtration law
Particles do not necessarily block a pore; the probability of a particle landing (see
fig.6.2II) on particles already on the surface is taken into account. The physical model
leads to the relationship

J

J„

(6.12)

= Kibt

For dead-end filtration the rate of flux decline is given by the following equation, which
is obtained from equation (6.12)

J dt

(6.13)

= KibJ
’l>

The addition of a back flux factor B gives

J dt

(6.14)

= K ib(J-B )

,lA

’

Writing j ib= B

(6.15)

Kibt = — In
Jib

Equation (15) can be rearranged and solved for J
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J =f

----------"=r
1_ (J i _ i b ) exp(_Kbjbt)

(6.16)

Equation (6.16) should be useful in the analysis of the initial phase of flux decline. The
previous value js is the limiting value if cake lay down is to be avoided, whilst jib is the
limiting value if intermediate blocking is to be avoided. Since one form of fouling
mechanism involves particle-membrane interaction whilst the other involves particleparticle interaction, the values j s and jib may well be different. When testing for this
mechanism (n = 1 is fixed), the values of jiband

are determined from the experimental

data. A plot of ln[J/(J-jib)] vs t should be linear and Kjb could be determined from the
slope. This is demonstrated in figure 6.4a and this will be discussed later.

Standard blocking filtration law (in-pore fouling)
In deriving this law it is assumed that the pore volume decreases (see fig.6.2III) due to
deposits within the pores. In classic filtration the equations are solved to show that
fouling of this type yields a linear relationship between t and t/V. An equivalent analysis
in term of flux generates

(6.17)
K 's is defined by Hermia and is the value taken from k in equation (1) when n = 1.5.
This form of fouling will not be mediated by back diffusion from the membrane surface
and is not applicable once surface fouling has occurred. Nevertheless, it may occur
during the first few minutes of cross flow filtration.
Complete blocking filtration law
Normally with this mechanism, it is assumed that each particle reaching the membrane
surface seals the membrane pore (fig.6.2IV). A term representing a removal rate of
particles from the ‘mouth’ of the pore is added. The velocity through unblocked pores is
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unaffected, thus the fractional reduction in flux is equal to the fractional reduction in
open area, i.e.
J_ d J _ J _ d a
J„ dt a„ dt

(6.18)

The area at time t, in the absence of a removal term, is given by

a = a - crV

(6.19)

dV
Combining equations (6.18) and (6.19), and noting that — = AJ and aG= s 0A one
dt
obtains

dJ
dt

—

= —f

AJ1J 0o — f cr—

(6 .20 )

G ------

^

a o

>

If the cross flow leads to a constant rate of particle removal from the ‘mouths’ of the
pores, the equation for the decrease in open area is modified to:

da
- = s A J -B 'a (
dt

(6.21)

where B' is a constant related to the membrane porosity and rate of removal of particles
per unit area. Hence

dJ
dt

'

J '

G - 1 J + B'J.
V SJ

( 6 .22)

Bf£
The implication of equation (6.22) is that when J < ----- , there will be no flux decline.
G

B' £•
W riting

as jcb and integrating equation (6.22) yields
G
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J = (Jo - Jcb^xpl-KcbJot) + Job

(6-23)

where Kcb = —
e„

When testing for this mechanism (n = 2 is fixed), the values of jcband kcbare determined
from the experimental data. A comparison between the generated curve and the data is
then made. A plot of ln(J-jcb) vs t should be linear if n = 2 and kcb determined from the
slope. This is also demonstrated in figure 6.4a.
The permeate flow resistance (R) and its derivative could be used as a potential tool to
analyse the fouling mechanisms. Consider the case where the fouling mechanisms are
expressed in terms of the flow resistance such that:
AP
R=—

(6.24)

ju3

Differentiating equation (6.24) and substituting equation (6.23) shows that
dR. = __AP^dJ = AP
dt

/ J 2 dt

-j.

n

v

’

Further differentiation of equation (6.25) shows
d 2R
APK r/1 NT T*ndJ
— t - — r _?r[(l- n )J + nJ ]—
dt2 / J (n+1)LV
7
J dt

(6.26)
v
'

For cake filtration (n = 0) and the intermediate blocking (n = 1) ie 0< n <1, the d2R/dt2
will always be negative because of the negative term dJ/dt multiplying a positive term.
For ‘complete’ pore blocking (n = 2), the term [(l-n)J + nJ*] reduces to (2J*-J) which is
initially expected to be positive so making d2R/dt2positive. Thus dR/dt initially increases
before it starts to decline with time. The maximum (dR/dt) occurs at J = 2J* (steady state
permeate flux). However, if the fouling mechanism is a combination of the intermediate
and the ‘complete’ pore blocking mechanisms then 1< n < 2 in which case the maximum
(dR/dt) will occur at an earlier time, for example, for n = 1.1, the maximum will occur at
permeate flux (J) = 11*J* whilst for n = 1.9 the value is J = 2.1J\ This analysis suggests
that one can use resistance data to distinguish the various fouling mechanisms using the
procedure illustrated in figure 6.3.
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Figure 6.3: Illustration o f the procedure for modelling the flux decline

6.2.2

Application of the Models to Oily Water Emulsions

It may not be possible to use the models to identify the fouling mechanisms for an oily
water emulsion because droplets do not behave as hard spheres. Figure 6.3 illustrates the
procedure used to analyse the membrane fouling mechanisms. The membrane fouling
mechanisms were analysed with equations 6.11, 6.16, 6.17 and 6.23. Logarithm plots for
intermediate pore blocking (n = 1) and complete pore blocking (n = 2) fouling
mechanisms are illustrated in figures 6.4a. For both curves, there is a suggestion o f an
additional fouling mechanism during the first few minutes and both curves showed
considerable scatter as the flux started to plateau. This was possibly due to the complex
behaviour of the oil droplets. It is clear that, it could be difficult to distinguish between
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certain mechanisms from the logarithm of the flux plots. The corresponding plots for n =
0 and n = 1.5 gave a poor fit and none are shown.
Data were fitted to the models using a non-linear numerical spreadsheet package (Quatro
Pro version 6.0) to estimate the various parameters. When the models were tested across
the whole range of data, n = 1 provided a best fit followed by n = 2. Both n = 0 and n =
1.5 showed very poor overall fits and none of the results are presented.

For the

intermediate pore blocking (n = 1), both J0 and jibwere experimental values of which J0
could be either the pure water permeate flux or an initial permeate flux of the emulsion
(which was used). The jib term was the limiting flux.

The

value was initially

estimated using a small value (in this case it was 0.0001). The numerical optimiser was
then used to estimate the best fit value. The

value was first estimated by using J0and

j ib obtained from the experiment before all three terms (J0 jjb and K^) were re-estimated
by the numerical optimiser. The same procedure was used to estimate the Kcb value (for
a complete blocking (n = 2) mechanism). In practice, the value of n for most of the
curves was not found to change. Also the change in “K” parameter was found to be
small.
At this point it was necessary to compare fixed “K” parameters estimated from the
regression (slopes) of the logarithm plots (fig.6.4a) to those determined numerically. It is
clear that the numerical method gave a better fit to the data for the whole time interval
than using the logarithm plots to determine the “K” parameters (see fig.6.4b). No further
log(flux) vs time plots were constructed. The resistance vs time plot (see fig.6.4c) was
clearer than flux vs time plots.
One fouling mechanism may not apply for the whole of the time interval, therefore it was
necessary first to fit the overall data and examine the uniformity of the quality of the fit.
In order to decide between intermediate pore blocking (n = 1) and a complete pore
blocking (n = 2) fouling mechanisms, a comparison of the theoretical curves to
experimental data were made. Figure 6.5 illustrates fixed (K^ and Kcb) values estimated
at different time intervals for a lOOOppm dodecane-water emulsion processed at TMP of
0.4bar, cross flow velocity of lm/s and feed temperature of 30°C using 0.1 pm flat sheet
(CERAMESH) membrane. It is clear that intermediate pore blocking seems to be the
dominant mechanism compared to the complete blocking mechanism (see figs.6.5a and
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c). The membrane fouling was predominant for the first 20 minutes when compared the
Kib values (see fig.6.5a, at t = 20 and 120min). The derivative of the resistance with time
of experimental data showed a lot of scatter and therefore, resistance vs time curves were
used for the fouling analysis (fig.6.5b&d).
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6.3

RESULTS AND DISCUSSION

The results are divided into three sections. Each section describes each of the membrane
configuration (module) used for the experiments.
6.3.1

Spiral Wound Module

The data sets obtained with the spiral wound module were fitted to the model to
characterise the operating parameters.

The effect of TMP on the intermediate pore

blocking mechanism is presented in figure 6.6a. It is clear that increasing the TMP
threefold almost reduced the value of

by half whilst the jib value was increased

slightly (72 to 761m"2 h'1). However, overall permeate resistance (R) was influenced by a
high TMP, with average R being 19.8* 1O^m'1 for 0.35bar and 51.5*10nm-1 for lbar.
The significant change was the initial resistance, whereby the permeate flux resistance of
the 0.35bar was

and that of lbar was 28.1*1011m'1 during the first

20minutes (see fig.6.6b). It is clear that the pore blocking that occurred at the beginning
of the run influenced the subsequent fouling for a high TMP.
The influence of the cross flow velocity on the intermediate fouling mechanism is shown
in figure 6.7, where the same operating conditions as figure 6.6 were used, except that
the TMP was 1.2bar. The results were similar to the TMP that is, increased cross flow
velocity increased the jibvalue slightly and the Kjb value was reduced.
Fig.6.8 illustrates the influence of concentration on the fouling mechanism. A twofold
increase in emulsion concentration decreased the jib value (by 26%) and the Kjb value
increased. For the spiral wound membrane, the intermediate pore blocking was the
dominant fouling mechanism and it was influenced by the operating conditions such that,
increasing any of the operating parameters such as TMP and cross flow velocity
increased the jibvalue slightly and reduced the Kjb value. This was contrary to emulsion
concentration whereby the j ib value decreased and K,b value increased when emulsion
concentration was increased.
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6.3.2

Flat Sheet Module

Sets of data obtained with the flat sheet (CERAMESH 0.08 and 0.1 jam) membranes were
used to identify the fouling mechanisms for the synthetic and the crude oil emulsions. In
contrast to the spiral wound module, the models could not fit most of the overall data and
the quality of the fit was poor.
Figure 6.9 illustrates effect of TMP for the 2000ppm+300ppm dodecane-toluene
emulsion at a cross flow velocity of lm/s and emulsion feed temperature of 30°C. It is
clear that at the higher TMP (0.8bar), the intermediate pore blocking fouling mechanism
was not applicable for the first few minutes (<5min) of operation, but the standard pore
blocking fouling mechanism was dominant.

This suggests that increasing the TMP

introduced finer oil droplets into the pores, which caused severe fouling during the early
stage of the process.

Such membrane fouling could only be removed by chemical

cleaning.
The effect of cross flow velocity on the fouling mechanism is illustrated in figure 6.10
for 4000ppm+600ppm dodecane-toluene water emulsion at 0.4bar TMP and the feed at
30°C.

The model could not fit the overall data when the cross flow velocity was

increased.

However the K* value was doubled when the cross flow velocity was

increased twofold. This suggests that a high shearing rate only removed a large droplet
size down stream leaving the finer droplets on the membrane surface, which influenced
the intermediate pore blocking mechanism. This explains why a high cross flow velocity
did not improve the steady state flux as discussed previously in chapter 4.
The emulsion feed temperature showed no specific trend on the fouling mechanisms. The
emulsion feed temperature at 30°C (see fig.6.1 la) gave the lowest K^,, value followed by
the feed at 50°C which gave a very rapid permeate flux decline within the first few
minutes followed by a rapid stabilised permeate flux throughout the remainder of the run.
The corresponding permeate flux for the 40°C feed was initially higher than that of 50°C,
but the permeate declined continuously to the lowest flux and had a higher

value with

a slight increased in the jib value. In order to take into account the effects of viscosity,
permeate flow resistance was computed with time. Figure 6.1 lb illustrates the resistance
vs time curve for the 1000ppm+150ppm dodecane-toluene-water emulsion at TMP of
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0.4bar and cross flow velocity of lm/s.

It is clear that at a higher emulsion feed

temperature, the permeate flow resistance was increased. This suggests that the droplet
size was influenced by a high emulsion feed temperature. The effect of increasing the
emulsion concentration (fig.6.12) was less marked. The results were similar to fig.6.10
(cross flow velocity), but the

value was increased slightly when the emulsion

concentration was increased.
Figure 6.13(a&b) shows data for the crude oil emulsions (35 API and Claire crude oil
emulsions).

There was much more discrepancy between the experimental and the

theoretical curves than with the synthetic oil emulsions curves (see figs.6.12 and 6.13)
particularly for the low emulsions concentration without salt. This was possibly due to
the multitude of components present in crude oils that caused the unstable permeate flux.
The permeate flux curves for both light and heavy crude oil emulsions (lOOOppm)
showed a similar discontinuity during the initial 60 minutes of the run but for the heavy
crude oil (Claire oil) emulsion the flux was unstable during the initial 25min of the runs.
However, when synthetic sea water (NaCl, 36.5g/l) was added to the emulsions, the
permeate fluxes changed and stabilised. Addition of the seawater changed the fouling
mechanism for the light crude oil (35 API) because the flux (see figure 6.13a) was
initially increased for 30 minutes before it attained a plateau value throughout the
remainder of the run. Although the flux was lower than the flux without seawater for the
first 90min of the run. Addition of seawater reduced the K* value, presumably by
influencing the ‘clumping rate’ of the oil droplets on the membrane surface. In contrast
to the light oil, addition of sea water to the heavy crude oil emulsion increased the initial
flux, but the terminal flux reduced, although the j ibvalue decreased (by 30%) and the
value reduced drastically compared to the emulsion without sea water (see fig.6.13b).
Figures 6.14 and 6.15 illustrate the performance of the 0.08pm flat sheet membrane. The
results were similar to that of the 0.1pm flat sheet membrane, in that the model could not
fit the whole data. The

value of the synthetic oil (dodecane-toluene-water) emulsion

was lower than the crude oil emulsion when the emulsion concentrations were constant
(see Fig.6.14a).

The membrane performance was altered when the retentate was

concentrated to a higher level of emulsion (see fig.6.14b), because the synthetic oil
emulsion had a higher

value than the crude oil emulsions (although it showed a higher
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permeate flux after the initial 40minutes of run).

This was similar to the previous

observation (see fig.6.13). The light crude oil influenced intermediate pore blocking
when the membrane pore size was small, whilst the heavy crude displayed insignificant
pore blocking when the smaller pore size membrane was used. The effect of synthetic
sea water (NaCl +CaCl2) on batch concentrating oil emulsions was similar to the
previous observations of the 0.1pm flat sheet membrane in that the

value was reduced

when the sea water was added to the emulsions (see figs. 6.13b, 6.14 and 6.15)
6.3.3

Tubular module

Figure 6.16 illustrates the performance of the tubular membrane for concentrating both
the synthetic and the crude oil emulsions at a constant TMP of 0.5bar, cross flow velocity
of 0.6m/s and feed temperature of 30°C. The results were similar to that of the flat sheet
membranes whereby the model could not fit most of the overall data.
For the synthetic oil (dodecane-toluene) emulsions, the flux was unstable and the data
had to be subdivided into sections (fig.6.16a) because of the poor fit of the whole data
(curve labelled 2). The flux initially declined to a j ibvalue of 1221m'2h'1 (curve 1), and
increased slightly for 20minutes before suddenly declined steadily to 691m'2h'1. This
suggests that there could be another form of fouling mechanism between the subdivided
curves (see curves 1&3), which influenced the flux increased. The Kjb value of curve 1
was higher than curve (3), because the model predicted a low j ibvalue (251m‘2h'1). When
the emulsion was commence at a high concentration (0.5 % %w/w ), the flux decline was
less dramatic, but again the flux increased and then plateau for 60 minutes before it
declined to a low flux (fig.6.16b).
Similarly, the permeate flux of the light crude oil was unstable when emulsion
concentrating was commenced at 0.5 %w/w up to 40 fold (see fig.6.16b). The data were
modelled in the same way as previously described for the synthetic oil emulsions
(fig.6.16a). The curve (label 1) was fitted to the whole data whilst curves (2&3) were
fitted by subdivision of the data, but both the J0 and j ibvalues were fixed and only the
values were estimated. Curve 1 was the best fit compared to curves 2&3, which suggests
that the weaving of the permeate flux (from run time of 50 up to 120 min period) was
caused by the blocking and unblocking of the pores during process. This strange
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behaviour could be due to the vast array of components in the crude oil as mentioned
previously. It is interesting to note that, for the heavy crude oil emulsion the flux was
steady decline when emulsion was commenced at a high concentration. The

and jib

values decreased when emulsion concentration was commenced at 0.5 % %w.
6.4

CLOSING REMARKS

A mathematical model (based on that of Hermia) that had been modified to incorporate a
cross flow removal mechanism was used to analyse membrane fouling mechanisms and
distinguished between surface fouling and pore blocking fouling of the membrane using
oily water emulsions. It was not possible to use the models to identify the fouling
mechanisms for an oily water emulsion of the three membrane modules used for
experiments. This could be because oil droplets do not behave as hard spheres.
Intermediate pore blocking (n = 1) fouling was identified as the dominant fouling
mechanism for the spiral wound module. In contrast the models could not be used be to
identify the fouling mechanisms for the flat sheet and the tubular modules, because
neither model could fit the overall data with sufficient accuracy.
For the spiral wound module, an increase in the operating parameters such as TMP and
cross flow velocity reduced the intermediate pore blocking fouling mechanism, whilst
emulsion concentration influenced intermediate pore blocking. This was presumably due
to the membrane spacer, which influenced intermediate pore blocking because the
membrane spacer influences turbulent flow.
However, for the flat sheet membrane, it was found that at a high cross flow velocity or a
high TMP, the fouling mechanism changed during the first few minutes of the operation.
During this period the in-pore blocking (n = 1.5) fouling mechanism could occur.
The influence of the operating parameters (including TMP, cross flow velocity, and
emulsion feed temperature) on the pore blocking mechanisms were inconclusive, but
addition of sea water (salt) to the emulsions reduced the Kjb values (intermediate pore
blocking) because the model predicted low j ibvalues. This arises because the decline in
flux is proportional to both

and the quantity (J-jib) and so for a given value of flux

decline a larger value of (J-jib) will maker for smaller
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The influence of the emulsion concentration on intermediate pore blocking was found
largely depended on the type of oil used because, for the synthetic oil the flux was
improved at a high emulsion whilst for the light crude oil, the flux was unstable when
emulsion concentration was increased. For the heavy crude oil, the flux declined rapidly
when emulsion concentration was increased.
The effect of membrane pore size on the intermediate pore blocking mechanism was
almost insignificant. The small effect was dependent on the type of oily water emulsion
used.
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Figure 6.4a: Linear plot for 4000ppm+600ppm dodecane-toluene-water
emulsion at TMP = 0.4bar, u = lm/s and 30°C, assuming
applicability of intermediate (n =1) and complete (n =2)
pore blocking fouling mechanisms.
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Figure 6.5(a&b): Intermediate blocking (n = 1) mechanism for fixed values of
Kib at time (t) for lOOOppm dodecane-water emulsion at
TMP = 0.4bar, u = lm/s and 30°C for 0.1pm flat sheet
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Figure 6.6: Effect of TMP on the intermediate pore blocking for lOOOppm
dodecane-water emulsion at u = 0.62m/s and 30°C for spiral
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Figure 6.7: Effect of cross flow velocity on the intermediate pore blocking
for lOOOppm dodecane-water emulsion at TMP = 1.2bar and
30°C for spiral wound membrane
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Figure 6.8: Effect of increasing emulsion concentration on the pore blocking
for lOOOppm dodecane-water emulsion at TMP = 0.65bar,
u = 0.48m/s and 30°C for spiral wound membrane
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Figure 6.9: Effect of TMP on fouling mechanism for 2000ppm+300ppm
dodecane-tolune-water emulsion at u = 2m/s and 30°C, using
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Figure 6.10: Effect of cross flow velocity on fouling mechanism for
4000ppm+600ppm dodecane-tolune-water emulsion at TMP
= 0.4bar and 30°C, using 0.1 pm flat sheet membrane.
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Figure 6.11: Effect of temperature on intermediate pore blocking for
1000ppm+150ppm dodecane-toluene-water emulsion at u = lm/s
and TMP = 0.4bar for 0.1 pm flat sheet membrane
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Figure 6.12: Effect of increasing emulsion concentration on the intermediate
pore blocking for dodecane-toluene-water emulsion at u = 2m/s,
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155

200

400

(a)

o ----------------------------------------------------------------------------------------------------------

0

50
□

100
Time (min)

1000ppm, Kib = 0.0044

x

5000ppm, Kib = 0.0054

150
o

200

1000ppm+Salt, Kib= 0.0001

400
300

100

0

100

50

150

200

Time (min)
1000ppm, Kib = 0 .4 3 8 2

x

5000ppm , Kib = 0.0 0 5 9

o

10OOppm+Salt, Kib = 0.0007

Figure 6.13: Intermediate fouling mechanism for crude oil-water emulsion at
u = lm/s, TMP =0.4bar and 30°C for 0.1 jim flat sheet membrane
(a) crude oil of 35API (b) Claire crude oil
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Figure 6.14: Fouling mechanism for synthetic and crude oil emulsions at
TMP = 0.4bar, u= lm/s and 30°C for 0.08pm flat sheet
membrane (a) 5000ppm +750ppm of the synthetic and 5000ppm
of the crude oils (b) 0.5-7.5%w/w
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pore blocking at TMP = 0.4bar, u = lm/s and 30°C for 0.08pm
flat sheet membrane
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CHAPTER 7
CONCLUSIONS AND RECOMMENDATIONS
7.1

SUMMARY AND CONCLUSIONS

Cross flow microfiltration has been identified as being suitable for separating crude oil
from produced water without severe fouling of the membrane provided the TMP is well
controlled.

The light crude oil (crude of 35API emulsion) was found to foul the

membrane more rapidly than the heavy crude oil (Claire crude of 19.8API emulsion).
This was possibly due to the composition of the oil. The permeate fluxes of the crude oil
emulsions were overall higher than the synthetic oil emulsions (dodecane and toluene).
A layer of a “free oil” was observed to form when the concentration of oil contained in
the emulsions in the feed tank exceeded 1%. This suggests that one could envisage a
process (figure 7.1), whereby the produced water and the recycled (emulsions) would be
fed to a decanter. The “free oil” layer in the decanter could be removed as top flow and
the under flow (which would be the fresh feed and the recycle emulsion) would be fed
back to the module unit.

Recovered Oil
Module
Concentrate
Produced
water

Water for discharge
Decanter

Figure 7.1: Produced water clean up using cross flow microfiltration with
naturally induced coalescence

160

The spiral wound (CERAMESH membrane) module unit was found to produce poor
quality permeate when the concentration of the emulsion levels were increased, which
was due to the possibility of the feed leaking through the feed spacer and into the
permeate stream.

The pure water flux of the spiral wound membrane was not

proportional to the driving force due to the extra pressure drop caused by the permeate
spacer. In contrast to the spiral wound module, the performance of the tubular membrane
was best followed by the flat sheet membranes.

For the synthetic emulsions the

permeates for both the flat sheet and the tubular membranes were crystal clear with a
suspended oil content of less than lOppm.

It is generally accepted that a smaller

membrane pore size gives better permeate quality than a large pore size, but for this work
there was no difference in permeate quality between 0.08pm and 0.1pm pore size flat
sheet membranes. The permeate flux decline of the 0.08pm and 0.1pm membranes were
similar.

Similarly, for the tubular membranes, the permeate flux decline was

independent of the pore size, except that the permeate quality was poor for the 1.3 pm
membrane pore size as droplets were introduced into the pores. Both the 0.005 and
0.2pm membranes were suitable in terms of permeate quality, but the 0.2pm membrane
produced a more stable and higher permeate flux.
The following factors were mentioned in chapter 3 with regard to pressure driven cross
flow filtration: (i) cross flow velocity, (ii) transmembrane differential pressure, (iii)
temperature, (iv) feed concentration, (v) back flushing and (vi) chemical cleaning. In this
work the following were observed:
(i) The effect of cross flow velocity was dependent on the type of the module used. For
example, for the flat sheet module, the permeate flux decline was independent of the
cross flow velocity, whereas for the spiral wound module, a high cross flow velocity was
not an advantage during the transient period but the shear rate generated by the cross
flow had a more significant effect on the steady state permeate flux.
(ii) It has been established that a high transmembrane pressure should be avoided for
cross flow microfiltration. A moderate TMP (0.2-0.7bar) attained a stable and higher
permeate flux than a general assumption of higher TMP which only influence the
transient permeate flux but in some instances leads to a reduction in the steady state
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permeate flux. A high TMP was found to cause introduction of finer oil droplets into the
membranes pores. Both the flat sheet and the tubular membranes performed better in the
constant permeate flux operating mode than the constant TMP mode.

The constant

permeate flux mode was started at a low TMP with the TMP increased gradually to
maintain the flux at a stable value, whilst for the constant transmembrane operating
mode, the permeate flux was initially high but within a few minutes of a run, the
permeate flux declined to lower values owing to the membrane fouling.
(iii) A moderate temperature was found to maintain a higher and steadier permeate
fluxes. In particular operation at 30°C was superior to that of 50°C, and that operation at
40 °C was more problematic than at any other temperature employed.
(iv) The effect of concentration was dependent on the emulsion type, on the type of the
module and concentration levels.

For low to moderate levels see table 7.1.

At

concentrations above 1%, “free oil” layer was formed in the feed tank.
Module

Synthetic oil

Crude oil of 35API

Crude oil of 19.8 API

Flat sheet

slight effect at a high

flux declined

flux declined

cross flow velocity
-

-

Spiral wound

flux decline

Tubular

improved flux at

flux declined at

flux declined at

constant TMP

constant TMP

constant TMP

Table 7.1: Effect of increasing emulsion concentration on the permeate flux

(v) Backflushing with either cold or hot water or permeate showed no flux improvement.
Indeed a reduction in flux was often evident.
(vi) Subsequent cleaning using two commercial chemical agents was found to be
effective for recovering membrane fouling.

Using hot water as cleaning agent was

effective of removing a round 60% of the fouling resistance. This would be an advantage
for reducing the cleaning cost because of the reduction of the frequency of chemical
cleaning periods as well as reducing the problem of disposal of the chemical cleaning
residues.
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A continuous flow of the produced water into the feed tank improved the permeate flux
slightly.

This was possibly due to the changes in the packing of droplets on the

membrane surface. Nothing was gained from diluting the emulsion feed once the mixer
had prepared the emulsion, because the droplet size was significantly unchanged by
serial dilution. When the permeate was recycled to the feed tank to maintain a constant
volume or concentration, the steady state permeate flux was reached rapidly, whereas
when the permeate was removed to the drain and fresh feed was added to the feed tank to
increase the oil concentration, the permeate flux declined to a lower but still a steady
state condition.

This was an important observation with regard to possible

implementation of cross flow microfiltration for the offshore treatment of produced water
because offshore operation would require long periods of steady state operation.
The addition of synthetic seawater (salt concentration as found in sea water) led to an
improvement in permeate flux because of increased droplet size.

For example, the

synthetic and crude oil emulsions had mean droplets size between 3 and 10pm in the
absence of salt, but the values increased by a factor of 3 when sodium chloride was
added to the emulsions.

The nature of the salts had a significant influence on the

permeate flux decline because when both NaCl and MgCl2 were added to the emulsions,
the permeate fluxes were improved and stable whereas the addition of both NaCl and
Na2C0 3to the emulsions caused a more rapid permeate flux decline.
Intermediate pore blocking was a dominant fouling mechanism for the spiral wound
module, using dodecane-water emulsion. An increase in operating conditions such as
TMP or cross flow velocity caused a reduction in the intermediate pore blocking. In
contrast to the spiral wound module, the models could not identify dominant fouling
mechanisms for both the flat sheet and tubular modules. This was possibly due to a
complex behaviour of the droplets as they are not hard spheres.

For cross flow microfiltration of separating water from crude oil emulsions, beneficial
operating conditions were a moderate transmembrane pressure (0.4 bar for flat sheet and
0.5 bar for tubular membranes), a constant flux mode (100 lm2hr for flat sheet and 160
lm2hr for tubular membranes) and a moderate temperature of 30°C.

The emulsion

concentration was not an important factor but droplet size was crucial. Hydrocyclones
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have a difficulty with removing oil droplets of less than 10pm in diameter, but cross flow
microfiltration was able to process aqueous streams with a mean droplet size of less than
lpm. Further more the performance of the membranes was better for a low density
difference (between water and oil) emulsions (see appendix A).
7.2

RECOMMENDATIONS

The existing technologies (e.g. hydrocyclones) for produced water clean-up are usually
operated at a low upstream concentration (an average oil concentration of 200ppm) with
the discharged water containing up 40ppm of suspended oil. The energy cost and the
space required for cross flow microfiltration may be high compare to hydrocyclones.
However, cross flow microfiltration would improve the performance of produced water
clean-up systems both in terms of meeting the present and the future environmental
discharge limits.
Future work should be extended to include a long term trial on a pilot scale. The
investigation should include the measurement of the interfacial tension. As described in
chapter 5, backflushing with either hot or cold water or permeate was not effective of
improving permeate flux. However, further investigation is required and should be
extended to include air as a backflush medium. Perhaps this approach may not work
because it may disrupt the oil droplets, breaking them into a finer sized dispersion.
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APPENDIX A
A.1

EVALUATION OF A NEW MEMBRANE

A technique was developed to enable a quick initial assessment of a membrane
performance. The aim was to select better operating conditions for a more detailed study.
With this technique, a single experiment generates a lot of information on the membrane
performance over a short period of time.
Figures A.1 and A.2 are used to explain the technique more fully. A single set of
experiments was repeated three times to study the membrane reproducibility. The TMP
was initially set at a low level and the corresponding flux was measured until a steady
state flux was attained. Each condition was run for an average of 30 minutes before the
TMP was increased to higher levels.
Figure A. lb illustrates the performance of the spiral wound membrane as determined by
the short term fouling test. It is clear that the membrane performed better at a low TMP
(0.65bar). At higher TMPs, there was severe fouling of the membrane. The difference
in performance between the first two runs increased as the TMP was increased to higher
levels. For a low TMP of 0.65bar, the difference between the first and second runs was
0.5% whilst that of first and third runs was 12%.

Overall the difference was less

between run2 and run3. It would appear that the performance of the membrane may not
be fully recovered by chemical cleaning.
Long term fouling tests for TMPs of 0.65 and 1.2bar are illustrated in figure A.3. It is
clear that a high TMP improved the transient flux but little was gained at the steady state
flux. The membrane performance was more reproducible in the transient period at a
higher TMPs. Figure A.2 shows the dependency of overall resistance upon TMP. This
suggests, operating the membrane at a higher TMP may introduce some fine droplets
into the membrane pores or change the droplets packing on the membrane surface which
could influence the membrane fouling for both short and long term runs.
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Fig.A.la: Short term fouling experiment for a lOOOppm dodecane emulsion for
a spiral wound membrane at 30°C and u = 0.48m/s.
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Fig.A.lb: Spiral wound membrane performance for lOOOppm dodecane emulsion
at 30°C and u = 0.48m/s.
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Figure A.2: Resistance vs TMP for data given in fig.Alb.
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Fig.A.3a: Long term fouling experiment for spiral wound membrane at
TMP = 0.65bar, u = 0.63m/s and 30°C.
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Fig.A.3b: Long term fouling experiment for spiral wound membrane at
TMP = 1.2bar, u = 0.63m/s and 30°C.

TMP
(bar)

Runl
J
(l/m2hr)

Run2
J
(l/m2hr)

0.65
0.85
1.20
1.35
1.60
2.27

220
217
276
295
317
382

219
211
246
231
252
300

Run3
J
(l/m2hr)
194
187
218
218
237
298

Runl and
Run2
Difference
(%)
0.5
2.8
10.9
21.7
20.5
21.5

Runl and
Run3
Difference
(%)
11.8
13.8
21.0
26.1
25.2
22.0

Run2 and
Run3
Difference
(%)
11.4
11.4
11.4
5.6
6.0
0.7

Table A.1: Short term performance of a spiral wound membrane.
During the short term fouling test series, a rotameter was used for permeate
measurement. The data obtained for flux decline curves displayed step change profiles,
which were not expected.

A load cell and stop watch were used to checked the

measurements as demonstrated in fig. A.4. The values obtained were 10% more than the
data obtained with the rotameter. The load cell and stop watch technique was used for
the remaining series.

400
Rotameter

Fig.A.4: Flux profiles measured by rotameter and load cell for lOOOppm
dodecane emulsion at 30°C, TMP = 0.65 bar and u = 0.49m/s

For the early experiments, three different operating procedures were used to study the
performance of a previously used polymeric (polysulphone) membrane.

In the first

situation, the permeate was recycled to the feed tank in order to maintain a constant
emulsion concentration. In the second condition, the feed was changed (for fresh feed)
at a periodic time interval. For the third approach, a fresh feed was added to the feed
tank in equal volume to that of permeate production. The membrane performance is
shown in the table A.2. The membrane performance was analysed in terms of flux
decline (AJ). For all three situations considered, the permeate flux declines more rapidly
when testing the 500ppm emulsions compared to both the 1000 and 2000ppm emulsions,
although the 2000ppm emulsions had the lowest steady state flux values. In the second
operating condition, the feed was changed for fresh feed at 30 minute interval. The
initial (J0) permeate flux values for the 1000 and 2000ppm emulsions were low, but the
permeate flux declines (AJ) were low. This type of operating condition would be a
typical of offshore applications where the emulsion concentration level would depend on
the performance of upstream separating equipment of water-oily.
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Data for permeate flux curves displayed in chapter 3:
Permeate was recycled to the feed tank
Temp
(°C)

TMP
(bar)

u
(m/s)

Jo

J.

(1/ m2 hr )

(1/ m2 hr )

AJ
(1/m 2 hr)

Conc’n
(p p m )

30
30
30
30
30

0.4
0.4
0.4
0.4
0.4

0.2
0.2
0.2
0.2
0.2

208
123
106
183
150

116
64
68
84
78

92
59
38
99
72

500
500 **
1000
1000**
2000

Feed was changed for fresh feed after 30min
Temp
(°C)

TMP
(bar)

u
(m/s)

Jo

J.

(1/ m2 hr )

(1/ m2 hr )

AJ
(I/m 2 hr)

Conc’n
(p p m )

30
30
30

0.4
0.4
0.4

0.2
0.2
0.2

208
121
97

87
99
69

121
22
28

500
1000
2000

Fresh feed was added to the feed tank equal to the volume of the permeate

(1/ m2 hr )

AJ
(1/ m2 hr )

Conc’n
(p p m )

74
50
65
51

90
68
85
93

500
500 **
1000**
2000

Temp
(°C)

TMP
(bar)

u
(m/s)

Jo

J.

( Mm2 h r )

30
30
30
30

0.4
0.4
0.4
0.4

0.2
0.2
0.2
0.2

164
118
150
144

** Emulsion was prepared by serial dilution
Table A.2: Performance of a polysulphone membrane at different operating
conditions
A.2

DATA ANALYSIS

A.2.1 Experimental Data
Two different smoothing methods were used to improve the display of the data obtained
from the cross flow microfiltration. The smoothed data can be used to enable a better
estimate of the average error and standard deviation of the raw data. A moving average
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and exponential smoothing (Wadsworth, 1990) methods were used.

The moving

average method is used for smoothing time series by averaging successive data. The
method estimates the trend values associated with the adjacent values. As the number of
data points in calculating the moving mean increases, the better the smoothing effect but
the number of mean points are decreased. A moving average of 3 and 5 were used for
the data smoothing.
Exponential smoothing avoids the disadvantage of equal weight by using a smoothing
constant instead. The exponential smoothing method is a weighted sum of the current
actual data forecast at time t, and the previous data point at time t-1, which is expressed
as:

data^ = adatat + (l-cOdata^

(A. 1)

Where d ata^, dat^ anddata^ refer to the smoothed, current and previous raw data. The
a is referred as a smoothing constant, where a value is 0<a<l. The equation (A.1) can
also be expressed as the forecast value of the previous plus a fraction of the forecast
error of the previous period, ie:

data^! = data^ + a (datat -data^)

(A.2)

A maximum smoothing is obtained when a =0, and very little smoothing takes place
when a =1. In general, the exponential forecast profile is smoother for small value of a
but there is a time shift of the smooth data. The first data point is usually chosen as the
initial point. This means that the trend of the smoothed data can be distorted by the first
point, if the initial point differs much from the remaining data points. For the work
described later in this thesis, smoothing constants of 0.2 and 0.1 were used for the
analysis.
Both methods were applied to raw data obtained for the concentrating of 35API light
crude oil emulsion (figure 5.8b). The flux vs time data are shown in figures A.5 (a-e) to
illustrate these smoothing methods. The spread in the data decreased slightly in the
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order: mean (3), mean (5), a (0.2) and a (0.1). It is clear that the smoothing methods
did not improve spread of the raw data and no further smoothing was carried out. All the
data displayed in this work are raw data obtained from both short and long term the
fouling experiments. The performance of the membranes were also analysed in terms of
the declined in flux (AJ) and are illustrated in tables A.3 and A.4.
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Fig.A.5a: Flux decline curve for raw data displayed in fig.5.8b
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Fig.A.5b: Flux curve for smoothed data using a moving average of 3

172

250

300
250

200
.c
CM

150

<

E

^2

100

0

50

100

150

200

250

T im e ( min )

Fig.A.5c: Flux curve for smoothed data using a moving average of 5
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Fig.A.5d: Flux curve of exponentially smoothed data using a = 0.2
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Fig.A.5e: Flux curve of exponentially smoothed data using a = 0.1
A.2.1.1

Data for plots displayed in chapters 4 and 5 for flat sheet and tubular
membranes
Dodecane emulsion

Temp
(°C)

TMP
(bar)

u
(m/s)

Jo
( M m2 h r )

( M m2 h r )

AJ
(1/ m2 h r )

Conc’n
(p p m )

30
30
30
30
30
30
30
30
30
30
30
30
30
30

0.2
0.2
0.2
0.2
0.2
0.2
0.2
0.2
0.2
0.4
0.4
0.4
0.4
0.4

1
1
1
1
2
2
2
2
2
2
2
2
1.7
1.7

85
96
85
77
82
94
77
77
69
164
160
161
152
149

88
87
80
66
81
87
77
62
59
99
97
87
72
71

-3
9
5
11
1
7
0
15
10
65
63
74
80
78

1000
2000
3000
4000
1000
2000
3000
4000
5000
1000
2000
3000
4000
5000

Js

174

Dodecane emulsion for Constant flux
Temp
(°C)

J
(1/ m2 hr)

u
(m/s)

30
30
30
30
30
30

65
100
100
100
100
100

2
2
2
2
2
2

TMPC TMP,
(bar)
(bar)
0.21
0.23
0.20
0.22
0.28
0.23

0.22
0.32
0.24
0.30
0.48
0.37

A TMP
(bar)

Conc’ii
(ppm)

0.01
0.09
0.04
0.08
0.20
0.14

2000
1000
2000
3000
4000
5000

Crude oil of 35API emulsion
Temp
(°C)

TMP
(bar)

u

j.

J.

(m/s)

(l/m2hr)

30
30
30

0.4
0.4
0.4

2
2
2

362
189
332

(l/m2hr)

AJ
(1/m2hr)

Conc’n
(p p m )

Salt
(36.5g/l)

169
202
87

193
-13
245

1000
1000
5000

Na++CaCl2

Claire crude oil emulsion
Temp
(°C)

TMP
(bar)

u
(m/s)

Jo

J.

(l/m2hr)

(l/m2hr)

AJ
(1/m2 hr)

Conc’n
(p p m )

Salt
(36.5g/l)

30
30
30

0.4
0.4
0.4

2
2
2

304
276
305

236
191
142

68
85
163

1000
1000
5000

Na++CaCl2

Dodecane-toluene emulsion
Temp
(°C)

TMP
(bar)

u
(m/s)

Jo

J.

(l/m2hr)

30
30
30
30
30
30
40
50
25
30
30

0.4
0.4
0.4
0.4
0.4
0.6
0.4
0.4
0.4
0.4
0.4

1
1
1
1
1
1
1
1
2
2
2

226
306
239
230
227
250
259
203
130
246
233

(l/m2hr)

AJ
(1/m2 hr)

Conc’n
(p p m )

Salt
(36.5g/l)

153
203
187
174
174
177
153
160
70
153
187

73
103
52
56
53
73
106
43
60
93
36

1000+150
2000+300
3000+450
4000+600
5000+750
1000+150
1000+150
1000+150
1000+150
1000+150
1000+150

NaCl
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30
30
40
50
30
40
50
25
30
40
50
30
30
30
30

0.4
0.8
0.4
0.4
0.4
0.4
0.4
0.4
0.4
0.4
0.4
0.4
0.4
0.4
0.4

2
2
2
2
2
2
2
2
2
2
2
2
2
2
2

266
410
200
164
287
260
168
242
276
187
150
271
244
240
254

227
249
80
90
158
128
90
113
166
121
67
169
168
208
205

39
161
120
74
129
132
78
129
120
66
83
102
76
32
49

1000+150
1000+150
1000+150
1000+150
2000+300
2000+300
2000+300
3000+450
3000+450
3000+450
30004-450
4000+600
5000+750
50004-750
50004-750

Na++MgCl2

NaCl
NaCl+MgCl2

Table A.3: Data for the synthetic and the crude oil emulsions for 0.1 (im flat sheet
membrane
Dodecane-toluene emulsion
Temp
(°C)

TMP
(bar)

u
(m/s)

Jo

J.

(l/m2hr)

(l/m2hr)

AJ
(I/m2 hr)

Conc’n
( %w/w )

Salt
(36.5g/l)

30
30
30

0.4
0.4
0.4

1
1
1

168
167
160

66
130
102

102
37
58

0.1-1.5
0.1-2
0.5-7.5

NaCl+CaCl2

Temp
(°C)

TMP
(bar)

u
(m/s)

30
30
30

0.4
0.4
0.4

1
1
1

Crude oil of 35 API emulsion
AJ
Jo
J.
(l/m2hr) (l/m2hr) (I/m2 hr)

141
169
176

46
68
124

176

95
101
52

Conc’n
(% w /w )

Salt
(36.5g/l)

0.1-1.5
0.1-2
0.5-7.5

Na++CaCl2

Temp
(°C)

TMP
(bar)

u
(m/s)

30
30
30

0.4
0.4
0.4

1
1
1

Claire crude oil emulsion
AJ
Jo
J.
(l/m2hr) (l/m2hr) (1/m2 hr)
176
152
153

66
68
86

Conc’n
(% w /w )

Salt
(36.5g/l)

0.1-2
0.5-7.5
0.5-10

Na++CaCl2

110
84
67

Table A.4: Data for the synthetic and the crude oil emulsions for 0.08pm flat
sheet membrane
Dodecane-toluene emulsion
Temp
(°C)

TMP
(bar)

u
(m/s)

Jo

J.

(l/m2hr)

(l/m2hr)

AJ
(1/m2 hr)

Conc’n
(% w /w )

30
30
30
30

0.20-0.28
0.23-0.28
0.4
0.4

0.6
0.6
0.6
0.6

183
168
236
233

160
162
69
118

23
6
167
115

0.1-3
0.5-20
0.1-5
0.5-20

Crude oil of 35 API emulsion
Temp
(°C)

TMP
(bar)

u
(m/s)

Jo

J.

(l/m2hr)

(l/m2hr)

AJ
(1/m2 hr)

Conc’n
(% w /w )

30
30
30
30

0.20-0.25
0.28-0.36
0.4
0.4

0.6
0.6
0.6
0.6

170
168
260
208

166
164
203
85

4
4
57
123

0.1-3
0.5-20
0.1-5
0.5-20

Claire crude oil emulsion
Temp
(°C)

TMP
(bar)

u
(m/s)

Jo

J.

(l/m2hr)

(l/m2hr)

AJ
(1/m2 hr)

Conc’n
(% w /w )

30
30
30
30

0.23-0.28
0.23-0.28
0.4
0.4

0.6
0.6
0.6
0.6

168
174
283
188

167
171
200
122

1
3
83
66

0.1-3
0.5-20
0.1-5
0.5-20

Table A.5: Data for the synthetic and the crude oil emulsions for 0.2|im tubular
membrane
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A.2.2 Model Analysis
A model described in chapter 6 was used to analyse the fouling mechanisms of the
membranes tested.

Intermediate pore plugging was found to be the dominant

mechanism for spiral wound module, which was in contrast to the results obtained for
the flat sheet and the tubular module. The

values obtained from the fouling analysis

were plotted against the operating parameters such as TMP (see figure A.6), emulsion
feed temperature (figure A.7) and emulsion concentration (figures A.8a&b).

The

permeate flux curves obtained by the model were analysed in terms of the permeate flux
decay (AJ) and compared to the experimental data (see tables A.6 to A.8). Most of the
mean errors were less than 10% with an exception of Claire crude oil emulsion. When
the emulsion was concentrated to 20%w/w the mean error was 13.4% but the standard
deviation was less than 10 l/m2hr. The standard deviations of most of the data were less
than 10 l/m2hr, although the models could not fit most of the overall data obtained with
the flat sheet and the tubular modules.
All the data obtained from the fouling tests were not smoothed because the smoothing
methods applied did not improve the nature of the data as previously mentioned. The
droplets were breaking-up and clumping randomly as the filtration proceeded and most
of the permeate flux decline curves were unstable. This was contrary to Bowen et al
(1995) and Holdich and Zhang (1995) whereby (Hermia’s, 1982) models for dead-end
microfiltration were used for BSA solutions and latex suspension fouling analysis, but
the raw data were smoothed before the fouling characteristic equations were used.
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0.024

0.016
XI

2
0.008

1
TM P ( b a r )

Fig.A.6: Kjb value vs TMP for spiral wound membrane for lOOOppm dodecane
emulsion at 30°C and u =0.6m/s

0.024
0.02
0.016
0.012
0.008

362551

0.004

0
T em p eratu re (o AC )

Fig. A. 7:

value vs temperature for flat sheet membrane (0.1pm) for
1000ppm+150ppm dodecane-toluene emulsion.
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0.115

0.23

0.345

0.46

0.575

C oncentration (%)

Fig.A8a: Kjb value vs concentration for flat sheet membrane (0.1pm) for
dodecane-toluene emulsion at 30°C.
0.12
35API Crude

0.5

0.6

Claire Crude

2.5

7.5

10

C oncentration (% w/w)

Fig.A.8b: Kib value vs concentration for flat sheet membrane (0.08|im) for
different types of oil emulsions at 30°C.
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A.2.2.1

Experimental and Model data plots displayed in chapter 6
Dodecane emulsions

Pore
size
(pm)
0.1
0.1
0.1
0.1
0.1
0.1

Emuls’n
(ppm)
1000
1000
1000
1000
1000
2000

u
(m/s)
0.6
0.5
0.6
0.5
0.6
0.5

TMP
(bar)
0.4
0.7
1.0
1.2
1.2
0.7

Tern
CO
30
30
30
30
30
30

Exp
Jib

Exp
AJ

Model
jib

Model
AJ

K*

80
75
72
81
110
54

77
82
138
93
132
109

78
73
72
92
110
54

86
82
138
89
132
109

0.0220
0.0127
0.0116
0.0145
0.0091
0.0148

Mean
error
(%)
2.6
3.6
2.7
1.9
1.3
4

SD

Mean
error
(%)
1.4
1.1
0.7
1.4
1.9
1.2
1.8
0.6
1.3
1.7
1.2
1.4
2.3

SD

3
2
2
2
2
3

SD = Standard deviation
Table A.6: Performance of the spiral wound membrane
Dodecane-toluene emulsions
Pore
size
(pm)
0.1
0.1
0.1
0.1
0.1
0.1
0.1
0.1
0.1
0.1
0.08
0.08
0.08
* K,=

Emulsion
(ppm)
1000+150
1000+150
1000+150
1000+150
2000+300
2000+300
3000+450
4000+600
4000+600
5000+750
5000+750
0.1-2.5%
0.5-7.5%
0.2578

u
(m/s)
1
1
1
2
2
2
2
1
2
2
1
1
1

TMP
(bar)
0.4
0.4
0.4
0.4
0.4
0.8
0.4
0.4
0.4
0.4
0.4
0.4
0.4

Temp
CQ
30
40
50
30
30
30
30
30
30
30
30
30
30

Exp
jib

Exp
AJ

Model
jib

Model
AJ

K*

153
148
160
153
158
234
166
174
170
168
153
130
114

73
111
44
93
129
186
110
56
101
76
71
37
46

154
150
161
154
163
234
165
173
172
167
137
134
110

83
105
22
83
108
176
56
38
76
55
58
36
49

0.0081
0.0234
0.0098
0.0084
0.0154
.005*
0.0100
0.0055
0.0105
0.0119
0.0026
0.0116
0.0487

2
1
1
2
2
4
4
2
2
3
3
1
2

35API crude oil emulsion
Pore
size
(pm)
0.1
0.1
0.1
0.08
0.08
0.08

Emuls’n
(PP*n)
1000
1000
5000
5000
0.1-2.5%
0.5-7.5%

n
(m/s)
2
2
2
1
1
1

TMP
(bar)
0.4
0.4
0.4
0.4
0.4
0.4

Tern

Exp
jib

Exp
AJ

Model
jib

Model
AJ

169
201
81
73
124
68

193
+12
245
71
52
101

169
75
61
70
124
71

193
131
197
52
65
99

K*

CQ
30
30
30
30
30
30

+ jib > J0
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0.0044
.0001**
0.0054
0.0108
.0104**
0.0192

Mean
error
(%)
6
2
4
3.6
1.5
2.1

SD

12
6
5
3
2
1

Claire crude emulsions
Pore
size
Oun)

Emuls’n
Conc’ii
(ppm)

u
(m/s)

TMP
(bar)

0.1
0.1
0.1
0.08
0.08
0.08

1000
1000
5000
5000
0.5-7.5%
0.5-10%

2
2
2
1
1
1

0.4
0.4
0.4
0.4
0.4
0.4

Tem
P
CQ
30
30
30
30
30
30

Exp
Jib

Ex
P
AJ

Model
jib

Model
AJ

236
191
142
117
68
85

68
85
163
61
84
68

236
188
142
101
63
86

121
63
163
77
99
67

SD

K*

Mean
error
(%)

0.4380
.0070**
0.0059
0.0038
0.1110
0.0046

7
0.8
3
1.4
3.1
5

18
2
4
1
2
3

** Sea water (salt) was added to the emulsion
Table A.7: Performance of the flat sheet membrane
Synthetic and crude oils emulsion
Exp
jib

Exp
AJ

Model
jib

Model
AJ

Mean
error
(%)

SD

K.b

30

133
69
118

100
64
113

122
25
132

121
212
89

0.0329*
0.0039*
0.0213

3.2
2.9
4.4

2
3
4

30
30

203
85

57
165

185
89

100
157

0.0187
0.0390

3.6
13.4

6
9

83
110

215
117

72
116

0.0268
0.0141

3
3

4
3

Emuls’n
(%w/w)

n
(m/s)

TMP
(bar)

Tem
CQ

0.1-5

0.6

0.5

30

0.5-20

0.6

0.5

0.1-5
0.5-20

0.6
0.6

0.5
0.5

Oil
Dodec
+
Tolu
35API
Crude
Claire
Crude

0.1-5
0.6
0.5
30
200
0.5-20
0.6
122
0.5
30
* = data were subdivided into section before modelec

Table A.8: Performance of the tubular membrane
A.3

DETERIORATION OF MEMBRANE PERFORMANCE

The other main cause of experimental error could be membrane deterioration due to an
increase in resistance as the filtration is progressed.

Figure A.9 illustrates typical

membrane behaviour when a series of long term fouling tests were carried out. The
membranes were tested on different operating conditions such as TMP, cross flow
velocity and emulsion feed temperature. It is clear that the flux of a new membrane
declined more rapidly than when the membrane was old. This could be attributed to
cumulative fouling on the membrane surface, which could control the droplet rejection.
In this work, no change in rejection coefficient was observed. Once the cumulative
fouling was formed no amount of chemical cleaning could restore the membrane
performance fully.
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Chemical cleaning agents are generally unable to fully recover the pure water flux of the
membrane. It is acknowledged (even by the membrane manufactures) that membranes
of the same pore size and material can show variability in performance. Such behaviour
was observed for the CERAMESH (0.1pm) membranes. It was even mentioned at a
recent fuel cell seminar (fuel cell 1998) that zirconia membranes tend to degrade after
they had been used a few times. Consequently, new membranes used in this work had to
be chemically cleaned four times before reproducible clean water fluxes were obtained.
The fouling tests of the new membranes were repeated (three times) to enable the data to
be used for qualitative information.
The use of commercial cleaning agents could sometimes reduce the membrane
performance instead of recovering the pure water flux. This was observed with the
“ultrasil 11” cleaning agent. The cleaning agent caused some black deposition on the
membrane surface when the chemical was used to clean the CERAMESH membranes
several times. The membrane resistance was monitored before and after cleaning to
check the natural deterioration of the membrane performance.

The resistance was

increased more than expected so the module was opened for examination.

The

membrane surfaces were coated with a black deposition. The initial thought was focused
on the module seals (viton) and the pump plastic seals, which were likely to cause the
deposition of the chemical, attacked by the cleaning agent. Both of these were checked
and necessary precautions were taken. The cleaning period was increased but there was
no improvement to the membrane surfaces. The initial recovery (87%) in pure water flux
was dropped drastically after the cleaning agent had been used a few times.

The

cleaning agent had to be changed for another chemical cleaning agent, “Micro”. The
membrane surfaces improved and no black deposition was observed. The recovery also
improved slightly to 90%. The cleaning procedure was later modified by using two
different cleaning agents. Micro and another trade name synpemoic 91/6 (surfactant,
ICI) were applied sequentially.

The membrane was first cleaned with Micro and

followed by the surfactant and the overall cleaning period was 90 minutes.

The

membrane recovery was further improved to an average of 95% and no deposition was
observed on the membrane surface through out the remainder of the work. Furthermore
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the use of sequential cleaning prevented the membrane deterioration that occurred when
only micro was used (see figure A.9).
For the early experiments in chapter 3, sodium hydroxide solution was used as the
cleaning agent for pure water flux recovery. Using this, no black deposits were observed
on the membrane surfaces. Thus, the black deposition was caused by the cleaning agent
ultrasil 11, which had 30% sodium hydroxide and a surfactant component.
A membrane leakage can also cause a severe problem in the filtration performance. The
leakage could occur either through the module seals or sometimes through the membrane
itself (minute holes). Both can reduce the rejection coefficient drastically. This was
observed for CERAMESH membranes (both flat sheet and spiral wound 0.1pm
membranes). Two parameters were used as a tool to check the leakage through out this
work. One was false permeate flux values for pure water and/or emulsions. The other
was visual observation of the feed and the permeate streams.

For the flat sheet

membranes small holes were detected by recorded a false permeate flux whilst for the
spiral wound membrane, the feed stream leaked to the permeate stream through the
membrane spacer between each compartment and produced a poor quality permeate. No
further work was carried out with spiral wound module when the leakage was detected
whereas for the flat sheet, the membranes (with holes) were replaced by new ones and
the tests were continued to completion. Permeate quality for both the flat sheet and
tubular membranes were excellent. The rejection coefficients of the crude oils were
below the limit of the GC detection and the synthetic oil rejection coefficients are
illustrated in table A.9.
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Fig.A.9: Long term fouling experiments for 0.1pm flat sheet membrane for
1000ppm+150ppm dodecane-toluene emulsion at TMP = 0.4bar, u =
lm/s and 30°C. Only one cleaning agent used (2% v/v micro ) at 50 °C
for 45min.
Emulsion
(ppm)

1000+150
1000+150
1000+150
2000+300
3000+450
4000+600
5000+750

Permeate
( ppm)
Sample 1
Sample 2
8
7
5
8
8
7
6

Sample
JT
4
3
1
4
9
10
10

7
3
2
5
8
9
9

Mean
Rejection(%)

TMP
(bar)

99.5
99.6
99.8
99.8
99.8
99.8
99.9

0.8
0.6
0.4
0.4
0.4
0.4
0.4

Table A.9: Rejection coefficients for dodecane-toluene for 0.1pm flat sheet
membrane.
A.4.

EMULSION FORMULATION

The volume of emulsions generated has grown tremendously in recent years, making
them one of the largest industrial products. Emulsion systems are extensively applied in
many industries such as pharmaceuticals, agrochemical, paints, detergents, dry cleaning
and road application (eg bitumen emulsion). Emulsions are a class of dispersed systems,
which are made of two immiscible liquids as mentioned in chapter 2. The most common
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ones are oil-in-water and water-in-oil but occasionally a dispersion of polar oil (ethylene
glycol) in a non-polar hydrocarbon produces an oil-in-oil emulsion. Generally a third
component is often introduced in emulsion formulation, which is capable of absorbing at
the interface between the two immiscible liquid phases to produce a stable emulsion, and
the third component is referred to as a stabilizer. There are four major stabilizers,
namely surfactants, macromolecules, fine particles and simple electrolytes. For this
work, no stabilizer was used in the emulsion preparation. A brief description of a
surfactant system is given below because it is the most commonly used stabilizer.
The term emulsion is traditionally used to describe macroscopic dispersions with droplet
sizes of > 0.1pm in diameter. Below this size the term used is microscopic emulsion or
swollen micelles. Thermodynamically speaking, there is no such thing as a fully stable
emulsion. However, one expects an emulsion to persist for a long period before it
separates into two liquids (with a lower free energy state). In some cases, a stable
emulsion is destroyed to facilitate phase separation, an example being creaming. In
some situations, a stable emulsion switches to a reverse form, ie from o/w to w/o or
other way round. This can occur in the production of butter and cheese.
As reviewed in chapter 2, considerable progress has been made in the understanding of
the complex behaviour of emulsions, but there are numerous strange phenomena still
displayed by emulsions.

Emulsion instability is often associated with flocculation,

coalescence, clumping and reversible aggregation.

In this work, clumping and the

breaking up of droplets were observed from droplets size time measurement (as reported
in chapter 3).

There are some other methods that can be used to assess emulsion

stability. These are interfacial tension, interfacial pressure, interfacial viscosity and
interfacial elasticity measurement. The rheological changes of the emulsion could also
be used to check emulsion stability.

This method was attempted for the crude oil

emulsions but the results were misleading because the viscosity of the emulsions were
predominantly close to that of water. For w/o emulsions, the emulsion stability could
also be assessed by electrical conductivity measurements.
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The role of emulsifying agents such as surfactants (by definition), is a surface active
ingredient which accumulates around the dispersed phase droplets forming interfacial
film which helps to prevent flocculation and coalescence. The activity of the surfactants
often depends on the amount used in the emulsion preparation. The most common
surfactants are ionic surfactants (anionic and cationic) and non-ionic surfactants.
The volume (V) of a dispersed component required for emulsion preparation is
expressed as:
V = N —I lr 3
3

(A.3)

Where N is the number of droplets formed by dispersion and r is radius of a droplet.
The total surface area (A) of the droplets is:
A = N411r2

(A.4)

The amount of a surfactant required for a volume of dispersed component is given by
n=—

(A.5)

G

Where n is the number of surfactant molecules and o is the area per surfactant molecule,
which could be obtained from the surface tension measurement. Combining the three
equations (A.3), (A.4) and (A.5) gives the minimum amount of a surfactant required for
a complete interfacial coverage.
3V
n=—
or

(A.6)

The surfactant selection is also dependent on thehydrophilic-lipophilic balance (HLB)
secondly o/w emulsions haveahigh HLB value,whilst low values areexhibited by w/o
emulsions. For this work, the emulsions were prepared by a mechanical method. They
were prepared at a high shearing rate for different duration of 2, 4, 6 and 10 minutes to
assess shelf life of the emulsions. The emulsions were stable for over 48 hours when the
shearing rate period was 6 minutes and over. All the emulsions used for the fouling
experiments were sheared for 6mins.
The emulsions used for the tests were consisted either of synthetic mixtures (dodecane
and toluene) or crude oils (North Sea crude of 35API and Claire crude oil of 19.8 API).
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The synthetic oil emulsions were prepared on a volume basis whilst the crude oils were
on a mass basis.
A.4.1 Oil Droplet Size Analysis: Method and Sample Data
The oil droplet size distributions were measured with a Malvern laser size analyser.
Two types of Malvern laser size analyser (a Master Sizer and a Photon Correlation
Spectroscopy (PCS)) were used. For the Master Sizer, reliable data depends on three
main parameters, which are the relative refractive index of the dispersed phase and the
continuous phase, absorption and the diameter of the droplet of the dispersed phase. The
measurement is more accurate for particle sizes larger than 1pm.
For dodecane-water emulsions described in chapter 3, the droplet measurements were
initially carried out under an optical microscope. It was observed that the emulsion
(prepared by the industrial blender) had a wide size distribution with a mean droplet size
of less than 1pm, which rendered the data, obtained from Master Sizer inconclusive. No
further measurements were carried out with Master Sizer for emulsions prepared by the
industrial blender. However, during a later part of this work, the blender was changed
for a different mixer (Silverson) which produced droplets with a mean diameter greater
than 1pm. As such, the Master Sizer was used again for both the synthetic and the crude
oils emulsions.
The PCS analyser was used for the droplet (dodecane-water emulsions) measurements
displayed in the chapter 3. The PCS consisted of an Auto Sizer, a helium-neon laser and
a real time multi 8-bit correlator. The emulsion samples were measured and displayed
by an on-line personal computer (PC). Permeate droplet sizes were measured, but the
data were below the detection limit of the analyser. Feed and retentate droplet size
distribution were measured and analysed within 10 to 90% of the data obtained from the
PCS (see table A10).
Figures A. 10 and A. 11 demonstrate both the raw data and the analysed data for a
500ppm emulsion. It is clear that the data from the 500ppm emulsion and that of a
500ppm emulsion prepared by serial dilution were similar when they were analysed
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within the 10-90% range but there was less similarity in the raw data. The data obtained
for both feed and retentate emulsions were similar.
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Fig.A. 10a: Size distribution (raw data) for 500ppm dodecane emulsion measured
by the PCS
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Fig.A.lOb: Droplet size distribution (between 10 and 90%) for fig.A. 10a.
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Fig.A.l la: Size distribution (raw data) for 500ppm dodecane emulsion (prepared
by serial dilution) measured by the PCS.
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Fig.A.l lb: Droplet size distribution (between 10 and 90%) for fig.A.l la
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1.6

A.4.1.1

Time
(min)
0
2
5
10
15
30
90
150

Data for Feed and Retentate Droplet size measured as a function of
run time:
500ppm emulsion
Feed
Retentate
Minimum Mean Maximum
Minimum Mean Maximum
(pm)
(pm)
(pm)
(pm)
(pm)
(pm)
0.1
0.2
0.1
0.1
0.1
0.2
0.4
0.4

0.5
0.4
0.4
0.8
0.6
0.6
0.5
0.5

1.6
0.6
1.0
2.2
1.5
1.5
0.6
0.6

0.0
0.1
0.1
0.1
0.3
0.2
0.2
0.2

0.0
0.8
0.7
0.6
0.3
0.7
0.5
0.5

0.0
2.3
2.2
1.9
0.4
1.8
1.1
1.0

500ppm serial dilution from lOOOppm emulsion
Time
(min)

Minimum
(pm)

Mean
(pm)

Maximum
(pm)

Minimum
(pm)

Mean
(pm)

Maximum
(pm)

0
2
5
10
15
30
90
150

0.2
0.3
0.2
0.2
0.2
0.1
0.1
0.1

0.7
0.5
0.6
0.5
0.5
0.5
0.3
0.4

1.5
1.0
1.3
1.1
1.0
1.1
0.6
1.1

0.0
0.2
0.2
0.2
0.2
0.2
0.2
0.1

0.0
0.6
0.6
0.6
0.4
0.5
0.7
0.7

0.0
1.4
1.6
1.3
0.9
1.2
1.8
2.1

Maximum
(pm)
0.0
2.9
2.6
3.0
2.2
3.3
2.1
2.6

lOOOppm emulsion
Time
(min)

Minimum

0
2
5
10
15
30
90
150

Maximum
(pm)

Minimum

(pm)

Mean
(pm)

(pm)

Mean
(pm)

0.2
0.2
0.2
0.1
0.1
0.1
0.1
0.1

1.2
1.0
1.0
1.0
1.0
1.0
0.9
0.8

3.5
2.9
3.1
2.9
2.8
2.9
2.6
2.2

0.0
0.2
0.1
0.2
0.1
0.2
0.1
0.1

0.0
1.0
0.9
1.0
0.7
1.1
0.7
0.9
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lOOOppm serial dilution from 2000ppm emulsion
Time
(min)

Minimum
(pm)

Mean
(pm)

Maximum
(pm)

Minimum
(pm)

Mean
(pm)

Maximum
(pm)

0
2
5
10
15
30
90
150

0.1
0.2
0.1
0.1
0.1
0.1
0.1
0.1

0.7
1.1
0.7
1.0
0.7
0.8
0.6
0.6

1.9
3.3
1.9
2.8
2.1
2.2
1.9
1.8

0.0
0.1
0.3
0.1
0.1
0.1
0.1
0.2

0.0
0.6
1.8
0.6
0.7
0.7
0.4
0.3

0.0
1.8
3.2
1.8
1.9
2.1
1.2
0.6

2000ppm emulsion
Time
(min)

Minimum
(pm)

Mean
(pm)

Maximum
(pm)

Minimum
(pm)

Mean
(pm)

Maximum
(pm)

0
2
5
10
15
30
90
150

0.1
0.2
0.1
0.3
0.1
0.2
0.1
0.1

0.8
1.0
0.7
0.4
0.8
1.1
0.5
0.5

2.2
3.0
2.1
0.6
2.4
3.3
1.5
1.5

0.0
0.1
0.1
0.1
0.2
0.1
0.1
0.1

0.0
1.0
0.8
0.6
1.3
1.0
0.6
0.5

0.0
2.9
2.3
1.5
3.7
2.9
1.7
1.5

Table. A. 10: Droplet size distribution displayed in chapter 3
A.4.2

API Gravity Calculation

The crude oil gravity is usually measured at ambient temperature with a specialized
hydrometer and expressed in degree America petroleum institute (API) at 60°F. The
scale is inversely related to specific gravity (SG) as:
API (degree) = (141.5/SG)-131.5

(1)

The specific gravity is also used as 15°C for SI units. All calculations were based on
data obtained from a physical property handbook. The pure water density of lg/cc was
used for the calculation. The crude oil API values were obtained from the barrels
containing the oils. The 35API crude was labeled as an unknown mixture.
192

Data and calculated values are summarised below.

API

Density

Density difference

(degree)

(g/cc)

water-oil (g/cc)

Dodecane

57.7

0.75

0.25

Toluene

30.8

0.87

0.13

North Sea Crude

35.0

0.85

0.15

Claire Crude

19.8

0.94

0.06

Oil

Table A .l 1: API and density values for both synthetic and crude oils estimated at 15°C
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APPENDIX B
HAZARD DATA FOR THE SYNTHETIC OIL
The hazard data for both toluene and dodecane oils were obtained from the database of
the BDH chemical company.
B.1

HAZARD DATA FOR TOLUENE

Hazards Identification
Symbols:

F Xn

Transport Information
Hazard Class:

3.2

UN Number: 1294 Pkg Group: 11

Composition: Hydrocarbon solvent
Regulatory Information:

Not implemented

Physical and Chemical Properties
Description:
Melting Pt:

Colourless liquid, benzene-like odour
-95°C

Boiling Pt:

111°C

Specific Gravity: 0.872

Solubility in Water: Practically insoluble
Vapour Pressure:

36.7 mmHg at 30°C

Vapour Density:

3.14 (air = 1)

Fire and Explosion Hazard:

Highly flammable
Vapour/air mixture explosive

Flash Point:

7°C

Explosive Limits:

lower 1.4

upper 7 (%)

Auto-Ignition Temperature: 535°C
Fire fighting Measures:
Health Hazard:

Foam, dry powder, carbon dioxide or vapourising liquid

Inhalation may cause dizziness, headache, nausea and mental

confusion, vapour irritating to eyes and macous membrane. Harmful by ingestion and
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skin contact. If benzene is present as an impurity, prolonged use may cause blood
disease. Prolonged skin contact may cause dermatitis.
Toxicological Information
Toxicity Data:

LD50 5000 mg/kg oral, rat

Carcinogenicity:

No evidence of carcinogenic properties

Mutagenicity/Teratogenicity: No evidence of mutagenic or teratogenic properties
First Aid Measures
Eyes:

Irrigate thoroughly with water for at least 10 minutes, obtain medical
attention

Lungs:

Remove from exposure, rest and keep warm. In severe cases, or if
Exposure has been great, obtain medical attention

Skin:

Drench the skin thoroughly with water. Remove contaminated clothing
and wash before re-use, Unless contact has been slight, obtain medical
attention

Mouth:

Wash mouth thoroughly with water and give plenty of water to drink and
obtain medical attention

B.2

HAZARD DATA FOR n-DODECANE

Transport Information
Hazard Class:

NR

UN Number:n/a

Pkg Group:n/a

Composition: Hydrocarbon solvent
Regulatory Information:

Not implemented

Physical and Chemical Properties
Description: Colourless liquid
Melting Pt:

-10°C

Boiling Pt:

216°C

Solubility in Water:

Immiscible or insoluble

Vapour Pressure:

1 mmHg at 48°C

Vapour Density:

5.96 (air = 1)

Specific Gravity: 0.748

Fire and Explosion Hazard: Combustible Vapour/air mixture explosive
Flash Point: 74°C
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Explosive Limits:

lower 0.6

upper (%)

Auto-Ignition Temperature: 204°C
Fire fighting Measures:
Health Hazard:

Foam, dry powder, carbon dioxide or vapourising liquid

Vapour may be narcotic in high concentration.

Irritating to eyes.

If ingested causes internal irritation. Degreases and may cause dermatitis if contact is
repeated or prolonged.
Toxicological Information
Toxicity Data:

No data

Carcinogenicity:

No evidence of carcinogenic properties

Mutagenicity/Teratogenicity: No evidence of mutagenic or teratogenic effects
First Aid Measures
Eyes:

Irrigate thoroughly with water for at least 10 minutes. If discomfort
obtain medical attention

Lungs:

Remove from exposure, rest and keep warm. In severe cases, or if
exposure has been great, obtain medical attention

Skin:

Wash the skin thoroughly with water. Remove contaminated clothing and
wash before re-use, In severe cases, obtain medical attention

Mouth:

Wash mouth thoroughly with water and give plenty of water to drink,
obtain medical attention
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B.3

COMPOSITION OF SYNTHETIC SEA WATER CONFORMING TO
IP135

Chemical Component

Concentration (g/1)

Sodium Chloride NaCl

24.54

Magnesium Chloride 6-Hydrate
MgCl2.6H20

11.1

Sodium Sulphate Na2S04

4.09

Calcium Chloride 2-Hydrate
CaCl2.2H20

1.54

Potassium Chloride

0.69

Sodium Hydrogen Carbonate NaHC03

0.20

Potassium Bromide KBr

0.10

Boric Acid H3B 03

0.03

Strontium Chloride 6-Hydrate SrCl2.6H20

0.04

Sodium Fluoride NaF

0.003

pH 7.8-8.2
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APPENDIX C
PROGRAM FOR SCANNING TRANSMEMBRANE PRESSURE
AND PERMEATE FLUX
The program was written in quick turbobasic language. The program was in two parts,
one for the card and the other to calculate the transmembrane pressure and the flux.
Three pressure transducers used to record inlet, outlet and permeate pressures were
calibrated and the calibration equations were written in the program. The turbine flow
meter and a load cell were also calibrated for permeate measurement and likewise their
calibration expressions were incorporated in the program.
C .l

PROGRAM FOR THE CARD
Sinclude”c:\tbasic\pcsuper\PCSUPER.INC”
dim d(3)
Ad%=&H600
call DataOut(Ad%,’T 100,G2,I0,11,12,”,St%)
els: screen 12,8
Do
locate 7,2:print”
call DataOut(Ad%,”T”,St%)
call DataIn(Ad%,d(),3,St%)
one=d( 1) :two=d(2):three=d(3 )
locate 5,10:print”channel 0 channel 1
channel 2”
locate 7,10:print;one
locate 7,26:print;two
locate 7,43:print;three
delay 3
Loop until instat
end

C.2

TRANSMEMBRANE PRESSURE and PERMEATE FLUX
‘{
Filename TONYA.BAS
}
‘{
Program to scan pressure + weight readings }
‘{
Tony Boahen-28/8/94
}
els
input “Please enter experimental run time (minutes) :”,rtime
input “Please enter sampling interval (minutes):,sample
input “Please enter maximum TMP (bar):”,tmpmax
input “Please enter maximum Flux for the balance (l/m2hr):”,fluxmax
input “Please enter maximum Flux for flowmeter (l/m2hr):”,flowratemax
198

input “Do you want to store the data to a file (Y/N):”,fil$
if fil$=“Y” then gosub fileset
if fil$=“y” then gosub fileset
Sinclude “c:\tbasic\pcsuper\PCSUPER.INC”
‘Load Include File
dim d(8),pbar(3),c( 1),a%(600),b%(6000),f%(6000)
‘Dimension Data Arrays
Ad% = &H600
‘Set I/O Base Address
t=0:time=0
send$=“Q”+CHR$(13)+CHR$(10)
cls:screen 12,8
line (10,310)-(610,310),7
‘Draw axes
line (10,10)-(10,310),7
for it=l to 5
‘Tag axes
xaxis=10+120*it
pset(xaxis,311),7
pset(xaxis,312),7
pset(xaxis,313),7
next it
for xt=0 to 5
‘Scale axes
if xt=0 then st=l else st=xt*5
locate 21,st
print (xt*int(rtime/5));
next xt
locate 21,35 :print”minutes”;

Label axes

strt=timer
while not instat
call DataOut (Ad%,”F 100,G2,I0,11,12”,St%)
if fil$=“Y” then delay(sample*60)-3
if fil$=“y” then delay(sample*60)-3 else delay(sample*60)-l
‘Trigger A-D
call DataOut(Ad%,”T”,St%)
call DataIn(Ad%,d(),3,St%)
‘Recover 8 Readings
tim=timer
pbar(0)=(d(l)-395.5704)/4652.374
‘Caculate Pressure
pbar(l)=(d(2)+2.998)/4655.397
pbar(2)=(d(3)-172.1261)/4648.42
ifpbar(2)<-0.5 then pbar(2)=0
trans=(pbar(0)+pbar( 1))/2-pbar(2)
‘Calculate TMP
call DataOut(Ad%,’T400,G0,I3”,St%)
call DataOut(Ad%,”T”,St%)
call DataIn(Ad%,c(), 1,ST%)
flowrate=(c(l)-l 163.1386)/12.652
‘Calculate flux from flow meter
close# 1:
open “coml:4800,e,7,l,cs4000,ds,cd”as#l len=1024
delay.05
prin#l,send$
delay.05
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input# 1,a$,d$,w$
d$=mid$(d$,3,9)
weight=val(d$)
flow=(weight-wold3) *3600/((tim-told3) * 1000)
flux=flow/0.04
wold3=wold2:wold2=wold=l :wold=weight
told3=told2:told2=toldl :toldl=tim
gosub display
if fil$=“Y” then gosub storedat
if f i l $ - y ’ then gosub storedat
wend ‘Loop Until Escape pressed
end

‘Read from balance

‘Calculate flux

display:
color 15:
locate 22,15 :prin”
locate 22,15 :prin”
“,
locate 23,27:prin”
“,
locate 23,62:prin”
“,
locate 24,26:prin”
“,
locate 25,12 :prin”
“,
locate 25,55:prin”
“,
locate 24,62:prin”
“,
locate 22,l:print”Time (mins):”;int(100*(tim-strt)/6o/100;
locate 23,l:print”Retentate pressure(bar):”;int(1000*pbar(0))/1000;
locate 23,40:print”inlet pressure(bar):”;int(1000*pbar(l))/1000;
locate 24,l:print”permeate pressure(bar):”;int(1000*pbar(2))/1000;
locate 25,l:color 4:print”TMP(bar):”;int(1000*trans)/1000;
locate 25,40:color 6:print’Tlux(l/mA2/h):”;int(1000*flux)/1000;
locate 24,40:color 2:print”Flowrate=“;int(1000*flowrate)/1000;
t=t+l :x=rtime/600
time=time+sample
a%(t)=310-(300/fluxmax)*flux
b%(t)=310-(300/tmpmax)*trans
f%(t)=310-(300/flowratemak)*flowrate
m=l 0+(time+sample)/x:n=l 0+time/x
if t=l then else line (m-1,a%(t-1))-(n,a%(t))’6
if t=l then else line (m-l,b%(t-l))-(n,b%(t)),4
if t=l then else line (m-l,f%(t-l))-(n,f%(t)),2
return
storedat:
close# 1:open”append”,# 1,dat$
write# 1,int( 100*(timstrt)/60/100,int(1000*pbar(0))/1000,int(1000*pbar(1))/1000,int(1000*pbar(2))/1000,int(
1000*trans)1000,int(1000*weight)/1000,int(1000*flow)/l000,int(1000*flux)/1000,int( 1
000*flowrate)/1000
200

return
fileset:
print”Make sure that there is a 1.4mb disk in drive A”
delay 3
input”Name of data file (not more than 8 characters) :”,dat$
dat$=“a:”+dat$+”.pm”
return
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Nomenclature
A

filtration area (membrane surface area)

(m2)

a

open area

(m2)

B

constant in equation (12)

(s’1)

B'

constant in equation (20) for back flux factor

(s’

particle diameter

(m)

G

parameter defined in text

(s m 2)

J

volumetric flux

(m s ')

J*

critical flux in modified version of Hermia’s model

(m s ')

Jo

Initial volumetric flux

(m s’1'

Jcb

critical flux in modified ‘complete* blocking law

(m s ')

Jib

critical flux in a modified ‘intermediate* blocking law

(m s 1)

js

critical flux in modified cake filtration law

(m s 1)

K’.

Hermia*s parameter for standard blocking filtration

k

defined by equation (1)

( units depend on mechanism)

K.

cake filtration constant

(kgm-3)

K*

‘complete’ blocking constant

(nr')

K*

‘intermediate’ pore blocking constant

(m*)

m

mass of cake per unit area

(k g m 2)

n

index defined by equation (1)

Pc

capillary pressure

(bar)

R

hydraulic resistance

(m 1)

R-

resistance of the membrane

(m-1)

Rt

resistance due to foulants

(m 1)

r

radius of the oil droplet

(m 1)

S

rate of cake erosion per unit area

(kgm 'V )

V

filtration volume

(m3)

V

internal phase volume

(m3)

u

cross flow velocity

(m s'1)

u*

Stokes’ velocity

(m s 1)

g

acceleration due to gravity

(m s’2)

(unit depend on mechanism)
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We

Weber number = pN2D3/crt

(no unit)

D

impeller diameter

(m)

N

impeller speed

(rpm)

Greek letters
a c, a

specific resistance of cake

8

membrane surface porosity

X

membrane pore tortuosity

a

blocked area per unit volume of filtrate

On’1)

interfacial tension

(kgs'1)

P

fluid density

(kgm'3)

Pw

water density

(kgm'3)

(m kg'1)

Pp> Po particle density

(kgm'3)

Ap

density difference between water and oil

(kgm'3)

P

fluid viscosity (water)

(kgm'1s'1)

O

Average mass creaming rate of emulsion

(kgs1)

Yo/w

interfacial tension between oil and water

(kgs3)

Ys/o

interfacial tension between membrane and oil

(kgs'2)

Ys/w

interfacial tension between membrane and water

(kgs'2)

®o/w

contact angle of oil droplet in water phase

O
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